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Associate Editorship 


The Editorial Board is pleased to welcome Professor 
L. W. Shemilt of McMaster University, Canada, as an 
Associate Editor of the journal. To increase publicity for 
the journal in Canada an exchange of contents lists has 
been agreed between Chemical Engineering Research & 
Design and the Canadian Journal of Chemical Engin- 
eering. The two journals appear in alternate months. The 
contents of the December issue of C/ChE appear on 
page 70 of this issue of ChERD. 


In this Issue 


The Review Paper in this issue, ““Fundamentals of Coal 
Combusion in Fluidised Beds” by R. D. La Nauze, 
summarises the basic physical and chemical mechanisms 
taking place during the combustion of carbonaceous 
particles in a fluidised bed and reviews experiments 
involving the addition of single. and batches of, carbon 
particles to the fluidised bed. It is concluded that much 
of the available information is open to conjecture and 
further research is required to elucidate the underlying 
processes of heat and mass transfer. 


In “Influence of Crystal Breakage on Kinetics of 


Sodium Chloride Crystallisation”, P. A. M. Grootschol- 


ten, A. Scrutton and E. J. de Jong report studies of 


crystal breakage phenomena in 7, 55 and 91 litre vessels 
of the impeller-draft tube agitator design. Batch experi- 
ments with the sodium chloride—ethanol system confirm 
earlier studies, and indicate that severe crystal de- 
gradation occurs as the clearance between the impeller 
tip and draft tube approaches the size of the largest 
crystals. With this system breakage results in the prod- 
uction of only very irregularly shaped fragments, no 
small cubic crystals are observed. Crystal birth and 
death rates have been measured independently in the 
larger vessels, initially operated as MSMPR evaporative 
crystallisers to produce required crystal size distributions 
for study. Computer model simulations suggest that the 
main mechanism through which crystallisation kinetics 
are affected by fragmentation, is not by what is usually 
referred to as secondary nucleation, but by death of large 
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crystals and subsequent birth of particles directly into 
the lower size range. 

In “Head Losses in Pipe Fittings at Low Reynolds 
Numbers” by M. F. Edwards, M. S. M. Jadallah and R 
Smith measurements are reported of the frictional head 
loss which is incurred when a range of Newtonian and 
non-Newtonian fluids flow through elbows, valves, ex- 
pansions, contractions and orifice plates. It is shown that 
it is possible to present all the data as relationships 
between the loss coefficient and a generalised Reynolds 
number. In the laminar region the loss coefficient is 
inversely proportional to the Reynolds number. At 
higher Reynolds numbers a rapid transition is observed 
to a region in which the loss coefficient becomes con- 
stant. 

G. Pasquali, D. Fajner and F. Magelli have in- 
vestigated the “Behaviour of Multistage Mechanically 
Stirred Columns with Neutrally Buoyant Solid-Liquid 
Suspensions”. The fluid-dynamic performance of this 
system is conveniently described in terms of a cascade of 
ideal stages with backmixing. An axial variation in solids 
concentration is shown for continuous flow of the liquid 
and the influence of this on the extent of backmixing is 
discussed. 

The minimum drop volume is a critical parameter for 
the design and operation of spray systems in which drops 
are formed from the breakup of laminar liquid jets. In 
“Minimum Drop Volume in Liquid Jet Breakup”, A 
Bright gives experimental data, with decane jets in water 
and water jets in decane, which confirm the hypothesis 
that minimum drop size is governed by the frequency of 
the fastest growing capillary wave on the jet, rather than 
the wavelength as proposed in previous studies 

The Richardson—Zaki equation is usually used to 
describe the behaviour of liquid fluidised beds. For 
biological fluidised beds it is sometimes assumed that the 
expansion index can be estimated from the correlations 
for uniform rigid spheres. In a Shorter Communication, 
‘Expansion Index for Biological Fluidised Beds”, C. R 
Thomas and J. G. Yates analyse recently published data 
and cast doubt on this assumption. 

This issue concludes with the annual list of Doctoral 
Theses in chemical engineering accepted in the UK and 
Ireland during the preceding academic year 
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REVIEW PAPER 


FUNDAMENTALS OF COAL COMBUSTION 
IN FLUIDISED BEDS 


By R. D. La NAUZE (GRADUATE) 


CSIRO Division of Fossil Fuels, 


North Ryde, NSW, Australia 


The basic physical and chemical mechanisms taking place during the combustion of carbonaceous particles in a fluidised bed 
are summarised. Experiments involving the addition of single, and batches of, carbon particles to the fluidised bed are reviewed. 
It is concluded that much of the available information is open to conjecture and further research is required to elucidate the 


underlying processes of heat and mass transfer. 


FLUIDISED-BED COMBUSTION 
The recent successful commissioning of relatively large 
boilers based on fluidised-bed combustion technology 
has consolidated the technique as a viable alternative to 
stoker and pulverised-fuei firing. A major contributing 


factor to the success of this development is the ability of 


fluidised beds to handle low quality coals. In order to 
improve the performance of such units it is necessary to 
develop a better understanding of the processes that take 
place during combustion. 

Consider the fluidised-bed boiler, Figure 1, where 
typical operating conditions might be a superficial veloc- 
ity through the bed of 2ms 
1173 K. Coal, with a top size of around 10 mm, is fed to 
the fluidised bed consisting of non-combustible coal ash 
particles of mean diameter 0.75 mm. The heat released 
from the carbon burning in the bed leaves the furnace as 
sensible heat in the flue gas or is extracted through 
heat-exchange surfaces in the bed. 

The carbon concentration in the bed is only a few 
percent by weight so each burning particle is in essence 
surrounded by a mobile body of inert particles, Figure 
2. The influence that these particles have on the com- 
bustion process is the crucial distinction between com- 
bustion in a fluidised bed and other systems. 

Concentrated research over several decades on the 
kinetics of carbon—oxygen reactions, especially in dilute 
phase pulverised-fuel flames has produced much worth- 
while research but still leaves much to be understood 
(Mulcahy, 1978; Smith, 1982). The dense phase of a 
fluidised bed in which the coal particle burns presents an 
even greater challenge to the researcher. Vital to the 
progress of modelling fluidised-bed combustion systems 
is the development of a detailed understanding of the 
heat transfer, mass transfer and chemical processes 
taking place around the burning particle. 

The text that follows outlines what is known and what 
needs to be understood about the fundamentals of the 
combustion of coal and carbon particles in fluidised 
beds. It deals briefly with those aspects of greater 
generality such as fluidisation theory since these are the 
subject of considerable research reviewed elsewhere 
(Davidson et al, 1985). The main aim of the review is to 
summarise the present understanding of the basic mech- 


‘ at a bed temperature of 


anisms of combustion of chars and coke, especially in 
single-particle and batch experiments. The important, 
though neglected, area of devolatilisation is briefly de- 
scribed. Finally the manner in which the fundamental 
principles are applied in overall performance models is 
outlined. The review deliberately excludes the study of 
the reactions with oxygen of nitrogen and sulphur and 
other non-carbonaceous substances found in coal 


COMBUSTION PROCESSES IN FLUIDISED 
BEDS 
On heating, coal decomposes to produce a carbon-rich 
residue (char) and a hydrogen-rich gas (volatile matter) 
Coal particles of between 5 and 10 mm diameter entering 
a fluidised bed operating at 1173 K experience a heating 
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Figure | A fluidised-bed boiler 
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Figure 2 A burning particle in a fluidised bed indicating some of the factors needed in a comprehensive model. 


rate of around 10°Ks~'. Above about 750K _ volatile 
matter will be evolved over a period of between 10 and 
100 s. The remaining char, which has an internal struc- 
ture much changed from the original coal, will continue 
to burn for a considerably longer period of i00 to well 
over 2000s. In comparison to pulverised-fuel particles 
for which devolatilisation and char burn-out would be 
typically 0.1 and | s respectively, the characteristic times 
for fiuidised-bed combustion are large. The longer time 
scale, especially for char combustion, results in compara- 
tively high losses of unburnt carbon in the flue gas. As 
a consequence, the understanding of char combustion 
has received most attention. 

A well-established physical model for the fluidised bed 
of fine particles is to consider that the bed comprises two 
phases (Davidson and Harrison, 1963). One phase con- 
sists of the majority of the particles in the bed and is 
termed the dense (or emulsion or particulate) phase. The 
dense phase is assumed to be like the bed at incipient 
fluidisation. The other phase comprises the cavities 
which contain few particles and appear at velocities, U, 
above the minimum fluidising velocity, U,,;. The lean (or 
bubble) phase is assumed, in the simplest version of the 
two-phase theory, to contain the ‘excess flow’ above U,, 
that is (U — U,,;)A, A being the cross-sectional area of 
the bed. It is normally assumed that there is an exchange 
of gas between the lean and dense phases. 

Thus, oxygen entering with the fluidising air must find 
its way from the bubble to the particulate phase, then 
diffuse through the particulate phase to the surface of the 
carbon particle, Figure 2. Determination of the surface 
concentration of oxygen therefore requires an estimate 
of the separate external mass transfer resistances: (i) 
between the bubble and particulate phases, and (11) local 
to the burning particle within the particulate phase. On 
reaching the particle surface some of the oxygen may 
penetrate the open pores before reacting with the 
carbon. Both the resistance to pore diffusion of the 
oxygen and the inherent chemical reactivity of the 
carbon will influence the overall combustion rate. 

In terms of the combustion rate, W,, expressed as the 
mass of carbon consumed per second per unit external 
surface area of the particle, the preceding may be 
expressed as: 


W, = AR,, (C, — C.) = B,C" (1) 


where C,, is the particulate phase oxygen concentration, 
C. is the concentration of oxygen at the external surface 
of the particle, n is the apparent reaction order, R,, is the 


externa! mass transfer coefficient for the oxygen flux, A 
is introduced to account for the stoichiometry of the 
reaction, and R, is the apparent chemical rate coefficient 
which incorporates any pore diffusional effects. C, is 
related to the inlet oxygen concentration, C;, and the rate 
of interchange of gas between phases determi:ied by the 
operating conditions and the distributor design. 

At temperatures below those used in fluidised-bed 
combustion applications, the rate is not limited by the 
transfer of oxygen and is controlled by the rate of the 
chemical reactions. On raising the temperature, the 
chemical reactions become more rapid and diffusion in 
the pores and externally to the particles exert a more 
noticeable influence on the rate of combustion. At still 
higher temperatures, the rate is determined by the rate 
of external diffusion of oxygen, and under these circum- 
stances, chemical reactions and pore diffusion have no 
bearing on the rate. In all circumstances, the rate of 
oxygen transfer represents the maximum possible rate of 
combustion; unfortunately this does not necessarily rep- 
resent the maximum rate of weight loss from the burning 
particle since mass may be lost by attrition of material 
from its surface. 

Oxygen diffusing towards the carbon may also en- 
counter the volatiles either in the particulate phase 
remote from the carbon or in a cloud around the 
devolatilising coal particle. 

In a comprehensive model for combustion in fluidised 
beds, account must be taken of all the above interacting 
mechanisms. 


COMBUSTION RELATIONSHIPS 
Combustion Rate Expressions 
The relationships for the mass transfer of oxygen and 

the chemical rate expressed by equation (1) involve the 
surface oxygen concentration, C,, which is generally 
unknown. Equation (1) may be manipulated to eliminate 
C, giving: 

W.= R,(1— x)" Ch 
where 

itis 2 

L= (3) 


m 


and W,, is the product AR,,C,, the maximum possible 
combustion rate found when the chemical reactions are 
so fast that C,— 0 and the burning rate is controlled 
solely by mass transfer of oxygen to the particle surface. 
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Further manipulation provides the useful analytical 
expression (Smith, 1982): 


ns... Si" 
= a (4) 

W.,, AR,, 
Equation (4) indicates the dependence of the fraction of 
mass transfer control, 7, on the order of reaction n. 
Young and Smith (1981) have used this expression to 
determine n in physically well-characterised systems 
since y may be determined without a knowledge of n. 
Alternatively, with chemically well-characterised car- 
bons, La Nauze and Jung (1982) have used equation (4) 
to evaluate the mass transfer coefficient for fluidised-bed 
combustion in the dimensionless form known as the 
Sherwood number. 

Equation (2) may be manipulated to provide re- 
lationships for W, for given values of n. For a first order 
reaction (m = 1), which is often assumed in such studies, 
the result is: 


W,=- = (5) 
© TAR, + 1/R, 

Recently experiments using finely divided carbons 
(Young and Smith, 1981) suggest that the order of the 
reaction of some carbons is closer to a value of 1/2. For 
n = 1/2, equation (2) becomes: 


R? | R4 1/2 


c c 


———— + -| 
2AR,,. 2\A°R? 


+4R?C, (6) 


and for n = 0 (Essenhigh et al, 1965; Smith, 1982): 
(W, — AR,,C,) (W, — R,) =0 (7) 


which indicates that for a zero order reaction the rate is 
given by the chemical rate coefficient provided there is 
a finite surface concentration of oxygen, but this changes 
abruptly to that given by W,, when C,= 0. 


n 


Particle Reactivity and Pore Diffusion 
The chemical rate coefficient, R., referred to above as 
the apparent chemical rate coefficient incorporates three 
interacting effects: (i) the intrinsic rate of chemical 


reaction of oxygen with carbon at the internal surface of 


the particle, (ii) the internal surface area available for 
reaction, and (iii) the degree to which oxygen can diffuse 
through pores to access the internal surface. 

Smith (1982) provides an excellent summary of the 
relationship between these factors and the expressions 
relating R, to R,, the intrinsic chemical rate coefficient. 
R;,, the rate of reaction per unit area of pore wall per 
(unit concentration of oxygeny in the absence of any 
mass transfer or pore diffusional limitation, is related to 
the overall combustion rate, W,, by: 


W. = nyp,A,RiCG — x)C,/ (8) 


where y is the characteristic size of the particle (ratio of 


the volume to external surface area), A, is the specific 
area of the particle, p is the true order of reaction and 
n is the effectiveness factor where y is a function of the 
Thiele modulus @,, (Thiele, 1939) 
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n may be calculated in a standard manner (Smith, 
1982) from functions of 7 and nd}, (p + 1)/2 and know- 
ing the effective coefficient for diffusion through the pore 
structure, D,. A simple unimodal model for the effective 
pore diffusion is (Wheeler, 1951): 


D, = D,£,/7 (9) 


where ¢, is the porosity of the carbon, t is the tortuosity 
of the pores and D, is the diffusion coefficient in the 
pores. D, = D,, the bulk diffusion coefficient for large 
pores, but for small pores (<1 to 3 4m) is given by the 
Knudson diffusion coefficient (Laurendeau, 1978). 

When the chemical reactions are sufficiently slow for 
pore diffusion to have no influence on the rate, 7 = | 
Alternatively, it may be shown (Smith, 1982) that when 
pore diffusion and chemistry have strong rate-limiting 
effects, W, is given by: 


2. ). ‘ok ide 
w=? et x} (10) 
p +1) 


For these conditions W, is independent of particle size 
Comparison between equations (2) and (10) indicates 
that the apparent order () is equal to (p + 1)/2, and the 
apparent activation energy is half that found for R 

Values for R. (and R) are generally presented in 
Arrhenius form: 


R. (or R,) = ky exp[— E,/RT,] (11) 


where R. (or R,) has the units kg(C)m~* s~'/[kg(O,)m~*}*, 
k, is the frequency factor, FE, is the apparent (or true) 
activation energy, and x is the apparent (or true) order 

It is clear from equation (11) that expressions for the 
chemical rate coefficient must be used in combustion rate 
expressions for the same reaction order and they are not 
interchangeable. Also, for convenience, the expressions 
for R. or W, are often related to the partial pressure of 
oxygen rather than concentration 


Mass Transfer 

The size of the carbon fed to practical fluidised-bed 
combustors is such that it is likely that the transfer rate 
of oxygen to the burning particle will exert considerable 
influence on determining the overall rate. Prediction of 
the degree to which the rate is controlled by external 
diffusion requires a knowledge of the effect of the 
non-combustible bed particles on the diffusion rate. This 
effect is characterised by the mass transfer coefficient. 
R,,, often expressed as the dimensionless Sherwood 
number, Ny, = R,,d/D,. For diffusion to a fixed single 
spherical particle in an extensive fluid, Ng, may be 
expressed (Frossling, 1938; Rowe et al, 1965) as a 
function of the flow rate and particle diameter by the 
Reynolds number (Neg, = Udp/y) and the fluid proper- 


ties by the Schmidt number (N,. = 4 /pD,) in the form 


Nsp, = 2 . a BN x: Nee { 12) 
where B is an empirical constant, generally taken as 
equal to 0.69. The form of equation (12) can be justified 


in that the 2 arises from the steady state mass transfer 
in the absence of forced convection and the velocity term 
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may be derived from Prandtl boundary-layer theory for 
streamline flow past a sphere. 

Avedesian and Davidson (1973) assumed that the 
Sherwood number for a burning particle surrounded by 
the particulate phase is at its lower asymptotic value, 
that is, forced and natural convection effects are negli- 
gible. This view is consistent with calculations of the 
effective Reynolds number for a small particle if the 
characteristic velocity is assumed to be that at the 
minimum for finidisation, U,,-. Then Ne. mp has values of 
order of 1. The authors substantiated their view by 
indicating that the Sherwood numbers determined were 
substantially constant during burn-off. 

Avedesian and Davidson (1973) proposed that the 
lower value of 2 found in the absence of a fluidised bed 
should be multiplied by the ratio of the effective 
diffusivity of oxygen in the particulate phase to the value 
for oxygen in nitrogen: 


(13) 


Avedesian and Davidson (1973) also point out that 
this value is expected to be of the order of 2¢,,., since 
D ~ Dens Where &,, 1s the bed voidage at U,,. This 
approximation was also proposed earlier by Kunii and 
Levenspiei (1969). 

Alternatively, others have assumed that Ng, may be 
predicted by applying the Frossling equation, (12), 
modified in most instances by the bed voidage to allow 
for the presence of the bed particles. Expressions that 
have been used for prediciting Ng, in fluidised beds are 
given in Table 1. 

Modifications to the Frdéssling equation are an at- 
tempt to reconcile the influence exerted by the particles 
around the carbon on the diffusion coefficient and on the 
characteristic velocity past the surface. In Table | either 
Uns: UmelEme U or U/e have been used to reflect the 
velocity past the carbon surface. A further attempt was 
made by La Nauze et al (1984) to predici the appropriate 
velocity from theory given by Clift et al (1983). The 
theory suggests that the particulate phase velocity should 
be increased owing to the flow of gas between neigh- 


Tabie | 


bouring bubbles, leading to an average particulate phase 


superficial velocity, U, given by: 


O =U, (1 + 1.5 €??) (14) 


where &, is the volume fraction of bubbles. 
The basis for the empirical approaches presented 
above is: 


(i) the equation for a single isolated particle in the 
absence of the fluidised bed may be modified for a 
bubbling bed, 

(ii) the bed particles shield the carbon frore the gas 
and that this may be accounted for by applying an 
appropriate voidage term, 

(111) the effect of forced convection may be accounted 
for by choosing a characteristic mean gas velocity, and 

(iv} a boundary layer develops enabling the use of a 
steady-state diffusion model. 


Hence it has been presumed that the expressions for 
Ng,, Table 1, consist of a term 2e or 2¢,,, for mass transfer 
in the absence of forced convection when the stagnant 
boundary layer is infinitely thick, and the velocity term 
is the convective component which, in the absence of the 
fluidised bed, may be derived from the Prandtl boundary 
layer theory. 

Tamarin (1981) developed this approach by applying 
boundary layer theory for flow past a sphere. The 
analytical solution for a single sphere in the absence of 
the bed can be expressed as Ny, =a NR: NY. 

The development of Tamarin (1981) proceeds by 
integrating the velocity gradient at the surface of the 
sphere to determine the average value over the surface. 
The average velocity gradient is then equated to the 
average tangential stress with corrections to the velocity 
for fluctuations of the impingement velocity and possible 
points of contact of adjacent particles. The velocity 
correction is made by taking the average of an assumed 
velocity distribution, while the influence of the bed 
particles is accounted for by multiplying the average 
stress by the mean voidage, é, between that of the bed 
and in the absence of the particles, i.e. € = (1 + €,,)/2 


The resulting average stress is then equated to the bed 


Empirical expressions for the Sherwood number (Ng) applied to a burning particle in a fluidised bed 


Expression for Sherwood 
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r 72 5 D 5 
Avedesian & Davidson (1973) 25 2 
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number (Ng) 
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weight divided by the surface area of the particles, which 
with suitable transformation leads to: 


‘N,£ \?? 
New.e = ( Art (15) 
610 


where Ne,. is the particle Reynolds number based on 
the average impingement velocity, N,, is the Archimedes 
number, gdip(p, — p)/u°, for the bed particles diameter, 
d,, I is the dimensionless velocity gradient over the 
surface, and @ is the correction for velocity fluctuations. 
This relationship for Np. . with appropriate values for é, 
I and @, is substituted into the Sherwood number 
expression to yield: 


Ng, = 0.248 (Ng.N,,)'? (d d,)'” (16) 


where (d/d,) is introduced to allow for the case where the 
burning particle differs in size from those of the bed. 
Note that Ng, and therefore the mass transfer coefficient 
as predicted by equation (16) do not depend on a gas 
velocity but are determined by the average tangential 
stress created at the surface of the suspended particles. 
For conditions representative of experiments which will 
be discussed later, the predicted values of Ng, from 
equation (16) are given in Figure 3 for a range of bed 
particle and burning particle diameters. 

The above theoretical modei for mass transfer is based 
on the assumption of steady-state diffusion through a 
laminar boundary layer. There is serious doubt whether 
such a model is realistic in the particulate phase of a 
fluidised bed. In an attempt to overcome this difficulty, 
La Nauze and Jung (1983b), La Nauze et al (1984) 
proposed a non-steady state model for mass transfer. 
They also introduced the idea that the bubbles may play 
a role in the mass transfer process by moving the burning 
particle into a fresh oxygen environment. It is well 
established that transient heat transfer is effected by 
‘clusters’ or ‘packets’ of particles which are periodically 
displaced from the transfer surface by gas bubbles 
passing in the vicinity (Gelperin and Einstein, 1971). 

La Nauze and Jung (1983b) and La Nauze et al (1984), 
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Figure 3 Predicted variation in Sherwood number with carbon particle 
diameter for a range of mean bed particie sizes (d,) by equation (16) 
from Tamarin (1981). Conditions assumed: bed temperature, 1173 K 
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bed particle density, 2340 kg/m 
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proposed that the total mass transfer of oxygen to the 
burning particle is made up of: 


(i) the mass transfer induced by bubble motion from 
aggregates of particles containing fresh gas, the particle 
convective component, and 

(ii) the mass transfer of gas percolating through the 
bed at the minimum fluidising conditions, the gas con- 
vective component. 


The process visualised is shown in Figure 4, which 
illustrates the packets forming around the bubble and 
breaking away from the wake. The essential elements of 
the model, however, are not fixed by the process shown 
in the figure. 

The theory assumes non-steady state transfer of gas at 
the gas/solid interface where gas is being replaced at a 
characteristic frequency, f, by the two mechanisms. The 
solution for non-steady state diffusion to a sphere of 
radius d/2 is detailed by La Nauze et al (1984) for the 
boundary conditions: (i) C=C,, 1=0, (i) C=(C 
t>0,r=d/2, (ili) C= C,, r = «. It follows that mass 
transfer rate per unit (external) surface area, F, is given 
by: 


D 4D/ 


| (17) 


where / is the charactersitic renewal frequency equiv- 
alent to 1/6,, where 6,, is the mean contact time. Herice 
in terms of the conventional mass transfer equation, the 
mass transfer coefficient, R,,, is 


* =(C,—C,) 


25+ Tl 


2— +(—} (18) 


Equation (18) enables the problem of the deter- 
mination of the mass transfer to be simplified to the 
determination of the frequency of the renewai of oxygen 
at the surface of the particle 

The authors suggested that 


(19) 


where f, = Unr/&med iS te frequency of renewal of the gas 
convective component and /,=.u,/d is the frequency 
of renewal of the particle convective component where 
um, is the bubble rise velocity 

The gas convective renewal frequency can be easily 


understood. The particle convective component pro- 


Packet 
convection 








Figure 4 Mass transfer of oxyget 
packets of bed material and by gas co 
1984) 
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posed is more open to conjecture. u,/d represents the 
renewal frequency for a particle which is experiencing a 
continuous succession of bubbles flowing past it. For a 
vigorously fluidised bed this may be the case for a 
particle which is large relative to those comprising the 
bed. For operation near U,,; this definition for f, is 
wanting and La Nauze et al (1984) offer a simple 
alternative. 

La Nauze et al (1984) argue that during burn-off the 
characteristic renewal frequency will move from that 
given by equation (19) to that given by /,. The transition 
region (generally about 3-5 mm diameter for the carbon) 
will be determined by the bed conditions such as 
(U — U,,) and d/d,. 

With the particulate phase diffusivity, D, taken as 
equal to D.,¢,,,, the theory then follows to give: 


for d d, > ~3-5 


4e d( l a emf 
nD, 


g 


U,) se 


Ny, = 2€n¢ + | 
for d d, 


4dU.,.; ’ Q1) 


nD, 


The theory predicts an increase in mass transfer for 
operation above U,,,, Figure 5, where equation (21) is 
used to provide the estimate for Ng, in the packed bed. 


Heat Transfer 
Heat is transferred from the burning particle to pack- 
ets of bed particles, to gas percolating through the bed 
and by radiation. It should be possible to develop 
modeis for heat transfer from a single large particle in 


10 
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Figure 5 Predicted variation in Sherwood number with superficial gas 
velocity for a range of carbon particle diameters, equation (21) for 
U < U,,;, equation (20) for U > U,, (from La Nauze et al, 1984). 
Conditions: fluidising medium, air; bed temperature, 1173 K; bed 
particle size, 0.78 mm. 


a manner similar to that proposed for heat transfer from 
immersed surfaces. Regrettably this has not been the 
case and there is at present little in the way of tested 
models to predict the heat transfer rate during com- 
bustion. 

Based on their development for mass transfer, 
Tamarin and Galershtein (1980) and Tamarin et al 
(1982) propose that a particle Nusselt number, Ny), 
may be derived by equating the mass transfer rate of 
oxygen times the specific heat released from the 
carbon/oxygen reaction to the heat transfer rate. Then 
it may be shown from equations (16) and (47) that: 


k, 3855 ~ 


Nywt - Ar d°* 


where L=qD,(C,—C,)/k,. The heat transfer 
coefficient, h,, so defined would include all the transfer 
mechanisms described above, since the development of 
equation (22) implies a one to one correspondence 
between heat and mass transfer. 

For a single particle burning in air in a bed at 1173 K 
and assuming that the rate is diffusion controlled 
(C.=0) and the heat of reaction is that for 
C+0,— CO,, then equation (22) reduces to: 


h, = 57.87 di*° d~°** (diameters in m) (23) 
which suggests a somewhat contradictory effect that 
increasing the bed sand size will increase the heat 
transfer coefficient. Also equation (23) shows no 
influence of U which is somewhat surprising. Until more 
detailed experimentation is available equations (22) and 
(23) should be regarded with caution. 

Ziegler (1963) and Ziegler et al (1964) developed a 
model for heat transfer by gas convection for evapo- 
ration of water from a fixed porous sphere in fluidised 
beds of fine particles. As discussed by Botterill (1975) 
this mechanism would only be significant when the bed 
particles are large or at elevated pressures. A later model 
developed by Agrawal and Ziegler (1969) involves the 
renewal of particles at the surface. 

Unsteady state theory for heat transfer to a spherical 
probe leads to an expression for the convective heat 
transfer coefficient, h,, thus: 


2k. 
A, = — + —— (24) 
d Ve 


where k, and », are the effective conductivity and thermal 
diffusivity of the medium surrounding the particle. As 
well as the development of relations to describe the 
characteristic renewal frequency, /, the determination of 
the parameters k, and ;, presents difficulties. 

If ». is given by k,/p.c,. where p, and c,, are the 
effective density and heat capacity of the medium sur- 
rounding the burning particle, then by defining 
Ry, = (7O/k-PeCye)'* where 6,,= 1/f, Baskakov (1964) 
proposed the following expression for the convective 
heat transfer coefficient to a spherical probe: 


} (l—f, , | ke 
~ (1-f,)é| — += 
fc 5 | d R, 


2 (1 In(1 + R,/R,)\ 


T al 
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where R, is the contact thermal resistance of the layer 
adjacent to the wall, € is a correction factor and f, is the 
fraction of time the surface is exposed to bubbles. 

Ross et al (1981) suggest that the effective conductivity 
is given by: 


Bad d | I 
—=—--—- =< (—- (26) 
k, k, d+26\k, i) 

where k,,, is the conductivity of the particulate phase and 
6 the thickness of the gas film surrounding the carbon 
particles. k,, is calculated from the expressions 
developed by Yagi and Kunii (1957). However, these 
relationships are untried in fluidised-bed combustion 
systems. 

The position regarding the radiative component is 
equally as unsatisfactory. Generally the radiant flux is 
merely taken as o¢,(7}— 7}) with an emissivity value 
assumed to be between 0.8 and 1.0 (Ross et al, 1981; La 
Nauze and Jung, 1983a). But more detailed evaluation 
along the lines of Mons and Amundson (1978) and 
Borodulya et al (1983) is required in order to predict the 
radiative component. Further discussion of earlier stud- 
ies of radiant heat transfer between particles has been 
presented by Botteriil (1975), though the application to 
fluidised-bed combustion of the ideas embodied in the 
works discussed is by no means straightforward. Thus, 
in order to evaluate the convective and radiative com- 
ponent from measurements in combustion systems, 
further study is desirable. 


Interphase Gas Exchange 
Gas exchange between the bubbles and the particulate 
phase may be predicted in an idealised manner by 
application of the two-phase theory or from empirical 
correlations. The gas flow patterns within the fluidised 
bed, especially in the vicinity of a bubble, have been 


examined in cold model studies. Two distinct patterns of 


gas flow in the proximity of a bubble may be observed 
by experiment and can be predicted by the application 
of potential flow theory (Davidson and Harrison, 1963). 
The gas streamlines, Figure 6, can be characterised by 
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Figure 6 The gas streamlines in the vicinity of cavity (bubble) in a 
fluidised bed: (a) clouded bubbles when U,,,/é,,,, < 1; (6) cloudless 
bubbles when U,c/é neu, > | 
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the ratio of the fluid velocity in the particulate phase 
Un/&me and the bubble rise velocity um,. When the bubbles 
rise slower than the particulate phase velocity (that is 
Uns/Emp4p > 1), the bubbles provide a short-cut for the 
faster moving percolating gas. However when the bub- 
bles rise faster than the percolating gas (Uy>/E,"%@ < 1), 
gas leaving the bubble is dragged downwards relative to 
the bubble and can re-enter the bubble cavity at its base, 
so forming a cloud of recirculating gas. In the latter case 
gas by-passing of the bed can be serious and the mass 
transfer or exchange rate between the bubble and par- 
ticulate phase must be predicted 

In commercial-sized units, in order to obtain a high 
heat release per unit bed area, high fluidising velocities 
are used in comparison with other fluidised-bed pro- 
cesses. This means that in order to avoid excessive 
elutriation the particle sizes are comparatively large 
(0.5—1.5 mm) and consequently the corresponding mini- 
mum fluidising velocity, U,,, is high. In addition the 
immersed tube bank may place some restriction on the 
growth of the bubbles. These conditions suggest that the 
flow regime of gas through the bed of a large commercial 
combustor will be such that the bubbles are ‘cloudless’ 
and the gas in both phases may be treated as in plug 
flow. 

For smaller particles, such as used in laboratory-scale 
apparatus, the bubbles rise with recirculating clouds and 
an exchange factor must be estimated. A guide to the 
flow regime which is likely to occur is presented in Figure 
7. In both laboratory and large-scale experiments both 
flow conditions can be met, though the predominance is 
thought to be as described above 

The relationships used in fluidised-bed combustors to 
characterise the gas exchange are those developed for 
chemical reactors. The interchange coefficient, K,, may 
be regarded as the flow of gas from bubble to the 
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particulate phase (with an equal flow in the opposite 
direction) per unit volume of bed, that is: 


_ volume of gas being interchanged 


» = 


~ (volume of bubbles) x (time) 


where K, is variously defined (Kunii and Levenspiel, 
1969; Yates, 1983) in terms of the exchange between 
bubble and cloud, cloud and particulate phase or bubble 
and particulate phase. Yates (1983) reviews the available 
expressions for the interchange coefficient and recom- 
mends the use of the expression developed by Sit and 
Grace (1981): 


| Demy ) ’ 


(27) 


Sed 
is 


This may be expressed alternately as the cross-flow 
factor, X, defined with respect to the bubble volume, V,,: 


K, dH 


X= = — (28) 
uw/H wV, 


where Q is the total cross-flow of gas and X may be 
regarded as the number of times the bubble gas is 
replaced on passage through the bed. Expressions for X 
are also reviewed by Yates (1983). Darton (1979) 
presents a development of this approach to provide an 
estimate of X in a bed with coalescing bubbles. 

The expression chosen for K, or X may then be used 
in the model chosen io describe the gas flow in each 
phase. For a simple two-phase approach for mono-sized 
bubbles rising without coalescence and with the assump- 
tion of perfect mixing in the particulate phase it follows 
(Davidson and Harrison, 1963) that the oxygen con- 
sumption AU(C; — C,) can be expressed in terms of X, 
C, and C, the particulate phase concentration: 


UA(C, — Gy) = UA (C 
— Uns)/U. 


where 5 = (L 

A first-order reaction rate constant for the particulate 
phase may be defined such that: rate of combustion/unit 
volume of particulate phase = kKC,. Then, per unit cross- 
sectional area: 


U(C, — Co) = kC, Any (30) 


- C,) (1 — be~*) (29) 


and from equations (29) and (30): 


ju 2 4b'Z 
Fae oe 


where k’=kH,,/U and Z = be~*. 


Burn-out Times 


The burn-out time for a single particle or batch of 


particles may be predicted by integrating the expression 
for the combustion rate between the limits d = d, and 
d=Q. For batch additions the total rate of carbon 
consumption is then equated to the rate of oxygen 
consumption from the gas flowing through the bed in 
order to eliminate C, from the burn-out time expression. 
This procedure is given below for a first-order reaction 


(n = 1) for which analytical solutions are readily avail- 
able. Numerical techniques are employed for cases where 
nF. 

For a first-order reaction, the combustion rate for a 
single carbon particle is: 


1 d X a3 ) 27 
‘ Pals Pa C4) 


where 1/K =(1/AR,,+1/R.) and p, is the apparent 
carbon density of the particle. 

The rate of oxygen consumption given by equation 
(29) may then be equated to the total rate of carbon 
consumption by: 


: : ers? . 
UA (C; — C,) (1 — be = -Miaz| 2 d'p, ) (33) 


where the use of equation (33) carries with it the 
assumptions of the two-phase theory leading to equation 
(29). The number of particles in the batch, Np, is given 
by 6M /zdip,) where M is the batch weight. Eliminating 
C, from equations (32) and (33) and integrating from 
d=d, to d=0, with @ = A[U —(U — U,,) exp{—X)], 
leads to: 


(1) for constant density, constant Ng, 


8M p wells 
36C. 4AN,,D.C 


Prody 
2R.C 


ih = 


(2) for constant diameter, constant Ne 


— 8M Prods Prodo 
B 36C,  6ANgD.C. 6R.C 


(3) for constant density, Ng, = « + Bd’ 


n 8M 4D xo 2d} 
~ 36C,  3D,C B° 
x + Bd)’ Pode 


(36) 
2R.C 


x 


Equation (34) or very similar expressions have been 
given by Avedesian and Davidson (1973), Pyle (1975), 
Ross (1979) and Garbett and Hedley (1980). A similar 
form of equation (35) was presented by Pyle (1975). The 
burn-out time expression, equation (36), which allows 
for the variation in Ng, with d has been applied to 
fluidised-bed combustion data by Chakraborty and 
Howard (1981a). A derivation may be found in the work 
of Szekely et al (1976). 

Saxena and Rehmat (1980) provide the development 
of the equations for the burn-out time similar to that 
given by equation (34) for the instance where the 
diffusion of oxygen through a growing thickness of ash 
surrounding the burning core must be included. An 
additional term 


Prods z 
3C,D i \ l-—z 
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must be added where D: is the effective diffusion 
coefficient in the ash layer and z is the ratio of the 
volume of the ash layer to the volume of char burnt. 

Stanmore and Jung (1980) developed an expression 
for burn-out time for pore burning under zero-order 
kinetics; such as applied to the burning of porous and 
highly reactive brown coal char. For this situation it may 
be shown that: 


a Prod, : (37) 
8 2(2k,S,D.C,)'? 


In situations where diffusion is of the Knudsen type a 
simple expression for D, may be substituted into equa- 
tion (37) providing an estimate of the burn-out time in 
the absence of external mass transfer 
(Stanmore and Jung, 1980). 

An approach similar to that given by equation (37) 
has been used recently by Turnbull et al (1984) to modify 
the burn-out expression of Ross and Davidson (1982) to 
include reactivity and pore surface area. 


constraints 


Concentration Profiles Around a Burning Particle 

The concentration profiles for the gaseous species 
around a burning coal particle may be predicted by 
solving the mass and energy balances for each species 
(Basu et al, 1975; Gordon and Amundson, 1976; Caram 
and Amundson, 1977; Gordon et al, 1978; Bukur and 
Amundson, 1981; Calleja et al, 1981; Ross and 
Davidson, 1982). 

Waters (1975), Caram and Amundson (1977) and 
Calleja et al (1981) review the basic mechanisms pro- 
posed for char combustion. In ‘single-film’ models, the 
carbon particles react directly with oxygen to form CO 
or CO,. The two extremes, when either CO or CO, is 
produced, were considered by Ross (1979), Ress and 
Davidson (1982) and Calleja et al (1981). These in- 
vestigators extend their analyses to include the oxidation 
of CO within the boundary layer. The form of the gas 
concentration profiles for this case is given in Figure 8a. 

An alternate approach known as the ‘double-film’ 


Reactions 
2C +02 -— 2C0 
2CO0 +02 —— 2002 


(a) 


model was used by Avedesian and Davidson (1973) to 
describe the reactions around the particle. in this ap- 
proach it is assumed that the oxygen diffusing towards 
the particles is consumed before it reaches the surface. 
The product CO, diffuses both away from the particle 
and towards the surface where it reacts to form CO by 
the reaction C+CO,-+ 2CO. The resultant concen- 
tration profiles are illustrated in Figure 8b. However, as 
pointed out by Basu et al (1975), it is now generally 
considered that the temperatures of the burning particles 
in fluidised-bed combustors are not high enough for the 
reaction C+ CO,-+ 2CO to be the dominant com- 
bustion reaction. 

A generalised model involving the three carbon 
oxygen reactions has been presented by Caram and 
Amundson (1977). The general solution was used to 
define a region of feasible carbon particle surface tem- 
peratures, the boundaries of this region corresponding to 
the single and double-film solutions (Calleja et al, 1981) 

From solution of the mass and energy balances, these 
models show several possible steady-state solutions for 
temperature of the particle. It is speculated that for large 
particles (say greater than 3 to 5mm), the particles will 
be surrounded by a CO flame, while for small particles 
(say 50 to 100 um) CO will escape the boundary layer 
Between these sizes and, as it happens, in the important 
size range for fluidised-bed combustors, there will be a 
smooth transition between the two possibilities (Caram 
and Amundson, 1977) 

Ross (1979) solved the diffusion equations around the 
particle assuming that the CO generated at the particle 
surface is burned as it diffuses outwards. Ross defined a 
reaction zone radius, s, at which the CO concentration 
falls to 10°, of the surface concentration. s was given by 
(d/2s) exp[(Keo/D,)'* (d/2 — s)| = 0.1 (38) 


where kc, iS a Composite rate constant such that k,, 
times the concentration of CO is the rate of CO 
oxidation given by Howard et al (1973) 

Figure 9 illustrates the change in the ratio s/d with d. 
where d, the particle diameter, was predicted by equation 


02 
Reactions 
C+f02—~ 200 C02 
2C0 *02—— 2002 
d/2 Ry R2 


(b) 


Figure 8 Concentration profiles for oxygen, carbon monoxide and carbon dioxide around a burning carbon particle in diffusiot 


(a) single-film model with oxidation of CO, (b) double-film model 
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Figure 9 Ratio of the reaction zone radius, s, to the burning particle 
diameter, d, and the number of particles, n,, within the reaction zone 
as a function of d. s/d predicted by equation (38) (Ross and Davidson, 
1982). Conditions assumed: bed temperature, 1173 K; particle tem- 
perature, 1273 K; bed particle size, 0.55 mm; bed voidage, 0.7; reaction 
zone oxygen concentration, 2.18 x 10~* kmol/m’ 


(38) (Ross, 1979; Ross and Davidson, 1982) at an 
average temperature of 1223 K within the reaction zone. 
They pointed out that Figure 9 illustrates that for small 
particles (<0.5mm) CO escapes to a greater relative 
distance before being consumed and therefore the par- 
ticle will burn at a temperature characteristic of CO 
generation. For large particles (>l mm) CO burns 
relatively close to the surface and the particle tem- 
perature is characteristic of CO, combustion. 

This classical boundary layer approach is difficult to 
reconcile with the mobility of the bed surrounding the 
burning particle which must interfere with the devel- 
opment of a steady-state boundary layer. Indeed the 
improbability of the development of a stable boundary 
layer can be illustrated by calculating the number of bed 
particles, n,, which lie within the volume bounded by the 
burning particle and the distance s, n,=(1 —é) 
(8s° — d°)/d’. It may be seen, Figure 9, that the number 
of bed particles (assumed to be 0.55mm) within the 
reaction zone is considerable for all carbon particle sizes. 
The movement of these particles is likely to interfere with 
the development of a steady-state reaction zone since 
many of the particles escape the reaction zone carrying 
with them gas and enthalpy. This suggests that the 
approach does not describe adequately the physical 
situation within the bed. 

It may well be that the unsteady state mass transfer 
approach developed to explain the transfer of oxygen to 
the particle could be adapted to describe the means 


whereby CO and CO, are removed from the vicinity of 


the burning particle surface. 

Given the uncertainty that still exists as to the mech- 
anisms involved in combustion in well-characterized 
non-fluidised-bed systems, the lack of basic heat and 
mass transfer data in fluidised systems precludes at this 
stage any definitive verification of concentration profiles 
around burning particles in fluidised-bed combustors. 


CHANGES IN PARTICLE SIZE AND DENSITY 
Combustion Induced Changes 


A coal particle on entering a hot fluidised bed can 
undergo a significant change in size and density as it 
gives off water and volatile matter. During this period 
significant particle breakage may also occur. The extent 
of swelling or shrinkage during drying and de- 
volatilisation depends on coal type and composition and 
cannot be readily predicted. 

For example, Das (1983) analysed the data of Jung 
(1980) to find the relationship: 


(d/d,) = (w/@,)°'* (39) 


for the change in diameter during the evolution of water 
from 5.6 to 8.5mm diameter wet brown coal particles 
entering a fluidised bed of sand (0.36mm diameter) at 
993 and 1043 K and 0.169 ms~', where a, is the initial 
moisture content at time ¢ = 0 and d =d, and @ is the 
moisture content at time f. 

The change in size and density of the resulting de- 
volatilised particles are more readily modelled. Apart 
from mechanical attrition which is discussed in the next 
section, three modes of burning have been noted: 


(i) at constant density and decreasing size (Pillai, 1981; 
Jung and La Nauze, 1983a), 

(ii) at constant density and with a shrinking carbon 
core (Andrei et al, 1979; Pillai, 1981), 

(ili) at constant size and decreasing density (Pillai, 
1981). 

Defining the extent of particle burn-off, u, as [(initial 
mass of particle — mass of particle at time f)/initial mass 
of particle], that is, (71) — m)/mo, then w may be related 
to the particle diameter and apparent carbon density 
thus: 


d=d,(1 —un) (40) 


and 


Pa = Pao (Il —4) (41) 


where for spherical particles 3/ + 7 = 1 and for constant 
density burning i=1/3, j=0, while for constant 
diameter burning ij = 0, j = 1. 

For example, Jung and La Nauze (1983a) illustrated, 
Figure 10, the change in size with burn-off for a 11.8 mm 
diameter spherical petroleum coke particle burned in air 
in a fluidised bed at 1173 K. They showed that com- 
bustion followed closely a shrinking sphere mode of 
burning down to a diameter of 3 mm with only a slight 
reduction in density. 

The burn-off of coal particies with higher ash contents 
was observed by Andrei et al (1979). For Montana 
lignite a shrinking core mode was found to occur. A 
shrinking core of carbon remained embedded in a layer 
of ash which did not abrade as combustion progressed. 

Qualitative observations (Pillai, 1981) indicated that 
some carbons (e.g. graphite rock) may burn at constant 
size and decreasing density for the size range found in 
fluidized beds, though examples are probably rare. 
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Figure 10 Change in fractional diameter and density with extent of burn-off (from Jung and La Nauze, 1983). Experimental conditions: spherical! 
coke particles, initiai diameter 11.8 mm; air fluidised bed of 0.655 mm diameter sand at 1173 K and 0.53 m/s. Comparison of data with shrinking 


sphere burning, equations (40) and (41) 


Attrition Induced Changes 


Studies of the mechanisms of combustion in fluidised 
beds have generally been undertaken with carbons that 
do not fracture or abrade readily. This state is neither 
necessarily valid for all operating conditions nor for all 
carbons. Indeed examination of the fines collected by a 
cyclone on a typical combustor leads almost inevitably 
to the conclusion that the number of fine carbon par- 
ticles cannot be accounted for by combustion of the feed 
material and must be the result of breakages of the feed 
carbon. 

The attrition or fragmentation of bed material such as 
coal ash or limestone has received a reasonable amount 
of attention because of its importance in predicting the 
total elutriation rates of material in order to size pollu- 
tion control equipment (Merrick and Highley, 1974; 
Chen et al, 1980; Franceschi et al, 1980; Lin et al, 1980; 
Vaux and Keairns, 1980; Kono, 1981). The mechanisms 
of carbon breakage have been less vigorously examined. 

The generation of carbon fines by fragmentation and 
attrition during the combustion of a bituminous coal has 
been studied by Beer et al (1980) and Arena et al (1983). 
Fragmentation occurs soon after entering the bed and is 
caused by devolatilisation or thermal stresses within the 
particle. It results in the break-up of some feed particles 
into pieces, most of which are relatively coarse. Attrition 
is caused by the impact of the carbon with the bed 
material and furnace structures and produces fine par- 
ticles which detach from the surface of the carbon. 

The rate of elutriated carbon, E,, is the sum of the 
contribution of the rates of elutriation from three mech- 
anisms, Figure 11: 


(i) E{, the elutriable fines in the original feed and 
formed during fragmentation, 

(ii) EY the fines resulting as elutriable residues from 
combustion and attrition of the original and sub-divided 
particles, 
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(1) £2" the fines formed by attrition (Arena et al, 
1983). 


E’ and E* may be obtained by suitable experiments to 
provide an estimate of FE’. Experiments (D’Amore et al, 
1980; Beer et al, 1980; Arena et al, 1983) suggest that EF’ 
is often of minor significance in comparison to E” 
Donsi et al (1981) correlated the attrited carbon rate, E 
(kgs~'), in terms of the carbon loading M (kg), and the 
surface-based averaged bed carbon particle size, d(m) 
by: 


E”” = kU — Un)M_Jd (42) 


where the attrition rate constant, k,, is dimensionless 
The value of k, was found to be 3.5x 10~" for a 
bituminous coal from South Africa 

Beer et al (1980) assumed that the rate of shrinkage of 
the carbon particles caused by attrition was proportional 
to the total surface area, A., of the carbon particles and 
that the rate was proportional to (l Uns): 


dd E. 
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Figure 11 The processes leading to the formatior 
particles in a fluidised bed (adapted from Arena et a 
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It may be shown (Beér et al, 1980; Arena et al, 1983) 
that: 


(44) 


The overall shrinkage rates for the burning particles 
are then the sum of shrinkage rates contributed by the 
combustion and attrition rates (Beer et al, 1980; 
D’Amore et al, 1980). 


(45) 


dd_ € : ] +(- a 


di di 
(dd/dr). is the rate given by Equation (33) or similar 
expressions (Avedesian and Davidson, 1973; Campbell 
and Davidson, 1975; Donsi et al, 1979; Ross and David- 
son, 1982). 

Arena et al (1983) confirmed that the elutriation rates 
of attrited carbon are directly proportional to (U — U,,,») 
and the exposed carbon surface. An increase in the bed 
temperature was shown to have a secondary effect on the 
mechanism of fines generation, while increasing the bed 
particle size was shown to increase the rate of attrition. 
The latter effect is complicated by the possible influence 
of particle size on the rate of in-bed combustion of the 
fines. 

The attrition rate constant depends not only on the 
factors mentioned above, but also on the combustor 
design itself, especially the amount of internals within 
the bed. Finally chars differ widely in their ability to 
withstand the buffeting of the bed and it is necessary at 
this point of time to have an experimental determination 
of k, or k{ for each coal. 


TEMPERATURE OF BURNING PARTICLES 
The Importance of the Particle Temperature 


An essential element in unravelling the mechanism of 


coal combustion is an accurate estimate of the particle 
temperature. It is necessary to know the rate of heating 
of the coal in order to evaluate the mechanisms of drying 
and devolatilisation and to estimate the chemical rate 
during the combustion of the char. The particle tem- 
perature is important in defining the appropriate mean 
film temperature at which to evaluate the gas properties 
for prediction of mass and heat transfer local to the 
particle. 

The particle temperature will be influenced by: (i) the 
combustion rate, (11) the proximity to the surface of the 
region of gas phase oxidation of CO, (iii) the heat 
transfer rate to or from the particle by convection and 
radiation. While there is acknowledgement of the 
influence of such factors there is as yet little theoretical 
work to provide a sound basis for accurate temperature 
prediction. 


Experimental Studies 
Roscoe et al (1980) described experiments carried out 
by Curr and Warren (1969) who photographed the 
surface of a 0.09 m~ fluidised-bed combustor at 1073 K 
operating with continuous coal feed. The photographs 


were compared with others taken at the same camera 
settings on the same filmstock of a heated carbon source 
in a nitrogen atmosphere at 1073 to 1373 K. Comparison 
of optical densities of the calibration points with 
the burning particles allowed estimation of the tem- 
perature. A wide spread of results was obtained with 
temperatures between 110 and 260K above the bed 
temperature. 

Roscoe et al (1980) used a similar technique. Small 
batch weights (2.5 g) of coke particles (2.41 to 2.81 mm) 
were photographed after they had been added to an ash 
bed (0.6 to 0.71 mm, U,,,;=0.16ms~') at 1203 K and 
fluidised at 0.65ms~'. Particle temperatures were 
1332 + 11 K, that is, an excess over the bed temperature 
of 129+ 11K. 

Drawbacks of this technique are: 


(i) For photographs to be taken quite a number of 
particles have to be injected. Consequently the oxygen 
concentration in the particulate phase drops rapidly and 
there is uncertainty about the appropriate value of C,; 

(ii) The photographs only measure the particles that 
appear at the surface of the bed where heat loss due to 
radiation might have a substantial influence on their 
temperature. 

An advantage of the technique is that it can be used 
for small particles. 


Ross et al (1981) made further extensive mea- 
surements using the photographic technique, extending 
its use to the simultaneous photographing of the bed and 
six tungsten filament bulbs operated at temperatures of 
1178 to 1673 K. Details of the technique are given by 
Ross (1979) and Patel (1979). Two beds of sand (0.44 
and 0.55mm diameter) were fluidised at 1173K by 
mixtures of oxygen and nitrogen at 0.4 and 0.5ms 
Batch additions of coke up to 4.9g with mean sizes 
between 1.87 and 3.1 mm diameter were used. For inlet 
oxygen concentrations, 10 to 14° v/v, the coke tem- 
perature was found to be between 1231 and 1247 K with 
little variation with coke particle size. As the oxygen 
concentration increased the temperature of coke became 
higher. With air the particle temperatures were of the 
order of 1300 K and showed some tendency to increase 
with decreasing particle size. 

Basu (!977) embedded fine thermocouples (0.5 mm) in 
carbon spheres and found an increasing temperature 
difference between the spheres and the bed as the 
particles decreased in size. At the lowest size (3 mm) for 
which data could be collected, the temperature was 
about 200 K above that of the bed (1073 K). 

Yates anc Walker (1978) measured the particle tem- 
perature, 7,, by embedding fusible wire rings inside large 
spherical particles of resin-bonded coal dust. The results 
for combustion in a bed of 0.225 mm sand indicated an 
increase in 7, with decreasing diameter. For a 7.5mm 
diameter sphere in a bed at 1213 K, 7, reached 1273 K, 
while this temperature was attained by 2.5 mm diameter 
particles in beds operating at 1130 to 1173 K. 

Chakraborty and Howard (1978, 1979) embedded a 
0.3 mm diameter thermocouple in 6 and 12 mm diameter 
spheres of electrode carbon and suspended them in beds 
of 0.33, 0.55 and 0.78 mm sand operated at 1073 K and 
1173 K and inlet oxygen concentrations between 5 and 
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21% v/v. The larger sand size gave rise to higher 
temperatures, the maximum difference being 215K at 
the highest oxygen concentration. The effect was re- 
garded as noi simply that of higher heat transfer 
coefficients with the smaller sand. The combustion rates 
were shown to increase with increasing sand size, indi- 


cating an improvement in the mass transfer rate of 


oxygen. All temperatures fell within 15 to 215 K of the 
bed temperature. The 6mm particles were generally 
hotter (20 to 45 K) than the 12 mm particles under the 
same surrounding conditions. 

La Nauze and Jung (1982) measured the core tem- 
perature of burning petroleum coke particles in sand 
fluidised beds with results similar to Chakaborty and 
Howard (1978, 1979). Further results of this work 
(previously unpublished) are given in Figures 12 to 14, 
where the relationship between the particle and bed 
temperature for each operating condition could be 
expressed as: 

AT = T, — T, = 1/(c,; + ¢, d') (46) 


Where c, and c, were constants. The results show a 
marked increase in temperature rise with decreasing size 
at high oxygen concentration and large bed particle 
sizes. La Nauze and Jung (1982) disregarded the falling 
off in temperature towards the end of the experiment, 
attributing this to the failure of the thermocouple tech- 
nique. When the petroleum coke burned down to around 
3 to 5mm diameter there was a high chance, through 
uneven burning, of the thermocouple protruding and 
registering a temperature intermediate to the bed. Un- 
even burning results from fixing the orientation of the 
coke to the gas flow as illustrated in Figure 15. Thus the 
drawback of thermocouple techniques for measuring 
particle temperature is that the particle is not allowed to 
move. 

Tamarin and Galershtein (1980) and Tamarin et al 
(1982} report experimental measurement of the tem- 
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Figure 12 Petroleum coke particle temperature versus petroleum coke 
diameter for a range of bed temperatures in 0.655 mm diameter sand 
fluidised by air at 0.53 m/s 
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Figure 13 Petroleum coke particle temperature versus petroleum coke 
diameter for a range of oxygen concentrations in 0.78 mm diameter 
sand fluidised at 1173 K and 0.53 m/s 


perature of spherical coke particles using a fine thermo- 
couple (wire diameter 0.2 mm and hole size 0.7 mm) 
They observed an increase in temperature during burn- 
off of particles with initial diameters of between 3 and 
12mm. AT increased with size of the bed material 
Tamarin and co-workers suggested an alternative expla- 
nation for the decrease in AT based on the supposition 
that this indicates an intensification of the heat transfer 
processes when the relative film thickness is such that the 
bed particles can penetrate the thermal boundary layer, 
thereby carrying away a greater amount of heat. The 
degree of overheating, A7, for coke burning in air for 
this region was correlated by 


AT = 670d," ” ita (47) 
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Figure 14 Petroleum coke particle temperature for a bed 
of 1173 K versus petroleum coke diameter for a range o 
velocity in air fluidised beds of 0.655 mm sand at | 
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Figure 15 illustration of the failure of the thermocouple technique to indicate properly the particle temperature at high levels of burn-off. 


where the diameters are in centimetres and 
0.07<d,<0.2cm and 0.4<d<1.2cm. This re- 
lationship seems open to question both from experi- 
mental and theoretical grounds, and more work could be 
done in this area. 

The rate of temperature rise of a 9 mm petroleum coal 
particle plunged into an air fluidised bed at 1073 K, 
Figure 16, was measured using a fine thermocouple (K. 
Jung, 1983, pers. comm.). This demonstrates the rapid 
temperature rise experienced by large particles entering 
the hot bed. 


Theoretical Considerations 
The change in temperature of the carbon particle with 
burn-off may be expressed as: 


—F_t= W.q —h(T, — T,) — ae, i’; — T*) (48) 
nmd- dt : 


where c, is the specific heat of the particle, m is mass, q 
is the heat of reaction, o is the Stefan—Boltzmann 
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Figure 16 Rate of temperature rise at the centre of a 9.7 mm diameter 

petroleum coke particle plunged into an air fluidised bed of 0.655 mm 

diameter sand at 1073 K and 0.62 m/s (Jung, 1983) 





constant, ¢, is the particle emissivity and / is the heat 
transfer coefficient described earlier. 

The application of equation (48) for predicting the 
particle temperature has at present many difficulties: 


(i) The value of g depends on the reaction assumed to 
be influential in determining the surface temperature. 
Since the heat liberated by CO, formation is more than 
three times that for CO formation the extent to which 
the heat released by CO oxidation is retained by the 
particle is crucial, and largely unresearched. 

(ii) Empirical expressions for the heat transfer 
coefficient or Nusselt number are subject to considerable 
uncertainty, and theoretical understanding of the effect 
of the inert particles surrounding the burning particle is 
sparse. 

(iii) Correct modelling of the radiation is similiarly 
open to conjecture as mentioned at the end of the section 
on Heat Transfer. 


CHEMICAL RATE 

The importance for correct modelling of an accurate 
knowledge of the chemical rates for the burning char in 
the fluidised bed cannot be over-emphasised. Leung and 
Smith (1979) pointed out the effect on combustion rate 
of the ten-fold increase in char reactivity between that 
formed from anthracite and from low-rank bituminous 
coals. Inaccurate estimation of the chemical rate can 
lead to erroneous conclusions regarding the rate control- 
ling mechanism and hence incorrectly deduced values for 
mass transfer parameters. A shortcoming in many analy- 
ses has been the lack of definitive information on the 
chemical rate coefficients for the char under study. 
Reviews (Field et al, 1967; Mulcaiiy, 1978; Essenhigh, 
1981; Smith, 1982) provide chemical rate data which 
should be used only in the absenee of measured values 
for the particular coal or char. 

Most investigators assume that carbon oxidation ‘s 
first order with respect to oxygen, i.e. m = | in equation 
(1). This leads to mathematically simple expressions for 
combusticn rate and burn-out time, equations (5) and 
(34}-(36). However, recent studies of coke and char 
combustion (Young and Smith, 1981; Essenhigh, 1981) 


Chem Eng Res Des, Vol. 63, January 1985 





COAL COMBUSTION IN FLUIDISED BEDS 17 


indicate that 7 is likely to be less than | and may be close 
to 1/2. For fractional values of n, the rate expression 
equation (2) is more complicated and its use in burn-out 
calculations generally requires numerica! solution. 


COMBUSTION RATE OF CHAR/COKE 
PARTICLES 


Experimental Studies 


The salient features of the experimental studies which 
will be discussed in this Section and the next are listed 
in Table 2. The bed diameters used were generally about 
100mm diameter with fluidising veiocities of up to 
2.5ms~' for a dense alumina material. Generally either 
burn-out times for batch addition of a small weight of 
particles or burning rate for a single particle were 
measured. 

For single-particle experiments the burning rate may 
be determined by measuring the change in mass with 
time. This may be achieved by suspending the particles 
from a fine flexible wire, by quenching and sampling the 
whole bed, or, most commonly, by using a gauze 
sampling basket. The mass and diameter of the carbon 
are determined at set intervals of time in order to con- 
struct the mass and diameter versus time history for the 
particle burn-off, such as shown in Figure 17. The rate 
determined by the incremental change in mass over the 
time interval depends on the carbon type, operating 
conditions and particle size, but measured values are of 
the order of 0.1 to 1x 10°°kgs~' for 1 to 10mm 
diameter carbon particles. 

The advantage of single-particle measurements is the 
elimination of the bubble—particulate phase interchange 
resistance which allows the particulate phase oxygen 
concentration, C,, to be taken as that of the inlet gas, C;. 
If a carbon of known chemical reactivity is used, the only 
unknown is the mass transfer resistance local to the 
carbon. 


Basu (1977) measured the burning rates in air of 


electrode carbon spheres of initial diameter 9 to 15 mm 
at bed temperatures of 1023, 1073 and 1173K at 
80 mm s~' fluidising velocity. The slope of the data for 
combustion rate in (kg Cs~') versus diameter was ob- 
tained and the exponent N for the relationship in 
dm /dt = ad” was evaluated. N was found to lie between 
1.22 and 1.55 for carbon of diameters between 3 and 
10mm. This was taken as evidence (as outlined later) 
that burning was primarily diffusion controlled. 


12 





_ 
Qo 


Poo, 


and mass (g= 10) 
ca on 


Petroleum coke diameter (mm) 
nN 











Time (s) 


Figure 17 The change in mass and diameter with time for a spherical 
petroleum coke particle burning in a 10°, O,/90°, N, mixture fluidising 
a bed of 0.78 mm diameter sand at 1173 K and 0.53 m/s 
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Chakraborty and Howard (1978, 1979, 1980) reported 
studies in shallow fluidised beds with static bed heights 
of 12.5, 30 and 50 mm at temperatures between 1023 and 
1273 K using electrode carbon from 2 to 12mm di- 
ameter. The results gave N values between 1.75 and 1.97 
which were reported as indicative of combustion which 
is mainly kinetically controlled. Contrary to this argu- 
ment the measured rates were significantly higher than 
those predicted by combustion models assuming 
diffusion through a stagnant gas film. Since the mea- 
sured combustion rate cannot be greater than the mass 
transfer rate of oxygen, the results merely indicate that 
mass transfer must be more rapid than that assumed. 

This point was grasped in a later paper (Chakraborty 
and Howard, 1981b) in which it was assumed that the 
mass transfer rate for oxygen may be expressed by a 
modified form of the Fréssling equation, Table 1. Good 
agreement was obtained between the experiment and 
a combined diffusion and kinetics model using this 
approach. The contribution of chemical kinetics was, 
however, only 10 to 30% of the total; the highest 
contribution arising with the smallest size of carbon 
particles (3 mm) at 1043 K. First order kinetics and CO 
oxidation at the surface were assumed together with a 
particle temperature fixed at (7, + 150 K) 

Andrei et al (1979) described experiments using Mon- 
tana lignite. The ash remained intact about the particle, 
which enabled an average complete burn-out history for 
the particles to be obtained. Particles up to 3mm in 
diameter were burned at 1023 and 1173 K and in 2, 5 and 
8°,, oxygen. Good agreement between the model of 
Borghi et al (1977) and the fractional weight (m/m)) 
change with time was reported 

Sinha et al (1980) report burning rates for single 
carbon spheres suspended in a vigorously fluidised bed 
(0.95 to 1.19ms~') in a 0.2 x 0.2m combustor fired 
continuously by coal and operated at !123 K and 6°, v/v 
oxygen in the flue gas. The results are comparable with 
those of Chakraborty and Howard (1980) for experi- 
ments with a single carbon and low oxygen in the inlet 
gas 

The burning rates of single petroleum coke particles (3 
to 14mm diameter) in beds of sand (0.655 to 0.925 mm) 
fluidised at 0.536 to 0.683 ms~' at 1173 K were mea- 
sured by La Nauze and Jung (1982, 1983a). Further 
examples of these measurements are given in Figure 18 
The effect of the operating conditions found was similar 
to the before-mentioned studies, namely: combustion 
rate increases with: (i) increase in bed particle size, (11) 
fluidising velocity and (iii) oxygen content in the 
fluidising gas. 

Experiments involving the use of more than one 
particle have generally taken the form of batch burn-out 
time measurements of small weights of carbon particles 
of 1 to 3mm in diameter (Avedesian and Davidson, 
1973; Campbell and Davidson, 1975; Stanmore and 
Jung, 1980; Chakraborty and Howard, 198la; Pillai, 
1981; Ross and Davidson, 1982; Turnbull et al, 1984) 
Burn-out time is determined visually or from gas 
analysis—both techniques are subject to a degree of 
uncertainty. Ross and Davidson (1982) used continuous 
gas analyses for carbon dioxide to follow the rate of 
combustion. Assuming shrinking sphere combustion 





Table 2. Experimenta! studies of combustion mechanisms in fluidised beds 


References 


Avedesian & Davidson 
(1973) 


Campbell & Davidson 
(1975) 


Ross et al. (1981) 


Ross & Davidson 
(1982) 


Turnbull et al. 
(1984) 


Chakraborty & Howard 
(1978, 1979, 1980) 


Chakraborty & Howard 
(1981a) 


Chakraborty & Howard 


(1981d) 


Basu (1977) 


Yates & Walker (1978) 


Andrei et al. (1979) 


Atimtay (1980) 


Tamarin et al (1980) 


Jung and Stanmore 
(1980) 


Sinha et al (1980) 


Fuel 
Size (mm) 
Char & coke 
0.23-2.61 


Coal, char 
& coke 


Char & coke 
0.21-0.39 
0.85-2.18 


Carbons (2) 
chars (5} & 
coke 
0.21-1.0 
1.0-1.4 


Electrode 
carbon 
spheres 
2-12 
Anthracite 
1.42.4 
Char 
1.84-4.38 


Electrode 
carbon 
spheres 
3-20 
Electrode 
carbon 
spheres 


3-15 


Spheres of 
anthracite 
dust 

9.6 


Montana 
lignite 


2.83-3.28 


Lignite, 
high ash 
coal 
ha 


4 


3.0 


Single coke 
particles 
3-12 


Wet brown 
coal, brown 
coal char 
5.3, 6.0, 7.4 
Carbon 
spheres 
10.0 
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Bed material 
Size (mm) 


Coal ash 


0.39, 0.65 


Coal ash 


0.32-0.65 


Sand 


0.44, 0.55 


Sand 
0.15-0.3, 


Sand 


0.33, 0.55, 


Alumina 
1.00 


Sand 


0.2 


Coal ash 


0.55 


Fire clay 


0.45, 0.56, 


1.1, 1.6 
Sand 
0.4, 0.7 
Sand 
0.36 


s 


0.78 


Bed dimensions 
(mm) 


76 diameter 
82 height 


76 diameter 
40-140 height 


76, 102 diameter 


120, 150 height 


102 diameter 
150 height 


100 diameter 
50, 300 height 


5 diameter 
, 30, 50 


71.5 diameter 
30 height 


71.5 diameter 
10-15 height 


150 diameter 


100 diameter 
140 height 


100 diameter 
450 height 


76 diameter 
83 height 


40 diameter 
40 height 


76 diameter 
200 height 


200 x 200 
cross-section 
128 height 
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Bed 


temperature 


(K) 
1173 


1173, 1373 
1573 


1103, 1173 


1023-1173 


1023, 1073 


1173, 1273 


1030-1233 


970-1070 


Flv‘dising 
velocity 
(m/s) 


0.17-0.38 


0.4, 0.5 
(10-21% O,) 


0.0826, 0.103 
0.38-0.5 


0.15, 0.3, 
(1.1-17 bar) 


0.25-0.71 
(air & N,/O, 
mixtures) 


As above 


0.09 at 
273K 


Not given 


0.383-0.58 


0.41-1.65 


0.95, 1.08, 1.19 
coal fired to 
give 6% v/v 

in flue gas 





Particle 
temperature 
(K) 


Not determined 


Not determined 


Photographic 
techniques 


Photographic 
technique. 

Average temp 
approx. 7,+ 150K 


Not determined 


Thermocouple 
technique 


T,+ 150K 


1298-1348 from 
thermocouple 
experiments 


T,, + (40-200 K) 


from thermocouple 


Embedded heat 


sensitive rings 


COAL COMBUSTION IN FLUIDISED BEDS 


Chemical 
kinetics 


Reactivity of 
fuels assumed 
Assumed 
C+CO,—2CO 


Assumed fast 


Derives from 
data and 
compared to 
general kinetic 
expressions 


Modified 
general rate 
expression 


Assumed 
general rate 
expression 
Assumed 
general rate 
expression 


Devolatilisation 
and combustion 
from literature 
expressions 


Literature 
expression for 
brown coal 
char 


Mass transfer 
Heat transfer 
coefficients 


Derived from 
burn-out time 
Ng, = 1.42 


Assumed stagnant 
> 


gas, Ng, = 2é,5 
Nuy = 411 
predicted from 
heat balance 


Derived from data 
Ng, = 3.5 = const. 


Suggests Ny.¢ = Ne 


Assumed No, 
Assumed J, 


Fixed Ng, = 1.42 


Assumed Ng, 
0.69 NL2N 


S 


As above 


Derived from 
assumption olf 
mass transfer 
contro] 


Concludes that 
Nz, Should be 


>2 (e.g. 5) 


Comments 


Burr-out time experiments; 
finds combustion external 
diffusion controlled 


Burn-out time and continuous 
feed experimenis 

diffusion controlled 
Temperature measurement gives 
mean value during burn-out; 

at low O,, T, ~ T,, 

while in air 7, ~ 7, + 200K 
Favours C + O,-» CO, for large 
particles, C + (1/2)O0,—+CO for 
small particles; dominance of 
diffusion control for large 
particles and kinetic control 

for small particles 


Batch burn-out experiments; 
concludes effect of pressure 
is to reduce f, through 
influence on chemical kinetics 


Rates measured concluded 
that rate was kinetically 
controlled 


Burn-out time experiments; 
dominance of mass transfer 
noted for d>3mm 


Rate experiments; compares 
favourably rate versus 
diameter with model; up to 30 
of resistance due to kinetics 


Burning rate experiments 
concludes close to diffusional 
control but this based on 

No, constant 


Burning rate and particle 
temperature data 


Mass loss history and burn-out 
time for multiple particles 


Batch additions determined 


f 


Combustion rate determined by 
convective transfer through 
boundary layer at particle 


surface 


Drying, devolatilisation and 
burn-out history, burning 
rates; pore diffusion and 
kinetic control 


Measured single particle 
burning rate; burning rate 
expressions developed; 
burning rate increased with 
increasing U and d 


continued 
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Table 2. 


Fuel Bed material 
References Size (mm) Size (mm) 
Pillai (1981) Twelve fuels Molochite 
lignite 0.62 
bituminous 
coals 
anthracite 
chars and coke 
0.15—8.0 


D’Amore et al (1980) Lignite 

bituminous 

coal, 

coke (2), 

graphite 

0.4-1.0 

1.0-8.0 

Bituminous Sand 
coal, 0.2-0.4 
coke (2), 0.88-0.93 
sub-bituminous 


Beér et al (1980) 


Bituminous 
coal 
1.0-9.0 


Chirone et al (1982) 


La Nauze & Jung 
(1982) 


Petroleum 
coke spheres 


13 


La Nauze & Jung As above Sand 
(1983a) 0.655 


0.925 


Petroleum Sand 
coke as 0.655. 
above, brown 0.36 
coal char 

4.0-6.05 


Jung & La Nauze 
(1983a) 


La Nauze et al 
(1984) 


Petroleum 
coke spheres 
2-13 


and given kinetics at the surface, the particle diameter 
could be estimated at various times. Yates and Walker 
(1978) followed the change in average mass and diameter 
of batches of composite anthracite particles (with em- 
bedded fusible metal rings). The data indicated that 
increasing the fluidising velocity increased the burning 
rate. They also reported a reduction in the combustion 
rate, above 1070 K bed temperature, attributed to ash 
sintering which would increase the resistance to internal 
diffusion. 

With the exception of Campbell and Davidson (1975), 


there appear to be no basic studies in which carbon of 


known size distribution was continuously fed to a com- 
bustor. Such experiments would add greatly to the 
confirmation of models developed to predict the per- 
formance of a full-scale plant. 


continued 


Bed Fluidising 
Bed dimensions temperature velocity 
(mm) (K) (m/s) 


1048-1303 0.12-0.15 
gas fired 


(12-13% O,) 


100 diameter 
75 height 


140 diameter 973-1073 


350 height 


130, 160 diameter 1023, : 0.78 
350 height and 0.67—-0.84 
600 x 600 


cross-section 


40 diameter 
100 height 


100 diameter 
180 height 


As above 0.54, 0.68 


76 and 100 
diameter 
180. 200 


As above 


100 diameter 973, 1073 
180 height 1173 


0.15-0.666 
some packed 
bed experiments 
5, 10, 21% O, 


Mass Transfer Coefficient 

The experiments of La Nauze and Jung (1982, 1983a) 
appear to be the only reported work to have an indepen- 
dent measure of the chemical rate coefficient of the 
carbon employed. They were therefore able to evaluate 
the mass transfer coefficient from the measured rate. 
Jung and La Nauze (1983b) and La Nauze et al (1984) 
report measurements of combustion rate over a wide 
range of operating conditions which were used to evalu- 
ate the mass transfer coefficient, R,,, expressed as the 
Sherwood number, Ng. The influence of the coke size at 
constant superficial velocity, U, is illustrated in Figure 
19, while the effect of U on Ng, is shown in Figure 5. La 
Nauze and Jung (1983b) and La Nauze et al (1984) 
report good agreement between the data and their model 
for non-steady state mass transfer, equation (20), and 
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Particle 
temperature Chemical 
(K) kinetics 


Mass transfer 
Heat transfer 


coefficients Comments 


Deduced Ng, 
suggests Ng, 
22, + 0.69 


Burn-out time experiments 
for most fuels combined 
diffusional and chemical 


Kinetic control 


Study of 
difference 
in fuel 

reactivity 


Influence of attrition 
greatest as fuel reactivity 
decreases; compares model 
with experiment for carbon 
loading, particle size 
distribution and combustion 
efficiency 

Study of influence of char 
reactivity, attrition, 
fragmentation and swelling 
on combustion efficiency 


Batch burn-out experiments 
collecting elutriated carbon 
most carbon loss caused by 
attrition during combustion 
especially at low oxygen 
levels 

Assumed Measured for Showed variation 

1303 coke used in Ng, fitted 
modified Frossling 
equation 


Burning rate experiments 
demonstrate significant 
diffusion control 


Thermocouple As above As above 


technique 


Thermocouple 
technique 


As above 


their semi-empirical expressions, Table 1. They suggest 
that the trend of the data is towards equation (21) at 
values of (d/d,) below 3 to S. 

The value determined for N,, was around 4 for a 3 to 
4mm particle rising to 8 for a 12mm particle. Limited 
measurements for smalier particles, ~2mm diameter, 
indicated Ng, values of around 2. 

Avedesian and Davidson (1973) determined Ng, by 
applying the burn-out time expression, equation (34) 
without the chemical kinetic term, to data from experi- 
ments using batches of small diameter particles of char 
and coke. The burn-out time, #,, was plotted against the 
initial charge weight or the initial diameter squared. An 
example of the resultant graphs is given in Figure 20. 
The authors argued that the ‘linearity’ of the data 
demonstrated that the chemical kinetic term in equation 
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l nsteady State 
theory developed 


Particle temperature and wider 
range of conditions confirms 
above; differences in values 
for Ny, and Ne noted 
Demonstrate fit of data to 
shrinking sphere model 


illustrate attrition in large 


char particles 


Expands above data to wide 
range of conditions; novel 


mass transfer theory proposed 


(34) is negligible and that Ng, is constant. Ng, could 
therefore be determined from the slope of the line or the 
inception points of the ordinate. The mean value of Ny 
derived by this means was 1.42, confirming the authors 
conviction that Ng, was at its lower limit given by 
equation (13) 

Both Tomeczek (1979) and Chakraborty and Howard 
(1979) suggest that the data presented by Avedesian and 
Davidson (1973) couid equally well be correlated by 
t, oc d, which would suggest significant chemical kinetic 
control. It is apparent that burn-out time data are not 
a good basis for determining Ny. The burn-out time 
expression, equation (34), is an integrated rate expres- 
sion which, in the form given, provides some ‘mean’ 
value of Ny, for the total burning time. It does not allow 
for any variation in Ng, with diameter 
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10 12 
Petroleum coke diameter (mm) 
Figure 18 Combustion rate versus petroleum coke diameter 


i. l d, 
A 1173 0.53 0.66 
% 1173 0.67 0.93 
@ 1173 0.53 0.66 


A similar technique was used by Ross and Davidson 
(1982) to evaluate Ny. A value of Ny of 3.5 was 
obtained for the assumption that CO oxidises close to 
the burning particle surface. The authors suggest that 
this value is again not too far above the theoretical 
minimum of 2¢,,.,. They also argue that Avedesian and 
Davidson’s value should be doubled owing to the incor- 
rect choice of the chemical kinetics C +CO,— 2CO 
rather than C+ O,-— CO,. However the objections to 
this measurement as outlined above remain. 

A more satisfactory determination of the mass trans- 
fer coefficient requires: 

(i) determination of the change in mass and diameter 
of the particle with time, 

(ii) a knowledge of the particle temperature at given 
conditions and its variation with diameter, 

(iii) a knowledge of the apparent chemical rate of the 
carbon at the given conditions and the chemical kinetics 
of the CO reactions in proximity of the carbon, and 


10 














Coke diameter (mm) 


Figure 19 Variation in Sherwood number with petroleum coke 
diameter (from La Nauze et al, 1984). Conditions: d, = 0.655 mm, 
T, = 1173 K, U = 0.666 m/s, Ux, = 0.195 m/s 
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Burn- out time (s) 





© Points not included 
in least squares 


calculation 
40 i l 1 1 tL 1 


0 1 2 3 ~ 5 6 7 
(d 2) (Initial average char particle diameter)? (mm?) 








Figure 20 Burn-out time as a function of the average initial char 
particle diameter for: (a2) U =0.214m/s, (6) U =0.300m/s, (c) 
U = 0.383 m/s (from Avedesian and Davidson, 1973). d, = 
M = 3.6g carbon, U,,, = 0.046 m/s, pa. = 720 kg C/m* 


0.39 mm, 


(iv) a knowledge of the particulate phase oxygen 
concentration. 


Batch burn-out times do not satisfy these require- 
ments whereas experiments determining the change in 
mass and diameter of a single particle of known reac- 
tivity come closer to meeting these conditions. 


Heat Transfer Coefficient 

Very few combustion experiments have been reported 
for which both the heat transfer rate per particle and the 
particle temperature are available thus enabling an 
evaluation of h.. Ross et al (1981) calculate Ny, values 
where Ny, = A.dk,, that is based on the initial carbon 
particle diameter, d, and k, was estimated by equation 
(26). Nx, values, based on the assumption that CO, was 
the effective combustion product at the surface, varied 
between 3.6 and 11.1 for coke particles (1.87—3.1 mm 
diameter) in fluidised sand (0.55mm) at 1173K and 
0.4ms"'. 

Similar values were reported by La Nauze and Jung 
(1983a). Considerably more study is required to provide 
suitable data in this area and to assess the effect on the 
processes of simultaneous heat and mass transfer. 

In non-combustion systems some progress has been 
made with fixed large spheres in fluidised beds (Ziegler 
and Brazelton, 1964; Shirai et al, 1966) and by the 
addition of a colder particle of equivalent size to a bed 
(Wen and Chang, 1967).Wen and Chang (1967) con- 
cluded from the above works and their own experiments 
that particle-to-particle heat transfer accounted for 
about 10 to 35%, of the total heat transfer when d/d, = | 
but was greater than 85% for d/d, =~ 100. For 
fluidised-bed combustion we can expect d d, values up 
to around 20 for which we might expect a percentage of 
particle-to-particle heat transport in the vicinity of 50 to 
70%. 
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Rios and Gilbert (1983) examined heat exchange 
between large bodies which were either fixed or moving. 
Their work suggests that heat transfer coefficients de- 
pend on the degree of mobility of the large body. Light 
free-moving objects gave higher heat transfer coefficients 
than for a hindered or fixed object. The difference 
between these decreased as d/d, increased. 

Shirai et al (1966) measured heat and mass transfer 
between a fluidised bed and the surface of a fixed heat 
sphere. The heat transfer coefficient obtained from 
steady and unsteady state experiments was given by: 


/ y 0.36 


h.=74| d=°% pox (49) 
mi / 


where h, is in kcal m~* h~' °C~', d, and D, are in cm and 
D, is the vessel diameter. 

Pillai (1976) renorted heat transfer coefficients deter- 
mined from the transient response of spherical probes 
plunged into hot shallow fluidised beds at temperatures 
up to 1373 K. Beds of silica sand, zircon sand and silicon 
carbide ranging in size from 0.2 to 0.8mm were used. 
Overall heat transfer coefficients were obtained for a 
range of velocities and the maximum at each bed 
temperature was correlated by: 


i hd, Z 


Nu(max) ~ k 


N 


T,\°? 
0.365 ( N92 (50) 


2 


This type of formuiation is in accord with the empirical 
expression presenied by Zabrodsky et al (1974). 


Relative Influence of Mass Transfer and Chemical 
Kinetics 

Experimental studies often report the combustion rate 
dm /dt as a function of d to the power N. It is stated that 
if N is close to | the rate is controlled by the diffusion 
of oxygen to the particle, while if N is close to 2 the rate 
is controlled largely by the kinetics of the combustion 
reactions. This argument may be shown for a first-order 
reaction by rewriting equation (5) to give: 


dm i 
= - ~c,d* (51) 
dt c¢,d/Ng, +c, 


Then if Ng, is large N ~ 2, while if Ng, is small N ~ 1. 
This argument only applies if Ns, is not a function of d. 
Since Figure 19 indicates that Ng, is a function of d, N 
does not illustrate in a simple manner the relative 
proportions of the rate controlling mechanisms. In fact, 
the assumption that Ng, is constant at the ‘mean’ value 
determined from burn-out time experiments tends to 
overestimate the degree of chemical kinetic control. 
This is shown conveniently by the parameter 7, the 
ratio (W,/W,,). For a first-order reaction the expression 
for x can be derived from equations (3) and (5) to give 
x = 1/1 + ANg,D,/dk.). The values of y using the above 
formulae are plotted against diameter in Figure 21 for 
the case where: (i) Ny, = 3.5 (Ross, 1979; Ross and 
Davidson, 1982) and (ii) Ng, is variable given by equa- 
tion (21). Note that 7 is independent of the particulate 
phase oxygen concentration. For particle sizes and con- 
ditions given, the influence of chemical rate on the 
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Figure 21 The fractional mass transfer rate control, 7, versus 
coke particle diameter, d, for: (a) Ng, predicted by equation (21) 
(b) N 3 Conditions assumed: 7,=1173K, 7 1313 K, 


< 
l 0.3 m/s, L 0.08 m/s, ¢ 21% O,, d 0.45 mm 


overall rate is less when Ng, is allowed to vary with 
particle diameter 


Burn-out Times 

The most satisfactory test of the combustion rate 
theory proposed to model the combustion of single 
particles in a fluidised bed is agreement between experi- 
ment and theory for the change in mass and diameter 
with time, that is, agreement of prediction with the 
measured parameters. It is worth remembering that 
combustion rate and the mass transfer coefficients are 
derived values and the latter in particular can be subject 
to a wide scatter through an accumulation of mea- 
surement errors. It is also common to correlate the mass 
transfer coefficient in terms of Ng, or the mass transfer 
factor jp (= R,,N¢-/U) against Reynolds number lead- 
ing to graphs in which there may be a suspicion that ‘l 
is plotted against ‘U’ or ‘d’ against ‘d’ 

Few comparisons of theory against mass or diameter 
burn-out histories have been reported. Andrei et al 
(1979) indicated satisfactory agreeement for m/m) vs 
time based on the model of Borghi et al (1977) but the 
article does not describe the measurements or predic- 
tions in detail. The Borghi et al (1977) modei assumes a 
shrinking sphere model with the Frossling equation, 
equation (13), to describe mass transfer. Chemical kinet- 
ics were assumed 1/2 order with CO oxidising at the 
particle surface 

Similar kinetics were chosen by La Nauze and Jung 
(1982, 1983b) but with a modified expression for Ng. In 
Figure 22 the burn-out histories of a single petroleum 
coke particle are compared using equation (20) to pre- 
dict Ng, and also with predictions assuming Ng, 1s 
constant. Good agreement is apparent over a con- 
siderable burning period when Ng, is assumed variable 

However, generally only the burn-out times are re- 
ported (e.g. Avedesian and Davidson, 1973; Campbell 
and Davidson, 1975; Stanmore and Jung, 1980; Chakra- 
borty and Howard, 1981b; Pillai, 1981; Ross and David- 
son, 1982). The comparison of the results with expres- 
sions for burn-out times, equations (34) to (36), is often 
reasonable, but is subject to the reservations given 
below. Chakraborty and Howard (1981b) and La Nauze 
(1984) appear to be the only workers to have allowed for 
the variation of Ng, with d by using equation (36) 
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Figure 22 Diameter versus time for a single petroleum coke particle burning in air at a bed temperature of 1173 K, fluidising velocity 0.53 m/s 
in 0.655 mm diameter sand. Curves indicate theory with constant Sherwood number or with variable Sherwood number given by equation (20). 


Using equation (36), La Nauze (1985a) was able to 
show good agreement with the burn-out time data of 
Avedesian and Davidson, Figure 20. 

While it is fairly easy to measure burn-out times for 
different batches of particles, the forms of equations (34) 
to (36) indicate why it is difficult to obtain meaningful 
information from the analysis of the experiments (La 
Nauze, 1985p): 


(i) the appropriate physical constants within the bed, 
the carbon temperature, the mass transfer coefficient and 
the chemical rate must be accurately known; generally 
these have not been known to a suitable degree of 
accuracy, 

(ii) unless a wide range of sizes is used, the technique 
is relatively insensitive for distinguishing between 
diffusional, kinetic control or both, 

(iii) the prediction of the gas exchange coefficient is 
subject to a high degree of uncertainty as discussed 
shortly. 


This conclusion was reached by Saxena and Rehmat 
(1980) in a detailed analysis of the burn-out time data of 
Avedesian and Davidson (1973). They showed that by 
choosing the value of X reasonable approximation to the 
data may be obtained. However if X is predicted from 
theory, the predictions for burn-out time are seriously 
overestimated in a simple uni-sized bubble approach. 
The resulis indicate that interphase mass transfer plays 
a significant role in establishing the burn-out times. 

The influence of the batch sample through its effect on 
C,, may to some extent be eliminated by estimating f, at 
zero mass by extrapolating plots of 4, vs M to M =0. 
The burn-out time vs particle diameter curve for the 
intersection points with the ordinate may then be plotted 
and comparison may be made between the theory and 
experiment. This procedure has been undertaken for 
petroleum coke, Figure 23. In the example, given burn- 
Out times for petroleum coke are compared with that 
predicted by equation (36), with the Sherwood number 


calculated from equation (20) for large particles and 
equation (21) for small particles. 

A similar technique was used by Stanmore and Jung 
(1980) to compare their data with the burn-out times 
predicted by equation (37). Reasonable agreement was 
found. 





Eq (36) and Eq (21) 


\ 


Eq (36) and Eq (20) 


Burn-out time (s) 








i i iL 
1 2 3 
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Figure 23 Burn-out time for zero mass (single particle) as a 
function of petroleum coke diameter. Operating conditions: 
U =0.53 m/s, Un = 0.195 m/s, T,= 1173 K, 7, = 1313 K, €,=0.4, 
p, = 1710 kg/m’ 
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Table 3. Determination of the cross-flow factor (X) for a bed of ash 
of mean size 0.39 mm (U,,,; = 46 mm/s) at 1173 K and static bed height 
0.082 m 


Avedesian and 
l Davidson (1973) 
(mm/s) from Equation (34) 


La Nauze (1984b) 
from fitting 
Equation (36) 


Predicted by 
theory of 
Darton (1981) 


214 0.588 0.80 1.51 
300 0.618 1.00 1.17 
383 0.664 1.251 0.98 


Interphase Gas Exchange Coefficients 

Despite the importance of determining the interphase 
gas exchange coefficient there has been very little attempt 
at measurement directed towards validating the models 
in fluidised-combustion systems. Usually the data are 
fitted by a curve to provide an evaluation of X which is 
then compared with X values predicted by theory. The 
derived value for X may be compared for consistency by 
predicting the mean bubble diameter from the value and 
comparing the diameter with other measurements. For 
instance, taking the data of Avedesian and Davidson 
(1973) shown in Figure 20, the authors derived the 
values of X from the intercept with the ordinate axis, 
Table 3. While fairly close comparison for X between 
this value and that given by theory was obtained, this 
type of analysis does not test the two-phase theory used 
to predict X. Indeed owing to the inclusion of the 
exponential term in X in equation (34) the theoretical 
values of XY, though close to that derived from the data, 
do not provide accurate burn-out time predictions. 

The theory used to predict the cross-flow of gas is 
based on plug flow in the bubble phase and perfect 
mixing in the particulate phase. Donsi et al (1979) 
presented the equivalent development for the assump- 
tion of plug flow in both phases. Donsi et al (1979) 
compared their model predictions for carbon loading 
and the experimental results by adjusting the value of X 
to provide the best fit of carbon loading and oxygen 
profiles through the bed. For a 0.6 to | mm bed particle 
size, they found that the plug flow assumption fitted for 
a reasonable value of X of 3, whereas the perfectly mixed 
assumption could not be fitted for any X value. 

More detailed experimentation is required to provide 
confidence in the appropriateness of the cross-flow 
predictions for conditions pertinent to bench-scale 
experiments. 

For beds of large particle size, it has been pointed out 
by Park et al (1980) that the bubbles may rise slower 
than the particulate phase velocity giving rise to ‘cloud- 
less’ bubbles. In such circumstances, the incoming gas 
may be treated as in plug flow. The experimental evi- 
dence so far published does little to clarify the picture 
and more experimentation is required. 


EFFECT OF SYSTEM PRESSURE 


There has been little published on the influence of 


system pressure on the basic processes of fluidised-bed 
combustion. Recently Turnbull et al (1984) reported the 
measurement of burn-out times for small coke and char 
particies (0.15 to 1.7mm diameter) in an air-fluidised 
bed of sand at pressures up to 17 bar absolute and at bed 


Chem Eng Res Des, Vol. 63, January 1985 





Burn-out time (s) 














4 1 A 1 


2 * 6 0 
Mass of carbon|Pressure (g/bar abs.) 








Figure 24 Burn-out time for 1.0-1.4mm coke: (a) predictions of 
Turnbull et al (1984), (6) predictions of La Nauze (1984). Bed 
temperature 1123 K and fluidising velocity 0.3 m/s. Data points fron 
Turnbull et al (1984) 1.1 bar, A 2 bar, @ 7 bar, & 12 bar. x 17 
bar 


temperatures of 1023 and 1173 K. The authors showed 
that the effect of pressure is to reduce the burn-out time 
of the particles, Figure 24a, that is, the combustion rate 
is increased. They attribute the increased rate to the 
higher oxygen partial pressure accelerating the chemical 
reactions, thereby reducing the (small) influence of 
chemical rate control on the overall rate. It was claimed 
that pressure had virtually no influence on the rate of 
diffusion of oxygen because the higher oxygen partial 
pressure was offset by a proportional !owering of the 
oxygen diffusion coefficient. This conclusion arises from 
the assumption made by Turnbull et al (1984) that Ng, 
was constant during burn-off and independent of 
pressure. 

La Nauze (1985a) re-examined this data and com- 
pared it with a theory for mass transfer (La Nauze et al, 
1984), equations (20) and (21), which predicts that Ng 
should vary both with diameter and system pressure 
The theory indicated that the major effect of increased 
system pressure is to increase the maximum possible 
combustion rate (that is, the mass controlled rate) 
thereby providing reduced burn-out times for the par- 
ticles. The chemical rate contribution to the burn-out 
time is also reduced in line with the observations of 
Turnbull et al (1984). The overall result of these two 
influences is shown in Figure 24b for the lower tem- 
perature experiments, i.e 
chemical effects 

Considerably more research is required on the com- 
bustion of carbons in pressurised fluidised-beds in order 
to understand the interaction of system pressure on the 
fluid dynamics as well as combustion behaviour 


those most influenced by 


COMBUSTION OF VOLATILE MATTER 
Experimental Studies 
The manner by which coal decomposes to produce 
char and volatile matter, the mechanism of volatiles 
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evolution and the combustion of the volatile matter are 
incompletely understood because of the wide variation 
in yield and composition that is found with coal type, 
temperature and heating rate (Howard, 1981). However, 
the combustion of the volatile fraction normally con- 
tributes a significant proportion to the total amount of 
heat released. Thus, though the time-scale for de- 
volatilisation is small compared with that for the com- 
bustion of the residua! char, the distribution of volatile 
matter throughout the system affects the combustion 
performance and pattern of heat release. In addition the 
manner in which the volatiles are released affects the size 
and density of the char and hence the char burn-out 
time. 

The overall rate of volatiles combustion will be deter- 
mined by the rate of volatiles evolution and the rate of 
their subsequent combustion. For crushed coal 
(d > 0.5 mm), volatiles evolution is more likely to be the 
rate-controlling step (Essenhigh, 1981). 

Though there is considerable information available on 
the devolatilisation (e.g. Howard, 1981), relatively few of 
the studies employ coal sizes and temperatures appropri- 
ate to fluidised-bed combustors. These conditions were 
satisfied in the work of Morris and Keairns (1979) who 
studied the devolatilisation of a sub-bituminous and two 
bituminous coals in a pressurised reactor. Closely-sized 
coal samples from 0.46 to 3.68 mm were fed to a bed of 
—1.4+ 1.0mm char operated at 10 bar pressure and 
fluidised by nitrogen. The devolatilisation times for 
Indiana high-volatile coal at 1145 K varied from 4.5 to 
17s over the size range. 

Jung (1980) and Jung and Stanmore (1980) examined 
the release of volatiles from wet brown coal particles for 
two ranges of particle size, —6.4 +5.6mm and —8.4 
+6.4mm in 0.36mm diameter sand fluidised by nitro- 
gen or air. The data of Jung (1980), Figure 25, show that 
devolatilisation times are shorter when the volatiles 
burn, owing to a consequential increase in the coal 
particle temperature. 

The combustion of the volatile matter evolving from 
high-ash coals was studied by Atimtay (1980). The bed 
material was coal ash (mean size 0.55mm), bed tem- 
perature was 1173K. fluidising velocity was 0.38 to 
0.58 ms~‘ and the coal particles were between 1.5 and 
3.0mm in batches of | to 7g. Combustion of the 


0-6 


volatiles flame lasted between 3 to 12 s. The burning coal 
particles appeared to ‘float’ on the bed surface while the 
volatiles burned. Apparent particle buoyancy has also 
been observed for small batches of Montana lignite 
(Andrei et al, 1979) and for other coals by Pillai (1981). 

Yates and Walker (1978) reported volatiles com- 
bustion lasting for up to 45s for 9.6mm composite 
anthracite particles over a range of bed temperatures 
from 1033 to 1233K. During this time the particles 
appeared to heat up slowly and to remain in most cases 
at or near the bed surface. Yates et al (1980) used X-ray 
techniques to observe devolatilisation of a 20 mm bitu- 
minous coal particle suspended in a bed of 0.2 mm sand 
at 1123 K and 0.24ms“' fiuidising velocity of air. The 
X-ray photographs showed that the volatiles released 
from the coal formed a stream of volatile-rich bubbles. 

Pillai (1981) described the combustion of volatile 
matter from 12 coals burned in the range 963 to 1303 K. 
The bed, consisting of a 50 mm layer of inert refractory, 
was heated by pre-mixed propane. Small batch weights 
of the fuels (0.15 to 8 mm in size) were added to the bed 
and volatiles combustion and char burn-out were ob- 
served. Devolatilisation lasted up to 40s and the times 
were dependent on coal type, temperature and particle 
size. 


Volatiles Evolution 

Models describing the devolatilisation of fine particles 
(Anthony et al, 1975; Suuberg et al, 1978) have been 
applied to larger coal sizes in the fluidized-bed com- 
bustion models of Borghi et al (1977), Baron et al (1977), 
Bywater (1980) and Wells and Krishnan (1980). The 
devolatilisation models assume that the rate of volatiles 
evolution is determined by the rate of coal decom- 
position. The reactions are assumed to be first order and 
to have a Gaussian distribution of activation energies. 
Borghi et al (1977) used this approach to predict the 
devolatilisation histories for particles up to 3 mm in 8% 
oxygen at 1023 and 1323K. The time for volatiles 
evolution reduced from 15 to 6s when the temperature 
was increased. 

Predictions based on decomposition kinetics suggest 
that the devolatilisation rate is independent of particle 
size. For particles larger than 0.3mm, studies of the 
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Figure 25 Proximate volatiles content of brown coal particles as a function of time (from Jung and Stanmore, 1980). l 
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volatiles combustion from single particles in non- 
fluidised systems (Essenhigh and Thring, 1958; Ivanova 
and Babii, 1966) indicate that the time of volatiles 
burn-out is proportional to the square of particle 
diameter. La Nauze (1982) pointed out that the data for 
the devolatilisation time in fluidised systems in the 
absence of combustion (Morris and Keairns, 1979; Jung 
and Stanmore, 1980) are also proportional to the 
diameter squared. 

The square relationship indicates that it is likely that 
some factor other than decomposition kinetics deter- 
mines the rate of volatiles evolution from the particles of 
the size range used in fluidised-bed combustors. The 
decomposition models, however, will still be required to 
provide an estimate of the product yields. 

The combustion of the volatiles around the de- 
volatilising particle complicates any analysis, but in the 
absence of combustion, the rate controlling mechanisms 
which might give rise to devolatilisation times propor- 
tional to the square of the particle size are internal mass 
or heat transfer and external heat transfer. On the basis 
of heat transfer coefficients and thermal diffusivity data, 
La Nauze (1982) eliminated the rate of heat transfer to 
and through the particle as controlling the de- 
volatilisation rate. This argument is supported by Essen- 
high (1981) who found that the characteristic heating 
time of particles was significantly less than that for 
volatiles release. 

A dependence of evolution time on the square of the 
particle diameter would occur if the volatiles evolution 
is controlled by their rate of escape from the particle 
(Essenhigh, 1963, 1981; Howard and Essenhigh, 1967; 
La Nauze, 1982). Following the analysis of Yagi and 
Kunii (1955), these approaches, which differ only in their 
treatment of the diffusion process, lead to expressions 
for the devolatilisation time, ¢,, which are proportional 
to the diameter squared and to an equation for the 
fractional yield of volatiles, v, with time given by: 


- 31 —vy? + 21 —v) (52) 


The volatiles yield with time, equation (52), was shown 
(La Nauze, 1982) to be consistent with the data of Jung 
(1980). 

Sumaryono (1983) and Das (1983), in studies of the 
devolatilisation of black coal and brown coal re- 
spectively, suggest that internal heat transfer controls the 
rate of volatiles evolution. Both authors support their 
contention by comparing the temperature profile within 
the burning particle with non-steady state heat transfer 
theory. 

Agarwal et al (1984a, b, c) have studied the drying and 
devolatilisation of wet Mississippi lignite. A model was 
developed from unsteady state heat transfer through the 
coai particle using a convective boundary condition. The 
kinetic expressions of Anthony et al (1975) were used in 
combination with the predicted temperature profiles to 
give the devolatilisation at given time. Parametric evalu- 
ation showed that chemical kinetics controlled the rate 
of devolatilisation for small particles (<0.3 mm) and 
that internal heat transfer controlled the rate for larger 
particles. 

General models for the yield and composition of the 
volatiles have been summarised (Howard, 1981). Sum- 
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aryono (1983) reported yield and composition data for 
Australian black coals. An empirical correlation for the 
yield of volatile matter for large particles (Gregory and 
Littlejohn, 1965) combined with product distribution 
data (Loison and Chauvin, 1964) were used by Rajan 
and Wen (1980) to predict product yields in a 
fluidised-bed combustor. Wells and Krishnan (1980) 
used the pyrolysis models developed by Suuberg et al 
(1978). Both these approaches assume rapid combustion 
of the voiatile matter to CO subsequent to de- 
volatilisation. 


Volatiles Combustion 


So far the discussion has concentrated on the rate of 
volatiles evolution in the absence of combustion, since 
for large particles it is thought that this step is likely to 
have the greatest influence on the devolatilisation time 
(Essenhigh, 1981). Observations that devolatilisation 
times are not noticeably influenced by the presence of the 
volatile flame (Andrei et al, 1979) or the oxygen concen- 
tration (Jung and Stanmore, 1980; Pillai, 1981) support 
this contention. Nonetheless the combustion process has 
an effect on the devolatilisation times as observed by 
Jung and Stanmore (1980). 

Devolatilisation times have been determined in 
fluidised and relevant non-fluidised systems (Essenhigh 
and Thring, 1958; Ivanova and Babii, 1966; Ragland and 
Weiss, 1979; Atimtay, 1980; Jung and Stanmore, 1980; 
Pillai, 1981). Pillai (1981) measured devolatilisation 
times from the establishment of a flame to its extinction 
for 12 carbonaceous fuels. The devolatilisation times, 1,, 
thus defined were shown to be given by 


t,=ad, (53) 


where AN is the exponent of the dependence of com- 
bustion time on initial particle diameter and varies with 
fluidised-bed temperature, 7,, and coal type. Pillai 
(1981) found N to vary from 0.32 to 1.76 for 
1048 K < 7,< 1283 K. These values fall below the 
theoretical value for volatiles evolution of 2 for heat or 
mass transfer controlled evolution as described pre- 
viously. The constant, a, was found to be inversely 
proportional to 7;,° and varied from 0.85 to 22.5 

It is apparent that we require a greater understanding 
of the mechanisms of coal devolatilisation and volatiles 
combustion from particles of sizes used in fluidised-bed 
combustors. The data presently available have not fully 
taken into account such important factors as particle 
swelling (Essenhigh, 1963), the bed particle size or the 
influence of water in the fluidising gas which may 
significantly alter the volatiles combustion rate (Howard 
et al, 1973). It is clear, however, that the time-scale for 
the release of the volatiles from these sizes of particles 
is likely to be of the same order as their mixing within 
the bed. Therefore the assumption of instantaneous 
release often used in models is likely to be incorrect 


Volatiles Combustion in System Models 


In system models it is necessary to combine the 
information on devolatilisation and combustion with 
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models describing the physical dynamics of the bed. The 
following are typical assumptions made: 


(i) Devolatilisation of the coal particles occurs instan- 
taneously at the feed entry point. Combustion occurs at 
a boundary between the volatiles and the oxygen-rich 
gas and the rate of combustion follows diffusion flame 
kinetics. This formulation is called the plume model 
(Park et al, 1979, 1980, 1981). 

(ii) A proportion of the volatiles is released at the feed 
point and the remaining fraction is released uniformly 
throughout the bed (Rajan and Wen, 1980). 

(iii) Volatiles are evolved uniformly throughout the 
bed (Baron et al, 1977; Borghi et al, 1977). 


The rate of mixing of solids is dependent on the 
position of the feed point, the fluidising velocity, bed 
depth, vessel geometry and the position of bed internals. 
Thus detailed specific information is required to model 
the influence of the volatiles combustion on the unit 
performance. In most instances mixing and de- 
volatilisation are likely to occur on the same time scale 
and must be considered together with gas-phase trans- 
port and combustion processes. 

Park et al (1979) suggested that for large-scale plants 
operating at high velocities and large-bed particle sizes, 
the flow of gas passing through the bed may be approxi- 
mated by plug flow. The external diffusion flame or 
plume model for volatiles combustion (Park et al, 1979, 


1980, 1981) assumes that there is rapid evolution of 


sufficient volatiles at the feed point at the base of the bed 
to form a plume of combustible gas which, while passing 
through the bed, undergoes diffusion-controlled com- 
bustion at the interface between the volatiles and the 
surrounding oxygen. Values for the gaseous dispersion 
coefficients have been estimated (Jovanovic et al, 1980; 
Stubington and Davidson, 1981) and the diffusion equa- 
tions, when coupled with appropriate stoichiometric 
assumptions, can be solved to provide the gas profiles 
throughout the bed. Bywater (1980) included the solids 
dispersion in such a formulation. For the situation where 
devolatilisation of each particle is completed within the 
diffusion flame, gas concentration profiles may be pre- 
dicted (Bywater, 1980). Corresponding flame structures 
are illustrated in Figure 26a when volatiles are burned 
entirely within the bed, and in Figure 26b when the 
volatiles plume breaks through the bed surface. The 
plume model assumes char combustion only takes place 
outside the region of the flame. These phenomena have 
been amplified by Stubington (1980). 

Observations of fluidised-bed combustors, both bench 
and large-scale, provide ample evidence that the volatiles 
from coal particles can also burn as a discrete diffusion 
flame around individual particles. Bywater (1980) de- 
scribes this mode as a series of ‘embedded’ diffusion 


flames. The influence on the combustion behaviour of 


the inert particles around the burning particle in these 
circumstances is largely unknown. 

It is possible, depending on the coal and system 
conditions, to operate with a zone of single particle 
diffusion flames in conjunction with an external diffusion 
flame [similar to assumption (ii) above, Figure 26c] or 
with near uniform volatiles release [assumption (iii) 
above, Figure 26d]. At the present stage of development, 
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Figure 26 Volatile-flame structures from a single coal feed point at the 
base of a fiuidised-bed combustor (adapted from Bywater, 1980 by La 
Nauze, 1984a): (a) external gaseous flame totally within the bed, (b) 
external gaseous flame with above-bed burning, (c) external and 
embedded flame structure with above-bed burning, (d) small external 
flame and uniform distribution of embedded flame 


neither the evolution of the volatiles nor the motion of 
the solids is known with sufficient accuracy to enable 
prediction of the mode of volatiles combustion from 
basic principles. 


FLUIDISED-BED COMBUSTION SYSTEM 
MODELS 

In order to predict the combustion performance of a 
fluidised-bed system, it is necessary to combine char and 
volatiles combustion models with overall system mass 
and heat balance expressions to account for the various 
input and output streams. In particular, it is necessary 
to allow for the diminishing size of burning particles 
caused by attrition as well as combustion. The basic 
assumptions for a large number of system models are 
given in Table 4 which is expanded from a summary 
presented by Park et al (1981). The key for Table 4 is 
given in Table 5. 

In general the models meet with limited success in 
their ability to predict combustion performance, carbon 
loading or gas concentration and temperature profiles. 
The accuracy with which some critical parameters 
are known or can be estimated is not great, which 
allows reasonable variation in predictions by adjusting 
parameters such as the cross-flow factor, bubble size or 
chemical rate. 

A major consideration in each of the models given in 
Table 4 is the description adopted for the bed. Yagi and 
Kuni (1955) for example, devised a model for the 
continuous combustion of carbon particles but they did 
not consider the presence of the bubble phase. More 
commonly the two-phase theory (Davidson and Har- 
rison, 1963) is used to provide a means of allowing for 
the presence of the bubbles. For a violently bubbling bed 
the two-phase development is an obvious over- 
simplification. However, it provides a useful starting 
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COAL COMBUSTION 


IN FLUIDISED BEDS 


Table 4. Fluidised-bed combustion models (see Table 5 for a description) 


References A 
Yagi & Kunii (1955) 
Wen & Wang (1970) 
Avedesian & Davidson (1973) 
Becker et al (1975) 
Campbell & Davidson (1975) 
Gibbs (1975) 
Gordon & Amundson (1976) 
Baron et al (1977) ) 
Borghi et al (1977) 
Chen & Saxena (1977) 
Horio et al (1977) 
Baron et al (1978) 
Chen & Saxena (1978) 
Gordon et al (1978) 
Horio & Wen (1978) 
Rajan et al (1978) 
Donsi et ai (1979) 
Fan et al (1979) 
Park et al (1979, 1980, 1981) 
Bywater (1980) 
Rajan & Wen (1980) 
Saxena & Rehmat (1980) 
Wells & Krishnan (1980) \ 
Wells et al (1980) J 
Bukur & Amundson (1981) 
Chakraborty & Howard (1981a) 
Congalidis & Georgakis (1981) 
Ross & Davidson (1982) 


IV 


point for modelling the system since it enables an 
analytical solution for the equations describing batch 
and continuously-fed experiments. 

The simple two-phase model relies on two important 
assumptions: (i) that the bubbles rise with a through- 
flow of recirculating gas (clouded or fast bubbles), and 
(ii) the system may be accurately described by a mean 
bubble size. The former assumption, which is applicable 
to small-scale low-velocity rigs, has been questioned for 
large-scale operation (Park et al, 1979) for which, as 
described earlier, the authors argue cloudless bubbles are 
appropriate. If the assumption that the bubbles are 
cloudless is adopted, then for deep beds this obviates 
the necessity to incorporate the transfer of gas between 
the bubble and emulsion phases: a_ significant 
simplification. Such an assumption would also appear 
to be applicable to shallow beds (Chakraborty and 
Howard, 1981a). 

However, even for cloudless bubbles there is a finite 
cross-flow rate between the bubble and particulate phase 
which may be important if the bed is shallow. The 
cross-flow factor, X, may be estimated from theory 
(Davidson and Harrison, 1963; Davidson et al, 1977), 
though the accuracy of such a prediction is questionable 
and there has been no serious evaluation of the 
theory at the conditions, such as temperature, used in 
combustors. 

Bubble size enters the two-phase, clouded-bubble 
models in the prediction of the cross-flow factor, Y. 
Since bubbles coalesce as they pass through the bed an 
allowance must be made for their growth. Expressions 
for bubble growth have been reviewed by Darton et al 
(1977). Darton (1979) shows how these may be used to 
estimate the cross-flow factor. In fluidised-bed com- 
bustion models a number of workers allow for bubble 
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growth by dividing the bed into compartments, the 
bubble size remaining constant in each compartment 
(e.g. Horio and Wen, 1978; Rajan et al, 1978). In all 
cases there has been little attempt to verify bubble 
growth relationships for the temperatures and pressures 
used in combustion applications. 

The application of the two-phase theory 
fluidised-bed combustors as proposed by Avedesian and 
Davidson (1973) assumes that the gas is perfectly mixed 
in the particulate phase and plug flow in the bubble 
phase. As previously described, Donsi et al (1979) 
present the equivalent result for the assumption of plug 
flow in both phases and suggest that the plug flow 
assumption is a more reasonable one. It is possible that 
this may arise because the U,,, values for large particles 
are greater than the particle circulation velocities, mak- 
ing plug flow in the particulate phase the more realistic 
assumption. This finding supports the arguments 
presented by Park et al (1979, 1980, 1981), suggesting 
that in commercial size units the total incoming gas rises 
in plug flow. More detailed experimentation to enable 
confirmation of an appropriate flow 
required. 

Potter (1971) and Horio and Wen (1977) review gas 
mixing in relation to chemical reactor models. Back- 
mixing occurs in regions of gross downward movement 
of the particulate phase (Whitehead et al, 1976). Sitnai 
(1981) illustrates the differences in concentration profiles 
based on simulation of co- and counter-current 
reactors. Both profiles have been found to occur in 
technical-scaie combustion equipment (Gibbs and Beer, 
1973; Fryer and Potter, 1973) 

For laboratory-scale units it is reasonable to assume 
that the solids are well mixed. Daia describing the solids 
mixing in large units have been reported (Whitehead et 
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Table 5. Description of the models listed in Table 4 


A. Model for Fluidised Bed 
Two phase bubbling bed model, clouded bubbles: bubble 
phase and emulsion phase. 
Three phase bubbling bed model; bubble, cloud and 
emulsion phases 
Compartments in series model: two phases in each com- 
partment 
Two phase bubbling bed model, cloudless bubbles: no 
distinction made between the bubble phase and the emul- 
sion phase 


Gas Flow Pattern in the Bed 

a Plug flow in the bubble phase, mixed flow in the emulsion 
phase. 

b Mixed flow ir: both phases 

C Plug flow in both phases. Gas exchange between two 
phases 1s finite 
Plug flow through the bed. No distinction between phases. 


Movement of Solids in the Bed 

I Well mixed 

II Well mixed in a number of compartments. 

II] Dispersion of solid is finite. Dispersion coefficient is used 
for mass balance 


Devolatilisation of Feed Coal 

a Instantaneous devolatilisation. Volatiles evolve uniformly 
across the plane representing coal feed point 
Devolatilisation is slower than mixing of the feed coal 
Volatiles evolve uniformly throughout the bed 
Not considered 
Devolatilisation is instantaneous at the feed point. 
Devolatilisation is apportionated between (b) and (d) 
Devolatilisation occurs as solids diffuse. Volatiles undergo 
diffusion controlled combustion. 


Kinetics of Solid Coal Combustion 

I Film diffusion controlling. 

II Both film diffusion and surface ieaction influence the rate, 
but homogeneous oxidation of CO to CO, is assumed to 
be very fast 

IT] Rate of CO oxidation is comparable to that of other 
reactions 

IV Includes ash layer diffusion 


Is Elutriation Considered? 

a Char burns to elutriable size 
b Attrition allowed for 

c Not considered. 


Is Freeboard Combustion Considered? 


al, 1976) though little has so far been reported on the 
influence of the motion of the solids during combustion 
despite its importance to devolatilisation. Dispersion 
models have been proposed (Highley and Merrick, 1971) 
based on cold mode! tracer studies, while Sitnai (1981) 
reported that the solids circulation rate in a 1.2 x 1.2m 
fluidised bed with a horizontal tube bank was about ten 
times lower than that in the empty bed. Proper account- 
ing of these effects has not yet been made in fluidised-bed 
combustor models. 

The most significant loss in combustion efficiency 
derives from the loss of unburnt carbon elutriated with 
the flue gases. This loss is dependent on that fraction of 
the carbon in the bed which is of elutriable size. For a 
coal combustor the sources of elutriable carbon are: (i) 
undersize material in the feed, (ii) char reduced in size by 
combustion, (iii) small char particles produced by attri- 
tion, and (iv) thermal fragmentation. Recent studies on 


attrition and elutriation have been undertaken by Beér 
et al (1980), Vaux and Keairns (1980), Lin et al (1980), 
Chen et al (1980), Donsi et al (1981) and Cammarota et 
al (1981). As discussed in the section on Attrition 
Induced Changes, these illustrate the important con- 
tribution to the carbon loss made by attrition of the 
carbon. To date, the rate of elutriation of fine particles 
has been generally determined from empirical models 
developed on ‘cold’ systems. 

Unburned volatiles, carbon monoxide and char can 
burn in the free-board space above the bed. The extent 
of combustion above the bed depends on the operating 
conditions, the design of the free-board region, coal 
properties, size and loading. Free-board areas designed 
with insufficient cooling lead to high flue gas tem- 
peratures, and as a consequence may give rise to ash 
fouling. On the other hand those with excessive cooling 
may guench combustion, giving rise to high unburnt 
carbon losses. Despite its obvious significance little 
practica! information is available on the influence of 
these variables on free-board combustion rates. Several 
models (Rajan and Wen, 1986; Wen and Chen, 1980; 
Tung et al, 1980) have been proposed recently. The 
critical features of these models are the prediction of the 
initial entrainment rate of carbon particles and their 
residence time in the free-board. Both of these par- 
ameters require further refinement before they can be 
usefully applied to universal models. 


CONCLUSIONS AND RECOMMENDATIONS 

Since the pioneering studies of Yagi and Kunii (1955) 
and Avedesian and Davidson (1973), progress towards 
achieving a comprehensive understanding of the basic 
processes taking place during combustion in a fluidised 
bed has been slow. This is not in any way to be 
considered as belittling the efforts made, but is a 
reflection of the many interacting factors which must be 
taken into account in a complete model. Thus the major 
conclusion reached by this review is the need for further 
carefully controlled experiments to quantify basic com- 
bustion mechanisms, the development of a theory to 
explain the results and, most importantly, incorporation 
of the theory in system models and their subsequent 
confirmation on large-scale plant. 

It is recommended that: 


(i) Experiments should be performed with chars, cokes 
and coals of known chemical reactivity. The use of 
generalised chemical rate equations can be misleading. 

(ii) Experiments should provide time resolved data 
such as the change in mass, diameter or combustion rate 
with time. Burn-out time determinations over-simplify 
the processes taking place and should be avoided. 

(iii) Many models rely on the two-phase theory to 
predict the gas exchange rates between the bubbles and 
particulate phase. Little effort has been expended in 
testing the theory, other than by comparison between 
theoretical prediction of the gas exchange factor with 
that derived from curve fitting burn-out time experi- 
ments. More thorough evaluation is required. 

(iv) While experimentation has shown that the mass 
transfer coefficient for oxygen transfer within the partic- 
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ulate phase varies significantly with carbon diameter, 
more precise theoretical evaluation is required. 

(v) Few measurements of heat transfer rates from 
burning particles have been made. The interaction be- 
tween heat, mass, gas and solid-phase chemical kinetics 
requires further research. Prediction of particle tem- 
perature relies on evaluating the relative position of the 
CO/CO, oxidation boundary and determination of the 
effective properties of the surrounding medium. Little 
precise information is available. 

(vi) The interaction between combustion and attrition 
has important consequences for systems models, yet 
despite an excellent start to this area of research, much 
more detailed evaluation is required. 

(vii) Devolatilisation phenomena and consequent 
changes in coal structure have been researched at no 
more than superficial level. Such studies would be a 
beneficial addition to our understanding. 

(viii) The great preponderance of measurements have 
been with single particle or batch addition of carbon. 
Experimentation with a continuous feed would provide 
useful additional information on size distribution and 
particle/particle interactions. 


SYMBOLS USED 


bed cross-sectional] area 

total surface area of carbon particle: 
pore surface area per unit mass 
constant, equation (53) 

constant, equation (12) 
(l U.y)/l 

C,/¢ 

inlet oxygen concentration 

outlet oxygen concentration 

particulate phase oxygen concentration 

surface oxygen concentration 

specific heat 

constants, equations (46) and (51) 

diffusivity in particulate phase 

bubble diameter 

diffusivity in porous solid 

diffusivity in ash layer 

diffusivity in nitrogen 

pore diffusivity 

carbon particle diameter 

initial value of d 

bed particle diameter 

apparent activation energy 

total elutriation rate of carbon 

carbon elutriation rates as defined preceding equation (42) 
mass transfer rate of oxygen per external surface area 
frequency of surface renewal 

frequency of gas phase renewal 

fraction of time probe is in contact with bubbles 
frequency of packet renewal 

gravitational acceleration 

bed height when operating at | 

bed height when operating at U,, 

convective heat transfer coefficient 

overall heat transfer coefficient 

dimensionless average velocity gradient at particle surface 
constant, equation (40) 

constant, equation (41) 

combined mass transfer and reaction rate constant 
interchange coefficient between bubble and particulate 
phase 

reaction rate constant for particulate phase 

kH,,,/l 

attrition rate constant, equation (42) 

attrition rate constant, equation (43) 
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si ™ HJ 
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r 


se 9S . 
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a a a a a a a ad 


¥ 


LS 


ps = 2 Zz > 


rate constant for CO oxidation 

effective conductivity 

gas conductivity 

intrinsic reaction rate constant, equation (37) 
particulate phase conductivity 

frequency factor, equation (11) 

q DAK C.) k 

weight of carbon charged in batch experiments 
carbon loading 

mass of carbon particle 

initial value of m 

exponent of d), equation (53) 

Archimedes number [gd p(p 

Nusselt number [hd/k,] 

Nusselt number [/,d,/k,] 

Reynolds number [dUp /y)} 

effective Reynolds number, equation (15) 
Reynolds number [dU_.p /u] 

Schmidt number (y/pD,) 

Sherwood number (R_d/D.) 

apparent reaction order 

number of bed particles within CO/CO, reaction zone 
cross-flow between bubble and particulate phase 
heat of reaction 

universal gas constant 

apparent chemical rate coefficient, equation (1) 
intrinsic reaction rate coefficient equation (3) 
mass transfer coefficient for oxyget 

radius 

surface area per unit volume of particle 
CO/CO, reaction zone radius 

bed temperature 

carbon particle temperature 

time 

burn-out time for carbon 

devolatilisation time 

superficial gas velocity 

particulate phase gas velocity, equation (14) 
minimum fluidising velocity 

burn-off [(m, — m)/mp] 

bubble rise velocity 

bubble volume 

fractional yield of volatiles 

combustion rate based on external 

mass transfer of oxygen controls the ri 
combustion rate based on external surface area 
cross-flow factor between bubble and particulate phase 
b exp(—YX) 

ratio volume of ash layer to volum« 

constant, equation (36) 

constant, equation (36) 

characteristic size of particle, equation (8) 
effective thermal diffusivity 

gravimetric stoichiometric constant 

(7 T,) 

gas film thickness 

bed voidage 

voidage in proximity of carbon particle 
value of « at l 

porosity of carbon 

emissivity 

effectiveness factor 

correction for velocity fluctuations, equation (15) 
reaction order, equation (11 
gas VISCOSILY 

correction factor, equation (25) 
gas density 

apparent carbon density 
initial value of p, 

bed particle density 
Stefan—Boltzman constant 
tortuosity of pores 

i[l (l Une) exp (— X)] 
Thiele modulus 

WW 

water content of char (dry-ash-free) 


water content of original feed coal (dry-ash-free) 
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INFLUENCE OF CRYSTAL BREAKAGE ON KINETICS 
OF SODIUM CHLORIDE CRYSTALLISATION 


By P. A. M. GROOTSCHOLTEN, A. SCRUTTON (MEMBER) and E. J. DE JONG 
Delft University of Technology, The Netherlands and ICI pic, Runcorn, Cheshire 


Crystal breakage phenomena have been studied in 7, 55, and 91 litre vessels of the impeller-draft tube agitation design. Batch 
experiments with the sodium chloride—ethanol system confirm earlier studies, and indicate that severe crystal degradation occurs 
as the clearatice between the impeller tip and draft tube approaches the size of the largest crystals. With this system breakage 
results in the production of only very irregularly shaped fragments, no small cubic crystals are observed. Crystal birth and 
death rates have been measured independently in the larger vessels, initially operated as MSMPR evaporative crystallisers 
to produce required crystal size distributions for study. Computer model simulations suggest that the main mechanism through 
which crystallisation kinetics are affected by fragmentation, is not by what is usually referred to as secondary nucleation, but 
by death of large crystals and subsequent birth of particles directly into the lower size range. The fragmentation effect decreases 


with increasing scale of operation. 


INTRODUCTION 


Mixed suspension and mixed product removal 
(MSMPR) crystallisers are nowadays extensively used in 
laboratory and pilot plant studies in order to derive 
design-oriented crystallisation kinetics as well as more 
fundamental kinetic data. Most studies are un- 
fortunately based upon assumptions that population 
functions such as size dependent secondary nucleation, 
attrition, breakage, agglomeration and classification are 
not operative. In this case the population balance is 
reduced to the form. 


d(nG ) 
—— +- (1) 


The solution of equation (1) results in a linear popu- 
lation density plot for size independent crystal growth, 
and for size dependent growth a curved population 
density plot is obtained. In order to simplify the the- 
oretical population density analysis, many experimental 
configurations have been built with features aimed at 
meeting the assumptions upon which equation (1) is 
based. This meant not only achieving steady state at 
MSMPR crystalliser conditions but suppressing or ig- 
noring important population functions such as size- 
dependent nucleation, attrition, breakage, agglomer- 
ation and classification. These latter conditions are not 
usually met in large scale commercial crystallisers, where 
at least some deviations from the MSMPR conditions 
take place and where most population functions are 
operative, at least to some extent. In what follows, 
crystal breakage phenomena will be discussed since these 
enhance deviations from the conditions upon which 
equation (1) is based. 

In a previous paper’ it has been shown that the 
impeller—draft tube clearance may have a dominant 
influence on crystal habit and median size of crystals 
produced in a laboratory scale MSMPR crystalliser. 
With decreasing clearances the kinetics of sodium chlor- 
ide crystallisation are increasingly dominated by crystal 
fragmentation as the clearance approaches the size of the 
largest crystals present in the crystalliser. It was found 


that in the studied MSMPR crystallisers fragmentation 
mainly occurred due to crushing of crystals between 
impeller tip and draft tube wall. 

The objective of this study is to obtain further insight 
into the role of breakage phenomena in crystallisers. The 
experimenal work reported in this paper was devoied to 
measuring the production rate of breakage fragments as 
well as their size distribution in a 7 litre salt mill as 
function of the size of the impeller-draft tube clearance. 
Moreover. it has been attempted to independently deter- 
mine birth and death rates in a 55 and 91 litre MSMPR 
crystalliser (operated as a salt mill after attaining a 
steady state) for different clearances. Their influence on 
the final crystal size distribution has been assessed by 
numerically solving the populaton balance adapted to a 
MSMPR system complemented with the experimentally 
determined birth and death functions. 


EQUIPMENT AND EXPERIMENTAL 
TECHNIQUES 
The Salt Mill 

To obtain more insight into the occurring fragmen- 
tation process, crystals of various sizes have been circu- 
lated in a 7 litre draft tube impeller agitated vessel having 
a draft tube of 105mm ID. A schematic diagram of the 
vessel and its dimensions are given in Figure 1. Wall and 
draft tube were both made of glass. The profiled bottom 
consisted of polished brass. Within the draft tube, baffles 
(length = 340 mm, width = 20 mm) were used to reduce 
vortexing. 

The vessel has been operated as a batch salt mill using 
two brass pitched blade impellers with diameters of 101 
and 103mm giving radical clearance of 2 and | mm 
respectively. For both impellers the pump discharge 
coefficient k,, as defined by kp = Q N~'d~*, was found 
to be 0.37. To eliminate growth and dissolution effects 
the crystals were suspended in 100°, ethanol. After each 
experiment the whole vessel content was drained, the 
ethanol removed by filtering and the crystals washed 
with diethylether and dried under an infrared lamp. Size 
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distributions were obtained from sieve analysis data, 
over the sieve aperture range >52um to <810 yum. 


The 55 and 9! litre Crystallisers 


These crystallisers are essentially one vessel, the 9! 
litre being a heightened version of the 55 litre. Details of 
the design and operation has been given by 
Grootscholten’. 

After a standard crystallisation run, which lasted for 
at least ten crystal residence times, a sample was taken 
from the product stream. Then the stream supply to the 
heat exchanger, and feed and product streams were shut 
off. The crystal suspension was circulated for 25 min 
after which period a second sample was taken from the 
crystalliser. Comparisons between both samples pro- 
vided information concerning the degradation rate of the 
size distribution. 


Determination of Birth and Death Rates in MSMPR 
Crystallisers 

In the particle phase space, crystal fracture represents 

discontinuous particle trajectories from the large to the 

small size ranges. Crystal fracture phenomena are for- 

mally represented in the population balance by birth and 

death functions B(L) and D(L). The MSMPR popu- 
lation balance equation (1) extends to: 

S09) .* per) B(L) =0 (2) 

dL T : ms - 


The death function D(L), describing the probability of 
fracture at a given size, will be a complex function of the 
crystalliser environment, population density and crystal 
size. The birth term B(L) comprises a probability func- 
tion describing the relative occurrence of sizes of the 
fragments formed by breakage of larger crystals. B(L) 
is fundamentally related to D(L), since a death event at 
a given size represents at least two birth events at smaller 
sizes. It has been shown by several workers**® that 
formulation of consistent birth and death functions is a 
very complicated matter. Two-body birth and death 
functions have been formulated by Randolph’ assuming 
that fracture results in birth of two particles of equal 
size. The solutions of the resulting integro-differential 
equation showed a narrowing of the crysta! size distribu- 
tion as well as a reduction in median size. Randolph also 
inferred that the net effect of abrasion (i.e. formation of 
small fragments with the size of the parent crystals 
remaining consiant) would be a higher (apparent) nucle- 
ation rate, whereas no major change in the shape of the 
population density distribution occurred. 

Fitzgerald* extended this work and modelled breakage 
on the basis of the more realistic assumption that volume 
(or mass) rather than size is conserved upon breaking 
and that all crystals have the same probability of break- 
ing. It was shown that, when new particles are formed 
by breakage alone (i.e. no nucleation), the crystal size 
distribution may deviate considerably from the straight 
line semilog MSMPR population density plot. 

Work of Fasoli and Conti> on attrition and crys- 
tallisation suggests that size diminution is caused by 
abrasion rather than breakage. 
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To evaluate the effects of abrasion on the crystal size 
distribution Jazuszek and Kawecki® offered a different 
approach which does not rely on birth and death 
functions. An expression for an effective growth rate was 
proposed, incorporating both the effects of crystal 
growth and abrasion. It was assumed that the largest 
fragments produced by abrasion are sufficiently small to 
be counted as nuclei. Resulting population density distri- 
butions were concave downward, exhibiting increased 
curvature for exacerbated abrasion. If we consider the 
spectrum of sizes resulting from fracture of monosized 
crystals (see salt mill experiments), it will be clear that 
simplification of birth and death functions often results 
from mathematical reasons rather than that it is based 
on the results of experimentation. 

To establish the possible influence of death and birth 
phenomena on the effective crystallisation kinetics ob- 
tained in the studied MSMPR crystallisers, it has been 
attempted to independently determine the functions 
B(L) and D(L) as function of the impeller-draft tube 
clearance. Afterwards the differential population bal- 
ance has been integrated, taking the estimated birth and 
death functions into account. 


RESULTS AND DISCUSSION 
The Salt Mill 
To study the effect of size of the clearance on the 
fragmentation rate 150 g cubic habit salt crystals from 
the size range 419 to 498 um have been circulated for 


Figure |. Salt mill 
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Figure 2. Size distribution fragmentation products as function of radial 
clearances (Salt Mill: M = 20kgm~°, N =9rps, batch time = 120s) 


120s at an impeller speed of 9 rps with both impellers. 
Figure 2 shows the resulting size distributions expressed 
in terms of the logarithm of population density n. The 
results of these experiments reconfirm the important role 
of the clearance, a small clearance giving rise to higher 
birth rates in the small size range and to maintain 


internal consistency, a higher degradation rate of the 
larger crystals. The results in Figure 2 further show that 
a spectrum of sizes is obtained with a maximum in 
numbers between 50 and 100 um. 


imm radial clearance 
4 =419-498 um 
nitial in n = 27.83 
o =498-592 Lm 


initial Inn =2711 
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Figure 3. Size distribution fragmentation products as function of size 


parent crystals (Salt Mill: M=20kgm~*, N=9rps, batch 
time = 120s) 


To study the effect of particle size on the fragmen- 
tation process a similar experiment has been performed 
with 150 g 498 to 592 wm crystals at a radial clearance 
of 1.0 mm all other conditions remaining constant. Size 
distributions obtained with the 419 to 498 um and 498 
to 592 um fractions are given in Figure 3. 

Although for the 498 to 592 um fraction the initial 
number of parent crystals was about 40% less, this 
fraction appears to produce a greater number of frag- 
ments, reflecting the role of particle size in the fragmen- 
tation process. Electron microscope photographs of the 
fragments, resulting from the 498 to 592 um fraction (see 
Figure 4) revealed that the produced fragments were all 
very irregularly shaped. Cubic habit particles were not 
found at all. Considering the anomalous shapes, which 
have been produced under non-growing conditions, it 
may be concluded that the clearance is not capable of 
producing cubic habit fines in the absence of super- 
saturation. Since under crystallising conditions the small 
size fractions are populated by particles of different habit 
(from perfect cubes to highly attrited fragments, see 
photograph in Figure 5) it is probably true to say that 
in a small scale sodium chloride crystalliser different 
nucleation mechanisms are simultaneously active, the 
fragmentation process being very susceptible to the size 
of the clearance between impeller tip and draft tube wall. 

The mechanism, through which the experimental crys- 
tal size distribution is affected by the fragmentation 
process will be further discussed in the following section. 


The 55/91 Litre Crystalliser—Salt Mill 
In principle the population balance provides the math- 
ematical tool to interpret the results. For a batch system 
exhibiting size-dependent birth and death the variation 
of the population density with time can be written as: 
on 
= B(L) 


D(L) (3) 
ol 


Derivation of B(L) and D(L) from the observed change 
in population density is in practice less straightforward 
than suggested by the above equation. In general, a 
change in population density is likely to be due to birth 
into and death from the involved particle size interval. 
This refers in particular to the large and intermediate 
size range (L > about 300 um). This implies that, due to 
possible overlap of both functions, real death and birth 
functions cannot be a priori evaluated from the de- 
scribed experiment without assuming one of the two 
functions. 

In the present study this problem has been addressed 
by formulating D(L) and B(L) as excess death and birth 
function respectively. If an increase in population den- 
sity is obtained 6n/dt (actually An/At with At compara- 
tively short) is denoted as excess birth function whereas 
a decreasing population denisty is interpreted as excess 
death. It can be easily shown that the population balance 
equation (3) remains unchanged if expressed in terms of 
these excess functions. It should be noted that a change 
in population density, due to abrasion, is also accounted 
for in the formulated excess death function. Population 
density distributions and derived excess birth and death 
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Figure 4. Electron microscope photographs (Salt Mill: | mm radial clearance, M kgn 9 rps, batch time = 120s) 4A: 498-592 ym 


(40 x ) Parent crystals, 4B: 88-105 wm (200 x ) Fragments 


functions, obtained with the 156.3mm propeller and 
159.0 mm pitched blade impeller have been depicted in 
Figures 6A and B. 

To preserve internal consistency the mass detached 
from the large size range should be conserved in the 
small size range. In mathematical terms: 


L* 


a 


k, p, | B(L) L} dL =k, p, | D(L) L3 dL 


. 


where B(L*)= D(L*)=0. For both experiments the 
difference between both integrals was less than 8°,, 
which within the experimental accuracy indicates conser- 
vation of mass during the fragmentation process. From 
the data in Figure 6 it can be seen that the excess death 
rate is highest with the 2.6 mm radial clearance. It should 
however be noted that for this clearance population 
densities in the large size range are substantially higher 
than for the 1.25 mm clearance, resulting in substantially 
lower relative death rates. From the data in Figure 6 it 
can be inferred that for L = 600 um the rate D/n is 
5.5 x 10~°s~' for the wide clearance versus 9 x 10~°s 
for the small clearance, re‘lecting the great difference in 
attrition characteristics between both clearances. 

A substantial difference between derived birth func 
tions is observed, a small clearance giving rise to much 
higher birth rates. As smaller particles are less sensitive 
to further breakage, it is probably true to say that the 
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t = 1800 secs 
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Figure 6. Birth and death function (excess) as function of the radial clearance 


derived birth functions better represent their real func- 
tion than does the excess death function. 

To further elucidate the influence of clearance on the 
measured death functions the net number rate of crystals 
disappearing from a given size interval has been ex- N =a(L)QnAL [#57] 
pressed in terms of fraction «(L) of the number of At 


crystals in that particular interval, passing the impeller 
region per unit time. In formula form: 
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Table |. Fraction of crystals disappearing from given size interval 
by breakage during passage through the impeller region (91 litre 
crystalliser) 

156.3 mm propeller 159.0 mm pitched paddle 
2.6 mm clearance 1.25 mm clearance 
N = 13.0 rps N =7.| rps 
a(L) 
10.2 x 1074 
6.8 x 10-4 
3.6 x 10-4 
6.4 


where Q is the circulating flow rate. Dividing AN /At by 
VAL, where V is the crystalliser volume, gives the 
variation of population balance in time, which has been 
defined as the excess death function: 


An «(L)Qn 


= D(L 
At J ) 


[#m“s~'] (6) 


As V/Q may be defined as the slurry turnover time TO, 
substitution of TO yields: 


L 
D(L)= = \n 
TO 


If «(L) can be assumed to be only a function of 


clearance, particle size and probably impeller design, it 
follows from the above equation that the relative death 
rate D(L)/n should be inversely proportional to the 
slurry turnover time. This suggestion will be further 
elucidated in a latter section. 

For some particle sizes, values of «(L) have been 
calculated from the experimentally obtained population 
density distributions and measured death functions. For 
both clearances, results are given in Table |. The data in 
this table suggest that the fraction of crystals, which 
break passing the impeller region, increases with in- 
creasing particle size. The result is in line with the results 
of the previously reported pressure pulse measurements. 

The effect of clearance on the calculated values of 
a(L) is very pronounced, reflecting the important role of 
the clearance. Values of «(L) in turn should not be used 


Table 2 


n° x 10 B* x 190“ 
[#m-*4} [#m-?s"'] 


BS x 6+ 
[#m-°s 
156.3 mm propeller (2.6 mm r.c.) 

7.9 3.88 3 


16 


t= 1800 s, N 3rps, M =49kgm 


4 
4 
5 
6 
6 


39 
to a priori evaluate death functions under different 
conditions. Although «(L) is independent of the popu- 
lation density for a given size, the possible influence of 
crystal-crystal interactions and as such the shape of the 
crystal size distribution, which is a function of operating 
conditions, are not implicit in the calculated values of 
a(L). 


Computer Simulations 


To quantify the influence of the derived birth and 
death functions on the size distribution in an MSMPR 
crystalliser, the differential population balance (equation 
2) has been numerically solved for preselected values of 
n°, covering the range of experimentally obtained values 
of n°. For this purpose an iterative computer program 
was developed. Growth rates which were assumed to be 
independent of size were adjusted until the mass balance 
was Satisfied and a ‘steady state’ population density 
distribution was obtained. To make the simulation 
results comparable to experimental crystallisation re- 
sults, effective kinetic rates have been derived from the 
simulated distributions using the same surface area 
technique as used to derive the experimental results 
presented by Scrutton er a/'. Subsequently a nucleation 
rate constant ky, has been calculated as defined by the 
equation k, = B°/N’*G’°M. For both clearances simu- 
lated nucleation and growth rates, median crystal sizes, 
coefficients of variation and resulting k,-values are given 
in Table 2 as function of n°. The data in this table show 
a considerable increase in simulated nucleation constant 
with decreasing clearance for the same value of n°. If we 
consider the relatively small differences in nucleation 
rates for constant n°, it will be clear that the main 
mechanism through which the effective kinetics are 
affected by the clearance is death and subsequent birth, 
which processes reduce particle size and narrow the 
distribution with decreasing clearances. 

Such crystallisation behaviour can be interpreted as 
increasing effective nucleation and, to satisfy the mass 
balance, a reduction in growth rate resulting in a sub- 
stantial increase in nucleation constant. It can be seen 
that the difference in nucleation rates is further reduced 
if we compare values obtained from the overall numbers 


Simulation results on basis of estimated birth and death excess functions 


x 10° L ky x 
[ms~] 


[um] [#s°m 
54 285 

99 

52 

02 


63 


experimental k,, 





159.0 mm pitched paddle (1.25 mm r.c.) 
7.9 4.46 

3 3.48 

5 2.74 

4 2.26 

6 1.88 
, N 7.1 rps, VM 


RS 
19 


‘ 


—ee NN Ww 
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to 


4 
4 
4 


rs 


21 264 
57 284 
95 309 
28 331 


§1 349 


experimental k,, = 5 » 


+B‘ obtained from overall numbers balance, see Scrutton et al 
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balance. It is due to the method of derivation that these 
values are even lower than those derived on basis of the 
surface area technique. 

The simulation results in Table 2 further show that the 
influence of birth and death on the shape of the 
156.3mm propeller distribution is almost negligible. 
Coefficients of variation only slightly deviate from the 
‘ideal’ 50°,. 
5.52 x 10° ms~! for n° = 3.5 x 10° m~* is close to the 
growth rate of 5.66 x 10-*ms~' which is obtained for 
the same value of n° if birth and death are ignored in the 
population balance (difference < 3%). The influence on 
the value of ky is in keeping (0.85 x 10'’ versus 
0.76 x 10'’). For the small clearance the same approach 
leads to difference of about 12°, in growth rate. 
Coefficients of variation reduce from 50°, to 46°, taking 
birth and death functions into account. The K,-value 
increases from 2.98 x t0'’ to 5.10 x 10'’, which is an 
almost twofold increase. 

One of the problems we are faced with in comparing 
the simulation results is that the values of n° are not a 
priori known. Since every allowance has been made for 
the used values of n°, the present results are assumed to 
have sufficient significance for the purpose of elucidating 
the observed phenomena. 


4+ 


Influence of Clearance on Nuclei Population Density n° 

The small size ranges are in general populated by vast 
numbers of particles. There exists evidence in the 
literature’*° that part of these particles hardly grow or 
do not grow at all. As such they do not effectively 
participate in the development of the size distribution. In 
the simulation in the previous section this anomalous 
growth behaviour of small particles has not been taken 
into account (due to lack of understanding) by assuming 
size-independent growth. In this light the preselected 
values of n° could be seen as representing or, perhaps 
less speculative, a measure of the number of viable 
nuclei, which grow out to populate the larger size 
fractions. 

If we consider the strong influence of n° on the 
simulated k,-values it seems astounding that for both 
impellers the same value of n°, being 3.5 x 10° m~‘, 
gives rise to ky values which do not greatly differ from 
the experimental values (see Table 2). If the observed 
difference in effective kinetics is completely attributed to 
the difference in birth and death characteristics, then this 


simulation result suggests that the population density of 


viable nuclei, which was thought to be reflected in the 
value of n°, is independent of the clearance but con- 
trolled by other mechanisms. Evidence to support this 
speculative suggestion can only be provided after a 
detailed study of the size distribution in the sub-sieve 
range. This is, however, easier said than done. 


Effect of Turnover Time on Degradation Rates 
It has been suggested previously that the main mech- 
anism through which effective kinetics are affected by 
macro-attrition is a change in the shape of the size 
distribution, which may be interpreted as a change in 


Moreover, the simulated growth rate of 


effective kinetic rates, depending on the method of 
derivation. 

To further study the influence of turnover time on the 
possibly macroattrition influenced size distribution, ex- 
cess birth and death functions have been determined in 
the 55 litre vessel. Results have been compared with the 
data obtained from the 91 litre crystalliser under the 
Same operating conditions. 

For both volumes experimental population density 
distributions and independently determined birth and 
death functions are depicted in Figure 7. The data in this 
figure show a substantial increase in birth and death rate 
intensity for the 55 litre vessel for the same operating 
conditions. As the experimental size distributions were 
very similar this difference in degradation characteristics 
may be attributed to the difference in slurry turnover 
time. If we compare the difference in death rates on basis 
of the fraction a(L) of the number rate of crystals 
passing the impeller region [for definition see equation 
(7)] it is seen that for both volumes approximately the 
same values for «(L) are obtained. Some calculated 
results are given in Table 3. 

The results in Table 3 strongly suggest that in the 55 
and 91 litre crystalliser similar fractions of the total 
number of circulating crystals will be involved in the 
degradation process, provided the same circulating flow 
rates and comparable size distributions of the circulating 
crystals are considered. This finding indicates that within 
the experimental accuracy a(L) is indeed not a 
function of the turnover time, as was earlier suggested. 
Implication is that the relative death rate D(L)/n 1s, 
roughly speaking, inversely proportional to the turnover 
time. It is not difficult to visualise that the contribution 
of the death and essuing birth function of the devel- 
opment of the size distribution decreases with increasing 
turnover time. Simulation of effective kinetics, taking the 
experimentally determined birth and death functions 
into account, showed only a slight difference in nucle- 
ation constant for the 55 and 91 litre volume, provided 
a constant n° is assumed. For n° = 3.5 x 10'°m~* the 
simulated k,-value is 0.96 x 10'’m~* for the 55 litre 
against 0.85 x 10'’ for the 91 litre vessel (nucleation and 
growth rate from surface area technique). The difference 
between both values is of the same order of magnitude 
as the difference in experimental values obtained for 
both scales (see Scrutton ef al/'j. This result quan- 
titatively supports the suggestion that effective kinetics 
may be influenced by population functions of birth and 
death which alter the shape of the distribution and 
reduce particle size. 

Although the influence of such functions on kinetics 
obtained in the 55 and 91 litre crystallisers is at an almost 
negligible level, it probably needs no argument to state 
that kinetics obtained at very short turnover times are 
liable to be dominated by macro-attrition processes. 
This should be considered to be less representative for 
mechanisms expected in large scale equipment. 


CONCLUSIONS 
Experiments in a 7 litre batch salt mill have provided 
further evidence that in draft tube impeller agitated 
crystallisers severe fragmentation of crystals may occur 
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x= 55 litre volume (T=1800 secs., ] 
N=13.1 rps, 
M=48 kgm”) | 

@ = 91 litre volume (T =1800 secs., | 
N=13.0 rps, 
M=49 kgm”) | 
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Figure 7. Excess birth and death functions for 55 L and 91 L volume 
(156.3 mm propeller) 


as the clearance between impeller tip and draft tube wall 
approaches the size of the largest crystals in the crys- 
talliser. Fragmentation results in the production of very 
irregularly shaped fragments directly into the inter- 
mediate size range (50 to 300 um). The fragmentation 
probably increases with increasing crystal size and de- 
creases with increasing size of the clearance. 

From experiments in two draft tube-impeller MSMPR 
crystallisers, it is concluded that under crystallising 
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Table 3 
from 


Fraction of crystals disappearing 
given size interval during passage 
through the impeller region 


156.3 mm marine propeller 
2.6mm radial clearance 

N = 13.0 rps 

55 litre 91 litre 


Lim} a(L) 


770 x 10 

645 10 

550 3x 10-* 
TO{sec} 2 


conditions death of large crystals occurs at rates, which 
strongly increase with decreasing clearance size. The 
influence of crystal breakage on the kinetics of sodium 
chloride crystallisation decreases with increasing crys- 
talliser scale. This latter trend is in line with implications 
following from crystallisation experiments, reported pre- 
viously. Model simulations suggest that the main mech- 
anism through which the effectve sodium chloride crys- 
tallisation kinetics are affected by fragmentation is not 
by what is usually referred to as secondary nucleation 
but by death of large particles and the subsequent birth 
of particles directly into the intermediate size range 
These processes increasingly reduce particle size and 
narrow the size distribution. Such behaviour is often 
interpreted as enhanced effective nucleation kinetics 
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coefficient of variation (—) 
death rate (#m~‘s 
excess death rate (#m~‘*s~') 
impeller diameter (m) 
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Diffusion: Mass Transfer in Fluid Systems 
E. L. Cussler 

Cambridge University Press, 1984 

pp. 512, £32.50 


Occasionally a book appears and a potential reader on 
seeing the glossy cover makes a thumbing cursory 
inspection. He immediately forms an impression; usually 
very good or an absolute dead loss! When I did this to 
Professor Cussler’s book I saw a worked example on 
every page I thumbed—the text abounds with worked 
examples and more important they are not contrived, 
but realistic problems of practical significance drawn 
from most aspects of daily life—which emphasises the 
broadness of application of chemical engineering prin- 
ciples and the wide experience of the author. 

The text commences with a concise pertinent dis- 
cussion of the models of mass transfer and proceeds with 
chapters discussing diffusion in dilute and concentrated 
solutions in addition to dispersion in laminar and tur- 
bulent flow situations. The presentation is clear and easy 
to understand and the author lives up to the promise he 
makes in his preface that the text would be interesting 
and not “snowed under” with elaborate algebra and 
endless mathematics. However, where necessary the 
mathematical models are included and their relevance 
emphasised with appropriate examples such as the 
diffusion of marijuana through plastic bags, and its 


detection by smell, to the more conventional examples of 


diffusion in fluids and catalyst pores. 


Part 2 is devoted to the evaluation and application of 


diffusion coefficients in fluid systems, in and through 
polymers and solids. Methods of estimation are dis- 
cussed and solute—solute interactions treated through the 
diffusion in strong electrolyte solutions. Here again the 
examples are enlightening with applications to diffusion 
of protein through salt solution and in dyeing oper- 


ations. The section is concluded with a discussion of 


diffusion coefficients in multicomponent systems. 


Part 3 contains a group of chapters combined under 
the general title of ““Mass Transfer’. In these chapters 
the text takes on the flavour of the more traditional text 
book where the conventional analyses of mass transfer 
across interfaces are presented followed by chapters on 
absorption and distillation. Packed columns are treated 
briefly and the reader is made aware of column flooding, 
loading and maldistribution. However, as the title states 
the emphasis is on the mass transfer characteristics of 
these processes. Following this there are chapters on 
forced and free convection and the theories of mass 
transfer are discussed in great depth and applied to the 
more standard chemical engineering situations. 

Part 4 discusses complex mass transfer processes 
where diffusion is coupled with other processes. These 
include heterogeneous non-catalytic reactions and ho- 
mogeneous reactions coupled to mass transfer process in 
addition to catalytic reactions. The text is ably supported 
with numerous examples ranging from the burning of 
carbon particles to the rate of mass transfer and surface 
reaction of bile acids in the dissolution of gailstones. 
Following this, mass transfer across and through mem- 
branes are considered and the effect of electrolytes and 
electric fields on the transport process discussed. There- 
after the diffusion of heat is presented concisely and the 
usual heat conduction processes are described and 
analysed. Following this, short paragraphs on heat 
transfer and heat transfer coefficients are presented and 
supported by well chosen examples. 

Part 4 is concluded with a chapter on simultaneous 
heat and mass transfer where cooling towers and partial 
condensers are analysed. The text is stimulating through- 
out. It is very easy to read and well supported with well 
thought out illustrations. The balance between the math- 
ematical treatment and descriptive paragraphs is ex- 
tremely good and of course, the examples supporting 
this text outstanding. 


G. V. Jeffreys 


Book reviews continue on page 50 
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HEAD LOSSES IN PIPE FITTINGS AT 
LOW REYNOLDS NUMBERS 


By M. F. EDWARDS (FELLOW) M. S. M. JADALLAH and R. SMITH (MemBeER) 


Schools of Chemical Engineering, University of Bradford 


Measurements are reported of the frictional head loss which is incurred when a range of Newtonian and non-Newtonian fluids 
flow through elbows, valves, expansions, contractions and orifice plates. It is shown that it is possible to present all the data 
as relationships between the loss coefficient and a generalised Reynolds number. In the laminar region the loss coefficient is 
inversely proportional to the Reynolds number. At higher Reynolds numbers a rapid transition is observed to a region in which 
the loss coefficient becomes constant. The experimental data presented in the laminar and transition region can be used for 
design purposes. However, more data are required to cover the full range of fittings encountered in industry. 


INTRODUCTION 

The head losses which occur in fully developed flow in 
straight pipes can be calculated from first principles for 
Newtonian and time-independent non-Newtonian fluids 
in the laminar region’. In the case of turbulent flow in 
straight pipes for Newtonian fluids it is possible to 
calculate head losses using conventional friction factor 
charts even though our knowledge of turbulence is 
incomplete. The extension of this approach to turbulent 
non-Newtonian flow is complicated by drag reduction 
effects and this is an area where advances are still being 
made**. 

For many pipeline installations the ‘minor’ head losses 
in the fittings, e.g. bends, valves, expansions and con- 
tractions, can outweigh the ‘major’ straight pipe losses. 
It is therefore important for the design engineer to have 
reliable design procedures to estimate the magnitude of 
these minor losses. 

Currently there is an adequate supply of information 
for the prediction of head losses in turbulent Newtonian 
flow through most common fittings. In many cases the 
fitting is characterised by a loss coefficient K, and the 
head loss, h,, is evaluated from’: 


h, = K, V?/2¢ (1) 


where V is a characteristic velocity in the fitting. Loss 
coefficients are tabulated for standard fittings such as 
expansions, contractions, elbows, entrances and exits 


in many texts on fluid mechanics*’. For proprietory 
designs such as valves, equivalent information is often 
available from the manufacturer. 

In the case of Newtonian flow at low Reynolds 
numbers little information is available and the loss 
coefficient, K, , in equation (1) becomes a function of the 
Reynolds number. Even less information is available on 
the effects of non-Newtonian behaviour on the head loss 
in pipe fittings. 

The work reported in the present paper provides data 
on the flow of Newtonian and non-Newtonian fluids in 
a variety of pipe fittings at low Reynolds numbers. Data 
are compared with the limited results from other pub- 
lished studies and where possible design correlations are 
suggested. 


EXPERIMENTAL 


A general purpose flow loop was constructed for the 
measurement of head loss in a variety of fittings for pipe 
diameters ranging from 12.7mm to 50.8mm. The 
fittings included expansions, contractions, 90° elbows 
orifice plates, gate and globe valves, which could be 
incorporated into the rig. Figure | shows a line diagram 
of the arrangement. A list of the various fittings is 
presented in Table 1. 

The storage tank, see Figure 1, held the test liquids 
and was fitted with a stirrer to ensure that solids were 
kept in suspension during the experiments with slurries 
A Rotan variable speed gear pump supplied fluid to the 
test rig and the delivery was measured by an electro- 
magnetic flowmeter. This was calibrated by a direct 
collect and weigh method for each test fluid used. 

At regular positions around the flow loop flush moun- 
ted pressure tappings were included to record the head 
losses in both the fittings and the straight pipe sections 
These tappings were connected to a multi-manometer 
for measurement of pressure difference. Different ma- 
nometer fluids, e.g. mercury, tetrabromomethane, were 
used depending upon the size of the pressure differential 
to be measured. 

Some Newtonian test liquids were used in the experi- 
ments. These were water, glycerine—water solutions and 
a lubricating oil. For non-Newtonian behaviour various 
aqueous solutions of carboxymethyl cellulose (CMC) 
and suspensions of china-clay in water were used. The 
rheological properties of these test materials were mea- 
sured at the operating temperature using a Haake Roto- 
visko, which is a variable speed, concentric cylinder 
viscometer. Over the range of shear rates encountered in 
the pipe flow experiments it was found that all the 
non-Newtonian liquids were closely described by the 
‘power law model’'’ for which the shear stress, t, is 
related to the shear rate, 7, by: 


t = Ky’ (2) 


where K is the power law consistency index and n is the 
power law flow behaviour index. For Newtonian fluid 
behaviour » =1 and K is equal te the Newtonian 
viscosity, pl. 
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Figure 1. Flow loop 


The rheological parameters describing the test fluids 
are presented in Table 2. It is worthy of note that the 
china-clay suspensions required considerable agitation 
over a one day period to eliminate any time-dependent 
effects. After this pre-treatment the suspensions were 
stable. 


ANALYSIS 
For steady flow of a liquid in a pipe system between 
two sections | and 2, a mechanical energy balance can 
be written as: 
p V? . 2 
+ 9 Zi = +7z,+ Yh, (3) 
pg 2 2¢ an 


where 


p is the pressure 
V is the velocity 
z is the elevation 
x is the kinetic energy correction factor 


Sh, is the sum of the head losses for all straight pipe 
sections and all fittings. 


Straight Pipe Section 
For Newtonian liquids, information on head loss is 
usually presented as friction factor data. In the case of 
a smooth pipe a unique relationship exists between the 
friction factor f and the Reynolds number: 


f =fn(Re) (4) 
where: 

f = ty/3;pV? = gDh, /2LV" 
and: 

Re = pVD/p (6) 


In the laminar region (Re < 2100 approximately) the 
flow is dominated by viscous forces and equation (4) 
becomes: 


f = 16/Re (7) 


For non-Newtonian liquids of the power-law type, 
described by equation (2), the head loss in laminar flow 
can still be evaluated from equation (7) provided the 
Reynolds number is defined as'*: 

4n \"pD"vV?-" 
Re =(—— i 7 (8) 
3n + 1 K 8" 
Whilst this approach is soundly based in the laminar 
region, its extension to transitional and turbulent flow is 
purely empirical’ *. 


Pipe Fittings 
On dimensional grounds the head loss /, in a fitting 
will depend upon the fluid velocity, fluid properties and 
the geometry of the fitting as follows: 


2gh, /V* = fn(pVD/p, geometrical ratios) (9) 


for a Newtonian fluid. This is a generalised form of 


Table |. Range of fittings used (sizes are 
nominal) 


90° Elbows Short Curvature 
lin and 2in 
Gate | in and 2in 
Square plug globe | in 
Circular plug globe 2 in 
Sudden 1.5 to 1.0 in 

1.0 to 0.5in 
Sudden 1.0 to 1.5in 

1.0 to 2.0in 
Sharp Edged f = 0.289 


B 0.577 


Valves 


Contractions 
Expansions 


Orifice Plates 


Table 2. Test fluids and their properties 


n K 
(kgm~'s" 
water 
glycerol—water 
lub oil 
CMC-water 
china clay—water 


0.001 
0.110—-6.580 
0.251 
0.72-0.48 0.45-11.8 
0.27-0.18 3.25-29.8 


(Shear rate range of measurements 7-1100s~') 
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Figure 2. Head loss data for straight pipes 


equation (1) which is commonly used for fittings in the 
turbulent region. 

In turbulent flows equation (9) is often presented in 
the form of equation (1), viz: 


h, = K,V? /2¢ (10) 


Here the effect of Reynolds number is negligible and K, 
(which is equal to K, for turbulent flow) is clearly a 
function of the geometrical details of the fitting only. 

For laminar flow at very low Reynolds numbers it is 
to be expected that the head loss will be directly propor- 
tional to the liquid viscosity and equation (9) will take 
on the limiting form: 


2gh, /V? = K, = K,/Re (11) 


which is analogous to equation (7) for the straight pipe 
sections. Here again the constant K, will be dependent 
upon the detailed geometry of the fitting. 


For the case of power law, non-Newtonian liquids in 
laminar flow through pipe fittings, it would be reason- 
able to use equations (1), (10) and (11), with the 
Reynolds number defined by equation (8) 


RESULTS 
Straight Pipe Sections 
Several of the pressure tappings in the flow loop were 
located in the straight pipe sections between the various 
fittings. The data from these tappings are presented in 
the form of a friction factor-Reynolds number plot in 


Figure 2. The range of variables covered are 


pipe diameter 0.0128—0.0520 m 


flow behaviour index 0.18—1.0 
Reynolds number 1-800 


For these conditions the flow is laminar and all the 
data are in close agreement with the theoretical re- 
lationship given by equation (7). The results seen in 
Figure 2 serve to confirm the accuracy of both the 
pressure measurements and the rheological character- 
istics of the test liquids. 


Elbows 


A typical axial total head profile from tappings before 
and after a short radius commercial elbow is presented 
in Figure 3. Because the fitting produces no change in 
overal! pipe cross section and hence no change in mean 
velocity, the slope of the total head profile before and 
after the fitting should be constant as seen in Figure 3 
The head loss is evaluated by taking the difference 
between the total head obtained by extrapolating the 
upstream profile to the start of the fitting and the total 
head obtained by extrapolating the downstream profile 
to the end of the fitting. This is shown in Figure 3 

Results were obtained for two diameters, 0.0254 m 
and 0.0520m, with a range of Newtonian and non- 
Newtonian test liquids. In each case the data are 











Figure 3. Typical pressure profiles for an elbow 
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Figure 4. Head loss data for elbows. 


presented as the fitting loss coefficient, K,, (defined by 
equation (1)) versus the Reynolds number. The results 
for both sizes of elbow are presented in Figure 4, where 
it is seen that the approach adopted in the present paper 
brings the results together, regardless of the properties of 
the fluid or pipe size, within the limits of experimental 
error. 

Clearly all the data in Figure 4 are in the laminar 
region and it is interesting to compare this with the 
results of Beck® and Kittredge and Rowley’ obtained for 
0.012 m elbows at higher Reynolds numbers for New- 
tonian fluids. These authors report a constant value of 
K, equal to about 0.9 and this is shown as the dotted line 
in Figure 4. This additional information indicates a 
transition from laminar flow at a Reynolds number of 
about 900. It should be noted tha: other authors have 
found different values for K, in the range 0.3 to 1.1 
depending upon the geometry of the fitting. If an 
alternative value is to be used for K, it will be necessary 
to adjust the critical Reynolds number accordingly. 

For the present results in the laminar region the data 
can be correlated by: 


K, = 842/Re (12) 


Valves 

Head loss measurements were taken for the gate and 
plug, globe valves having nominal sizes of 1 and 2 in, al: 
operating in the fully open position. The loss coefficients 
for each valve are plotted aginst the generalised Rey- 
nolds number in Figures 5 and 6. 

For the case of gate valves, see Figure 5, the data are 
brought closely together for various test fluids and for 
the two valve sizes used. It is apparent that there is some 


difference between the data for the two diameters, the 
2 in data lying above the | in results. However, this trend 
is hardly significant when considered in the light of the 
overall scatter of the data in Figure 5. 

Analysis of the experimental results for the gate 
valves, see Figure 5, gave the following correlation for 
the laminar region: 


K, = 273/Re (13) 


The data in Figure 5 do not extend to sufficiently high 
values of Reynolds number for the transition region to 
be clearly identified. There is perhaps an indication of an 
approach towards a constant value of K, at a Reynolds 
number of about 130. Clearly the loss coefficients will be 
sensitive to the particular design of gate valve but in the 
fully open position with a minimum restriction to the 
flow the variation should not be great. The results also 

















Figure 5. Head loss data for gate valves 
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Figure 6. Head loss data for globe valves 
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Figure 7. Typical pressure profiles for a sudden contraction, B = 0.455 


confirm that the generalised Reynolds number can be 
used to bring together ail the data for a given design. 


The results for globe valves are presented in Figure 6 
and it is obvious that the data for the two valves (1.0 in 
valve with a square plug, and a 2.0in valve with a 
circular plug) do not fall together. In the case of control 
valves having a significant pressure drop these geo- 
metrical details are of major significance. However, for 
a given design the loss coefficient versus Re plot does 
bring together all the data for a range of non-Newtonian 
fluids. Further consideration of Figure 6 also indicates 
that the transition from laminar flow is very rapid and 
occurs at a low Reynolds number of about 10. This is 
a much lower value than found for gate valves, see 
Figure 5. 

For the particular designs of globe value under study, 
in the fully open position, the data in Figure 6 can be 
represented by: 


lin valve: 
K, = 1460/Re. 
K, = K, = 122, 
2in valve: 
K, = 384/Re, Re 
K, = K, = 25.4, Re ; (15) 
A comparison between this investigation and the 
results published for other valves is not meaningful 
because of the differences in the detailed geometry of the 


unit. This is particularly true for control valves where the 
restriction to flow is severe. 
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Contractions 


Head losses for the various contractions were ob- 
tained in the manner outlined previously from equation 
(3). Typical pressure profiles are shown in Figure 
where the differences in slope before and after the fitting 
are due to the reduction in cross section. The loss 
coefficients were calculated using the exit velocity and 
plotted versus Reynolds number based upon the exit 
pipe diameter and velocity. This basis for defining both 
loss coefficient and Reynolds number is purely arbitrary 

The data for the contractions under consideration are 
shown in Figure 8. Here, for each contraction ratio 8, 
the data for different fluids are brought together. How- 
ever, as expected, the value of K, is dependent upon this 
ratio p. 

In the laminar region the data are correlated by 


fb = 0.445: K, = 110/Re (16) 
6 = 0.660: K, = 59/Re (17) 


From Figure 8 it is evident that the laminar region 
terminates at a Reynolds number of about 200. How- 
ever, there is insufficient data at higher Reynolds num- 
bers to establish the values of K, for the two contractions 
studied. From the published literature for Newtonian 
liquids in fully turbulent flow the values of K, for ~ 
values of 0.445 and 0.660 are about 0.45 and 0.33°. These 
values are represented by dotted lines in Figure 8 and are 
consistent with the measured values obtained at high 
Reynolds numbers. 

The values of K, obtained in the laminar region and 
reported in equations (16) and (17) are compared with 
other published data in Figure 9. The line drawn by eye 
through the data represents a good fit with reasonable 
accuracy for engineering design purposes. In the limit as 
6 approaches unity the contraction 
Straight pipe for which K, must be zero 


approaches a 


Sudden Expansions 
In this case the velocity used as a basis for defining the 
ioss coefficient is taken to be that in the smaller pipe 





= — a 


Figure 8. Head loss data for sudder 
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Figure 9. Variation of K, factor with diameter ratio for sudden 
contractions 


section. The Reynolds number is also based on the 
smaller pipe diameter and velocity. 

The experimental results are presented as plots of loss 
coefficient versus Reynolds number in Figures 10, 11 and 
12 for the three expansion ratios studied. In each graph 
the standard values are presented of K, for the turbulent 
region calculated using the standard equation’: 


hee 1\ ; 
k= (1-55 (18) 
It can therefore be seen that in Figures 10 and 12 the 
transition occurs at a Reynolds number of about 250 














Figure 10. Head loss data for sudden expansions, f = 1.52. 


and the data are consistent with equation (18) at high 
Reynolds numbers. For the diameter ratio 1.97, see 
figure 11, the data obtained are all in the laminar region 
but are consistent with equation (18) and a transition 
Reynolds number of about 250. 

The ‘best fit’ values of K, for the three fittings are 
presented in Table 3 in which the limiting value of K, = 0 
at B = 1 is also listed. 

Again it is worthy of note that this approach, using 
the head loss from the energy equation together with the 
generalised Reynolds number, brings together the data 
for all values of power law index, n. 


Orifice Plates 


Here the data have been treated in a manner which is 
identical to that for all the preceding fittings. The loss 
coefficient is based upon the open pipe veiocity and the 
generalised number is also based upon the open pipe 
diameter and velocity. Once again in must be remem- 
bered that these choices are purely arbitrary. 

Experimental data obtained for the two orifice plates 
are presented in Figure 13, where it can be seen that for 
a given diameter ratio, f, the results are brought together 
for all test liquids. It is important to note that the data 
is not brought together in this way if the orifice diameter 
and velocity are selected for the definition of loss 
coefficient and Reynolds number, see Figure 14. 

Returning to Figure 13, the data in the laminar region 
can be described by: 


B = 0.289: K, =786/Re (Re <20) (19) 
B = 0.577: K, = 154/Re (Re <60) (20) 


From the present data the influence of geometry upon 
K, and K, can not be established and more work is 
necessary to achieve this. However, the approach used 














Figure 11. Head loss data for sudden expansions, f = 1.97. 
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Figure 12. Head loss data for sudden expansions, f 


Table 3. Variation of 
K, with diameter 
rauio 


K 


0.0 


4 
139.0 
150.0 


here (i.e. K, versus Re) is an interesting alternative to the 
frequently used method based on the discharge 
coefficient incorporated into ideal flow equations and 
Reynolds numbers based on orifice diameters*. In this 
latter method it is usually the objective to calculate the 
flowrate from precisely located pressure tappings. 

The present approach offers the possibility of treating 
all fittings in a similar manner for the estimation of head 
loss 


CONCLUSIONS 

It has been demonstrated that head loss measurements 
for inelastic non-Newtonian fluids can be meaningfully 
correlated as plots of loss coefficient versus generalised 
Reynolds number. 

For any given geometry of fitting, the data for all test 
fluids can be correlated by equation (11) in the laminar 
region and by equation (10) at higher Reynolds num- 
bers. The transition between these two limiting regions 
was observed to be sharp for the range of fittings and 
flow conditions studied 

In the case of elbows and fully open gate valves where 
there is no significant change in cross-sectional area the 
laminar and turbulent parameters, K, and K,, are essen- 
tially independent cf geometry. For globe valves, expan- 
sions, contractions and orifice plates these parameters 
are dependent upon the detailed geometry. 
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Figure 13. Head loss data for orifice plates 








Figure 14. Data for orifice plates; Re, and K, 
and velocity. B = 0.289 


based on orifice diameter 


The head loss charts presented in this paper can be 
used for design purposes. However, more extensive 
testing is required to obtain design information for the 
wide range of pipe fittings used commercially. 

If the fluid is significantly elastic the methods pro- 
posed will be inapplicable and this will be particularly 
true for fittings with large changes in cross-section 
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SYMBOLS USED 
pipe diameter 
friction factor 
gravitational acceleration 
head loss 
consistency index of power law model 
loss coefficient, see equation (1) 
constant, see equation (11) 
constant, see equation (10) 
pipe length 
flow behaviour index of power law model 
static pressure 
Reynolds number, see equations (6) and (8) 
mean velocity 
height 
kinetic energy correction factor 
diameter ratio 
shear rate 
density 
shear stress 
wall shear stress 
Newtonian viscosity 
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Book reviews continued from page 42 


Mass Transfer with Chemical Reaction in Multiphase 
Systems 

Edited by Erdogan Alper 

Martinus Nijhoff Publishers, 1983 

In two volumes: Vol. I, pp. 679 + xi, Vol. II, pp. 399 + x. 
Price not known. 


These two volumes comprise the papers presented at a 
NATO Advanced Study Institute held in Turkey in 1981. 
Volume I, containing 24 papers, is devoted to two-phase 
systems, while Volume II has 15 papers covering mass 
transfer with chemical reaction in three-phase systems. 

The appearance of these volumes on an important 
chemical engineering topic is to be welcomed. NATO 
Advanced Study Institutes bring together workers from 
many countries. Attendance is limited to assist an easy 
exchange of views between participants. While essential 
for the character of the events, this would severely limit 
dissemination of the benefits without subsequent open 
publication. Unfortunately, this has to be limited to the 
formal papers: a record of the discussion periods could 
be equally valuable. 


The organisers of this particular Institute assembled as 
speakers an impressive group of international experts, 
two of the twelve coming from the U.K. The papers 
themselves vary quite widely in character. Some of the 
more valuable are critical state-of-the-art reviews such as 
those presented by the editor of these volumes, who was 
Director of the A.S.I. At the other end of the spectrum 
are a number of detailed descriptions of recent research: 
one questions whether an A.S.I. is really the best vehicle 
for presentation of research results. Similarly, while most 
of the papers directly address mass transfer with chem- 
ical reaction, the relevance of a few to this theme is 
tenuous. 

These volumes will be read with interest by those 
engaged in research into mass transfer with simultaneous 
chemical reaction, while the review papers will be a 
valuable source of information for anyone seeking to 
enter the field. They are well produced, using photo- 
reproduction from authors’ manuscripts. 


C. Hanson 
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BEHAVIOUR OF MULTISTAGE MECHANICALLY 
STIRRED COLUMNS WITH NEUTRALLY 
BUOYANT SOLID-LIQUID SUSPENSIONS 


By G. PASQUALI, D. FAJNER and F. MAGELLI 


Istituto Impianti Chimici, University of Bologna, Ital) 


The performance of two-phase multistage mechanicaliy stirred columns was investigated, under the limiting situation of 
neutrally buoyant solid—liquid suspensions and for batch conditions for the solid. The fluid-dynamic behaviour of this system 
car be conveniently described in terms of a cascade of ideal stages with backmixing. An axial variation in solids concentration 
was shown for continuous flow of the liquid and the influence of this on the extent of backmixing is discussed. The experimental 
backmixing data obtained with suspensions were correlated with the data for single fluids through an appropriate definition 


of suspension viscosity. 


INTRODUCTION 


The most commonly used configurations for slurry 
reactors—whose main features and applications have 
been discussed, among others, by QOstergaard' and 
Shah*—are the bubble-column slurry reactor and the 
stirred-slurry reactor. A major disadvantage of the lat- 
ter, which is usua!ly characterised by a low height-to- 
diameter ratio, is the high degree of backmixing that 
typically reduces conversion, whereas an inadequate 
level of agitation may be found in the former. A solution 
to these drawbacks could be obtained by adopting 
columns with multiple impellers and an appropriate 
staging of the vessel. 

As a model reactor for this last configuration, the so- 
called Oldshue—Rushton column (*‘Mixco’) was adopted 
in this study. A certain amount of information exists 
about the fluid-dynamic behaviour of this type of equip- 
ment for single phase systems with both Newtonian’ ’ 
and non-Newtonian’ liquids and for two-phase 
gas-liquid** and liquid—liquid*®* systems; on the con- 
trary, no information seems to be available for 
solid—liquid nor for solid—liquid—gas systems. In the 
present study, attention was focused on the modelling of 
Mixco columns with solid—liquid suspensions: this can 
be considered as the first step towards the study of 
three-phase systems, but it is also applicable to certain 
two-phase processes. 

The treatment is restricted here to the limiting situ- 
ation of equal density for the liquid and the solid. 
Mono-size, insolubie solid particles were adopted and 
batch conditions for the solid and both flow and non- 
flow conditions for the liquid were considered. It is 
shown that the cascade of ideal tanks with backmixing 
is adequate for the purpose of modelling the behaviour 
of the system mentioned; also, some aspects of the 
overall behaviour of the solid phase are brought out. 


THE FLUID DYNAMIC MODEL 
Cascade of ideal Stages with Backmixing 
Several fluid-dynamic models have been adopted for 


the interpretation of the performance of multistage, 
mechanically stirred columns, but the cascade of ideal 
Stages with backmixing seems to be the more suitable’ 
for the purpose of interpreting the behaviour of this type 
of equipment. In the following section, the features of 
this model will be recalled in short; then, some impli- 
cations of its application to the treatment of two-phase 
systems will be discussed. 


Basic Model 
This model consists of a sequence of J stages of equal 
volume (Figure 1). The following assumptions apply for 
a single phase system: 

(i) each stage is perfectly mixed; 

(ii) the exchange processes taking place between adja- 
cent stages are schematized by convective streams 
of volumetric flow rate f (defined as backflow rate); 

(iii) the state of these streams is the same as that 
prevailing in the stage from which they flow 


The following continuity equations can be written for 
any soluble component”, under the additional assump- 
tion of constancy of /: 


Vdc 


=(f+¢4)C,_,+/f/C 
J dt q 


j= 2, 3,....J—1 
V dc, ; # 
7a = qC,+f/C,—(q +f )C +5 
Vdc, 
J edt 


(q + 2f )¢ 


=(¢g+f)C, 


(¢q+/)C,+ 
q J 


Figure |. The cascade of ideal stages with backmixing 
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Two-Phase Systems 


When a suspension is considered, the streams in the 
apparatus consist of solid—liquid mixtures. If the dimen- 
sions of the particles are smaller than the larger eddies 
and both the solid and the liquid have the same density, 
it can be presumed that the pumping capacity of each 
impeller is not affected by the presence of the solid, nor 
are the circulating streams. Therefore, the following 
hypotheses can be added to the previous ones in order 
to establish the behaviour of the model: 


(iv) the concentration of solid in any stream is equal to 
the concentration in the stage from which it flows; 
(v) the overall backflow rate f (volumetric) is a con- 
stant for the whole sequence of stages, regardless 
of solid concentration in each compartment, that 
iS: 
f=f'+/f*% =const (4) 


Batch conditions are considered for the solid, i.e., the 
solid is not continuously fed to nor removed from the 
apparatus. Under these assumptions, the following 
equations hold true for an insoluble solid, which may 
also undergo reaction: 


jth stage 


= ( f)o fo (g +2f)o,+ : 
== ams SR +. +. ] — + 2 -_ 
ja "77 —, J 
Vdc 
<I (1—p)=(¢ + fl —o_,)C 
I da ( Q;) (q ; ) ~ 1) | 
+fl—@$.,)C.,—-—(¢ + 2f) 


J 
x(1-—¢@)C+—rbQ—- 
i %) 


Ist stage 


V dd, | ; f V M 
——— =f¢g,-—(q+ ,+—r?— 
J dt d ~> q . )Q, 7" p, 


dc, » ~ 
di (1 —@,)=qQ,+f/Ul — 0,)C,-—(¢ +f) 


Po 
(i — wc, —rr(i- i) 
i — ae i —; 


Jth stage 


‘do : , »-e 
ar 749 tI fost 5 


-—— (1— )) = (q +f) — by.) Cy-1) 


; ‘ V 
—I[q +f - ONG +>r7 (1 — Q,) 
(10) 


It is worth noting that, in the whole investigation, J 
was always taken as equal to the number of compart- 
ments of the column®’’. Under these circumstances, the 
model reduces to a one-parameter model, f being the 
only parameter to be evaluated. 

With reference to the situation of no reaction and 
steady flow regime, equations (5), (7) and (9) show the 
following interesting behaviour. 


(a) In non-flow conditions (i.e., g = 0), it is found that: 

9, = $2:=...=G=...=9,=6 (11) 
That is, the state of the suspension is ‘homogeneous”"’. 
It follows that the amount of solid and liquid exchanged 
between adjacent stages is given, respectively, by: 

fi=fo and f'=f(1-¢) (12) 
and these quantities are constant for the whole sequence 
of the stages. 


(6) On the contrary, in flow conditions the following 
holds true: 


—, < 0,<...< Gj <...< gy (13) 


That is, an overall non-homogeneous state results even 
if the solid and the liquid have the same density and each 
stage is perfectly mixed. This washing-out effect comes 
from the imbalance of the streams f and (f + q) between 
any pair of adjacent stages, which implies different 
values in their solid concentrations for the closure of the 
solid balance. From equation (13) it follows that f° 
increases from the first pair of stages to the last, whereas 
the converse holds true for f*. It is also worth noting that 
the maximum solid concentration attainable in the last 
stage is @, = 0.63, this value being the average of the 
maximum @ values for a cubic and a rhombohedral 
packing. 


EXPERIMENTAL 
The Experimental Apparatus 

The experimental investigation was carried out—both 
for flow and non-flow conditions—in a four- 
compartment vertical baffled column of the Mixco type, 
stirred with six-bladed Rushton turbines. Four turbines 
were mounted on a central shaft, each turbine being 
centrally located in each compartment. Three different 
geometries were studied, defined by different values of 
the diameter of the opening of the interstage stator. 
Screens were located in the outlet and inlet nozzles of the 
column in order to prevent the exit of solid particles. The 
main dimensions of the column in the three arrange- 
ments mentioned are summarised in Table 1. 

The experiments were carried out isothermally with 
both pure liquids and solid—liquid suspensions. The 
liquids used were water and diluted aqueous solutions of 
polyvinylpyrrolidone, exhibiting Newtonian behaviour. 
As the solid phase, monodisperse polystyrene spherical 
particles were used (ASTM — 16 + 18; mean diameter of 
the particles: 1095 um). The density of the solid was 
1020 kg m~*, which value is quite close to that of the 
liquids. The volumetric fraction of the solid in the 
suspensions was 0.15, 0.30 and 0.40. 

The range of the parameters tested in this work is 
concisely given in Table 2. 


Table 1. Geometrical characteristics of the column 
Arrangement No l 


column diameter (cm) 13.0 
turbine diameter (cm) 4.3 
compartment height (cm) 13.0 
stator opening dia. (cm) 6.5 
volume (litre) 6.87 
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Table 2. Experimental conditions 


q(cm°s~') N(s n, (mPa s) 


0-51.2 l 0.86—6.16 
0-47.9 $.3-: 0.92-9.98 
0-27.0 8 0.93-—1.92 

0 | 0.97-2.56 


Backflow-Rate Evaluation: Dynamic Analysis 

The value of backflow rate f was obtained, resorting 
to the well-known impulse-response technique. In both 
flow and non-flow runs, a rapid injection of a non- 
reacting liquid tracer was made into the bottom compart- 
ment of the column and the resulting concentration in 
the top compartment was detected as a function of time 
by means of a conductivity cell. As a tracer, KCl 
solutions were adopted. 


The evaluation of f was carried out by comparison of 


the experimental curves with the analytical solution of 
the equations of the model for a non-reacting species, C, 
being replaced by the Dirac function. 

(a) Single phase systems. The solution of equations (1) 
to (3) is given in the literature for both flow’ and 
non-flow®'* conditions. The procedure adopted for the 
evaluation of f from the experimental curves is fully 
described elsewhere’. 

(6) Two phase systems; non-flow conditions. Owing to 
the constancy of @(j = i, 2,..., J), equations (6), (8) and 
(10) simplify to equations (1), (2) and (3) (with g = 0). 
This set of equations and their solution in terms of / is 
the same as that of the classical model. As a con- 
sequence, the value of the parameter / can be obtained 
from the experimental curves as in the case of single- 
phase systems. Alternatively, equations (6), (8) and (10) 
reduce to a set of equations similar to equations (1) to 
(3) where the volume of the liquid phase V(1 — @) and 
the parameter f* appear instead of V and /, respectively. 
Their solution® gives a value of f*, whence f can be 
calculated with the second of equations (12). 


(c) Two phase system; flow conditions. The lack of 


constancy of @, (j = 1, 2,...,/) prevents equations (6), 
(8) and (10) from being simplified. The solution of the 
whole set of equations (5) to (10) is given by: 
. AS i ae 2 

C, _2J(1— 9)) T Bemis, J (14) 

"eal y-!1 & 
Both the definition of the several quantities that appear 
in equation (14) and the analytical development neces- 
Sary to get it are given in Appendix A. 

The evaluation of f for each run was made by 
comparing the experimental curve with the theoretical 
one as given by equation (14) and taking for / the value 
pertaining to the theoretical curve which best fitted the 
experimental one. A quicker procedure was also adopted 
after the match of the experimental and the theoretical 


curves had been checked (see Section ‘Comparison of 


RTD curves’). Specifically, the value of f was estimated 
from the time at which the tracer concentration reaches 
a maximum. Graphs in which the theoretical dimen- 
sionless time of the maximum point of the response 
curve was plotted against f/g were used for this purpose. 
An example of these plots is given in Figure 2 for J = 4 
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0.0 0.2 0.4 0.6 0.8 


Figure 2. Dimensionless time at which the maximum 


impulse response curve occurs for J 4 


(the lower value plotted for ¢ = 0.30 corresponds to the 
condition ¢, = 0.63); for the sake of comparison the 
analogous curve for single phase systems (@ = 0) is also 
given. 


Backflow-Rate Evaluation: Static Method 


For a few flow conditions, the value of f was also 
obtained by the so-called static method'*”. This is based 
on the steady injection of a tracer stream (of flow rate 
g,, negligible with respect to q) into the last compartment 
of the apparatus and the measurement of its concen- 
tration in every compartment once steady state has been 
attained. As a tracer, KCI solutions were used and 
concentration was measured by means of a flow-type 
conductivity microcell (0.4cm° in volume). Backflow 
rate f can be determined by: 


for single phase systems and by: 
(1—@_,)C 


: (16) 
,)C (1 


for two phase systems. In the case of equation 
(16)—which is derived from Appendix B—both the pairs 
(C,_,;, C) and (¢,_,, @,) must be measured in two 
adjacent compartments in order to calculate f. Alterna- 
tively, d,s values, which are determined by backmixing 
level, can be evaluated by solving the set of J equations 
(A8). In practice, once the values C,_,, C, and @ have 
been measured, f can be calculated by equations (16) and 
(A8) by trial-and-error. 


Approximate Evaluation of Backflow Rate 
for Two-Phase Systems 
In the previous sections the procedures for the evalu- 
ation of f for two-phase systems have been discussed, 
which are based on the rigorous solution of equations (5) 
through (10). It would be interesting to estimate the loss 
of accuracy of the results when the solid distribution in 
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the column is neglected. Under this approximation, 
backflow rate is evaluated by considering the equations 
for the tracer only and assuming that the presence of the 
solid simply reduces the volume of the liquid—to the 
same extent in every stage. Consequently, the continuity 
equations for the tracer simplify to those that hold true 
in the case of single-phase systems, V(1—@) and /' 
being the volume and the model parameter, respectively; 
with either dynamic’? or static? method, f' can be 
obtained as in the case of single-phase systems, whence 
f can be calculated with the following expression: 


f=f(l-—o) (17) 


RESULTS 
Representation of the Results 


The results of the experiments, which will be discussed 
below, will be presented in terms of dimensionless 
backflow rate as a function of rotational and flow 
Reynolds numbers. Therefore, a proper choice is re- 
quired for the values of density and viscosity needed for 
the definition of the groups in the case of solid—liquid 
mixtures. 

Many studies have been published about the de- 
pendence of the rheological flow properties of sus- 
pensions on several relevant factors’*. For the systems 
treated being suspensions of mono-size, spherical, rigid 
particles of relatively large diameter, the volume fraction 
of the solid in the suspension can be assumed to be the 
only variable that influences the effective viscosity. 
Among many expressions proposed'®, the empirical cor- 
relation set forth by Thomas" has been adopted: 


n* =n, {1+ 2.56 + 10.0562 + 0.00273 exp(16.6¢ )} (18) 


For the sake of generality the following definition’ 
has also been adopted for the density, even if the 
difference in density of the liquid and the solid could 
have been neglected: 


p*=p.d+p,(1—$¢) (19) 


The parameters 7 * and p* used in the following sections, 
which practically reduce to the properties of the pure 
liquids when @ =0, were always calculated as bulk 
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Figure 3. Dimensionless backflow rate of the liquid versus rotational 
Reynolds number for non-flow runs; D./D = 1.5 


properties even in the case of solid non-homogeneity in 
the column. 


Non-Flow Conditions 
Non-flow runs were carried out in the range of 


rotational Reynolds number Re* = 2.5 x 10°-4.9 x 10, 
both for pure liquids and suspensions characterized by 
@ = 0.15, 0.30, 0.40. 

The results of these experiments for the column with 
D./D = 1.5 are plotted in Figure 3 in terms of dimen- 
sionless f'. The behaviour of pure liquids is the same as 
described for four-bladed turbines®’, that is, dimen- 
sionless backflow rate is proportional to rotational 
Reynolds number and independent of viscosity. As 
regards the suspensions, f* decreases with an increase of 
@, but all these data reduce to one line when plotted 
in terms of overali backflow rate (see upper curve of 
Figure 5 later). 


Flow Conditions: Check of the Model 
Comparison of RTD curves 


The experimental RTD curves could be fitted quite 
well with equation (14). No example of this agreement 
is given here for the sake of brevity. 

Actually, the experimental curves could be fitted 
equally well with the equation similar to equation (14) 
(written in terms of f*) that holds good for single phase 
systems, according to the approximate procedure pre- 
viously described: in this case, however, the value of the 
best fit parameter can be significantly different from that 
obtained through equation (14) (up to 40%, higher, for 
@ =0.15). With an increase of backmixing—which en- 
tails a higher degree of suspension homogeneity—the 
discrepancy between the two values of f obtained from 
the two approaches diminishes and for f/g high enough 
(f/q > 0.6, for @ =0.15) it becomes negligible. There- 
fore, no conclusion can be drawn regarding the superior- 
ity of the rigorous model if based only on the com- 
parison of RTD curves. 








4 
stage No 


Figure 4. Theoretical solids profiles calculated from equation (A8) for 
@ =0.15 and J = 4. 
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Table 3. Example of evaluation of backflow rate with the static 
method: operating conditions 
Column geometry: V = 6.87 litre D,=6.5cm 
Experimental conditions 
@=0.30 t=23°C n, =0.938mPas n*=2.86mPas 
q = 25.1 cm’s N = 168s Re*=11170 Re* = 205 
Results from RTD evaluation: f = 50.3 cm’s 


Distribution of the solid along the column 

Visual inspection of the concentration of solid inside 
the column qualitatively confirmed both the homoge- 
neity of the suspension in each compartment and the fact 
that the solid concentration was higher in the last 
compartments than in the first ones (see equation (13)). 
Also, the higher the backmixing, the smaller the axial 
variation in solid concentration along the column, which 
fact is in accordance with what can be theoretically 
provided by the model (see the theoretical profiles of 
Figure 4). 

Any attempt to take samples and determine the actual 
solid concentration gave results affected by high error, 
which only confirmed the qualitative ideas gained by the 
visual observation. 


Local measurement of backflow rate 


A few measurements were performed by the static 
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Figure 5. Dimensionless backflow rate as a function of Reynolds 
number for D,/D = 1.5 


Table 4. Example of evaluation of backflow rate by the static method: results. Operating conditions giver 


Measured Stage 
quantities number 

Cc ¢ f 
(arbitrary units) (cm° s~’) 


1242 0.492 


62? 


0.152 
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with solid distribution 


fs 


method. Since reliable measurement of solid distribution 
in the column was not possible, @,'s were evaluated with 
equation (A8) and f was calculated through a trial-and- 
error procedure by equations (16) and (A8), with ¢ 

C, and @ as data. 

As an example, for the operating conditions defined in 
Table 3, the results of such an evaluation are given in 
Table 4 in terms of f (as well as F* and F'). For the sake 
of comparison the results are also shown as obtained 
through the approximate evaluation that can be made by 
neglecting solid distribution. It can be noted that the 
value of f determined for different pairs of adjacent 
compartments is reasonably constant (maximum error 
from the mean value: 14°% if solid distribution is taken 
into account, 26°, if not). Moreover, the mean value of 
f evaluated with both approaches (52.3 and 48.5 cm’ s 
with and without solid distribution, respectively) is in 
good accordance with the value determined by the 


impulse-disturbance technique (i.e., 50.3 cm’ s~') 


Flow Conditions: Correlation of the Results 


Extensive investigation of flow conditions was carried 
out with both pure liquids and suspensions characterised 
by @ = 0.15 and 0.30. The results are plotted in Figure 
5 in terms of fp*/n*D as a function of Re* and Re* for 
the column with D,/D = 1.5 

The behaviour of single-phase systems is the same as 
that described for four-blade turbines”’, the extent of 
backmixing phenomena decreasing with an increase of 
net flow rate. For two-phase systems, the correlation of 
data points (with f determined on the basis of equation 
(14)) is excellent regardless of the value of the volumetric 
fraction of solid 

It is interesting to note that the values of backflow rate 
determined with the approximate procedure previously 
discussed exhibit a systematic deviation with respect to 
the correlation curve of single fluids, which is particu- 
larly high at the lower values of Re* (up to 40°,). For 
Re* > 10°, this deviation becomes of the same order of 
magnitude as the experimental error and can be ne- 
glected. 

It is also worth noting that the goodness of fit of the 
data depends also on the definition assumed for the 
effective viscosity. Bearing in mind that the ratio n*/n, 
was as high as 3 for @ = 0.30, the definition mentioned 
proves to be quite appropriate 


Table 


Calculated quantities 


without solid distribution 


fod 


(cm s ) 
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Figure 6. Backmixing coefficient versus rotational speed for various 
values of @ and D/D =2 (n, = 0.9mPas, gq = 22+5cm’s~*) 


Other Geometries 

The data so far presented refer only to one geometric 
arrangement of the column. The investigation was ex- 
tended also to the case of D./D = 2.0 and 2.5. 

With an increase of stator opening diameter, the 
extent of backmixing phenomena for pure liquids in- 
creases, whereas the influence of net flow rate is reduced 
as described for four-blade turbines’. As regards the 
suspensions, the results are identical to those previously 
discussed and do not call for any additional comments. 
For the case D,/D = 2, an example of the influence of the 
single parameters N and @ on f/q is shown in Figure 6 
and a plot of dimensionless data is given in Figure 7. 


CONCLUSIONS 
The performance of two-phase, multistage, mechani- 
cally stirred columns was investigated in batch condi- 
tions for the solid and in both flow and non-flow 


conditions for the liquid, under the limiting case of 


neutrally buoyant solid—liquid suspensions. 

The fluid-dynamic behaviour of this system can be 
appropriately modelled with a cascade of ideal stages 
with backmixing. 

A non-uniform distribution of solids was derived 











10° 10° 
Re* 
Figure 7. Dimensionless backflow rate as function of Reynolds number 
for DD =2. (See key to Figure 6) 


theoretically for flow conditions of the liquid and batch 
conditions of the solid. It was confirmed directly by 
qualitative inspection and indirectly by the lower dis- 
crepancy of results obtained if solid distribution was 
taken into account. 
_ The correlation of data for widely different values of 
@ is excellent in the whole experimenta! range in- 
vestigated if the actual solid profile in the column is 
considered. In fact, this correlation is equally good even 
if solid distribution is ignored for the purposes of 
evaluating backflow rate, provided that Reynolds num- 
ber is high enough (Re* > 10*). Incidentally, this fact 
confirms previous findings for gas-liquid’ and 
liquid-liquid’ systems; according to these results, the 
backflow rate for the continuous phase can be evaluated 
by multiplying the backflow rate for single-phase sys- 
tems by the volume fraction of the continuous phase. 
A proper definition for suspension viscosity was also 
used, which proved quite appropriate for the correlation 
of the data. 


APPENDIX A 

The aim of this appendix is to derive the overall response 
of a cascade of ideal stages with backmixing to the Dirac 
impulse of a non-reacting tracer into the inlet stream, 
under the following hypotheses: two-phase solid—liquid 
system, batch conditions for the solid, fully developed 
fluid-dynamic regime. The following simplifications ap- 
ply to equations (5) to (10): 

do 

dt 


In terms of dimensionless concentration, time and flow 
variables, the equations mentioned can be written, re- 
spectively, as: 


(0, y 0, ri =0. qCy = O00 (1) 


(1+ f)o 


Idx, 1-—@ 
a. Fo1+pyi—¢ x 
Jdt l1—@o 


(1 + 2f)o,+ Bd,, (Al) 
(1+2f6)1 — @,)x 
+ B(l — @,.,)X;,. (A2) 


(1+ B)d, — Bd,= 0 


x, 1-—@ ; 
-——= = fp0(t) -—(1+ B11 — @,) x, + BU — @5)x, 


1 as wy) 
(A4) 


(1+ P)@, bo,=0 (A5) 


dx,l1—@ 
-—at = (1 + 6X1 — 6,_,) x, 


. [1+ fC )} 
— _— + — QD,)|X, 
J dt 1-—@¢ 


(A6) 


For any set of B, J and @, the function x,(t) can be 
conveniently found decoupling the system of equations. 

The solid distribution @, can be determined first, 
solving the set of linear second-order difference equa- 
tions (Al), (A3) and (A5). Their solution is given by: 


with characteristic roots 4, = 1 and A, = 1/y. The con- 
stants K, and K, are specified by the boundary equation 
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(A3) and the overall mass balance: 


J 
¥ OV /J =S/ps 
j=l 
The foilowing values are obtained: 
l-y ™ 
K,=0, K,= oT 


/ 


whence: 
d= Wy” 
with: 


(A8) 


l-y - 
oa PE (A9) 


Then the dimensionless tracer concentration can be 
determined by equations (A2), (A4) and (A6). With the 
transformation 

Y,=(1 —wy’”’)x, 
they become: 
] dy, 
J(1—@) dt 
I . 
J(1—@) dt 
l dy ( 
Remeciaiisee (1+ B)y,1-(B+- 
J(l—@) dt l 


(A10) 


(All) 


)y, (A13) 

—Y, 

whose solution can be obtained in a manner similar to 

the case of single-phase systems'*. In particular, after 

Laplace-transformation, solution of the resulting set of 

second-order difference equations and inversion by the 

method of residues, the following final expression can be 

obtained: 

5 a, —-J/2 J 

a i B,exp(s,Jt) 
= = 


O<y<ll<j<J 


x(t) = 


- sin’ 0, 
~~ D(@) 
w/B 


(6;) i-os” ycos(J — 1) 


3 
a VIP \J cos J@. 
1—y/) 


+y~'?(J + 1) cos(J + 1)0, (A16) 


s,= —(14+ 2p —2B/)'? cos@)(1 — o) (A17) 


where the J values of 6, are the zeros of the equation: 


1 — EA) sins — 190 — (2-4 PF sino 


+y~'? sin(VJ + 1)@ =0 (A18) 


It is easy to check that if no solid is present, i.e., y = 0, 
equations (A!4) through (A18) reduce to the equations 
given by Roemer and Durbin” for single-phase systems. 
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Figure 8. Scheme of the static method as applied to the cascade of ideal 
stages with backmixing 


APPENDIX B 


The operational procedure used with the static method 
is schematised in Figure 8. The same hypotheses given 
at the beginning of Appendix A apply to this case too 
and the following simplifications to equations (5) to (9) 
are in order: 

dd 0 dc 

dt dt 
whereas equation (10) can be written to include the 
tracer flow as: 
(¢+f\l—@_,)C 


+ gC 9,)C,=0 


(Bl) 


With the same reasoning as in Appendix A, the solid 
distribution ¢, can be determined first and is given by 
equation (A8). 

An overall mass balance for tracer between the inlet 
and the (/ — 1)th stage can be written 


(g+q,+/f) 


fl-@)C=(f+q)1-—¢,_,)¢ (B2) 


whence equation (16) follows 


SYMBOLS USED 


function defined by equation (A15) 
soluble component concentration in the /th stage (kmo 
Q/V(1 —@), mean tracer concentration (kmol m~°) 

tracer concentration in the tracer stream g, (kmol m~°) 
turbine diameter (m) 
stator opening diameter (m) 
denominator function in equation (A15) 
backflow rate (m°s~‘) 
number of stages in the model; number 
compartments in the column 

> constants 
molecular weight of the solid (kg kmol~') 
rotational speed of the shaft (s~') 
net flow rate (m°s~') 


turbines and 


flow rate of the tracer stream in the static method (m 

total amount of tracer injected (kmol) 

reaction rate (kmolm~°s~') 

ND*p*/n*, rotational Reynolds number 

= gp*/n*D, flow Reynolds number 

poles of the transfer function, defined by equation (A17) 

total mass of the solid in the column (kg) 

time (s) 
tp = V(1 — @)/q, mean residence time (s) 
J total volume of the column (m’) 
x yn 
y 


dimensionless tracer concentration defined by equation (A10) 


dimensionless tracer concentration 


Greek letters 


= f/q, blackmixing coefficient 
B/(1 + B), normalised backmixing coefficient 

Dirac impulse function in real 

and reduced time 

dynamic viscosity (mPa s) 

theta roots determined as zeroes of equation (A18) 
. characteristic roots 

density (kg m~°) 
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= t/tp, reduced time 

time at which the maximum in the impulse—response curve 
occurs 

volumetric fraction of solid in the jth stage 

overall volumetric fraction of solid in the column 

solid distribution function defined by equation (A19) 


Subscripts 


0 inlet condition 

j jth stage condition; indicates root or pole 
J Jth stage or outlet condition 

L relative to the liquid 

S relative to the solid 


Superscripts 
L liquid phase 


S solid phase 
: relative to the suspension 


REFERENCES 
“Astergaard, K., 1968, adv Chem Eng, 7: 71-137 
Shah, Y. T., 1979, Gas-!, sid-solid Reactor Design (McGraw-Hill, 
New York) 
Ingham, * !-71, in: Hanson, C. (ed.), Recent Advances in 
Liquid-liquid Extraction, Ch 8 (Pergamon Press, Oxford). 
Haug, H. F., 1971, AIChE J, 17: 585 
Ingham, J., 1972, Trans IChemE, 50: 372 
Lelli, U., Magelli, F. and Sama, C., 1972, Chem Eng Sci, 27: 1109 
Magelli, F., Pasquali, G. and Lelli, U., 1982, Chem Eng Sci, 37: 
14] 
Sullivan, G. A. and Treybal, R. E., 1970. Chem Eng J, 1: 302. 


. Lelli, U., Magelli, F. and Pasquali, G., 1976, Chem Eng Sci, 31: 
253. 

. Mecklenburgh, J. C. and Hartland, S., 1975, The Theory of 
Backmixing (Wiley, New York). 

. Zwietering, Th. N., 1958, Chem Eng Sci, 8: 244. 

. Roemer, M. H. and Durbin, L. D., 1967, Ind Eng Chem Fundl, 6: 
120. 

. Sawinsky, J. and Hunek, J., 1981, Trans IChemE 59: 64. 

. Gutoff, E. B., 1965, AIChE J, 11: 712. 

Jeffrey, D. J. and Acrivos, A., 1976, AIChE J, 22: 417. 

. Jinescu, V. V., 1974, Int Chem Eng, 14: 397. 

. Thomas, D. G., 1965, J Colloid Sci, 20: 267. 

. Kohler, R. H. and Estrin, J., 1967, AIChE J, 13: 179. 


ACKNOWLEDGEMENTS 


This work was financially supported by ‘CNR—Comitato per le 
Scienze Chimiche’ and ‘CNR—Progetto Finalizzato Chimica Fine e 
Secondaria’ with Grants Nos. 78.01064.03 and 81.00640.95S. 

The highly valued coliaboration of Messrs P. F. Amurri, V. Boselli 
and A. Patrignani in carrying out the experimental program is 
gratefully acknowledged 


ADDRESS 


Correspondence on this paper should be addressed to Professor F. 
Magelli, Istituto di Impianti Chirnici, Facoita di Ingegneria, Universita 
di Bologna, Viale Risorgimento 2, I-40136 Bologna, Italy. 


The manuscript was submitted 25 September 1983 to Professor J. R. 
Bourne, Associate Editor of the journal for Continental Europe, and 
accepted, after revision, 7 February 1984 


Chem Eng Res Des, Vol. 63, January 1985 





MINIMUM DROP VOLUME IN LIQUID JET 
BREAKUP 


BY A. BRIGHT 


Engineering Mechanics Discipline, Open University, Milton Keynes 


The minimum drop volume is a critical parameter for the design and operation of spray systems in which drops are formed 
from the breakup of laminar liquid jets. Experimental data with decane jets in water and water jets in decane confirm the 
hypothesis that minimum drop size is governed by the frequency of the fastest growing capillary wave on the jet, rather than 
the wavelength as proposed in previous studies. A theoretical stability analysis provides a general solution of axisymmetric 
capillary wave growth as determined by the jet Weber number, the jet Ohnesorge number and the density and viscosity ratios 
of dispersed to continuous phases. From this theory a simple expression for minimum drop volume in liquid-liquid systems 


is presented. 


INTRODUCTION 

The breakup of laminar liquid jets into drops has 
important applications in the operation of spray towers 
and sieve-plate columns for gas-liquid and liquid-liquid 
contacting. One of the most important operating param- 
eters is the size of the drops produced, since mass and 
heat transfer rates are directly related to drop surface 
area. Many spray processes operate in the ‘jetting’ 
regime which is characterised by values of the dimen- 
sionless Weber number (ratio of inertia to surface forces) 
in the range 2 < We < 30. Over this range of Weber 
number, the length of the jet increases with velocity to 
a maximum jet length. Operation at jet velocities near 
the jet length maximum is two to three times more 
efficient than operation with drops formed directly at the 
sieve-plate. This condition of maximum jet-length has 
been found to correspond to minimum average drop size 
and hence maximum surface area per unit volume. It is 
obviously desirable to be able to predict this operating 
condition, and the minimum drop size attainable, from 
information about jet diameter, jet velocity and the 
physical properties of the dispersed jet and surrounding 
continuous phases. 

In the jetting regime drops are formed from the 
growth and subsequent detachment of axisymmetric 
capillary waves on the jet surface. For a general surface 
disturbance of the form: 


nH =n, e” cos kz (1) 


on a stationary cylindrical jet of radius a, Rayleigh’ 
predicted the growth rate « for any wave with dimen- 
sionless wavenumber k* = ka: 


(2) 


Equation (2) predicts that waves with k* < | will grow. 
Furthermore, there is a particular wave with wave- 
number k* ~ 0.7 for which the growth rate is a max- 
imum. 


In a later paper, Rayleigh’ considered the case of the 
inertial jet moving with uniform velocity U in a con- 
tinuous phase of the same density. The growth rate for 
this case is complex and is given by 


a = B -- iw (3) 


with the imaginary part (wave frequency) given by 
f * 
oa I 


a I* + K* 


w= 
and the real part (growth rate) given by 


(D} 


=F ra 
(1*+K*y 


a 


Equations (4) and (5) indicate a progressive wave, 
velocity w/k, with a growth rate f which increases with 
wavenumber without limit. This is a special case of the 
general Helmholtz instability caused by the relative 
motion of two fluids. 

Tyier’ applied Rayleigh’s analysis of capillary waves 
on a stationary jet to the prediction of drop size. By 
assuming that the drop volume detached from the jet is 
equal to the amount of fluid contained within one 
wavelength of the fastest growing capillary wave, he 
showed that: 


(6) 


For k* ~ 0.7, this gives, for the ratio of drop diameter 
D to jet diameter d: 


D/d = 1.89 (7) 


According to equation (6) the drop size depends only on 
the jet radius and is independent of system properties 
Tyler found that equation (6) did predict drop size well 
for water jets in air. Many other experimenters have 
confirmed that Tyler’s equation gives reasonably good 
predictions of minimum drop size for other liquid jets in 
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air. Thus Rayleigh’s analysis for stationary jets appears 
to be also valid for inertial liquid jets in air. 

Weber* succeeded in combining the effects of capillary 
and Helmholtz instabilities to produce a characteristic 
equation for the real part of the growth rate: 


3k *? 

3uk*? 

pa’ 

ao k* (1 
=. 


pa” 2 


8 
a ee (8) 


anat  -d Ets 


Equation (8) incorporates the jet viscosity as well as the 
density ratio of the continuous to dispersed phases; but 
the real significance of equation (8) is that it predicts that 
the fastest growing wave k* does depend on system 
properties and on jet velocity. However, for relatively 
non-viscous liquid jets in air, both the viscosity term and 
the inertia term containing the jet velocity are 
insignificant and equation (8) reduces to Rayleigh’s 
equation (2) with the approximation that /* ~ 2/k* for 
eet §. 

Weber’s analysis includes all the significant effects for 
liquid jets in air. Later investigators have extended the 
analysis to liquid jets in liquids by incorporating the 
viscosity and density of the continuous phase. In partic- 
ular the recent work of Coyle et al° has produced a 
compendium equation for the stability of liquid jets in 
a second liquid under conditions of relative motion, 
mass transfer and solute absorption. For the case of no 
mass transfer and constant interfacial tension, the char- 
acteristic equation for the real part of the wave growth 


o k*(1—k*) 
commana [a aeey nme of fF (9) 
pa I* + sK* pa° SK: 


U 
dal a Bore 


Equation (9) is a more general form of Weber’s charac- 
teristic equation and includes the influence of the con- 
tinuous phase properties. For liquid-liquid systems, the 
density ratio s is around unity and the inertia term F 
which contains the jet velocity is no longer insignificant. 
In fact, for relatively non-viscous liquids at moderate jet 
velocities, equation (9) predicts maximum wave growth 
rates several times larger than for the stationary jet and 
corresponding wavenumbers much greater than unity. 
According to Tyler’s assumption [equation (6)] this 
would mean that the minimum drop size from a liquid 
jet in a second liquid would be smaller than for the same 
diameter liquid jet in air. Previous experimental studies 
of minimum drop size 1n liquid-liquid systems indicate 
no such result. For liquid-liquid systems, Skelland and 
JohnSon® observed a wide range of values, 
1.8 < D/d < 2.6, whilst Christiansen and Hixson’ found 
1.8<D/d < 2.4. 

Sterling and Sleicher* recognised that Weber’s equa- 
tion overestimated the inertia effect and suggested reduc- 
ing the inertia term in equation (9) to yF, where the 


Table |. Physical property measurements of mutually saturated phases 
at 20°C. 


Density 
mg mm 


Interfacial tension 
mN m 


Viscosity 
mPas 
0.732 0.99 22.5 

0.999 1.1 


constant y = 0.175, found by the best fit of experimental 
data on jet length variation with velocity. 

In summary, the minimum drop size from capillary 
breakup of liquid jets for both liquid—air and 
liquid-liquid systems has been found experimentally to 
fall within the range 1.8 < D/d<2.6. For liquid—air 
systems this result can be predicted from stability anal- 
ysis coupled with Tyler’s assumption. For liquid-liquid 
systems, however, there is a discrepancy between the 
theoretical prediction and experiment. This paper is an 
attempt to reconcile this discrepancy and presents a 
theoretically based model for predicting minimum drop 
size from the capillary breakup of laminar liquid jets. 


EXPERIMENTAL PROCEDURE 

The experimental apparatus is described in a previous 
paper’. Briefly, one liquid was injected into a second 
immiscible liquid through a hypodermic needle. at 
flowrates spanning the whole jetting regime, from the 
first point of jet detachment from the needle to the point 
of maximum jet length. The liquids used were n-decane 
(GPR grade) and distilled water. The phases were mutu- 
ally saturated and the temperature controlled at 20°C. 
The density and viscosity of the two saturated liquids 
and the interfacial tension between the liquids were 
measured. The results are reported in Table |. Experi- 
ments were carried out with decane injected from below 
into distilled water and with distilled water injected from 
above into decane. Twelve needles were used with di- 
ameters ranging from 0.1—1.6 mm covering a jet velocity 
range from 0.2-2.0ms"'. 

Minimum drop volume was calculated from the 
product of the jet flowrate and the period of the fastest 
growing disturbance on the jet. This period was mea- 
sured by recording the frequency at which a stroboscope 
(Crompton Type 721) could ‘freeze’ the wave travelling 
on the jet surface. The ‘frozen’ image was recorded on 
videotape and the wavelength of the disturbance was 
also measured. As a check on the results, still photo- 
graphs of the jet near the breakup point were analysed 
(Figure 1) and both wavelength and minimum drop 
volume were calculated. There was close agreement 
between the results from the stroboscopic and photo- 
graphic measurements. Typical experimental data for 
one needle are given in Table 2. In all the experimental 
runs, both the wavelength and period of the disturbance 
on the jet decreased with jet velocity. 

The experimental results for all needles can be sum- 
marised by plotting the wave velocity (c = 4/t) versus 
the jet velocity U. Figure 2 shows the results for decane 
injected into water for a range of needle sizes. The results 
show that the wave velocity is always less than the jet 
velocity. 
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Figure 1. Decane jet in water. Needle diameter 1.6mm. Jet velocity 
0.44ms 


THEORETICAL DEVELOPMENT 
Problem Statement 


Consider the motion of a cylindrical jet, radius a, of 


a Newtonian incompressibie fluid of viscosity u, density 
p, moving with uniform steady velocity U. Surrounding 


Table 2. Typical experimental run. Nozzle diameter 0.83 mm. Decane 
into water 


Minimum 
Wave drop 
Wavelength velocity volume 
4(mm) c(ms-') (mm°) 


Wave 
period 
T(ms) 


Average jet 
velocity 
U(ms~') 


0.42 13.4 3. 0.24 3.07 


0.48 10.3 
0.52 
0.57 
0.62 
0.75 
0.93 
1.12 


e*) 


0.30 2.66 
0.34 45 
0.36 34 
0.39 21 
0.45 .28 
0.51 38 
0.64 18 


ws) 


4 
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WATE 


Figure 2. Experimental results for wave velocity 


the jet is a second immiscible, Newtonian, incom- 
pressible fluid of viscosity 4, density p moving with 
steady velocity U. At time ¢=0, a small amplitude 
disturbance yn, 1s initiated on the jet surface. This dis- 
turbance grows according to: 


n = Realin, e* e** | (10) 


so that the jet becomes varicose with wavelength 
4 =2n/k and amplitude increasing exponentially with 
time (Figure 3). 

The small fluid motions caused by the disturbance will 
be axisymmetric and also proportional to exp(ai + ikz) 
With the customary notation, the equations of con- 
tinuity and motion for Newtonian, incompressible fluids 
are: 


- u 
Vp +- 
p p 


+u:Vu = 


Ordering Analysis 


The solution of equations (11) and (12) can be 
simplified by estimating the order of magnitude of each 





Figure 3. Axisymmetric capillary wave growth 
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Figure 4. Velocity profiles (a) Ideal potential flow (b) Inviscid shear 
flow 


term so that unimportant terms can be neglected. This 
is achieved by making each term dimensionless. For the 
case of capillary wave motion, suitable choices of char- 
acteristic quantities are: 
characteristic length 
characteristic time = 
characteristic velocity 
characteristic pressure = 


wavelength / 

wave period t 

axial wave velocity c = //t 
‘capillary’ pressure = a/d 
The dimensionless forms of equation (11) and (12) are 
(13) 


VP UdVi 
} am ofp (14) 
We CA Re 


0=t/t; P=pd/o 


The “jetting” regime of drop formation operates with 


values of (U/c) and (d//) having orders of magnitude of 


unity, and values of We between 2 and 30, and Re above 
200. Thus it is reasonable to neglect the viscous term in 


the description of the flow and to treat the motion of 


both the jet and surrounding phase as inviscid motion. 


The Inviscid Shear Layer 

Weber assumed that conditions at the interface be- 
tween the jet and the surroundings could be approxi- 
mated by ideal potential flow (Figure 4a) with slip 
between a uniform jet velocity U and a uniform velocity 
of surroundings U. This assumption is reasonable for 
liquid jets in air where the surrounding phase does not 
exert any appreciable drag at the jet surface. For 
liquid-liquid systems, however, a more realistic assump- 
tion would include the effect of a shear layer (Figure 45) 


over which the axial velocity shows a continuous de- 
crease. 


Jet Phase Equations 
The gross velocity of the jet U in the axial direction 
is very much larger than the small motions uv, and u, 
associated with the capiilary wave, so equation (12) 
becomes for inviscid small motions 


(16a) 


(16b) 


The jet phase equations are subject to the boundary 
conditions that at r = 0 on the jet axis, the pressure and 
velocity fluctuations remain finite; and at r = a the radial 
velocity is given by 


+ US = (a + ikU)n (17) 


Ct Oz 


On 


Substituting for the pressure and velocity fluctuations, 
equations (16a) and (165) have been solved to give the 
following jet phase solutions (see the Appendix for 
derivation). 


1, (kr) 


— 2ikr? U' p(a + ikU 
ikr p(at+i 7 (ka)" 


. 1 (kr) 
= (a + ikU) 
a+! 7 (ka) " 


Continuous Phase Solutions 
Equation (12) for inviscid small motions in the con- 
tinuous phase is 


me. Jo 
+u,U'+L 


A Cu. l Cp 
+> i = 


(20a) 
OZ p Cz 
1 Cp 

: (20b) 


p er 
The continuous phase equations are subject to the 
boundary conditions that the pressure and velocity 


fluctuations tend to zero as r becomes very large; and at 
r xa the radial velocity is given by 


tatanteeo ouaaith (21) 
dt 1 02 
Substituting for the pressure and velocity fluctuations, 
equations (20a) and (204) have been solved to give the 
following continuous phase solutions (see Appendix for 
derivation). 
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-_ ~ kOY ain Si 
p=+p(at+i KK, (ka) " 
a ~ K, (kr) 
— dike? Oe + ikO) 
ikr-U'(a +i OK (kay" 
K, (kr) 


sa kU atl! 
u,.=(a+1 )K (ka) 


Characteristic Equations 
The final boundary condition which needs to be 
applied is the continuity of normal stress across the 
interface between the jet and continuous phase, that is 
Ou, 6 


Ou 
5 in >A 
p~2p-—- =) - i + 
or or a 


1—k**)y (24) 


Substituting equations (18), (19), (22) and (23) into 
equation (24) gives: 


. 2uk 
a-(/*+sK*)+4 FE (J° + mK°) 
pa 


+2ikU {1* + sK*U' +k*(0’ — 509} 


=? (1 —k*) 
pa 


+ 2 U[I* + sK*U? + 2k*U(O’ — 80] 
2iuk*? U 


pa 


(I°+ mK°U’) (25) 


where 


U=U/U and U’=U’a/U 


The growth rate x in equation (25) is complex. Putting 
2 = 8 —iw, the imaginary part (wave frequency) @ is 
given by 


w@ =ck (26) 


where 


ye + sK*U +wW(1°+mK°U)+k*(0’ —sU’) 


—1*4sK*+u(+ mK°) 





(27) 


_ _ bk 
wll pap 


The real part (growth rate) f is given by 


32 2pk I” + mK” B = 
dies pa 1*+sK* “ 


o k*(1—k**) 
pa’ ([* + sK*) 


+Ke(2 


where 
@ =1*(1—c/UP +sK*(U' —c/UP 
+ 2k*(0'(1 —c/U) —sU(U' —c/U)] 
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Equations (26) and (29) indicate a progressive wave, 
velocity c = w/k with growth rate f. They differ in two 
respects from the results of previous investigators. First, 
they indicate that the wave travels on the jet surface with 
a velocity c which is generally less than the average jet 
velocity U. Recent investigators have assumed that 
c = U. Secondly they take into account the shear veloc- 
ity gradient U’. This has the effect of reducing the 
magnitude of the inertia term in the expression for the 
growth rate. Equations (26) and (29) include the results 
of previous investigators as special cases. For example 
with a stationary continuous phase U = 0 and with the 
assumption that c = U, equation (29) reduces to Coyle’s 
equation (9). With U =0 and both s and m very small, 
equation (29) reduces to Weber’s equation (8) for liquid 
jets in air. With U =0, s =1 and ignoring capillary 
effects equations (26) and (29) reduce to Rayleigh’s 
inertial equations (4) and (5). With U = U and both s 
and m very small, equation (29) reduces to Rayleigh’s 
capillary equation (2). 


Velocity Profiles 


In a previous paper’, the gross motion of the jet and 
continuous phases was analysed using boundary layer 
assumptions. Applying the same approximations for the 
velocity profiles in the jet and surrounding phases, the jet 
velocity gradient U’ at the edge of the shear layer varies 
between —0.2 and —0.4; whilst the surrounding phase 
velocity gradient at the edge of the boundary layer 

=), 


THEORETICAL PREDICTIONS 


The development in the previous section has led to 
expressions for the growth rate and frequency of capil- 
lary waves on the jet surface. The principal forces 
involved in propagating the waves are surface tension 
forces, inertial forces and viscous forces. Inertial forces 
due to relative movement on either side of the interface 
are always destabilising for all wavenumbers. Surface 
tension forces will tend to restore equilibrium when 
k*>1 but are themselves destabilising when k* < | 
Viscous forces will tend to have a damping effect on the 
wave growth. The relative magnitude of these forces 1s 
best expressed by the dimensionless groups—Weber 
number We (inertia/surface forces) and Ohnesorge num- 
ber Z (viscous/surface forces). Putting the characteristic 
equations (26) and (29) into dimensionless form 


Py lb sK*U +W(1°+mK°U)+k*(l 
1*+sK*+w(I’+mK’) 
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Figure 5. Influence of jet velocity on growth rate. Theoretical predic- 


tions based on s =m =1; Z =0.01; U’ = —0.3 


where 


B: = stationary component of growth rate 


k*(1 —k*?) 
[* + sK* 


inertial component of growth rate 


We... 
_ ‘ k*-@ 
7 


Figures 5 and 6 show some of the theoretical predic- 
tions of the above analysis. ‘Standard’ dimensionless 
parameters have been chosen to reflect the average 
values for the decane—water systems used in the experi- 
ments. Figure 5 is the typical response of growth rate to 
increased jet velocity (Weber number). Growth rates 
increase dramatically with velocity and there is also a 


steady increase in the optimum wavenumber k*. 
Figure 6 illustrates the effect of increased continuous 
phase viscosity; the growth rates are damped and the 


optimum wavenumber k* is reduced at higher values of 


mM. 

For each value of We, there is a frequency @,, which 
corresponds io the frequency of the fastest growing 
wave. This has important implications for the assump- 
tion underlying the prediction of minimum drop size. 
Tyler's assumption leading to equation (6) predicts a 
reduced drop size in liquid-liquid systems which is not 
confirmed by experiment. However, if instead of as- 
suming that drop volume is equal to the fluid contained 
within one wavelength of the fastest growing wave, it is 
assumed that the drop volume is equal to the fluid which 
passes during one wave period of the fastest growing 
wave, then the following expression results. 


B 


GROWTHRATE 


Figure 6. Influence of continuous phase viscosity on growth rate. 
Theoretical predictions based on s=1; Z=0.01; U’=-—0.3; 
We = 20. 


(34) 


Equation (34) gives a more satisfactory explanation of 
the experimental observations of previous investigations. 
In physical terms it takes into account the increase in the 
volume of one wave of the fastest growing disturbance 
due to the relative motion of the jet and the wave during 
the formation of a drop. In liquid—air systems with very 
small values of s and m, equation (31) predicts that 
@,, = k* and Tyler’s equation (6) is confirmed. In other 
words, in liquid—air systems the fastest growing wave is 
travelling at the same velocity as the jet and there is no 
volume increase during drop formation. In liquid—liquid 
systems the wave always travels more slowly than the jet. 
This is confirmed by the experimental results of Figure 
2. Thus, although the wavenumber increases with veloc- 
ity, this is compensated by the increased drop volume 
due to the difference between the wave and jet velocities. 

Equation (34) has been tested against the experimental 
results of both the liquid—liquid systems investigated. 
Figure 7 shows a range of results. The ‘standard’ param- 
eters, s =m =1, Z=0.01, and U’ = —0.3 are used to 
test the present theory against the experimental results in 
Figure 7. The present analysis represents an im- 
provement for predicting minimum drop size in 
liquid-liquid systems. 


CONCLUSIONS 
The success of Tyler’s prediction of drop volume in 
liquid—air systems has encouraged the development of 
theoretical analyses of the growth of capillary waves in 
liquid-liquid systems. However, the theoretical predic- 


Chem Eng Res Des, Vol. 63, January 1985 





MINIMUM DROP VOLUME 


D/d 


DIAMETER RATIO 


- 


Figure 7. Experimental results for minimum drop size. Theoretical 


predictions based on s =m = 1; Z=0.01; U 0.3 


tion of drop size in liquid-liquid systems have not 
previously matched up to experimental evidence. 

The present paper has shown how the assumption that 
the minimum drop volume is inversely proportional to 
wave frequency rather than wavenumber gives a closer 


agreement between stability theory and experimental 
values of minimum drop size. In particular, it confirms 
the evidence of many previous investigators that min- 
imum drop size in liquid—liquid systems is of the same 
order as that for liquid—air systems. Tyler’s prediction is 
shown to be a special case of the general expression given 
by equation (34). 


SYMBOLS USED 


jet radius (mm) 

wave velocity (mms ') 

jet diameter (mm) 

drop diameter (mm) 

modified Bessel function of the first kind, order A 
2x/A cepillary wavenumber (mm ~' ) 

ka dimensionless wavenumber 

modified Bessel function of the second kind, order h 
ji/u ratio of viscosities continuous phase/dispersed phase 
pressure (mPa) 

radial coordinate (mm) 

pUd/p Reynolds number 

p/p ratio of densities continuous phase/dispersed phase 
time (Ss) 

velocity vector (ms~') 

average jet, continuous phase velocities (ms~') 
average velocity gradient in jet, continuous phase (s~') 
dimensionless velecity gradient in jet (U’a/U), continuous 
phase (U’a/U) 

0/U ratio of velocities continuous/jet phase 

minimum drop volume (mm°) 

pU*d/o Weber number 

axial coordinate (mm) 

L/,/(pdo) Ohnesorge number 
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B — iw complex growth rate (s~') 
real growth rate (s~') 

B./(px°/o) dimensionless growth rate 
surface disturbance amplitude (mm) 
initial disturbance amplitude (mm) 
capillary wavelength (mm) 

viscosity (m Pa s) 

density (mg mm~*) 

surface tension (mN m~') 

capillary wave period (s) 

2n/t wave frequency (s~') 

wa/U dimensionless wave frequency 


Subscripts 

m associated with fastest growing disturbance 

Superscript 

; associated with surrounding continuous phase 
derivative with respect to radial coordinate 

Bessel Function Groupings 

ie I,(k *)/T,(k*) 
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APPENDIX 
Derivation of Equations (18) and (19) 
For the jet phase the small motions are represented by 
u. = u.(r)exp(at + ikz) 
u, = u,(rjexp(at + ikz) 
p = p(r)exp(at + ikz) 


Substituting into the continuity equation and equations 
(l6a) and (165) gives, with u=u.(r), 1 
o=pl(r)/p 


u,(r ) 


iku+v'+v/r=9 


(a + ikU)u + U'v + ikd =0 


(a +ikU jv +o' =0 (38) 


Differentiating equation (37) with respect to z and 
equation (38) with respect to r, adding the result and 
substituting equation (36) gives 

2ikr? Ut (39) 


ro" +ro k*r-o = 
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The general solution of equation (39) will be the sum of 
a complementary function ¢,, and a particular integral 
o,. Setting the right hand side of equation (39) to zero 
gives Bessel’s equation. At r = 0, the pressure fluctuation 
remains finite, so 


o, = Aljtkr) 
From equation (38) 


AkI (kr) 


v= —— _ 
(x + ikU) 


At r=a,v =(x + ikU)n, (from equation (17)) 
Assume v = v,, then the constant A is given by 
(a +ikUy 
kI, (ka) 


, (kr) 
~(% + ikU) ' 
er YT idea) 


and 


at (40) 


v=v,=(a+ wee 


To determine the particular integral, substitute equation 
(40) into the right hand side of equation (39) and 
substitute @, = B/,(kr) into the left hand side of equa- 
tion (39) to give 


BI, (kr) = —2ikr?U'(a + kU) LE, 
Nae as Bibel E Ty) 21M q 
: I, (ka) , 
yielding equations (19) and (18). 

The method of solution for the continuous phase 
equations is exactly similar to yield equations (22) and 
(23). 
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SHORTER COMMUNICATION 


EXPANSION INDEX FOR BIOLOGICAL 
FLUIDISED BEDS 


By C. R. THOMAS (GRADUATE) and J. G. YATES 


Department of Chemical and Biochemical Engineering, University College London 


The Richardson—Zaki equation is usually used to describe the behaviour of liquid fluidised beds. For biological fluidised beds 
it is sometimes assumed that the expansion index can be estimated from the correlations for uniform rigid spheres. Recently 


published data are analysed and doubt cast on this assumption. 


INTRODUCTION 
Liquid fluidised beds of biological materials are of 
considerable interest, especially in biological wastewater 
treatment’. 

For non-biological fluidised beds of homogeneous 
rigid spherical particles, the Richardson--Zaki 
equation*’ is widely used to describe bed-expansion 
characteristics: 


(1) 


where the expansion index n is a function of the terminal 
settling Reynolds number Re, and is given by: 
n= 4.4 Re *”’ for 0.2 < Re, < 1 (2) 


n= 4.4 Re-”' 


n=2.4 


for | < Re, < 500 (3) 
for 500 < Re, (4) 
provided the particle diameter is small compared to that 
of the vessel. The terminal settling velocity, U,, of a single 
smooth spherical particle in infinite fluid (which is used 
to find Re,) is given by: 


V2 = 42 (p, — p)d, 


FS 
3Cpp o 
where Cp is the drag coefficient, which is dependent on 
Re,. Expressions for Cp will be discussed later. 
Equation (1) and the correlations for n have been used 
without modification to analyse biological fluidised 
beds, for example by Andrews’*. Greenshields and Smith* 
and Smith et al® found that equation (1) could indeed be 
used for fluidised microbial aggregates such as yeast flocs 
and mould pellets. Greenshields and Smith® gave a point 
value of n of 4.4, but Smith et al° reported values of n 
of 7.5 to 14 for yeast and 8.7 to 10.3 for Aspergillus niger, 
much greater than the values predicted by equations (2) 
and (3). Ngian and Martin’ found that the correlations 


were Satisfactory for estimation of n for fluidisation of 


char particles coated with microbial growth, but that the 
usual expression for U, for spherical particles, equation 
(5), could not always be applied. Hermanowicz and 
Ganczarczyk* and Mulcahy et al’ found that a formula 
for Cp accepted for smooth rigid spheres (see equation 


(10)) predicted values that were too low for biocoated 
particles, and thus gave U, values and therefore Re, values 
that were too high. Hermanowicz and Ganczarczyk* 
postulated that this was because biocoated particles may 
be neither smooth nor rigid. The Richardson—Zaki 
equation (1) could have been employed if a modified 
formula for Cp) was used to find U,. The implicit 
conclusion was that the Richardson—Zaki correlations 
were Satisfactory for estimation of n provided the correct 
value for U, was used. However, Mulcahy et al’ gave an 
expression for n: 


n = 10.35 Re, for 40 < Re, < 90 (6) 


even though the values were corrected. Webb et al 
studied the fluidisation of agar-filled biological support 
particles (stainless steel mesh spheres), as models of 
similar bio-filled particles. A value of n of 2.73 at an Re 
value of 2200 was found; this was higher than that 
predicted by equation (4), probably due to surface 
roughness; no further comment was made. Finally, 
Shieh and Chen” recently measured n and U, values for 
biocoated glass spheres. The results were correlated with 
the Galileo number Ga defined by: 
: d.p (Pp, p )g 
Ga =—- 
he 
From equations (5) and (7) it can be shown that 
3 

Cp Re; = Ga (3) 
4 
In this communication expressions for n from Shieh and 
Chen'’ are reworked to be dependent on Re,. Two 
alternative formulae for C, are used, and the available 
expressions and values for m are compared within the 
range of Re, values that are usually of interest for 
biological particles. 


RANGE OF Re, FOR BIOLOGICAL 
PARTICLES 
Table | gives approximate values for Re, for the 
studies quoted, calculated from U, and d, values as- 
suming in all cases that the fluidising liquid was water of 
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Table 1: Approximate Re, values for biological particles 
Source Type Size (mm) Re, range 


Smith et al! 
Smith et al! 
Ngian and Martin 


1.5-6.0 12-260 
1.3-4.5 5—460 
ca |.6/ca 0.6 2-12 


yeast flocs 

4. niger pellets 

biocoated char 
particles 

Hermanowicz and biocoated sand 40-81 
Ganczarczyk* 

Mulcahy et al’ biocoated glass 40-90 

beads 


Webb et al biomass-filled 2200 


steel supports 


density 1000 kgm~° and viscosity 10~* Pa s. Except for 
the work of Webb et al’ the values are all in the 
intermediate range of Reynolds numbers Le. 
1 < Re, < 500. The particles of Webb et al’” were very 
dense and Re, is higher. Formulae for Cp considered in 
this communication will be applicable to the inter- 
mediate flow regime. 


FORMULAE FOR C, IN THE 
INTERMEDIATE FLOW REGIME 


For smooth rigid spheres Kunii and Levenspiel'” 
suggest: 


Cp = 10 Re-”” for 0.4 < Re, < 500 (9) 


The Chemical Engineers’ Handbook’ gives: 


Cp = 18.5 Re,” for 0.3< Re,< 1000 (10) 


which was used by Andrews’*. Equations (9) and (10) are 
both based on the assumption that log Cy) is propor- 
tional to log Re in the intermediate range. In fact this is 
not so, but the formulae are both reasonable approxi- 
mations for the actual relationship between C, and Re,. 

For  biocoated' particles, Hermanowicz and 
Ganczarczyk* found: 


Cy = 17.1 Re; *”’ for 40 < Re, < 81 (11) 


while Mulcahy et al’ found: 


Cp = 36.6 Re *”’ for 40 < Re, < 90 (12) 


which gives very similar values for Cp over the quoted 
Re, range’. Hermanowicz and Ganczarczyk* claim equa- 
tion (11) is superior to equation (12) because the former 
coincides with the drag coefficient at the boundary of 
laminar flow, at a Reynolds number of 1.9. 

In this communication equations (10) and (11) will be 
used to relate Ga and Re,. 


RELATIONSHIPS BETWEEN 
Ga AND Re, 


Using equation (8), relationships between Ga and Re, 
corresponding to equations (10) and (11) are found to be 
(respectively): 

Ga = 13.9 Re!* (13) 
2.8 Re!» (14) 


Ga = 


An expression that has been used to relate Ga and Re, 


for spherical particles in the intermediate regime is’*: 
Ga = 18 Re, + 2.7 Re!’ 

for 3.6< Ga < 10° (15) 

Equation (13) is a reasonable approximation to this 

expression for the intermediate range and is more trac- 

table. It is therefore preferred in this communication. 


RESULTS OF SHIEH AND 
CHEN 
Shieh and Chen give: 


n = 47.361 Ga © for 1000 < Ga < 15000 (16) 


Unfortunately equation (16) is not the equation of the 
best line through the data points shown on Shieh and 
Chen’s Figure 3 (4), An approximate expression for this 
line is: 


n =69.5Ga~°” (17) 


Using equation (13) the range for Re, used was 21 to 147, 
and using equation (14), 17 to 101. 


EXPRESSIONS AND VALUES 
FOR n 


Richardson and Zaki**”*: 
n=4.4 Re, for 1 < Re, < 500 (3) 
Mulcahy et al’: 
n = 10.35 Re,” for 40 < Re, < 90 (6) 
For 20 < Re, < 100: 
Equations (16) and (13) nm = 24.0 Re, ”° (18) 
Equations (16) and (14) n = 24.6 Re; °*™ (19) 
Equations (17) and (13) n = 29.2 Re, °*” (20) 
Equations (17) and (14) n = 30.0 Re, °° (21) 
Table 2 gives values of n and Re, (calculated assuming 


Table 2: Values of n and Re, from Greenshields 
and Smith? and Smith et al‘ 


Yeast flocs A. niger pellets 


Re n 
1.4 9.1 
14.2 8.8 
56 10.3 
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Figure |: Plots of various expressions for expansion index, m as a function of terminal settling Reynolds number, Re,. Bracketted numbers re 


] 


to equations in the text. @ Smith et al®, yeast floc. MSmith et al, A. niger pellet 


a fluid density of 1000 kg m ~* and viscosity of 10~* Pa s) 
from Greenshields and Smith® and Smith et al’. 

Figure | shows plots of the expressions for the range 
20 < Re,< 100 over which all should be applicable. 
Point values from Smith et al°® which fall into this range 
are also shown. 


DISCUSSION 

The results of Shieh and Chen"' (suitably reworked) 
and of Mulcahy et al’ suggest that the Richardson—Zaki 
correlation for the expansion index n, equation (3), 
should not be used for biocoated particles. Equation (21) 
is based on the corrected expression for n as a function 
of Ga, and an expression relating Ga and Re,, equation 
(14), which was developed for biocoated particles. Either 
equation (21) or equation (6) could be used to estimate 
n, although both are based on limited data. The values 
of n predicted by these equations can differ greatly. For 
example, when Re, = 90, equation (6) predicts n = 4.60 
while equation (21) predicts n = 3.09. As the expansion 
index is the exponent in equation (3) this difference is 
important. Clearly further work on the relationship 
between n and Re, is essential. In particular, data are 
required that cover a large range of Re,. 

The values of n found by Smith et al° are even higher 
than those predicted by equations (21) and (6). Given the 
loose nature of flocs and pellets this is not surprising. 
Further investigation upon flocs and pellets is also 
required. 


CONCLUSION 
It is doubtful that the Richardson—Zaki correlations 
can be used with confidence to predict the expansion 
index for biological fluidised beds. Further in- 
vestigations of the relationship between n and Re, are 
required. 
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SYMBOLS USED 


bioparticle diameter 

expansion index 

acceleration due to gravity 

drag coefficient 

Galileo number (equation(7)) 
terminal settling Reynolds number 


U,d,p 


ll 


Re, = 


superficial velocity 
terminal settling velocity 
bed porosity 

liquid density 

particle density 

liquid viscosity 
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This is the first editorial that I have prepared since my 
appointment as Honorary Editor. Before going on to 
describe the papers in this issue, I think it is appropriate 
that I should record my appreciation and thanks for the 
sterling work done by my predecessor, Dr. Brian Gay. 
Dr. Gay served as Hon. Editor for five years and had to 
retire from the editorship following his appointment as 
Head of Department of Computing Science at Aston 
University. I hope to continue to maintain the high 
standards set by Dr. Gay and that I wiil have the support 
of members of The Institution in the work. 

This issue of the Transactions contains one review 
paper and eight other papers, covering a very wide range 
of topics of interest to chemical engineers. Many chem- 
ical processes and pipeline operations involve handling 
flammable liquids and vapours and a number of inci- 
dents have focused attention on the problems of vapour 
cloud formation following an uncontrolled release from 
such equipment. The review paper “Unconfined vapour 
cloud dispersion and combustion: an overview of theory 
and experiments” by A. J. Pikaar is therefore very timely 
and discusses the various processes which occur. All 
chemical engineers who have an interest in design and 
operation of plant containing flammable fluids are urged 
to read this paper which gives a brief overview of the 
current state of the art and a very useful bibliography 
on literature sources on various aspects of the 
subjeci. 

The second paper in this issue (“Density reduction of 
kaolinite by flash heating” by T. W. Davies) is concerned 
with the swelling of kaolinite (clay) particles which 
occurs due to internal steam formation and expansion 
when the particles (suspended in a carrier gas stream) are 
heated in a furnace. Maximum expansion occurs (see 
figure 10 in the paper) at a given residence time and 
furnace temperature. The achievement of a low density 
is a desirable attribute when the clay is used as a filler 
material. 

The third and fourth papers in this issue are the 
respective parts of a two-part paper entitled “Phase 
transfer enhancement in metal extraction” by V. Rod, Z 
Sir and A. Gruberova. These two papers deal with the 
important topic of “combined extractants” where a 
second substance is added to the organic extractant 
which the extraction of the metal but in 
which the combined extractant maintains its low solu- 
bility in the aqueous phase. The first paper deals with the 
mathematical modelling of the catalysed extraction pro- 
cess and the second paper describes experimental studies 
of copper extraction where, using a combined extractant, 


“catalyses” 
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the extraction rate was enhanced, in a manner which was 
correctly predicted by the theory 

The fifth paper in the issue (“Foam enhanced oil 
recovery from sand packs” by J. Ali, R. W. Burley and 
C. W. Nutt) is concerned with secondary oil recovery 
using foams. The economic incentives for studies in this 
area are obvious, and the results of the experiments 
described here indicate some considerable promise for 
this technique 

In the next paper (“Simple model for non-catalytic 
gas-solid reaction” by C. B. D. Tine) a mathematical 
model is developed to describe the reaction between a 
gas and a porous solid, the reaction rate being affected 
by diffusion in the pores 


The interaction between mass transfer efficiency and 
hydrodynamic behaviour in distillation plates is highly 


complex and depends on detailed flow patterns across 
and through the plate. It is not surprising, therefore, that 
considerable difficulties are experienced in extrapolating 
plate efficiencies from laboratory scale to the full plant 
scale. The paper by R. J. Kouri and J. J. Sohlo (“Effect 
of developing liquid flow patterns on distillation plate 
efficiency”) presents a model describing the liquid cross 
flow over a plate and evaluates the effects of various 
assumptions on the liquid flow distribution 

The laser diffraction technique for particle size mea- 
surement has been widely applied and is the basis of a 
commercial instrument supplied by Malvern Instru- 
ments, and was invented in the Department of Chemical 
Engineering and Fuel Technology at Sheffield Univer- 
sity. The paper by D. J. Brown and P. G. Felton (“Direct 
measurement of concentration and size for particles of 
different shapes using laser light diffraction”’) arises from 
the same department and discusses the application of the 
technique in on-line measurements of particle size in 
crystallisation. The validity of the 
confirmed by measurements of particles of a whole 
variety of shapes and sizes 


technique was 


The final paper in this issue (“Experimental studies 
with an absorption system for simultaneous cooling and 
heating” by P. Kumar, M. G. Sane, S. Devotta and 
F. A. Holland) describes measurements on an absorption 
cooler system using an auxiliary 
addition to an economiser 


heat exchanger in 


As will be seen from the above description, the papers 
in this issue of the Transactions cover a wide range of 
topics and I hope that there will be something of interest 
to most chemical engineers! 

G. F. Hewitt 
Honorary Editor 





Notes for Authors 


Editorial Policy and Standards 

1. Papers published in the Journal will be original con- 
tributions to chemical engineering knowledge, not previously 
published. In particular, the Editorial Board encourages the 
submission of papers which show how the results of research 
may be used in chemical engineering design. Such implications 
for design should be brought out clearly in the paper and its 
summary. 

Accounts of research work of an experimental or theoretical! 
nature which throw new light on established principles, which 
identify problems not yet solved, or indicate practical areas to 
which research effort may usefully be applied are also invited. 
Reports from industry and from research establishments are 
particularly welcome 

Papers may also deal with new developments of plant or 
processes if these developments are related to underlying 
principles and can be given quantitative expression. 

2. Authors need not be members of the Institution. Papers 
must be in English and should normally be of 2500 to 5000 
woras, including Appendices. Figures should also be included 
in this count, each being estimated as equivalent to 250 words. 


3. The Editorial Board will, however, also welcome Shorter 
Communications (less than 2500 words) for consideration for 
publication; these would describe, for example, novel research 
techniques, new analyses of previous work, or interesting 
aspects of work still in progress. A faster refereeing procedure 
has been arranged for such short Papers. 

4. The Journal also publishes a limited number of longer 
Review Papers, which are critical assessments of previously 
published work in a selected area of chemical engineering. In 
conformity with editorial policy, Reviews should show how the 
results of research can be used in the design of plant and 
equipment. 

Most Reviews are specially commissioned by the Editorial 
Board, but authors are also invited to offer Reviews for 
consideration for publication. In view of the substantial effort 
required, authors are advised to communicate with the Editor 
before embarking on a Review 


5. It is the policy of The Institution to publish only papers 
of the highest quality. To help maintain these standards all 
papers submitted are sent to referees familiar with the branch 
of chemical engineering covered. They advise as to whether the 
paper is acceptable or not and, in addition, indicate to the 
author possible ways in which, in their opinion, the paper 
might be improved. The final decision on publication is taken 
by the Editor in light of this advice. 


Manuscript Requirements 

1. The text should be typewritten, using one side of the 
paper only, double-spaced and with adequate margins to allow 
for revision and copy preparation marks. A summary, pre- 
ceding the text, should briefly describe the essential original 
contents of the paper 

2. Mathematical expressions can sometimes be more easily 
interpreted by the printer if carefully written by hand. Where 
many equations appear, a list of symbols used should be 
inserted at the end of the paper, before the references. SI units 
should always be used; the negative index notation is preferred 
to the oblique stroke 


3. References are listed in the order in which they are first 
cited in the text, where they are indicated by superscript 
numbers. They should give in order: Authors’ surnames and 
mitials, Year, Title of book or journal, Volume, Issue, Page 
numbers , followed by name and town of publisher in the case 
of a book 


4. Tables, drawings and photographs should be on separate 
sheets at the end of the manuscript and not interspersed in the 
text. Tabulated data should not duplicate values detailed in the 
text or on graphs. Drawings submitted should be clear and 
complete and preferably in a form suitable for direct re- 
production. Photographs should be restricted to the minimum 
necessary. 

5. Where limitations of space preclude publication of de- 
tailed results, mathematical derivations, etc, authors are in- 
vited to include in their paper a statement that this information 
is available from them on application. Authors may make an 
appropriate charge for supplying items requested in this way. 
Such material should be supplied with the paper when submit- 
ted to the Editor. 


Submission of Papers 

1. Three copies of the paper should be sent to: The Editor, 
Chemical Engineering Research and Design, Institution of 
Chemical Engineers, 165-171 Railway Terrace, Rugby, 
Warwickshire, CV21 3HQ, England. An overseas author may 
however choose to submit his paper via an Associate Editor in 
his part of the world, as follows 


Australia: Professor R. G. H. Prince, Department of Chem- 
ical Engineering, University of Sydney, Sydney 2006, New 
South Wales, Australia. 


Canada: Professor L. W. Shemilt, Department of Chemical 
Engineering, McMaster University, Hamilton, 
Canada L8S 4L7. 
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Chemisches Laboratorium, ETH-Zentrum, CH-8092, Ziirich, 
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2. A full address to which readers may send correspondence 
should be specified, including the post code. The address at 
which the work was carried out, if different, should also be 
indicated. Where there are several authors, one should be 
nominated to check proofs and to receive all correspondence. 


3. A proof will be sent to the nominated author, to be 
checked for possible typographical errors. Other alterations 
cannot be incorporated at this late stage without incurring 
higher printing costs, and extensive alterations would necessi- 
tate postponement of publication of the paper to a later issue. 

4. Following publication the nominated author will receive 
50 off-prints of the paper (or 25 where there is just one author). 
Any further off-prints required should be ordered at proof 
stage. Reprints, ordered after publication, are more expensive. 
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UNCONFINED VAPOUR CLOUD DISPERSION 
AND COMBUSTION: AN OVERVIEW OF 
THEORY AND EXPERIMENTS 


By M. J. PIKAAR 


Shell Internationale Petroleum Maatschappij B.V., The Hague, The Netherlands 


The state-of-the-art in assessing the possible consequences of a flammable release is discussed. A review is given of the chain 
of events (release—-dispersicn—combustion) with reference to theories and experiments, including large-scale tests, for each link 
of the chain. The dominant influence of the manner in which the release takes place is highlighted, and the applicability of 
various methods of assessing vapour cloud dispersion is discussed. The combustion hazards, fire radiation and explosion, receive 
attention. Explosion of a cloud depends on flame acceleration, which may be brought about by the geometry of the surroundings. 
Methods of assessing the characteristics of the pressure wave generated by cloud combustion are reviewed. 


INTRODUCTION 
Over the past decade a large amount of effort has been 
devoted to gaining better understanding of the processes 
which may take place when flammable liquids or 
vapours are released. This paper is intended to highlight 
the significance of several of the more important recent 
developments relating to the dispersion and combustion 
of flammable clouds. In covering those aspects which 


play a part in the total process from the initial release of 


material to the ultimate safe dispersion or fire or ex- 
plosion, special attention will be paid to circumstances 
which, on the basis of present understanding, influence 
the outcome of the chain of events. Most of these can be 
identified while reviewing the chain’s individual links: 
release, dispersion, and combustion. Outside influences 


may affect more than one link in the chain. Examples of 


such interacting effects are discussed at the end of the 
paper. 


RELEASE PHENOMENA 


In this section aspects of a release are considered which 
play a role in the formation of a cloud up to the point 
where atmospheric effects and gravity become the major 
dispersing influences. 

The starting point for every assessment of a potential 
hazard is the postulation of a release of material. In its 
simplest form this may be no more than a statement of 
the total mass of liquid or vapour which may escape in 
a certain period. Indeed, simplified assessments of the 
possible effect of accidental explosions' adopt an 
experience-based rough rule-of-thumb in which some 
chosen fraction of the total mass of hydrocarbons 
released is assumed to participate in the explosion 
Although such an approach has the merit of simplicity, 
it ignores features of the release which dominate sub- 
sequent events. For instance, the amount of flammable 
material in a cloud depends on whether the substance 
escapes as a vapour or as a liquid and, if liquid, whether 
it sprays through the air or spreads over the ground and 
whether or not it spontaneously boils at ambient tem- 


perature. These aspects and other release phenomena are 
the subject of this section 


Vapour Releases 

Vapour released from equipment under pressure will 
enter the atmosphere as a high-velocity jet. The inter- 
action of such a jet with a stagnant medium has been 
studied in detail~ and the resultant dilution is very rapid 
It is found that when vapours enter the atmosphere at 
sonic velocity, 100-fold dilution will be achieved by jet 
action alone within a distance of 200 nozzle diameters, 
thus reducing the vapour concentration to beiow the 
LFL (Lower Flammable Limit). Impingement of a jet on 
the ground or other surface will deflect the stream 
without substantially reducing the momentum. Thus, 
vapour escaping from a pressure source will produce a 
jet containing flammable vapour and, providing the 
escaping vapours meet air that is continually refreshed, 
the flammable zone will be restricted to the region close 
to the source 

In cases where vapours enter the atmosphere at low 
velocity, jet action may be insufficient to achieve dilution 
below the LFL. Here a calculation routine is called for 
in which account is taken of the transition from jet 
dilution to atmospheric dispersion 


Liquid Releases 

In comparison with vapour releases the release phen- 
omena which may be encountered in the case of liquid 
escape are both more numerous and more complex. Here 
the generation of the vapour cloud is affected by the 
vapour pressure of the liquid at the ambient temperature 
(i.e. will the liquid freely boil on the ground?) and by the 
vapour pressure of the liquid at its containment tem- 
perature (i.e. will it “flash” as it escapes?) 


Flashing Liquid Release 
A liquid contained at a temperature above its atmos- 
pheric boiling point will flash as it escapes and, in doing 
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so, will affect the release rate through a given aperture”” 


Furthermore, the evaporation/jet dispersion process of 


the released material is of paramount importance with 
regard to the size of the flammable vapour cloud. Widely 
differing approaches are adopted in assessing the hazard 
of such releases 

On the one hand theoretical consideration of the 
momentum effect of a flashing jet of volatile hydro- 
carbons in air leads to the conclusion that air en- 
trainment can be sufficient to evaporate and dilute the jet 
to below LFL in many practical situations, such as the 
escape of propane from pressure storage at ambient 
temperature. For example, liquid propane escaping at a 
rate of 23 kg/s from a vessel at 27 C is calculated to be 
diluted to LFL over a jet length’ of 21m. Relevant 
experiments* '° bear out that considerable dilution is 
achieved in cases where the escaping jet is unimpeded. 

On the other hand, the effect of initial dilution is often 
conservatively ignored. It can rightly be pointed out that 
many accidents have involved flammable clouds formed 
from flashing liquid releases. A fuller understanding is 
needed both to reduce the conservatism which is fre- 
quently introduced and to identify the situations in 
which jet action will dilute a flashing liquid release to 
below LFL. 


Non-flashing Liguid Releases 

A liquid escaping at a temperature at or below its 
atmospheric boiling point can create vapour clouds by 
evaporation if it is sprayed through the air. Liquid on 
the ground or on water will continue to boil if its 


atmospheric boiling point is below the temperature of 


the surroundings. If its boiling point is higher, then 
vaporisation and cloud formation are brought about by 
the passage of air over the liquid surface. 

In the case of a spray release, the quantity and 
concentration of flammable vapour actually formed will 
be governed by the circumstances of the release; vapor- 
isation will, however, be limited by the cooling of the 
remaining liquid. 

As liquids with a boiling point below ambient cover 
the ground. significant amounts of vapour are evolved 
by boiling due to heat input from the substrate. This 
boiling rate per unit ground surface covered decreases 
with time. Theories for the evaporation rate of such 
pools of liquid are well developed and substantiated by 
experiments’ '°. This understanding has led to control 
methods such as the subdivision of potential spill areas 
on land into smaller containment sections in order to 
reduce evaporation by restricting the area of surface 
contact between released liquid and ground”. 

Important influences of the source itself are by no 
means limited to jets interacting with the atmosphere 
and obstacles. Whereas air movement over a pool of 
liquid with a boiling point above ambient will create 
only a minor flammable cloud'’, the downward flow of 
such a liquid along a structure can cause the generation 
of a vapour cloud which is significantly greater. For 
example, the size of the vapour cloud created under 
low-wind conditions by overfilling a gasoline tank in 
Roosendaal’® was probably due to the evaporation of 
the fuel as it flowed down the wetted wall of the tank. 
In this situation, the dense vapour/air mixture can sag to 


the ground, allowing fresh air to meet the liquid and 
promote the evaporation process. 


Heavy or Light Vapour 

For a few substances the manner in which a liquid is 
released determines whether the generated vapour cloud 
is heavier or lighter than air. For ammonia releases the 
subject has received considerable attention'’; more re- 
cently it has been noticed that a release of LNG below 
the water surface gave rise to a buoyant cloud due to the 
warming-up of vapour'’. Such release phenomena are 
not only extremely interesting but also of prime im- 
portance in the subsequent behaviour of the cloud. 

Though the influence of release phenomena for other 
substances may be less dramatic than in the above 
examples, they may still be significant and should be 
borne in mind when making assumptions with respect to 
the source when assessing the significance of a release. 


VAPOUR CLOUD GENERATION AND 
DISPERSION 

In this section the interaction between a source of 
vapour and the atmospheric environment will be dis- 
cussed. In cases where release phenomena of the pre- 
vious section play a part, there may be a gradual 
transition from the processes dominated by the release 
to those which are governed by the turbulence of the 
atmosphere and the physical characteristics of the cloud, 
such as its rate of evolution and its density. 

In general, it must be remembered that random air 
movement in the atmosphere causes fluctuations of 
concentration (non-homogeneity) in a dispersing cloud. 
As a consquence, any level of concentration measured 
or predicted at a point downwind of a release must be 
qualified as a “time average concentration”. 

Up to the early seventies the general approach to 
assessing the behaviour of a vapour release was to 
consider the foreign material as part of the atmosphere, 
in which it was subject to the random dispersing 
influence of turbulent motions. This Gaussian 
approach” involves “sigma” parameters which are de- 
pendent on the stability of the atmosphere and takes no 
account of the density of the released material. In cases 
where the release is of a density close to that of air 
(so-called “neutral buoyancy”) the Gaussian method is 
still the accepted tool for evaluating the dispersion of 
air-borne releases. Application of this method not only 
renders the concentration contours downwind but also 
permits of an assessment of the quantity of flammable 
material present in the cloud between the limits of 
flammability”’. 


Directional Releases 

As aiready mentioned under Release Phenomena, a jet 
of vapour will be diluted by entraining air as it enters the 
atmosphere. If the exit velocity is less than, say, 100 m/s 
in a wind of 10 m/s, the turbulence of the atmosphere 
will be significant before the LFL is reached. In general, 
cases of directional vapour release are best evaluated by 
applying plume-path models which incorporate the 
gradual transition from jet dilution to atmospheric 


Chem Eng Res Des, Vol 63, March 1985 





UNCONFINED VAPOUR CLOUDS 77 


turbulent dispersion. Several of these can take account 
of density effects for buoyant or dense vapour, tracking 
the trajectory of the plume’. For dense vapours issuing 
at low speed in a low wind the plume may descend to the 
ground, from which stage onwards considerations per- 
taining to ground level releases apply. 


Ground-level Releases 

In the early seventies the first experiments on dense 
vapour releases, notably LNG trials, showed very much 
wider and lower clouds than predicted by standard 
Gaussian dispersion parameters. Attempts were 
made’! to modify the vertical and horizontal “‘sigmas” 
to obtain agreement. These manipulations were doomed 
to be short-lived in that the fundamental changes 
brought about by density effects cannot be accounted for 
in a general way by adjusting Gaussian parameters. This 
is particularly true of non-toxic flammable releases, for 
which the region of interest is limited to higher concen- 
trations and extends only to the point where the 
vapour/air mixture is diluted to the LFL. For example, 
a propane/air mixture at this concentration is still 1% 
heavier than air, which would be equivalent to a tem- 
perature change of 3°C in the case of a neutral density 
gas (i.e. one with a density equal to air). This tem- 
perature change may seem small, but it should be 
compared with the influence of temperature differentials 
over the height of the lower atmosphere (lapse rate); the 
significant difference (by a factor of 3 or more) in 
Gaussian-based dispersion distances to LFL in an un- 
stable and in a stable atmosphere is related to a 
difference in lapse rate of no more than 0.05°C/m. 

Recognition of the distinct behaviour of dense gas 
releases led to the development of a variety of so-called 
“slab” or “top hat’? models in the mid-seventies by 
different authors****. All these models considered the 
dilution process to consist of an early phase in which the 
density-dominated cloud spreads over the ground and 
dilution occurs by air entrainment into the cloud, fol- 
lowed by a final phase in which the turbulence of the 
atmosphere is responsible for the further dilution of the 
cloud. 

Excellent papers have recently appeared in which the 
physically based models are described and compared?”*. 
One important distinction between the various models 
is the basis on which transition from the gravity- 
dominated to turbulence-dominated phase is estab- 
lished. Earlier models*’** switch over abruptly when, for 
example, the dense vapour spreading velocity is less than 
an elected proportion of the wind velocity. Others** 
accommodate a gradual transition. 

The concentration of interest on dense gas dispersion 


prompted the performance over the last five years of 


further field trials to check on the theoretical insights 
which had grown during the years of model devel- 
opment. Prominent among these were: 


(a) The Shell LNG/refrigerated propane spill trials over 
the sea at Maplin (UK)”. 

(b) The DOE land-based trials at China Lake (USA)” 
(c) The HSE trials at Porton Down” and Thorney Island 
(UK)". 
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Dispersion highlights from these tests and their analysis 
are that: 


(a) Over a smooth sea surface clouds from LNG and 
refrigerated propane releases can be very low and wide 
(Maplin). 

(b) Heat transfer from the water/ground surface to the 
cloud significantly affects the dispersion behaviour of 
LNG clouds at low wind speeds (Maplin/China Lake). 
(c) The initial process of gravity slumping in the case of 
a tall release has an important effect on the shape and 
early dilution of the cloud (Porton Down/Thorney 
Island). 


The significance of these and other tests in the context 
of dense gas dispersion is characterised by the initial 
Richardson number”, which indicates that wind speed is 
the most important variable. On the basis of the criterion 
Ri, > 10, test conditions at Maplin permitted of dense 
gas behaviour being observed in the majority of trials, 
whereas in the China Lake series the weather made such 
behaviour less common. Features of particular interest 
in the analysis of this phase are the air/dense vapour 
mixing mechanisms over the spreading cloud surface and 
the dilution effect at the edge of the cloud as it pushes 
away air. 

In parallel with the developments of slab models, there 
has also been a move to approach the entire process of 
gravity spreading and turbulent dilution by numerically 
integrating suitably simplified mean flow equations of 
mass, momentum and energy in a 3-dimensional grid 
Turbulent transport in these models is formulated by 
using an eddy viscosity/diffusivity concept. Stock has 
been taken of these models along with slab models based 
on the solution of integral equations”. Current opinions 
as to their relative merits are coloured by future ex- 
pectations. The remaining uncertainties in the currently 
favoured slab models with regard to interactions at layer 
interfaces apply equally strongly to the specification of 
eddy diffusivity in grid models. As a result there is at 
present no advantage to be gained from grid model 
computation in situations which are characteristically 
level and unobstructed. In cases where grid models are 
used to assess the influence of large obstacles on dis- 
persion, their results should still be viewed qualitatively 
rather than quantitatively. Ultimately, when all features 
of these models are established with more certainty, it is 
to be expected that the grid model will be the more 
suitable tool for evaluating dispersion in situations with 
complex terrain features 


Influence of Obstacles and Terrain 


Structures, whether in the path of the dispersing cloud 
or upwind, can be of overriding importance in deter- 
mining the behaviour of a vapour cloud. Their general 
influence is to enhance the turbulence of the air stream 
and so promote dilution; this notion is sometimes ap- 
plied by assigning different dispersion parameters in 
Gaussian evaluations of neutral gas releases in different 
surroundings 

For dense clouds, which move close to the ground, the 
influence of structures is still more important than for 
clouds carried in an air stream. Terrain effects such as 
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slopes and dykes can guide clouds in directions across 
the wind or even against the wind*’. If such terrain 
features form a closed barrier on the downwind side, 
they can act as a “pond” in which releases of short 
duration are temporarily held up and let out gradually. 
Physical modelling in wind tunnels and water flumes 
has been employed to investigate dispersion in actual 
terrain situations by modelling on a smaller scale. The 
techniques are well established for stack releases* and 
have recently been applied to dense gas cases****. Results 
of a recent wind-tunnel study on LNG plumes point to 
the effectiveness of continuous fences and of an obstacle 
array in promoting the dispersion of heavy vapours’’. 
However, with regard to their general application for 
dense gas dispersion, modelling techniques need further 
evaluation to establish the conditions under which re- 
liable results can be achieved. Their limitations are 
associated with large releases and low wind speeds. 


VAPOUR CLOUD COMBUSTION 


Following a release of combustible material, the va- 
pour will be distributed in space as a result of the 
mechanisms discussed above. At a given instant there 
may be one or more premixed fuel-air zones in which the 
cloud contains vapour at concentrations between the 
flammable limits, and possibly also fuel-rich zones where 
the vapour concentration is greater than the upper 
flammable limit (UFL). Outside these zones, fuel is 
diluted to below the LFL. 

If a premixed fuel-air zone encounters an ignition 
source, local ignition will occur, and, depending on the 
cloud configuration, fire may spread throughout the 
cloud. Although the possibility of ignition has been 
summarily introduced, it should be stressed that great 
care is taken to obviate ignition sources at installations 
processing or storing flammable substances” so that 
released vapours only ignite in exceptional circum- 
stances. Examples of accidental cloud ignition are cases 
where the release is caused by an impact which is 
accompanied by sparks or where the release is so large 
that the flammable zone extends beyond the area in 
which ignition prevention measures apply. 

In the following review of cloud combustion phenom- 
ena a distinction is made between the premixed portion 
of a cloud, in which flame speeds can vary over a wide 
range, and the fuel-rich zone, which burns slowly and 
often luminously. 


Combustion of Premixed Fuel-air Clouds 
The high level of interest in this area of science is 
maintained because of the need to understand the mech- 
anisms which cause accidental explosions of vapour 
clouds. Summaries of accidents** emphasise the im- 
portance of the subject; the most recent of these analyses 


the circumstances under which a large number of 


fire/explosion accidents took place.* 

Early experiments on simulated clouds held in thin 
bags*’ served to underline the gentle way in which 
hydrocarbon/air mixtures burn when ignited by low 
energy sources such as sparks and flames. In experiments 
on a variety of mixtures deflagrations with flame speeds 


of up to 20 m/s were observed and pressure effects were 
absent. (There are two modes of premixed cloud com- 
bustion: deflagration and detonation. In detonations 
flame speeds are typically 2000 m/s, creating local pres- 
sures of 20 bar. In the deflagration mode the flame speed 
is subsonic and can vary widely.) In contrast with these 
results, some of the mixtures tested (e.g. propane/air) 
had been involved in explosion accidents. Other experi- 
menters approached the subject from the opposite end 
by artificially adding oxygen or igniting with solid 
explosive charges by which means even detonations 
could be brought about**. 

Analyses of accidental explosions showed that the 
damage observed did not correspond to that produced 
by a detonation. Furthermore, the development of cloud 
combustion theories which linked the development of 
pressure to the flame speed through a spherical cloud 
ignited at the centre***’ showed that pressures of 0.3 bar, 
sufficiently large to account for damage observed in 
accidents, could be generated by flame speeds in the 
150-200 m/s range. 

So, gradually, scientific activity moved away from a 
preoccupation with the detonation issue and is now 
concentrated on investigating causes of flame acceler- 
ation and assessing the magnitude and duration of the 
pressure waves which result. In this regard attention has 
been paid to the combustion of clouds dispersing in open 
terrain and the influence of partial confinement, of 
obstacles and of the shape of the cloud (flat or compact) 
on flame speeds. 


Cloud Combustion in Open Terrain 

During the seventies there were a large number of 
modest scale field tests in which dispersing clouds of 
LNG or LPG were ignited* *'. A series of field tests was 
also performed on ethylene’. Although overpressures 
were not measured and the flame speed records are 
insufficiently detailed to distinguish premixed from fuel- 
rich cloud combustion, it is important to note that none 
of the test reports mentions anything resembling an 
explosion during cloud burning. 

Larger-scale tests in which premixed combustion was 
closely monitored were performed in this decade 
(Maplin'*, China Lake’, Terneuzen™ ). The flame speeds 
measured in the premixed zone for the two fuels (LNG 
and propane) used in these tests are shown in Table 1. 
The results of these large-scale tests confirm the low 
speeds of all previous open terrain and balloon tests, 
flames being faster in propane clouds than in LNG 
clouds. It also appears that flames over land are faster 
than over sea. 

The overall conclusion of this large body of evidence 
is that clouds of LNG or propane vapours drifting over 


Table 1. Experimental flame speeds through premixed flat clouds on 
open terrain as observed in tests achieving highest values 


(Flame speeds in m/s over the ground) 
Propane LNG 
Average Range 


Average Range 


Maplin (sea)"* | : 5 2-10 


China Lake (land) 20 5-40 
Terneuzen (land)™ 
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open terrain will, if ignited, burn with insignificant 
pressure effect, of the order of | mbar. 


Influence of Partial Confinement and Obstacles 
Recently the influence of two forms of partial 
confinement on the combustion of propane-air mixtures 
has been investigated in large-scale trials. Confinement 
in a channel with open top® showed very little flame 
acceleration, while confinement between horizontal 
planes with vertical columns in between™* showed 
marked acceleration at each row of columns, reaching 
about 60 m/s. In the latter tests it was significant that the 
flame speed decayed when the flames proceeded into the 
open space outside. It was also noticed that the columns 
on their own did not lead to flame acceleration. 
Research so far has investigated only a small number 
of the many partial confinement/obstacle configurations 
which may be relevant to the subject of flame acceler- 
ation. It is clearly premature to generalise on the effect 


of different equipment arrangements on flame speed if 


surrounded by an ignited vapour cloud. Nevertheless, 


recent findings support the opinion that the cause of 


explosions is to be sought in the flow-related effects 
created in the neighbourhood of the flame front as 
combustion in partially confined spaces pushes unburnt 
vapour through restrictions and past obstacles. 


Pressure Waves 

The understanding of flammable cloud generation, 
dispersion and combustion provides information about 
the extent, shape and concentration distribution in the 
flammable cloud and insight into the possibility of 


flames being accelerated if the cloud is ignited. Calcu- 
lation methods are available with which the time- 
dependent pressure wave can be assessed at locations 
outside the cloud on the basis of the size, shape and 
speed of the flame front. Of these, the earliest determine 
the peak pressure generated in the case of a spherical (or 
hemispherical) cloud ignited at the centre***. More 
recently the phase duration of the pressure wave has also 
been estimated*’. The case of low flat clouds has been 
treated in a variety of ways’’ © which differ according to 
the direction in which the cloud is assumed to expand 
from unburnt to burnt condition. 

If results are compared on the basis of the same flame 
height and speed over the ground, the models agree 
fairly well. The models show that, for the same flame 
speed, flat clouds have less effect at a distance than 
compact clouds. During the combustion of a flat cloud 
the hot products escape vertically, so that the expansion 
of burnt gas does not serve to increase the horizontal 
flame speed. It is therefore reasonable to expect that 
flame speeds through flat clouds are less than through 
compact clouds in similar surroundings, thus further 
increasing the difference in their combustion behaviour. 


Combustion of Fuel-rich Clouds 


As flames pass from the premixed zone to the fuel-rich 
zone of a cloud, the appearance of the flame changes. 
The characteristic blue colour of complete combustion in 
stoichiometric and leaner mixtures changes to a lumi- 
nous flame into which air must diffuse to burn the fuel 
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completely. The rate of progression of the flame through 
the fuel-rich cloud is limited by the necessary mixing 
with air. 

The radiation emitted by luminous flames as they 
consume a cloud spread widely over a flat surface has 
been measured for fuel-rich clouds resulting from both 
LNG and refrigerated propane releases’*. Typical 
findings for the clouds in these tests were a surface- 
emissive power of the radiating flame of about 
170 kW/m? and flame heights of 10—15 m for both fuels. 
Diffusion flame propagation rates through the unburnt 
cloud were between 4.5 and 6 m/s for LNG flames and 
11 m/s for propane flames. (Flame speeds over the 
ground were lower in the upwind direction.) 


INTERACTIONS 


External influences can affect more than one of the 
processes reviewed individually in the preceding sections 
The overall appreciation of the outcome of a release is 
improved by considering the interactions of links in the 
event chain. 


Deliberate Dispersion 


Attention has been drawn to turbulence in all stages 
of cloud development and combustion. Turbulence pro- 
motes dilution in the release and dispersion phases while 
in the combustion phase it enhances flame speeds 
However, comparison of flame speeds in large bag tests 
with those measured in field trials shows that normal 
atmospheric turbulence has no great effect on cloud 
combustion. The situation may be different if special 
measures are taken to excite turbulence in a cloud with 
the aim of promoting its dilution, for instance, the 
installation of water sprays. Previous experiments to 
answer this question suggest that water sprays created 
higher flame speeds” though opinions as regards the 
interpretation of results differed. Whatever the true 
conclusion, caution requires that where such measures to 
promote flammable cloud dispersion are applied, the 
system should be able to dilute the release to below the 
LFL. 


Flammable Limit of Dispersing Clouds 

The existence of concentration fluctuations in dis- 
persing clouds has given rise to speculation concerning 
the downwind distance to which dispersing clouds can be 
ignited. This topic has mainly been discussed in papers 
which approach the subject on the basis of dispersion 
knowledge”. In fact, until recently, tests in which the 
clouds were not ignited~ provided concentration data 
from which most conclusions were drawn. The inter- 
action of the combustion process and the cloud 
configuration resulting from dispersion has so far re- 
ceived little attention. 

In the dispersion approach the non-homogeneous 
nature of drifting clouds is characterised by expressing 
the concentration variation measured in a cloud as a 
‘““neak-to-average” (P/A) ratio. In dispersion trials this 
ratio is deduced from the variation in time of the signal 
of a gas sensor at a fixed location; very high values can 
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be obtained if the full body of the cloud does not 
continuously surround the sensor and edge effects con- 
tribute to the variation. The relevant P/A ratio pertains 
to variations in the body of a non-meandering dispersion 
cloud. Sensor readings from a Maplin test in which a 
propane cloud dispersed over the sea were analysed, 
taking the above into account, showed that a ratio of 
about 1.4 is appropriate in characteristically dense dis- 
persion conditions”. 

The combustion trials in the same series of experi- 
ments provided additional information. Firstly, it was 
observed that on many occasions a pocket of vapour 
burned without igniting the entire cloud. This may have 
been because the pocket was well isolated, or in part 
yecause the movement and mixing of unburned vapour 
by adjacent combustion tended to make the mixture 
more uniformly non-flammable in a region where the 
local average concentration was below LFL. 

Secondly, it was possible to look for signs of smooth 
or ragged flame extinction on the downwind (lean) side 
of ignited LNG plumes, which were visible because of 
the condensed water vapour. If combustion of the main 
cloud does not progress to the outer pockets, it can be 
concluded that ignition of such pockets will not lead to 
ignition of the main cloud. The evidence shows some 
degree of smoothness, suggesting perhaps some measure 
of mixing of the non-flammable gases ahead of the flame. 

The question as to the average concentration at which 
the main part of a cloud is ignitable might be answered 
quantitatively by a comparison of distances: the distance 
that a flame travels downwind to its point of extinction 
compared with the distance to the average LFL bound- 
ary as determined by the gas concentration sensors used 
for the simultaneous dispersion experiment. It is difficult 
to make this comparison accurately, especially as it 
should be recognised that the position of the LFL 
boundary varies in the course of time owing to atmos- 
pheric variations. Nevertheless, the evidence from cloud 
fire observations so far indicates that the average 
flammable extent of such heavy gas clouds relates to a 
higher average concentration than the half LFL often 
assumed, and may be closer to the LFL. 


CONCLUDING REMARKS 
The understanding of vapour cloud dispersion and 
combustion has increased considerably in recent years. 
The theoretical concepts which are now incorporated in 
many of the improved hazard assessment calculation 
methods have to a large extent been substantiated by the 
results of major experimental programmes. 
Notwithstanding the extensive validation of the calcu- 
lation tools available for quantifying the hazards of 
flammable gas releases, caution is required when apply- 
ing such methods. All too often results are produced 
without sufficient enquiry as to whether the circum- 
stances of the release correspond to the conditions to 
which the adopted calculation method is applicable. It is 
hoped that this article will promote the awareness of 
circumstances which influence the formation, dispersion 
and combustion of flammable clouds. 
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Catalytic Coal Gasification 

Janet R. Pullen 

I.E.A. Coal Research, June 1984 

pp. 57: £10 to member countries, £20 to non-member 
countries. 


This review report presents the results and ideas de- 
scribed in recent literature on the role of catalysts in coal 
gasification. It deals with reactions of the gasifying 
agents steam, carbon dioxide and hydrogen with carbon 
or char. Devolatilisation, water gas shift, methanation 
and non-catalysed reactions are not considered. 

The report will be of interest particularly for research 
workers entering the field but will also be useful as an 
update for those already involved in the area. It is a 
valuable addition to existing literature drawing together, 
as it does in a comprehensive fashion, work carried out 
in an admittedly narrow field over the four or five years 
to 1984. 

The report is difficult to fault. It has a well ordered, 
logical layout dealing successively with catalytic effects 
and the mechanisms involved in coal gasification as they 
relate to carbon dioxide, steam and hydrogen, then 
moving on to the effect of coal properties on reactivity 
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and finally catalyst activity. The author’s style is clear 
and concise, the printing bold and readable, figures and 
tables clearly listed and presented. There is the occa- 
sional typographical error and the use of terms like 
‘spill-over’ offend the eye but these are only minor 
criticisms. It could be argued that the section on catalyst 
activity might have been better incorporated in the 
earlier chapters. Finally, the author implies that meth- 
anation is the eventual objective of gasification and 
seems to overlook the importance of Fisher-Tropsch and 
related reactions. The article though is not just a review, 
there are some telling comments with regard to gaps in 
the work and other inconsistencies. Indications of areas 
where work still needs to be done are helpful 

The author’s declaration that for alkali-metal cata- 
lysed carbon-steam reactions “‘several mechanisms have 
been proposed and although they appear substantiated 
by experimental evidence, under particular conditions, 
they are together apparently contradictory” seems to 
sum up admirably the state of the art as regards catalytic 
coal gasification. 


P. Sunderland 
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DENSITY REDUCTION OF KAOLINITE BY 
FLASH HEATING 


By T. W. DAVIES (MEMBER) 


Department of Chemical Engineering, University of Exeter 
p 


The dehydroxylation of kaolinite (china clay) at around 600°C is controlled by internal diffusion. If clay particles are heated 
sufficiently quickly, then internal steam generation produces voids which impart desirable physical properties to the resulting 
calcine. This paper describes some of the experimental work undertaken to establish control over the void production process 


during flash heating. 


INTRODUCTION 
Kaolinite (or kaolin) is one of a family of industrial 
white minerals which inciudes tale and calcium carbon- 
ate and which is characterised by large volume con- 
sumption in a variety of end-uses. 

Kaolinite is a hydrated alumino-silicate (AI,O, 
2Si0, 2H,O) which is resistant to attack by acids and 
alkalis. This inertness along with its other physical 
properties such as high reflectance and index of refrac- 
tion, particle shape and size distribution, rheological 
properties, and its compatibility with other materials has 
led to its use in papermaking, paint, ceramics and 
refractories, rubber and plastics, fertilisers and in- 
secticides and pharmaceuticals, to mention but a few 
examples 

The estimated worldwide consumption in 1978 was 
16.8 x 10°t, of which 9 x 10°t was used by the paper 
industry. 

In the paper and polymer industries the optical prop- 
erties of kaolin are of some importance, high brightness 
and opacity being desirable for coating applications 
Low density is a desirable attribute when the clay is used 
as a filler. 

This paper describes some of the experimental work 
undertaken to evaluate flash heating of clay as a means 
of inducing low density and high brightness in the 
resulting product. 


EXPERIMENTAL 


The principal requirements of the experimental system 
were that it should be capable of approximating the 
thermal history of a cloud of particles passing through 
a prototype flame reactor and that it should allow some 
variation of the main process variables, viz. heating 
speed, reactor temperature and residence time. Clay 
particle heating speeds were to be of the order of 10° K 
s-', reactor temperatures in the range 1000-1700 K and 
residence times in the range 0.1 to 3s. 

An experimental furnace suitable for such studies has 
Leen described by Kobayashi et al’ and their design was 
adapted for the present study. 

The essential features of the furnace are shown in 
Figure 1. The reaction chamber consists of a quartz tube 
0.05 mi.d. and 0.7m long. This tube is contained con- 


centrically within a second quartz tube of 0.075 mi.d. 
and | m in length. This outer tube is used to seal the 
reaction tube from the environment, so providing a 
controlled reaction atmosphere. Both tubes pass through 
an electrically heated cavity formed within the insulated 
body of the furnace. Eight Crusilite resistance heating 
elements were used, allowing a maximum power con- 
sumption of 30 kW. The selected heating medium (in the 
present case helium) is supplied from a gas cylinder via 
a mass flow controller and enters the furnace base in the 
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Figure 1. Main features of the laminar flow furnace. 1. Particle 
suspension. 2. Water-cooled feed tube. 3. Outer furnace tube. 
4. Furnace insulation. 5. Ceramic flow straightener. 6. Heating ele- 
ments. 7. Reaction tube. 8. Cold furnace gas. 9. Hot suspension to 
quench 
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Figure 2. Typical axial gas temperature profiles at reaction tube 
entrance 


annular gap between the two quartz tubes. The gas 
temperature is monitored by a Pt/Pt 10°, Rh (Type S) 
thermocouple located ai the exit of the flow straightener. 
The clay particles are carried into the furnace on a 
stream of gas having the same composition as the main 
gas supply but not necessarily the same velocity. This 
suspension flows down an axial 8 mmi.d. water-cooled 
tube and emerges into the reaction chamber in the exit 
plane of the flow straightener where very rapid heating 
occurs, so that the particles achieve the reaction tube 
temperature within a few milliseconds. Figure 2 shows 
temperature profiles measured by thermocouple along 
the axis of the furnace in the entrance region of the 
reaction tube. Given the linear velocity of the particles, 
Figure 2 may be used to estimate the heating speed 
experienced by the particles as they traverse the temper- 
ature profile. Gas velocities were in the range 1-2 ms 


Further temperature measurements along the axis of 


the furnace indicated a perfectly uniform temperature 
for a distance of 0.47_m before cooling commenced near 
the exit of the furnace. Quenching of the particle stream 
was achieved either by passing the stream through a 
water-cooled quench chamber located at the exit of the 
reaction tube or by injection of cold gas via six radial jets 


also at the exit of the reaction tube. No effect of 


quenching speed on the properties of the calcine has 
been noticed. 

Again, if the linear velocity of the particle stream is 
known, the residence time at the furnace temperature 
may be calculated. The Reynolds number of the flow in 
the particle feeder tube and the reaction tube was always 
less than 100 and the flow was therefore laminar. 

When very short residence times were required it 
became necessary to collect and quench the particle 
stream within the reaction tube. This was done using a 
water-cooled collector probe inserted from below 
through a gas tight seal. 

In all modes of operation the contents of the reaction 
tube were withdrawn via a sintered brass particle filter 
by a vacuum pump. 

Electrical power was supplied to the heating elements 
via a multi-tap transformer and phase-locked loop con- 
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trol unit coupled to a process controller and temperature 
programmer, as shown in Figure 3. This system allowed 
the furnace to be raised to any selected operating 
temperature at a controlled rate, to be maintained at that 
temperature to within 2°C and to be cooled down at the 
end of a run without inducing damaging thermal 
stresses. Siudy of Figure 3 will also reveal the pre- 
cautions taken to protect the various vulnerable water- 
cooled components of the furnace 

The production and supply of a concentrated but 
uniform supply of clay suspension presented a major 
difficulty and this subsidiary research project will be the 
subject of another publication. The system finally devel- 
oped may be considered to be a derivative of that 
described by Wright’ and is shown in Figure 4. The clay 
powder was formed into |cm diameter sticks by an 
extrusion process. The sticks were fed into a milling 
chamber at a controlled rate such that the correct 
combination of feed rate, milling head speed and flow 
rate of gas used to sweep the milling chamber produced 
the desired loading of the suspension. Up to 2 g/min of 
clay powder could be fed into the furnace using up to 
11/min of gas at STP. Typically this suspension was 
heated by about 40 times the volume of furnace gas so 
that the dilution effect was small. This factor alone 
determines the success of the system, since not only does 
low dilution result in high heating speeds but any 
mismatch in the velocities of the two mixing streams is 
also quickly eliminated 

Most of the clay was in the form of agglomerates 
although individual platelets were observed by electron 
microscopy. A typical transmission electron micrograph 
of the feed clay is shown in Figure 5. The particle size 
distribution as determined from a suspension in water is 
given in the Appendix, from which it will be seen that 
80°, of the particles are less than 2 um. Particle agglom- 
erates up tc 30 um in diameter were observed by micros 
copy, although attempts to establish the size distribution 
of the dry suspension were unsuccessful. It was assumed 
that the system employed to generate clay suspensions 
gave a fairly consistent product, but some of the scatter 
in the experimental results may be due to variations in 
feed clay particle size distribution 


HEAT TRANSFER CHARACTERISTICS 


As was shown by Figure 2, the carrier gas is rapidly 


heated to the chosen reaction temperature. The gases 
then pass through a constant temperature zone in lami- 
nar flow, the residence time at the constant temperature 
being determined by flow rate and selected quenching 
method. The question naturally arises as to the thermal 
history of the particles carried in this gas stream 

First of all it is clear that for the particles under 
consideration no significant slip occurs. This may be 
ascertained from Figure 6. This being so, one may 
assume pure conductive heat transfer from the gases to 
the particles, in addition to which there is the possibility 
of radiative heating. If the particles are assumed spher- 
ical, then it is a relatively simple matter to show that for 
all practical purposes they remain isothermal and follow 
the ambient gas temperature, providing that the imposed 
heating speed is low enough 
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Figure 3. Furnace control system. Furnace power supply components: |. Furnace heating elements. 2. 30 KVA transformer. 3. Power controller. 
4. Temperature controller. 5. Temperature programmer. 6. Type ‘S’ thermocouple. Auxiliary equipmeni power supplies: A. Mass flow control 
units for furnace gases. B. Main water pump providing cooling for furnace components. C. Lights, instruments, etc. D. Vacuum pump for removal 
of furnace gases. E. Particle suspension generation unit. F. Water pump providing cooling for particle collector probe. Coolant failure detection 
a. Flow switch to detect failure of main water supply. b. Flow switches (11 off) to detect failure of water supply to various vulnerable furnace 
components. c. Solenoid valve to bring in emergency cooling water. Other features: e. Digital temperature gauge. f. Manual control of system 
g. Delay unit giving brief opportunity for fault correction before automatic shutdown. 


For a simple Newtonian heating process a heat bal- process, being that time necessary to achieve 63.2% of 
ance yields the familiar result: the final particle temperature (7,). 
T.-T. A similar analysis for the radiative heating of a sphere* 
—> —— = ] —exp(—t/t,) ives: 
L~? slit . 


where t, = pC,d*/6Nuk, is the characteristic time for the 
































Figure 4. Device for producing clay particle suspensions |. Milling 
tool drive shaft. 2. Gas tight lid and bearing. 3. ‘O’ rings. 4. Clay 
stick. 5. Motor-driven plunger. 6. Guide tube for clay stick. 7. Milling 
tool. 8. Carrier gas. 9. Clay suspension to furnace Figure 5. Typical untreated clay particle ( x 30 K approx). 
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Figure 6. Slip velocity for kaolinite spheres falling in helium, estimated 
from Stokes’ Law 
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For the heating of a sphere by conduction from 
the outer surface the characteristic time for the centre 
temperature is 

pC,d* 
20k, 

Figure 7 shows the variation of these three character- 
istic times for a range of clay particle diameters in 
helium, from which it may be concluded that there is no 
significant lag between the particle temperature and the 
ambient gas temperature for the range of particle sizes 
and heating speed used in the furnace. 


DEHYDROXYLATION REACTION 
An idealised DTA trace for kaolinite is shown in 
Figure 8. The principal features are the endotherm 


associated with dehydroxylation and the formation of 


meta-kaolin which peaks at around 600°C and the 
exotherm associated with the transformation of meta- 
kaolin to mullite, which peaks at around 980°C. 

For a brief description of the presently understood 
physical and chemical changes of kaolinite during soak 
calcination the reader is referred to Grim’. There is no 
published data on the changes occurring in kaolinite as 
a result of flash calcinaticn. 

The dehydroxylation reaction may be represented by 
the equation: 
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Figure 7. Characteristic heating times for kaolinite spheres in helium 
at a furnace temperature of 1300 K 


Al,Si,0,(OH), > Al,Si,0, TT 2H,0, 


AH =773kJ kg 


Despite the considerable amount of attention which 
this reaction has received, the transformation is still not 
compietely understood. 

Very briefly, a typical kaolinite platelet consists of 
about 30 layers, each of which is composed of two 
sheets. One sheet contains the aluminium atoms in an 
octahedral formation with oxygens/hydroxyls and this is 
loosely bound to a second sheet containing the silicon 
atoms in a tetrahedral formation with oxygen. A highly 
diagrammatic section through the layers, Figure 9, will 
have to suffice for the present discussion. This sketch 
shows that three of the four hydroxyls in a structural 
unit lie adjacent to the gap between layers (external 
hydroxyls), along which, once released, they may escape 
to the edge of the particle by diffusion. The remaining 
hydroxyl (internal hydroxyl) has no such easy escape 
route. 

Fripiat” has established that the dehydroxylation reac- 
tion under constant temperature conditions is diffusion 
controlled and furthermore the associated activation 
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Figure 8. Idealised dehydration and DTA curve 
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Figure 9. Section through a structural unit of kaolinite showing 
locations of hydroxyls 


energies suggest that the diffusing species are hydroxyl 
ions rather than water molecules. 

In a recent paper’, Fripiat has shown that when 
dehydroxylation is about 70°, complete a change in the 
rate process occurs, along with a change in the relative 
proportions of external and internal hydroxyls. Figure 9 
may help to explain this change. 


EFFECT OF HEATING SPEED 

A number of factors are known to influence the 
dehydroxylation process, notably heating speed, ambi- 
ent water vapour pressure, clay purity, degree of crys- 
tallisation and particle size. The present study is of the 
effect of high heating speed, the other parameters being 
held constant as far as possible. Heating speeds of the 
order of 10° Ks” were used. 

Previous studies of heating have been restricted to 
those heating speeds attainable in a thermogravimetric 
balance, typically in the range S—20°C/min. Even within 
this restricted range Spiel et al’ detected a marked 
influence of heating speed, the endotherm shifting to a 
higher temperature and the reaction intensifying at the 
higher speeds. Such an effect may be expected if the loss 
of water from a particle is limited by internal diffusion. 


SPECIFIC GRAVITY AS AN INDICATOR 

The transformation of kaolinite to meta-kaolin was 
first elucidated by Brindley’, who combined density 
changes with information on unit cell volume and 
chemical composition to determine the number of atoms 
per unit cell. 

The theoretical weight loss following complete dehy- 
droxylation of kaolinite is 13.95°. If no structural 
coliapse occurred then the specific gravity would fall 
from an initial value of 2.64 to 2.27. The difference 
between the actual and theoretical values of density 
therefore indicates by how much the structure has 
collapsed or expanded. 

During soak calcination at 1000°C the specific gravity 
increases from 2.64 to 2.74 (Grim’) indicating structural 
collapse. 

The objective of the present study was to produce a 
low specific gravity calcine, i.e. one with an expanded 
structure, and specific gravity was the chosen indicator 
of process performance. 


Figure 10. Influence of residence time and reaction temperature on 
calcine density. 


EXPERIMENTAL RESULTS 


A refined clay from the Lee Moor deposit in Devon 
was supplied by ECLP ple and used as a feedstock for 
the test programme. The analysis of the clay is given in 
the Appendix. 

Clay suspensions were flash calcined in the laminar 
flow furnace using helium as the suspending medium. 
Helium has a thermal conductivity five times that of air 
at the furnace temperature, and heating speeds in helium 
were expected to be typical of those in a prototype flame 
reactor. The design of such reactors is highly propri- 
etorial, but one such design has been described in a U.S. 
Patent’”. 

The process variables of interest were calcination 
temperature and residence time, and combinations of 
these two parameters fixed the heating speed 

Figure 10 shows the general relationship between the 
variables. Figure 11 shows the results obtained by 
calcination in helium at 1000°C and is a section from 
Figure 10 at conditions close to the optimum. 

Figure 12 shows a micrograph of particles from a low 
density calcine where extensive internal voids formation 
has been achieved. 


Calcine specific gravity 
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Figure 11. Effect of residence time on calcine specific gravity at a 
reaction temperature of 1000°C 
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Figure 12. Typical low density calcine particles ( x 30 K) 


Unlike soak calcination, flash calcination can result in 
calcines which still retain some hydroxyl water. Figure 
13 shows the correlation between calcine specific gravity 
and degree of dehydroxylation («) constructed from 
data reported by Harrison''. The line represents the ideal 
relationship between calcine density and « assuming no 
change in particle volume during dehydroxylation. For 
the clay used in the present studies the relationship is: 


calcine specific gravity = 2.64 — 0.30« 


The data plotted in Figure 13 were taken from various 
points on the slopes of the hill shown in Figure 10 during 
the course of a hill-climbing search for the optimum 
process conditions. The trend of the data in Figure 13 
seems to indicate a proportionally smaller reduction in 
density above « = 0.75 than for lower degrees of dehy- 
droxylation. This trend may be attributable to the added 
difficulty of removing internal hydroxyls. 

To achieve complete dehydroxylation and also max- 
imise voids formation requires delicate control, since 
overheating of the calcine can result in densities higher 


than the initial density, with a significant degree of 


mullite formation. Perhaps because of this the lowest 
density samples were never completely dehydroxylated. 
A preliminary pulse NMR study of these calcines indi- 
cated that a large fraction of the residual protons were 
in an unknown but strongly bound configuration. No 
other detailed structural anal‘sis of this material has so 
far been possible. 


DISCUSSION AND CONCLUSIONS 

The structure of flash calcined clay remains to be 
studied as does the mechanism by which such calcines 
are produced. 

The experimental work reported here suggests that 
during flash heating the dehydroxylation reaction may 
be compressed into a narrow temperature band at a 
higher temperature than that associated with soak calci- 
nation. Once the required intensification of this reaction 
has been reached, hydroxyl water is released at a rate in 
excess of the rate of diffusion to the edges of the particle. 
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Figure 13. Comparison of ideal dehydroxylatior 
from helium calcinations 


The edges of a particle will be dehydroxylated first and 
may therefore collapse, reducing or preventing further 
loss of steam. Internal dehydroxylation, driven by the 
penetrating thermal wave, appears to occur at nucleation 
sites; the imprisoned steam creating internal voids. There 
is no evidence to suggest that void size may be controlled 
but ideally voids should be around the wavelength of 
light if scattering is to be maximised 

Calcination studies in the laminar flow furnace in a 
helium atmosphere indicate that optimum density reduc 
tion of kaolinite may be achieved by a combination of 
calcination temperature and residence time, which re 
sults in a high, but not necessarily complete. degree of 
dehydroxylation. Data not reported here show that the 
transport properties of the heating medium have an 
important effect on the location of the optimum oper 
ating conditions but that similar trends to those reported 
here are observed with different furnace atmospheres 


APPENDIX 
Selected Properties of Kaolinite used in the Experiments 


(For more details see Reference 12) 


Chemical Composition ° 

Si0,: 46.2 Al,O,: 38.7 Fe,0,: 0.56 TiO,: 0.09 
CaO: 0.20 MgO: 0.20 K,0O: 1.01 Na,O: 0.07 
Loss on ignition: 13.14 

Moisture content: 1.0 + 0.5 


Physical Properties 
Brightness, dry, reflectance at 4570 A: 89.0 + 0.7 
Particle shape: lamellar 
Refractive index: 1.60 
Specific surface area 
Specific gravity: 2.64 
Particle size distribution 
300 mesh residue 0.01 (maximum) 
Above 10 microns 0.2 (maximum) 
Finer than 2 microns 80.0 + 3.0 


13.0 m*/g 





DAVIES 


SYMBOLS USED 
specific heat of particle material 
particle diameter 
thermal conductivity of gas 
thermal conductivity of particle material 
Nusselt number (hd/k,) 
gas temperature 
initial particle temperature 
particle temperature at time t 
furnace temperature 


ay ST & OY 
~ 


= 


Greek symbols 

am degree of dehydroxylation 
particle surface emissivity 
particle density 
Stefan—Boltzmann constant. 
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Heterogeneous Reactions, Analysis Examples and Reac- 


tor Design, Vol 1 Gas-Solid, Solid-Solid Reactions. L. K. 
Doraiswamy & M. M. Sharma 

Wiley 1984 

pp 515, £66.25 


Although there have been a number of general books 
on Chemical Reaction Engineering, which have ap- 
peared in the last few years, there have not been many 
devoted to gas-solid systems both catalytic and non- 
catalytic. During the past ten years or so, there have 
been some very significant developments in both the- 
oretical and experimental studies of gas-solid reactions, 
so the appearance of this book, dealing specifically with 
this important aspect of chemical reaction engineering, 
is very timely. 

This book, written by Dr. Doraiswamy, is Volume I 
of a two volume publication, the second book dealing 
with gas-liquid and liquid-liquid reactions. There are 21 
chapters in all in the present work, of which only the last 
deals with solid-solid reactions. Thus this volume is 
concerned mainly with gas-solid reactions, which en- 
compass 17 chapters relating to catalytic processes, 
including one on liquid phase supported catalysts (both 
inorganic and enzyme), while two chapters are directed 
towards non-catalytic processes. Analyses are developed 
for both the single pellet and gas-solid reactor for the 
two basic types of reaction. Considerable detail is given 
for a wide variety of reactions and processes and fully 
confirms the author’s claim that all relevant literature up 
to 1982 has been included. 


A feature of the book is the illustration of points made 
in the text by reference to important industrial processes. 
In addition there are a large number of worked examples 
and several comprehensive tables list important quan- 
tities such as effectiveness factors compiled for various 
geometries and for various reactions. Indeed the com- 
prehensive nature of this book is outstanding and in 
addition to its use as a teaching text it will undoubtedly 
be used for reference purposes since almost all possible 
conditions are thoroughly reviewed and a full bibli- 
ography is provided for each chapter. 

Following an introductory chapter there is a good 
presentation of catalytic kinetics, which includes meth- 
ods for parameter estimation and model discrimination. 
The latter is illustrated by a number of worked examples 
taken from the literature. Chapters 3 to 6 inclusive 
develop the concepts of diffusion, diffusion with reaction 
and effectiveness factors for single pellet systems of 
increasing complexity. Unusually in a text of this kind, 
multi-component diffusion is also considered, along with 
the effects of catalyst dilution, non-uniform catalyst 
activity and complex reaction behaviour. This leads to a 
thorough analysis of the effect of transport limitations 
on apparent reaction order and apparent activation 
energy in the following chapter. This is a very full and 
detailed presentation of an important practical effect. 
Catalyst deactivation and its effect on selectivity and 
catalyst effectiveness is discussed in Chapter 8, followed 
by chapters on experimental methods and estimation of 
transport properties for gas-solid systems. Fixed bed 
reactor modelling and design methods are given in 

Book Reviews continue on page 95 
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PHASE TRANSFER ENHANCEMENT IN METAL 
EXTRACTION 


Part I: Mathematical Model of Phase Transfer 
Catalysis in Metal Extraction Systems 


By V. ROD, Z. SIR and A. GRUBEROVA 


Institute of Chemical Process Fundamentals, Prague, Czechoslovakia 


A mathematical model of phase transfer catalysis is described based on a general mechanism invelving formation of a 
metal—catalyst complex by a fast reversible reaction in a reaction zone on the aqueous side of the interface and a consecutive 
metal exchange reaction between the extractant and the complex in the organic phase. The extraction rate equation has been 
developed by an approximate solution of the differential equations formulated for the concentrations of the rezction components 
in the diffusional films on both sides of the interface. The effect of system variables on the catalytic enhancement is analysed 
and the necessary conditions for a reagent to function as catalyst are discussed. 


INTRODUCTION 


Solvent extraction of metals has made rapid advances in 
industrial application as it makes possible selective con- 
centration of the required metal from a leach liquor at 
low process cost. A number of extractants have been 
developed which form ion pairs or complexes with the 


salt or with the 10n of the metal and which are extract- 


able into the organic phase. The required properties of 


an industrially applicable extractant include low solu- 
bility in the aqueous phase and high extraction rate. 
These two requirements which relate to losses of extract- 
ant in the process and to the size of the extraction 
equipment, are to some extent contradictory. Reaction 
rate would be expected to increase with aqueous phase 
solubility of the extractant. 

Hence ways have been sought to increase the extrac- 
tion rate with extractants which are sparsely soluble in 
water. Combined extractive agents have been developed, 


consisting of two or more active components capable of 


forming complexes with the extracted metal, where the 
extraction rate with the basic extractant is enhanced or 
catalysed by the presence of the other component. A 
well-known example is the mixed extractant LIX 64N, 
where the rate of copper extraction by the f-hydroxy 
aromatic oxime (LIX 65) is increased by addition of an 
a-hydroxy aliphatic oxime (LIX 63). 

A number of experimental works reviewed elsewhere 
have shown that catalytic activity is not limited to a 
specific type of compound. It has been found, for 
example, that carboxylic, sulphonic, organophosphoric 
acids and dioximes accelerate copper extraction by 
B-hydroxy oximes. Several mechanisms have been pro- 
posed to explain the catalytic activity, such as de- 
protonation of hydroxy oxime’, inhibition of adduct 
formation between oxime and the complex at the 
interface’, formation of mixed complexes*"’ etc. 

The fact that there are catalytically active compounds 


of different chemical character whose common property 
is ability to form complexes with the metal to be 
extracted, suggests that the extraction rate enhancement 
is due to a general mechanism of transfer catalysis rather 
than due to specific chemical interactions. Such a general 
transfer mechanism based on fast formation of a metal- 
catalyst complex, with subsequent metal exchange reac- 
tion with the extractant, was considered by Van Zeeuw 
and Kok?’ in connection with organic acid catalysis and 
discussed in general by Osseo-Asare and Keeney" 

As diffusional resistances play an important role in 
non-catalysed extraction of metals, it can be expected 
that the extraction rate and catalytic enhancement in 
catalysed extractions will be affected not only by 
chemical kinetics but also by the transport of individual 
components in the vicinity of the interface 

The aim of this work is to analyse quantitatively the 
general mechanism of extraction rate enhancement by 
phase transfer catalysis. 


MECHANISM OF THE CATALYSED 
EXTRACTION 
Consider extraction of a bivalent metal cation M(II) 
by a chelate forming extractant HI 


2(HL),,. + (M~-*),,. == (ML,),,. + 2(H*) (1) 


Under very general conditions, regardless of the 
specific reaction mechanisms of complex formation in- 
volved, the overall extraction process can be divided into 
the following steps: (1) Transfer of reaction components 
HL and M°’* from the bulk of the phases into a reaction 
zone; (2) Formation of the extractable complex in the 
reaction zone; (3) Transfer of the reaction products ML 
and H~* from the reaction zone to the bulk of the phases 
The reaction zone is located at the interface in the 


aqueous diffusional film. As discussed elsewhere’, the 
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Figure |. Concentrations profiles, (a) Extraction by extractant HL, (6) Extraction by extractants HL and HR, (c) The individual processes involved 
in the simultaneous extraction of metal M(II) by extractants HL and HR 


thickness of this zone depends strongly on the solubility 
of the extractant in the aqueous phase. It may be reduced 
to a very thin layer adjacent to the interface if the 
solubility of the extractant is very low. The concen- 
tration profiles of the reaction components in the 
diffusional films are shown in Figure la. At given 
concentrations of the reaction components and given 
hydrodynamic conditions affecting the thickness of the 
diffusional films (mass transfer coefficients), the extrac- 
tion rate depends mainly on a kinetic parameter 6,, 
characterising the reaction rate in the reaction zone and 
on the extraction constant defining the equilibrium: 


(ML,),,.(H*)2, 
K* =| —— Dorg _)ag (1) 
(M**) (HL )ocg lea 


If another complex-ferming agent HR, capable of 
forming an extractable complex MR,, is added to the 
organic phase of this system, extraction (II): 


2(HR) org + (M?* )ag = (MRo) org + 2(H* Dac (II) 


Anal- 


org 


will occur simultaneously with extraction (1). 


ogously the rate of this extraction will depend on a 
kinetic parameter @,, and the extraction constant of the 
co-extractant HR 
Ks (MR,),..(H* ig (2) 
"| (M?*). (AR eg 2 
Beside the two complex-forming reactions taking 
place in the reaction zone on the aqueous side of the 
interface, another reaction can occur in the organic 
diffusional film or in the bulk of the organic phase: 
2(HL) og + (MRo)org = 2UAR org + (ML aDore (ill) 


The equilibrium constant of this reaction is given by 
the ratio of the two extraction constants: 
; (HR)o.6(ML)ore K* 
ail (HL) op e(MRo)org eq 7 
If the extraction constant of the first extraction is 
greater than that of the second (i.e.), K* > Kf, the 
equilibrium of reaction (III) is shifted to the products on 
the right hand side. This creates favourable conditions 


(3) 


” 
Il 
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for the occurrence of a cyclic process at the interface, 
enhancing the transfer of metal to the organic phase. 

The individual processes involved in the simultaneous 
extraction of metal M(II) by extraction HL and HR are 
Ulustrated by the scheme in Figure Ic. 

The dotted lines represent the processes occurring 
across the interface if the metal is extracted by the 
extractant HL alone: (1) Transfer of the extractant from 


the organic phase to the reaction zone, (2) Formation of 


complex ML,, (3) Transfer of complex ML, into the 
organic phase. The full lines represent the processes 
occurring simultaneously with the former if extractant 
HR is added to the organic phase: (4) Transfer of HR 
to the reaction zone, (5) Formation of complex MR,, (6) 
Transfer of complex MR, to the organic phase, (7) 
Reaction of complex MR, with extractant HL. This 
reaction regenerates extractant HR while forming com- 
plex ML,. Thus a closed cycle (4)-(5)-(6)+{7) is created, 
in which extractant HR is steadily regenerated and acts 
as a transferring agent for the metal across the interface, 
i.e. as a phase transfer catalyst. The metal is thus 


transferred across the interface not only in the form of 


ML, but also in the form of MR,, which is finally 
converted to ML, in the organic phase. 


The extraction rate, defined as the rate of increase of 


metal content in the organic phase per unit of interfacial 
area, is given by the sum of the interfacial fluxes of the 


complexes ML, and MR,. The concentration profiles of 


the main reaction components in the diffusional films are 
shown in Figure Ib. 

If the catalytic cycle ts to play an important part in the 
overall metal transfer, the transfer rate of MR, must be 
significant compared with that of ML,. Hence, the 
conditions 


K*/Ki> 1 (a) 
and 

0, >0, (b) 
are necessary for the reagent HR to be an efficient 
catalyst for the metal extraction by extractant HL. The 
former condition is required for sufficient regeneration 
of HR in the catalytic cycle, the other for achieving 
significant enhancement of the extraction rate even at 
low catalyst concentrations. 

We can expect that the value of the rate constant for 
the ligand exchange reaction (III) in organic phase will 
not be very important for the enhancement effect. In 
contrast to the reaction conditions in the aqueous film, 


where the concentrations of extractants are, because of 


their low solubilities, generally very low, the concen- 
tration of extractants in the organic phase can be much 
higher. As the reaction occurs at relatively high concen- 
trations, it is unlikely to be the rate controlling process 
in the overall interfacial transfer. 

Quantitative description of the catalytic enhancement 
of the transfer rate in the system of two extractants will 
be derived on the basis of the film theory of mass 
transfer. 


MATHEMATICAL MODEL 


Let us assume that reactions (1) and (II) occur in the 
aqueous diffusional film, reaction (III) in the organic 
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diffusional film, and that the reactions are fast enough 
to keep the bulk phase composition at chemical equi- 
librium. No accumulation of extractants takes place in 
the aqueous phase (pseudo-stationary transfer). 

Under these assumptions the concentration profiles of 
the reaction components in the aqueous phase are 
described by the following differential equations: 

Duy (Cy / 4x7) = ra(Cur, Cus Cur,» Cu) (4) 
Duy (Gd? Cup / dx?) = rn(Con, Coss Coen.» Cr) 
Dy(dCy/dx) + 2Dy(dCy/dx) = 0 

Dy (dCy, dx ) os 2D yy) (dC yy, dx ) Q) 

Dup(dCup dx )+ 2D yr (dCyyrp dx )= 0 

= —(Jii + Jur) 


2Dy(dCy/ dx ) 


with boundary conditions 
¥=0, Cy =Cir. Cm 


Cur = Cur; dCy dx = 


=0, dCy,/dx =0, dCyp/dx 


(11) 


Cu = Cy, Cy ” Ch 


4 


The concentrations of the components in the buik of the 
phase are in mutual equilibrium, so that 


(12) 


(13) 
C HR 

The concentration profiles in the diffusional film in the 

organic phase are described by the differential equations 


Dup(d Com dx )= a Com ; Om ; Cun ) (14) 


Duy (dCy, dx )+ 2D (dCy,, dx )= 0 


Dup(dCup/dx) + 2D yp (dC yp./dx) = 0 


|; (dC ys dx )-+ Dun lGl un dx )= (Jin os Jur) 


with boundary conditions 


r=0, Cy =Cia, =C (18) 


-0, Cu = Ci, 
(19) 
Cui = CM 


With regard to the chemical equilibrium in the organic 
phase 


Ky, = Kf /Ki => ; (20) 


The concentrations at the interface in the organic and 
aqueous phases are in equilibrium described by partition 
coefficients: 


Cur = Pur Cur 


Cur = PurCur 


= Pur, 


Cur, = Pmr,Omr 
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If the bulk concentrations C?,, C8a. CLu., C% and Ce, 
are known, solution of the set of equations (4)}(24) 
allows one to calculate the rate of metal extraction, 
which is given by 


Jy =0.5(Jui + Jur) = —(J i, + J r,) (25) 


APPROXIMATE SOLUTION 


An approximate solution of the set of equations 
(4)-(25) can be derived for the case where the reaction 
rates in the aqueous diffusional film can be described by 
linearised forms of the rate equations 


\2 


k Cc Ci 
nw == lc - ( | en (26) 
Ku Cy L Ky \Ci 


, ” SF a: 
Tur = athe c. fee Cir, | a) em (27) 
KurCy Ky \Cur 

This form of rate equation was suggested elsewhere’* 
and tested on the extraction of copper by hydroxy 
oximes. It will be assumed that the metal exchange 
reaction (III) in the organic phase is practically irre- 
versible and its rate is given by 


Tur, = KinC Cur, (28) 


On integration of differential equations (15) and (16) 
with the boundary conditions (18) and (19) we get, with 
regard to definition of the mass transfer coefficient 
k = D/6, the following equations: 

Cu ™ ar + 0.5 (Kur Ku.) (Cin = Cin) (29) 

Cur, = Cir, +0.5 (Kup Kur,) (Chir — Cur) (30) 
As reaction (III) is assumed to be irreversible and to 
occur completely in the diffusional film, differential 
equation (14) can be integrated after substitution for 
Fur, from (28) with the boundary conditions Cy, = 0, 
(dCyp,/dx),._,=0. This integration and use of equa- 
tion (30) enables the flux of the coextractant HR at the 
interface to be expressed as 
a 2J ur, _—-? Ain Dur, C iu] 


x (Kup Riven (Cir - oo (31) 


Jur aie 


Integration of differential equation (17) with boundary 
conditions (18) and (19) yields 


Jui = kin (Cin — Cun )+ Kur(C hr - Cur)—Jir (32) 


Let us denote C#, as the concentration of the extractant 
in the organic phase which would be in equilibrium with 


concentration Cj}, in the aqueous phase. Integration of 


differential equation (7) with the boundary conditions 
(10) and (11) and combination of the resulting equation 
with (12) and (21) yields for this concentration 


Ch. = PurChn 
~~ axecy, *| 
Poe 
KFC\ 


where 


Q, = DuPur, (Dui, Pur) (33a) 


Similarly, on integration of differential equation (8) and 
application of equations (13) and (22) we get the expres- 
sion for the concentration of the co-extractant HR 


0 
Cir = PurChir 


at OnChy 4 OrCh \ 
4K CY 4K* C4, 





wel 
Ch 


where 


Ox = DurPur,/ (Dur Pur) (34a) 


The concentration C\, can be expressed by the following 
equation 


Cu = CX — (Ja + J r)/(2km) 
+ (Kyi /2ky (Cur — Ch) 
+ (Kyp/2ky) (Chur — Chr) (35) 


which is obtained by integration of differential equation 
(9). The last two terms on the right hand side of (35) can 
be neglected in most cases as the solubilities of the 
extractants in the aqueous phase are usually very low. 
Similarly, integration of differential equation (6) 
under given boundary conditions yields the relation 


Cu) (36) 


By integrating differential equation (4) under bound- 
ary conditions (10) and (11) and using equations (12), 
(21) and (22) we get the following relation for the 
interfacial flux of extractant HL 


My = CA + (ky / ky (CY - 


oat aa 
x [(Ci) — (Ch le (37) 


where 
6, =k, Du (Pin Ki ) (38) 


In a similar way, the dependence of the interfacial flux 
of the co-extractant HR on the concentrations can be 
derived by integration of differential equation (5) under 
given conditions and substitution from equations 
(21}-(23): 


Ay, = ky Dyr/ (Par Kur) (40) 
The set of equations (29)-(40) represents the approx- 


imate solution of the given boundary problem in a closed 
form. If the extraction rate J; is to be determined, the 
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set has to be solved for Ji,;, and J\,,. This can be done 
by solving first the two equations (37) and (39) for the 
interfacial concentrations C\,, and Ci, after substi- 
tution for Juxx, Jur, Chi, Cir, Cy. Cy from equations 
(31)+(36), respectively. When these concentrations are 
found, the interfacial fluxes of the extractants can be 
calculated from equations (31) and (32) and the overall 
extraction rate of the metal, J;, from equation (25). 

In some special cases the solution can be significantly 
simplified. If the chemical reactions (1) and (II) can be 
considered irreversible (K*— 0, Kffi— oo), then by 
combining equations (25), (31), (32), (37) and (39) we get 
for the extraction rate 


] | 
J+=| 0.5 (+e 
‘i | Kun eee) | 


Kur, Ku + V (kinDur,CiC | 
Kur, Kurt V (kiwDur,CiurCr 6;C) 

(41) 

In equation (41) the ratios of the mass transfer 

coefficients are usually close to one, while the terms 


under the square root signs are much higher than one; 
hence the equation (41) can be further simplified to 





x |e + Chr 


0.5 


J; = - 
Tg + 1) (OC Cia) 





x [Ci + Chry (O;,/6;)} (42) 


If the concentration of hydrogen ions at the interface 
can be considered equal to the bulk concentration, 

H = Cj, (e.g. in buffer solutions) and a simplified form 
of equation (35) for low soluble extractants is used for 
calculating C\y 


Cy = Cu — Jt/ ky (43) 


then solving equations (42) and (43) for J; allows the 
extraction rate to be calculated in terms of the bulk 
concentrations Cf,, Chirp, C&, Ch, mass transfer 
coefficients k,,, , ky, and the rate parameters 6, and @,,. 


DISCUSSION 


The model described has been derived under the 
assumption that reactions (I) and (II) occur in the 
reaction zone in the aqueous diffusional film. The thick- 
ness of this zone depends mainly on the ratio of the 
reaction rate constant to the partition coefficient® and 
approaches zero for extractants of very low solubility in 
the aqueous phase. In such cases, the reaction takes 
place practically at the interface and square roots of the 
model parameters 6, and 6,, represent the apparent rate 
constants of the interfacial reactions. The effect of 
catalysis is not dependent on the reaction zone thickness 
but on the proportion which the diffusional resistances 
represent of the overall resistance in the interfacial 
transfer. Catalysis can significantly accelerate the extrac- 
tion only if the chemical reaction is the rate controlling 
step and if the diffusional resistances play a minor part 
in the transfer process (J$/2KupgC fig «1, Jt /ky CR « 1). 
The upper limit of the catalytic enhancement corre- 
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J 10’ kg moi/m? s 








Figure 2. Dependence of the extraction rate on the fraction of catalyst 
X- at zero loading (X,=0). Parameter values: C,;=1 x 10 
kg mol m~*, Cy =5 x 10-?kgmolm Cy = 1x 10-*kgmolm 
6,=1x10-'m’s-?, 6, =1x 10 1s Kk Dup, = 1 x 10-*kg 
mol~'m‘s~?,k =k =5x 10-‘ms k 0, K*¥ = 10, Kf =0.5 


al 1 


sponds to an extraction rate controlled by the transport 
of the reaction components to the interface 

In the given system, the catalytic enhancement de- 
pends on the catalyst concentration and on the solvent 
loading. Knowledge of these dependences is important 
for the selection of the operating conditions for an 
extraction process. The model predictions in this respect 
will be discussed in more detail 

Let us define mole fraction of the catalyst in the 
reagent mixture by 
X= Cur +2 

Cur + Cur + 


and the loading of the 

— 2(Cu, : 

—_ a we —Ss <= = = 
Cu + Cur + 2(Cur, + Cur,) 
The efficiency of the catalyst can be expressed by the 
so-called catalytic enhancement factor @,, defined as the 
ratio of the rate of catalysed to non-catalysed extraction 
at the same total extractant concentration C;, 


Cy = Cunt Cur + 2(Cur, + Cur,) 


(45) 


(46) 


Using relations (44)-(45) the extraction rate and cata- 
lytic enhancement factor were calculated from the model 
for typical values of the parameters. The results of the 
calculations are shown graphically in Figures 2-5 
Figure 2 shows the dependence of the initial extraction 
rate (X, = 0) on the mole fraction of catalyst in the 
reagent mixture. The dotted line denoted by J} repre- 
sents the rate of non-catalysed extraction, when the 
metal is transferred only as ML,. With gradual exchange 
of the catalyst HR for the extractant HL, e.g. with 
increasing X,, the transfer of metal in the form of ML 
decreases and in the form of MR, increases, as shown by 
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x 


Figure 3. Dependence of the extraction rate on the loading x, at 
X- = 0.05. Parameter values see Figure 2. 


the lines denoted by Jy, ' 
extraction J; increases steadily with the relative concen- 
tration of the catalyst. 


Figure 3 illustrates a comparison of the rate of 


non-catalysed (J/}) and the rate of catalysed extraction 
(J;) at the same catalyst concentration but at variable 
loading. As far as reaction (III) maintains the concen- 


tration of the free HR in the organic phase relatively 
constant, the transfer of metal in the form of MR, is 
practically independent of the loading. The concen- 











wiles J 
0:16 0:20 
X 





Cc 


Figure 4. Dependence of the catalytic enhancement on the fraction of 
catalyst X¥. and loading ¥,. C;=1x10~' kgmolm~*, K* = 10, 
Kf =5 x 10~°, other parameters see Figure 2 


and Jup.. The total rate of 


tration of HL and the transfer of metal in the form of 
ML, decreases more or less linearly with the ioading. 

While the total extraction rate J; steadily decreases, 
the ratio J;/J{} expressing the catalytic enhancement 
initially increases with loading. The dependence of the 
enhancement factor on the mole fraction of catalyst and 
on the extractant loading 1s shown in Figure 4. The 
enhancement factor increases steadily with catalyst con- 
centration at low loading, but can reach a maximum at 
a certain catalyst concentration if the loading is high. 
With further increase of the catalyst content the catalytic 
cycle ceases to be effective, as reactions (II) and (III) are 
suppressed by the approach to equilibrium. 

This dependence indicates that an optimum concen- 
tration of the catalyst may exist for the extraction 
process, since the rate enhancement in the region near 
equilibrium is most important for achieving minimum 
volume of the extraction equipment. 

Figure 5 shows the calculated time dependence of the 
fraction extracted during a batch extraction by the 
extractant HL alone (X,=0), by the extractant HR 
alone (X, = 1.0) and by the mixture of the two with 
10 mole®, of HR (X¥,. = 0.1). The figure illustrates that 
the reagent HR, being a poor extractant for the metal 
itself, may be an efficient catalyst and enhance extraction 
in combination with the other extractant. The catalyst 
may be active even in the region of loadings which 
cannot be achieved in the extraction of the metal by the 
catalyst itself. 

The principle of phase transfer catalysis is general 
enough to describe various cases of catalytic enhance- 

nent reported in the literature. The mechanism de- 
scribed does not require formation of mixed complexes. 
The reagent acting as catalyst forms an extractable 
complex which is less stable than the complex of the 
metal with the extractant, so that an exchange reaction 
can take place in the organic phase. The rate parameter 
of the extraction of the metal by the catalyst has to be 





Fraction extracted 








J J 
200 400 600 








Figure 5. Batch extraction. Initial concentration: C;=1 x 10~'kg 
molm~*, Cy=1 x 10°-kgmolm Cy, = 1x 10°>°kgmolm 
1l0-*ms~',  V,,./} l, 0,=10-“m’‘s 
Ki Dug. = 1 x 10-2 kg mol~'m‘*s~?, K* = 10, 
| x 10*m 
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at least one order higher and the related extraction 
constant one order lower than the corresponding values 
for the extractant itself in order that the mechanism can 
considerably accelerate the extraction at low catalyst 
concentrations. The magnitude of the rate parameter 
depends on the reaction constant of the rate determining 
ster in formation of the extractable complex and on the 
solubility of the reagent in the aqueous phase. Practical 
application of reagents acting due to higher solubility are 
limited owing to the losses of catalyst in the extraction 
process. 

In contrast to the classical mechanism of phase trans- 
fer catalysis, as described for displacement reactions in 
two phase systems by Starkes’ and discussed in detail, 
e.g., by Dehmlow’’, the reaction component (extracted 
metal) is transferred to the organic phase both in a 
complex with the catalyst and in the complex with the 
extractant itself. Hence, two transfer processes play a 
role, which are mutually dependent. The rate deter- 
mining step in displacement reactions is usually the 
reaction in the organic phase, while the extraction rate 
in catalysed extraction is more or less controlled by 
the reactions on the aqueous side of the interface as 
the solubility of the reagents in the aqueous phase are 
very low and their concentrations in the organic phase 
relatively high. 


SYMBOLS USED 


specific interfacial area 

concentration in aqueous phase 

concentration in organic phase 

total concentration of ligands in organic phase 
diffusivity 

interfacial flux 

rate of catalysed extraction 


— 


rate of non-catalysed extraction 

rate constants of reactions (I)-(III) 

mass transfer coefficient 

association constants 

constants defined by eqs. (12) and (13) 
extraction constants defined by eqs. (1) and (2) 
equilibrium constant of exchange reaction (III) 
partition coefficient 

parameter defined by eqs. (33a) and (34a) 
reaction rate 

volume 

length coordinate 

mole fraction of catalyst 

loading 

thickness of the diffusional film 

catalytic enhancement factor 

kinetic parameter 


STOVRAARTT 
23s 


Subscripts 
H hydrogen ion 
M bivalent metal cation 
HL,HR complex forming reagents 
ML,,MR, metal complexes 
org organic phase 
aq aqueous phase 
Superscripts 
oO in the bulk of the phase 
i at the interface 
” equilibrium 

organic phase 
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Book Reviews continued from page 88 


Chapters 11 and 12. An important aspect of gas-solid 
operation is the use of fluidised bed reactors and this is 
considered in detail in the following three chapters. The 
first of these develops the general properties of fluidised 
beds and is followed by design methods and models for 
catalytic reactions occurring in fluidised bed reactors. 
Deactivation and regeneration of catalytic reactors and 
heterogenising of homogeneous catalytic processes by 
the use of liquid supported catalysts complete the cata- 
lytic section of this volume. The final chapters deal with 
non-catalytic reactions in both single pellets and fixed 
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beds and with solid-solid reactions as outlined above 
Throughout the presentation is clear and the book is 
easy to use. This is an excellent book which 1s certain to 
be used fully by all those connected with teaching and 
research in the area of reaction engineering of gas-solid 
processes. Its comprehensive nature will ensure that its 
use as both a general text and reference work will 
continue for some years to come by both academic and 
industrial practitioners of this important field of Chem- 

ical Engineering 
R. Hughes 


Book Review ontinue on page 100 





PHASE TRANSFER ENHANCEMENT IN METAL 
EXTRACTION 
Part II: Extraction of Copper by Dithizone 
Enhanced by 8-Hydroxyquinoline 


By V. ROD, Z. SIR and A. GRUBEROVA 


Institute of Chemical Process Fundamentals, Prague, Czechoslovakia 


The kinetics of copper extraction by dithizone, 8-hydroxyquinoline and by mixtures of the two extractants in chloroform were 
measured using a mass transfer cell with vibrational mixing. Kinetic parameters evaluated from integral kinetic data for 
extractions with single extractants were applied to predict extraction rate in the other experiments. The enhancement of the 
copper extraction rate by admixing 8-hydroxyquinoline to dithizone was correctly predicted by the model of phase transfer 
catalysis derived previously. In Part I, a mathematical model to describe the extraction rate enhanced by phase transfer 
catalysis was derived. In Part II, the model is applied and tested by experimental data from one extraction system obtained 


under well defined conditions. 


SELECTION OF THE SYSTEM 


As discussed in Part I, extraction of a metal ion by an 
extractant HL can be enhanced by another complex 
forming reagent HR, if the latter reacts with the metal 
ion more rapidly than the former (@, > 6, ) and the metal 
exchange reaction between the two ligands occurs in the 
organic phase (K}* > Kf). 

In our previous work’, it has been established that the 
rate of copper(II) extraction with a 
8-hydroxyquinoline in chloroform from buffered aque- 
Ous solutions is reasonably fast. Further, it is known** 
that the extraction of copper by dithizone in chloroform 
or carbon tetrachloride proceeds slowly, especially at 
low pH values of the aqueous phase. Therefore some 
preliminary experiments with the system Cu(II), 
8-hydroxyquinoline, dithizone, chloroform were carried 
out, showing that copper is extracted from weakly acidic 
medium as oxinate much faster than as dithizonate. The 
following equilibria are established in the system: 


* Ki 
Cuz; + 2H,Dz,,, = Cu(HDz),.,,. + 2Hi, (1) 


“ Ky, 
Cu,; + 2HOx,,, ——CuOx,,,, + 2Hi, (11) 


Ky e 
CuOx, ,.. + 2H,Dz,,, = Cu(HDz), ... + 2HOXx,,. (IID) 
If the total copper concentration exceeds that of dith- 
IZONE (Cexyor) > 2€Hpz0r)s formation of secondary copper 
dithizonate may occur and the equilibrium of the side 
reaction (IV) has to be taken into account: 


Kyy 
Cui, + H,Dz,,, — CuDz,,, + 2H, (IV) 


The values of the equilibrium constants, listed in 
Table I, were compiled from the literature and checked 
experimentally. Conditions were found under which a 


solution of 


single copper(II) complex with dithizone is formed, i.e. 
the primary copper dithizonate Cu(HDz),, and the 
formation of the secondary dithizonate CuDz is 
eliminated. These conditions, namely pH 3.45 (chloro- 
acetate buffer) and stoichiometrical deficit of copper 
with respect to dithizone, were maintained in all 
equilibrium measurements. The diffusivities of the re- 
agents in chloroform, Dp, = 1.28 x 10-°m*s~' and 
Do, = 1.91 x 10-?m’s~', were estimated from the 
correlation of Wilke and Chang. 


EXPERIMENTAL 
Reagents 

Chloroform was purified using the recommended 
procedure'' and stabilised by addition of 1°, ethanol. 

Stock solutions of purified dithizone (H,Dz, Fluka, 
puriss., p.a.) were prepared following the well known 
procedure’ and kept in dark bottles in a refrigerator no 
longer than three days. Their concentration was deter- 
mined spectrophotometrically after appropriate dilution 
with chloroform. 

8-Hydroxyquinoline (further oxine, HOx, Lachema, 
p.a.) was recrystallised from hot 50°, ethanol and dried 
in air. Solutions in purified chloroform were prepared 
from exact weighings. 

Copper oxinate (further CuOx,) was prepared from 
boiling 0.01 M copper sulphate at pH 5 by addition of 
2% Oxine solution in glacial acetic acid. The separated 
precipitate was washed with hot water and dried at 
140°C. Solutions in purified chloroform were prepared 
from exact weighings. 

Stock solutions of copper perchlorate were prepared 
by adding an excess of basic copper carbonate to hot 
aqueous solution of the calculated amount of perchloric 
acid. The cool mixture was filtered and slightly acidified 
(pH 5) with perchloric acid to avoid hydrolysis. The 
copper content was determined complexometrically. 
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Table 1. Equilibrium constants. (Subscript org denotes CHCIl,; yu 


Constant Equilibrium Value 


H,Dz=HDz~ + H* 4.55 
HDz~=Dz?~ + H* 12 
Cu’* + 2HDz~ =Cu(HDz), 22.3 
H,Dz,,,=>H,Dz,, 5.9 
: 5.54 
Cu(HDz), ,,.==Cu(HDz), ,. 4.85 
4.63 
Cuz; + 2H,Dz,,,=Cu(HDz), ,..2H;, 8.50 
8.64 
CuOx, + 2H,Dz—Cu(HDz), + 2HQx 7.27 
7.24 
H,Ox*=HOx + H* 9.66 
HOx=Ox~ + H* 5.00 
Cu?* + Ox~ =CuOx* 12.10 
CuOx* + Ox~-=CuOx, 10.90 
Cu** + 20x~=CuOx, 23.00 


10g Puspz 


log Pownpe): 


lg Prox HOx,,,=HOx,, 


log Pcuor: CuOx, orgs UO*X, = 


log Kt Cu? + 2HOx 


re 


=CuOx, 


2.66 

2.69 (a) 

3.48 4 

2.07 (a), (d) 
a + ae, l 2,6 


1.50 (a) 


(a) This work, wp = 0.25; 25°C; (6) 0.1 M-NaCl, CCl,, 25°C 


(c) Exchange equilibrium in CHC],. 


(d) The disagreement with the previously given value* 3.48 was not elucidated 


0.2 M chloracetate buffer solution (pH 3.45) was 
prepared by neutralising a solution of a known amount 
of chloroacetic acid (purum, Laborchemie Apolda, 
DDR) with aqueous ammonia and diluting. Ionic 


strength 4 = 0.25 of the aqueous phases in the kinetic 
and equilibrium measurements was adjusted by addition 


of measured volumes of 1 M sodium perchlorate. 


Analytical 


In the systems Cu(II}—H,O/CHCI,—HOx and 
Cu(iI)—H,0/CHC1,—H,Dz the copper concentration in 
the organic phase was calculated from the absorbance 
values of the complexes Cu(Ox), and Cu(HDz), at the 
wavelengths of the appropriate absorption maxima. The 
corresponding values of molar absorptivity of Cu(Ox), 
and Cu(HDz), in chloroform are listed in Table II. For 
the molar absorptivity of secondary copper dithizonate, 
only one value was found'’, which we verified’. 

In some cases, as for example in measuring the 
partition coefficients of copper complexes, the total 
copper amount was determined photometrically using 
morpholinium dithiocarbamate in the presence of poly- 
viny alcohol’* after removal of the organic solvent by 


Table 2. Molar absorptivities in CHCl,. (Results 
of this work, if not otherwise stated) 


4(nm) e(1 mol~' cm~') 


HOx 315 (max) 2550 
CuOx 412 (max) 5625 
H,Dz 602 (max) 40,600 
558 (i.p.) 22,860 
545 16,560 
Cu(HDz), 602 18,700 
558 (i.p.) 45,720 
545 (max) 46,300 


CuDz 453 (max) 23,000 
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evaporation and mineralisation of the remainder with 
perchioric acid 

In measurement of extraction kinetics in the systems 
Cu(II)}—H,0/CHC1,—H,Dz and Cu(II)}—H,O/CHC! 
HOx—H,Dz (with a large ratio cy.p,/Cyo,), where the 
initial dithizone concentrations were known, it was 
possible to check on the accuracy of the sample dilution 
and at the same time on the formation of the secondary 
copper dithizonate with the aid of the absorbance value 
at the wavelength of the isosbestic point'* (558 nm). A 
deviation from the calculated absorbance value at 
558 nm of a sample, taken in the course of the kinetic 
experiment, indicated an incorrect sample dilution or the 
formation of the unwanted secondary dithizonate CuDz 
(see Figure 1) according to equation (IV) in systems with 
dithizone deficit. Samples with poor agreement of the 
calculated and measured absorbance in the isosbestic 
point were excluded from the set of data to be evaluated 

The equilibrium concentration of Cu** ions in the 
aqueous phase was calculated from the total copper 
concentration and the stability constants of the 
chloroacetate-copper complexes’ (log K, = 1.26, log 
K, = 0.17) and from the dissociation constant of chloro- 
acetic acid’ (log K, = —2.86) 


Kinetic Measurements 


The rate of copper(II) transfer from the aqueous 
phase into the chloroform solutions was measured using 
a cell with vibrational mixing'’. The cell was a thermo- 
stated (25°C) cylindrical vessel 50 x 125mm which was 
filled with 100ml of the aqueous and 100ml of the 
organic phase. Each phase was agitated by a perforated 
plate vibrating with the frequency of 30 Hz and ampli- 
tude of 0.6 mm. This ensured intensive mixing in both 
phases without disturbing the flat interface 
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Figure 1. Absorption curves of the samples from a kinetic experiment 
Initial concentrations (mol m_~°): Dithizone 1.00, oxine 0.05, copper 
15.4; sample dilution 0.5/25 with CHCI,. Curve numbers indicate time 
of contact (min) 


The ionic strength of the initial aqueous phases was 
adjusted in the range 0.22—0.25; pH = 3.45 was main- 


tained with the aid of chloroacetate buffer. Samples of 


the organic phase (0.50—1.00 ml) were taken at adequate 
time intervals and the concentration of the complex 
formed was measured spectrophotometrically after 
appropriate dilution. The volume change caused by 
sampling did not exceed 10°, and was taken into account 
at data evaluation. At the end of each kinetic experiment 
the mixture was intensively shaken for 2h to attain 
equilibrium. Then the pH of the aqueous phase and the 
equilibrium concentration of the complex in the organic 
phase were measured. The pH change never exceeded 
0.1. 

Three series of kinetic experiments were carried out. 
In the first series copper was extracted by oxine, in the 
second by dithizone and in the third by mixtures of both 
containing 0.1! and 0.25 mol fraction of oxine. The molar 
ratio of copper to total extractant concentration was 
varied approximately as 1:4, 1:1, 4:1 and 16:1. 


Data Treatment 

In the chosen range of experimental conditions, the 
two complex forming reactions (1) and (II) can be 
assumed irreversible, which simplifies data evaluation. 
The ratio of the two extraction constants K*/ K¥ is great 
enough for all copper in the organic phase to be present 
in the form of copper dithizonate (ML,). No oxinate 
(MR;) was detected spectrophotometrically in the sam- 
ples from the kinetic experiments. 

The differential equation 


(1) 
describing the copper concentration in the organic phase 


as a function of time of contact in a batch experiment 
was numerically integrated. In accordance with equa- 


tions (42) and (43) of Part I, the interfacial flux of copper 
was calculated by solving the equation 
0.5Cux 

I/Kux + | VAX Cu — Jt/ku)/Cu] 
in the case of extraction by a single extractant HX 
(X = L or R), or by solving the equation 

; 0.5(Cur + Curv x/9.) 

= Re + V/V (00 Cu — Jr/kuy Cu] 
in the case of extraction by extractant HL mixed with 
HR. The concentration of the free extractant Cy, as well 
as the total copper concentration in the acqueous phase 
Cy, necessary for calculating the flux from equation (1), 
were determined from material balances. The concen- 
tration Cj, was assumed to be equal to the bulk concen- 
tration of hydrogen ions, calculated from the pH-value 
of the buffered solution. The concentration of the cata- 
lyst Cyr in equation (3) was kept constant at the known 
initial value, in accordance with the assumption of the 
irreversibility of the metal exchange reaction. 

The parameters of the rate equations, i.e. mass trans- 
fer coefficients ky; , Kyg, ky and the rate parameters ,/ 0, 
and ./@,, were estimated by minimising the sum of 
squares of the deviations between the measured and 
calculated concentrations Cy in the experiments with 
single extractants by Marquardt’s optimisation method. 
Equation (3) was used for predicting the enhanced 
extraction rate in the experiments with the mixture of 
extractants. 


J_= 





RESULTS 
The measured copper concentrations in the organic 
phase are plotted against time of contact in Figure 2 for 
extraction by oxine and in Figure 3 for extraction by 
dithizone. From these data the following values of the 
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Figure 2. Dependence of copper concentration in organic phase on the 
time of contact, extraction by oxine. Initial concentrations of oxine and 
copper, resp., (mol m~ °): (1) 4.0, 16.0; (2) 4.0, 1.0; (3) 1.0, 16.0; (4) 1.0, 
1.0 
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PHASE TRANSFER ENHANCEMENT 
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Figure 3. Dependence of copper concentration in organic phase on the 
time of contact, extraction by dithizone. Initial concentrations of 
dithizone and copper, resp., (mol m~ *): (1) 4.0, 16.0; (2) 4.0, 1.0; (3) 
1.0, 16.0; (4) 1.0, 1.0 


model parameters were estimated: 


ky, = 16.0 x 10°°ms /0, = 7.87 x 10-*ms 


Kup = 24.0 x 10°-°ms \/ Oy = 32.9 x 10° ms 


ky =9.9x 10°-°ms 


The calculated values are represented in Figures 2 and 
3 by solid lines. Figure 4 shows the comparison of the 
measured and predicted course of copper extraction in 
the experiments with mixed extractants. The dependence 
of the calculated extraction rate enhancement on frac- 
tional loading is illustrated in Figure 5. Points represent 
experimental data, lines model prediction. 


DISCUSSION AND CONCLUSION 

The physico-chemical properties of the systems al- 
lowed use of a simplified version of the model, based on 
the assumption that the exchange reaction occurring in 
the organic phase is very fast. The rate constant of this 
reaction was not measured, but the preliminary experi- 
ments showed that conversion of Cu-oxinate to Cu- 
dithizonate occurred practically instantaneously when 
chloroform solutions of Cu-oxinate and dithizone were 
mixed. Performing kinetic experiments over a wide range 


of metal/extractant ratios resulted in a high sensitivity of 


the objective function to the model parameters which 
could be estimated with acceptable reliability. As the 
kinetic experiments were evaluated on the basis of total 


copper concentration in the aqueous phase, the values of 
the kinetic parameters are specific to the composition of 


the aqueous phase containing the complex forming 
chloroacetate ions. 

Independent determinations of the transfer coefficient 
for oxine were carried out by measuring the rate of 


Chem Eng Res Des, Vol 63, March 1985 














t,min 


Figure 4. Dependence of copper concentration in organic phase on the 
time of contact, extraction by a mixture of extractants (75°, of H,Dz 
25% of HOx). Initial concentration of the mixed extractants 
copper, resp. (mol m 
1.0 


and 
): (1) 4.0, 16.0; (2) 1.0. 16.0: (3) 4.0. 1.0: (4) 1.0 


physical transfer in the system containing no copper 
ions. The values thus obtained (Ky, = 22.4 x 10°°ms 
kup = 11.7 x 10~° ms~*) were consistent with the values 
obtained in experiments with chemical reaction 

The enhancement of the extraction rate on the system 
was Only moderate under the experimental conditions, 
since the ratio of the kinetic parameters was not very 
high (,/(@,/6,) =4.18) and the diffusion resistances 
played an important role in the interfacial transport 


Maximum initial enhancement (@ = 1.91) was found in 
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Figure 5. Dependence of the catalytic enhancement 
rate on the extractant loadings. Initial concentratior 
(1) Cy, =0.95, Cup =0.05, C,, = 4.0; (2) C, 0.7 
Cy = 4.0 





100 ROD et al 


the experiment with an extractant to copper ratio 
Cu /Cy = 1/4, when the diffusion resistances were rela- 
tively small. In the experiments with a high excess of 
extractant (Cy, /Cy = 4/1) the resistance in the aqueous 
phase become dominant and the resulting enhancement 
was rather low (¢@ =1.17). In all experiments the 
enhancement increased with loading as the ratio of free 
HR to free HL concentration increased in the course of 
extraction. 

Good agreement between calculated and experimental 
concentrations in the kinetic experiments has shown that 
the model of phase transfer catalysis is suitable for 
description of the extraction rate in the system studied. 


SYMBOLS USED 


interfacial area 

concentration in aqueous, organic phase 

rate of copper extraction 

mass transfer coefficient in aqueous, organic phase 
volume of organic phase 

mole fraction of catalyst (oxine) 

loading 

catalytic enhancement factor 

Op kinetic parameters 


 o 


dq de PSO Oe 


Subscripts 

HL,HR_ dithizone, oxine 
M copper 

H hydrogen ion 


Superscript 
i value at the interface 
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Book Reviews continued from page 95 


Steam and Gas Tables with Computer Equations 
T. F. Irvine Jr, P. E. Liley 

Academic Press 1984 

pp 183. £23 


Most readers are likely to turn to this book for the 
equations rather than for the tables, although the latter 
occupy three-quarters of the book and are easily read. 
For power engineers this work is likely to gain wide 
currency; for chemical engineers it will prove less satis- 
fying because only with steam does it involve the liquid 
phase. 


The properties of saturated water and steam, and of 


superheated steam, are correlated to an accuracy which 
aims to represent that of the best available experimental 
data. At the same time the equations used are as simple 
as possible, and are designed for efficient computer 
storage and evaluation. The pressure range is from 
10 kPa to 20 MPa and superheat temperatures extend to 
1070 K. To cover saturation conditions from the triple 
point to the critical point the overall temperature span 
is divided into 6 ranges, essentially the same equations 
but different coefficients being provided for each range. 
The properties include saturation temperature and pres- 
sure, specific volume of both phases, enthalpy and 


entropy. The model of Torquato and Stell has been used 
to provide a common basis for the volumetric and 
energetic properties, and results in a very economical 
and accurate set of correlations. 

A more comp'ex set of equations is used for superheat 
properties to ensure that the calculated properties fuse 
with saturation properties at one extreme and with ideal 
gas performance at low pressures at the other. 

The second half of the book embraces the thermo- 
physical properties of air and 12 other common gases 
including hydrogen, carbon monoxide and dioxide, sul- 
phur dioxide and aliphatic hydrocarbons up to n-butane. 
The temperature range covered is normally between 250 
and 1050 K at very moderate pressures. The main ther- 
modynamic functions and transport properties are cor- 
related as simple power series in temperature, hence 
good accuracy is achieved with little computing effort or 
time. The number of coefficients is kept to the minimum 
to represent data accuracy. For instance for helium the 
enthalpy equation requires one coefficient, whilst for 
methane there are five. 

All the material is clearly and thoughtfully presented, 
and there is clear evidence of the accuracy both of the 
background data and the correlations. 

G. G. Haselden 
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FOAM ENHANCED OIL RECOVERY FROM 
SAND PACKS 


By J. ALI, R. W. BURLEY (FELLow) and C. W. NUTT (FELLOw) 


Department of Chemica! and Process Engineering, Heriot-Watt University, Edinburgh 


The foam-drive process is one of the enhanced oil recovery concepts which promise significant recovery of oil not otherwise 
recoverable by waterflooding or immiscible gas injection. The work has been guided by the following observation by 
investigators in enhanced oil recovery; that is that the development of flooding processes employing immiscible gas injection 
or water is severely obstructed by the frontal instability resulting from an unfavourable mobility ratio. Such a condition occurs 
when the displacing fluid is less viscous than the displaced fluid (oil), unless compensated by the effect of a uniform and ‘opposite’ 
relative permeability ratio. The basis of this paper lies in the fact that the mobility control needed to increase both displacement 


and sweep efficiencies may be obtained using foam. 


INTRODUCTION 


Laboratory-scale oil displacement experiments show 
that the foam-drive process will recover a significant 
proportion of the oil remaining in unconsolidated sand 
packs that have been subject to conventional secondary 
recovery operations. In tests utilising typical North Sea 
crude, cumulative oil recovery increased from 60.0°, (as 
obtained from water-flooding) to 90.0°, after foam 
injection. 


The principal factors that influenced the efficiency of 


the foam-drive process included the foam quality, the 
mode of foam injection, the concentration of the foam- 
ing agent, the foam bank size, the drive mechanism and 
the type of surfactant. Of these factors the foam quality 


was found to be the most significant variable. Foams of 


quality 0.70 to 0.96 were investigated. The recovery was 
found to increase with foam quality increase. This is 
explained in terms of the increase in the apparent foam 
viscosity with foam quality. 

The changes in mobility ratio resulting from foam 
injection are due to changes in viscosity ratio and 
reduction cf media permeability; the mechanism of the 
reduction has yet to be determined. Factors which 
influence the mobility control and permeability reduc- 
tion have been identified. 

This work also aimed to discover one or more foaming 
agents which could produce foams suitable for the foam 
drive process. In this respect some 36 foaming agents 
were tested details of which are given in Appendix A. 
These comprised of 23 anionics, 6 nonionics and 
amphoterics. Each was characterised by its surface ten- 
sion reduction, solution cloud point, adsorption on the 
Belgian sand samples, relative foaming ability, foam 
stability and effectiveness as an enhanced oil recovery 
(EOR) agent. Some sixteen agents were found to be 
potentially suitable for use in EOR. These agents formed 
stable foams and showed minimum or tolerable ad- 
sorption whilst producing increased oil recovery from 
watered-out sand packs. 

No. correlation was observed’ between  oil- 
displacement efficiency and type of foaming agent. 
Instead, the criterion for foam performance appeared to 


be related to an index of foam stability. The most 
efficient agents in terms of oil displacement were found 
to be the medium stable foamers. Highly stable foamers 
were more suitable for permeability reduction and pore 
plugging. 

The characteristics of foam as indicated by the results 
of this study point to three potential applications of 
foam. These are 


Improving the displacement efficiency of gas- 
drive processes (mobility control) 

Improving the sweep efficiency of other fluid 
injection processes (mobility control and flow 
impediment). 

Restricting the flow of undesired fluids and plug- 
ging of high permeable oil ‘thief zones (partial or 
total pore blockage) 


OBJECTIVES OF INVESTIGATION 

This paper reports a two part study. The first part 
concerns the statics and dynamics of enhancing oil 
recovery with foam, whilst the second part investigated 
some foaming agent types for use in EOR 

Foam flooding attempts to exploit the synergistic 
effect of the surfactant-gas system which constitutes 
foam. Thus, in foam flooding we are dealing with at least 
a two-phase mixture whose behaviour in a hetero- 
geneous oil reservoir is susceptible to the reservoir 
characteristics and the fluids present. This makes foam 
flooding a most complicated and fragile oil recovery 
process. 

Yet the benefits to be derived from the process are 
clear. Average primary oil recovery efficiency is no more 
than 40°, of Original Oil in Place (OOIP). Thus, as is 
well known, 60°, or more of the oil in reservoirs is left 
unrecovered. The foam-drive process aims at increasing 
the recovery beyond these present levels. Preliminary 
laboratory investigations’ have shown that the process is 
capable of increasing oil recovery to as much as 80° 

However, industrial application of the process de- 
pends on a clearer understanding of the statics and 
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dynamics of oil recovery with foam and the availability 
of foaming agents capable of achieving the desired 
objectives under harsh reservoir conditions. 

Previous research work on foam has been concerned 
with: 


(i) the physical properties of foam, (11) foam behaviour 
with surfactant type and (iii) flow of foams in pipes and 
tubes. A literature survey had revealed a lack of con- 
sensus on the nature and flow behaviour of foam in 
porous media, particularly in heterogeneous oil reser- 
VOIrs. 

Many previous investigators of foam rheology based 
their conclusions on studies of a single foaming agent 
whose identity was often undisclosed and frequently the 
choice of foaming agent was arbitrary and lacked 
comparison with other EOR agents performance. 

One of the primary objectives of this study was to 
characterise several foamers in relation to the following 
properties: 


(1) To screen surfactants for their ability to generate 
effective and stable foams. 
To determine the concentration ranges over 
which the surfactants were effective as foamers. 
To examine the effect of the surfactant type and 
the foam formed on the production of residual oil 
from watered-out sand packs. 


The study has limited itself to the investigation of the 
major factors which affect the recovery mechanism and 
efficiency of the process. The factors investigated include 
foam quality, concentration of foaming agent, foam 
bank size, foam stability and the effect of drive mech- 
anism. 

Whilst the exact nature of foam flow in porous media 
is still not well understood, for the purpose of this work, 
foam has been regarded as a compressible fluid which 
flows in a porous medium as a single body (whilst at the 
same time exhibiting dynamic properties, e.g. continuous 
destruction and reformation of the lamellae or inter- 
faces). Aithough the sand pack column models used in 
this study are unrealistic in configuration and content 
distribution when compared with the real reservoir 
situations, the results obtained may still be viewed from 
the point of view of indicators of the potential of foam 
EOR 


Flow System 
Figure | shows the complete foam-generation and 
injection system used in this investigation. The foam is 


produced in a generator® which consisted essentially of 


an unconsolidated porous medium (Belgian sand)'’ into 
which both air and surfactant solutions could be both 


individually and simultaneously injected. The details of 


the sands used are to be found in Appendix B. Foam 
quality was varied by changing the air—liquid flow ratio 
and the foam texture was varied by changing the grain 
size of the packing in the generator. By applying 
sufficiently high injection pressures (> 20 psi g) the foam 
was generated in situ and passed through the equipment. 
It will be noted that foam in this instance is better 
considered as a succession of liquid/gas interfaces, rather 











Figure 1. Schematic diagram of complete foam-generation and 
injection system used in this investigation 


. Compressed Air Cylinder 
. Pressure Regulator 
3. Water Tank 

. Oil Tank 

. Surfactant Solution Tank 
Surfactant Metering Pump 

. Air Pressure Reducer 

. Foam Generator 
Air Drying Column 

. Air Rotameter 


. Foam Observation Cell 
Differentia! Pressure Gauge 
Sandpack Column 

. Pressure Gauges (A-E) 

Oil Metering Pump 

Water Metering Pump 
Separator 

Wet Gas Meter 

Pressure Relief Valves (A—B) 


than a consolidated foam, particularly at the qualities 
which are of interest in this study (0.8 < [ < 0.98). 

The pressure relief valves were fitted on air flow and 
foam flow lines to prevent exceeding the maximum safe 
working pressure of the glass column. As a further 
precaution a thick Perspex“ safety screen was mounted 
in front of the column. 


Foam Generator 


The foam generator is shown in cross-section in 
Figure 2. The body is made from brass and is 7.0cm. 
high, 2.5cm. o.d. and 5mm wall thickness. The spaces 
in between the sand pack and the three openings are 
filied with rigid foam. Both the surfactant and air lines 
were fitted with non-return valves to prevent back flow 
during unsteady state operations. The top of the gener- 
ator was funnel-shaped so that the foam formed was 
collected as it flowed from the bed. Belgian sand of 
170-240 mesh (90-63 xm) size was used as packing. 

During foam generation, surfactant solution was 
passed through the generator packed with sand, prior to 
the initial run, to achieve complete adsorption by the 
sand. After a few minutes, air from the cylinder was 
introduced into the generator and foam generation 
began. The quality of the foam was varied by varying the 
fluids’ flowrates. 


Sand Pack—Model Porous Media 
The sand pack consisted of a cylindrical column 
packed with sand of the desired size distribution. Figure 
3 is a sectional drawing of the column and its fittings. 
The pyrex glass column was 69.3 cm by 2.7 cm i.d. with 
5 mm thick walls. The spaces between the sand pack and 
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Figure 2. Cross-sectional drawing of foam generator 


the openings were fitted with solid polystyrene foam and 
sintered stainless steel as flow distributors. 

To pack the column, one end was closed and the sand 
was poured in a few grams at a time. The process was 
repeated until the column was filled to within 0.25 mm 
of the top end of the column, whose end block was then 
placed in position. Sand was again poured into the 
column through the small tapered orifice until it also was 
full of sand. A female coupling packed with plastic foam 
was then used to close the tapered end. By tightening the 
fittings on the block a compressive force was applied to 





—< 


xox 
BAMA ASAT ATATS 
<—“< —L~ABABaasay 

SSAA a \ 


SSSSIJ KS 
—— 
SSS SASSY 


wow eR RR OR 
SAA 
x 





’ 
BSS 


Figure 3. Sectional drawing of the sandpack column and its fittings 
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the sand through the sintered metal and the plastic foam. 
This ensured that the sand particles were rigidly held in 
place within the sand pack. 

Utmost care was taken to obtain the closest packing 
from each experiment. To observe if the packing was 
compressed, air was allowed to flow through the column 
under pressures ranging from 0-20 psig and careful 
observation of the particles was made. Particle move- 
ment along the column wall signalled a loose packing so 
that the column had to be dismantled and repacked 

The gas was passed through the wet-test gas meter for 
measurement of the total gas flow in a given time and 
the liquid was collected in a graduated cylinder over a 
given time. The pressure drop was read directly from the 
differential pressure gauge 


Foam Quality 
The quality of foam, I,;»p,, is defined as the fraction 
of the total foam volume occupied by the gas, at a given 
temperature and pressure: 


] | 
J + J V, 


The quality at the outlet of the bed was determined by 
measuring the components as described and applying the 
above equation. The upstream quality (the injection 
quality) was determined from the liquid gas injection 
pressures and flowrates 


EOR Experimental Procedure 


Unless otherwise stated, the experimental procedure 
was as follows 


(1) The column was packed with the required size 
range of Belgian sand 

(2) The initial permeability and porosity of the sand 
pack to air was measured 
The sand pack was saturated with water 
The sand pack was flooded with Forties crude oil 
to irreducible water content 
Water-flood was carried out to water break- 
through, approx. | pore volume (p.v.) 
Water injection was terminated and injection of 
foam of desired quality begun 
Foam injection was then terminated after at least 
2.0 p.v. of foam had been injected 


The injection flowrate was less than 50 ml h In the 
recovery experiments flowrates of about 25 mlh~' were 
used to give a flow velocity through the porous medium 
of about 0.5 fth somewhat in excess of the usual 
range of reservoir flowrates (~ 1 ft/day). Under these 
conditions the Reynolds number with respect to particle 
diameter was ~ 10~°. Surfactant concentrations of 0.01 
to 1.0°% v/v were employed 


Flowrate/Pressure Drop Characteristics 
The first experiments determined the flowrate/pressure 
gradient relationship that characterised the flow of foam 
in the sand packs. Foam was generated continuously by 
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gas and surfactant solution injected at constant flowrates 
into the foam generator, from which it flowed to the 
sand pack column. In particular, the following aspects 
were investigated: 


(1) Pressure drop as a function of foam front posi- 
tion in column. 

(2) Pressure drop variation 
injected. 
Pressure drop with respect to rate of foam 
injection. 
The texture and quality of foam at entry and 
exit points. 


with p.v. of foam 


Table | shows how the pressure drop over the column 
increases as the foam front progresses along the column. 
Figure 4 shows how the pressure drop over the column 
increased with quantity of foam injected, to reach a 
limiting steady state value after injection of approxi- 
mately 1.8p.v. of foam, for foam of three different 
qualities. Figure 5 shows how the ‘steady state’ pressure 
drop attained after the injection of at least 2 p.v. of foam 
varied with foam flowrate; for three different foam 
qualities. 


Oil Recovery From Sand Packs 


In these experiments both primary and secondary 
recovery operations were simulated by the injection of 
immiscible gas and water. Tertiary recovery was simu- 
lated by foam injection. The amount of oil recovered by 
each of these mechanisms was determined from a ma- 
terial balance on the oil recovered and that originally in 
place. 

The water-flooding efficiency is given by: 


a 
E., — 100 — /— — 


and foam-flooding efficiency is expressed as: 


Kid 
E, = 100 


The total oil recovery efficiency after foam-flooding is 
given by: 


Table |. Pressure drop vs. position of foam front 

in column for 0.90 quality foam (foam displacing 

air), Column length L=69.3cm. Injection 
rate = 0.25 mls~', xk = 14.6 darcy 


Position of 
foam front 


j 


in column AP 


Time 
(min) 


Pressure Drop 
AP /AP 
0.0 0.0 10.0 0.40 
30.0 0.15 15.0 0.60 
60.0 0.30 18.0 0.72 
90.0 0.45 20.5 0.82 
120.0 0.60 22.0 0.88 
150.0 0.75 23.5 0.94 
180.0 0.90 24.0 0.96 
210.0 1.00 25.0 1.0 
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Figure 4. Pressure drop vs. pore volume of foam injected. (Injection 
at 0.25 ml/sec. and foam displacing water). 


All recovery operations were performed at constant 
injection rates of 25mlh~' (1 ft/day) and pressures 
not exceeding 50 psig. (Typical results are shown in 
Figures 6-8 and Table 3). 


Effect of Foam Quality on Oil Recovery 
Experiments were designed to determine the effect of 
foam quality on oil recovery. Foam qualities in the range 
0.80 < F < 0.96 were employed and in particular the 
qualities of 0.70, 0.80 and 0.90 were studied. These 
results are clearly indicated in Figures 6-8. 





Pressure differential AP (psi) 





» | | lL 
0:2 04 0-6 08 1.0 
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Figure 5. Pressure drop vs. flow flowrate. (No oil and steady state) 
kK = 16.5 darcy 
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Figure 6. Oil recovery by foam flood (Triton X-100) 


Effect of Mode of Injection of Foam 


These experiments were designed to investigate the 
effects of the drive mechanism on the oil recovery 
efficiencies of the foam flood. The following drive mech- 
anisms were investigated: 


(1) Active foam bank driven by gas injected at 
constant pressure (CP), i.e. decreasing flowrate 
with time. 

Active foam bank driven by water at constant 
injection flowrate (CQ). 

Injection of alternate slugs of gas and dilute 
surfactant into porous medium resulting in in situ 
foam formation. 


The results are summarised in Table 2. 


Blockage of the Medium by Foam 
The experiments reported here were designed to deter- 
mine the effect foam has on the permeability of the 
medium and to determine conditions which lead to 
partial or complete pore blockage by foam. A column 
was packed with clean dry Belgian sand and its perme- 


ability measured by applying Darcy’s Law to the flow of 


gas through the column at differential pressures. This 
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Figure 7. Oil recovery by foam flood (Sipex 650) 
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Figure 8. Oil recovery by foam flood (Product NP9) 


initial permeability was recorded. x,,. The column was 
then connected to the foam line and an externally 
generated foam of desired quality injected into the 
medium to occupy the required p.v. After the injection 


Table 2. Effect of Mode of Injection of Foam on Oil Recovery 
Injection rate = 25mih 

(CP/0.70 = Constant press injection for quality 0.70, CQ/0.80 

Constant flowrate injection for 0.80 quality, AS/G 

surfactant/gas slug injection in situ, W.F 

Immiscible Gas, O.0.1.P 


Alternate 
Waterflood, I.G 
Original oil in place) 


OOIP Mode of Foam Injection Oil Recovery 
. PV Secondary 


OOIP 


Tertiary Tertiary 


Secondary 
CP/0.70 64.0 
CP/0.80 58.5 
CP/0.90 63.5 
CP/0.90 70.0 
W.I ).7 60.0 
W.F 63.5 
W.F 
W.F 
W.I 
W.F 

0.70 

0.80 

0.90 


I 


Q/0.90 
Q/0.90 


F 
F 
F 
F 
I 80 
F 
F 
F Q/0.90 
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of the foam, the column was reconnected to the gas line, 
still maintained at a constant inlet pressure and the new 
gas flowrate read from the wet-test gas meter. It was 
assumed, in view of the fact that neither component 
of air sorbs on to the porous media used in the 
investigation that the Klinkenberg effect could be 
neglected. 

The column was then cleared of its contents and fresh 
dry sand used to pack the column to the same initial 
conditions. The above procedure was repeated for injec- 
tion velumes of 0.1 to 0.8 p.v. in steps of 0.1 p.v. The 
experiment was repeated for different foaming agent 
concentrations and foam quality. The results are set out 
in Figures 9-11. 


DISCUSSION 
Flowrate/Pressure Drop Characteristics 


As illustrated by the results shown in Figure 4 the 
required pressure drop for constant flowrate initially 
rises rapidly and then tails off, as the foam penetrates the 
pack, displacing water. 

The effect is not observed when water which is incom- 
pressible displaces air from a dry sand pack, as demon- 
strated by the lower curve in Figure 4. 

The results shown in Figure 4 demonstrate that lower 
quality foams require smaller pressure drops to flow at 
the same rate, i.e. as foam penetrates further into the 
sand pack, the foam entering is of lower quality and 
thereby is less viscous and develops a lower pressure 
drop. 

The results shown in Figure 5 for the pressure drop 
required to drive foam under steady state conditions 
through the sand pack at various flowrates, also indi- 
cates that higher quality foams require higher pressure 
differentials to maintain a given flow. In these experi- 
ments also, the foam flowing at the entry end of the sand 
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Figure 9. Permeability reduction as a function of in situ foam, [ = 0.7 
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Figure 10. Permeability reduction as a function of in situ foam, 
r=08 


pack was subjected to a higher absolute pressure than at 
the ceit end, with a consequential change in foam quality 
and hence apparent viscosity along the length of the sand 
pack. This effect could undoubtedly be a major factor 
giving rise to the non-linearity of the curves in Figure 5, 
but further quantitative analysis requires more detailed 
information about the relation between quality, and 
apparent viscosity which is the subject of a parallel 
investigation. 


Effect of Foam Quality on Oil Recovery 


Figures 6-8 as well as Tables 3 and 4 summarise the 
results of present and previous experiments carried out 
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Table 3. Summary of Oil Recovery Results 


(W.F.= Water Flood, IL.G 


Run OOIP 


No % PV Secondary 


82.0 
75.0 
78.5 
80.0 
81.5 
78 3 
78.5 
80.2 
76.5 
77.5 0.70) F.F 
80.2 0.80) F.F 
75.0 0.90) F.F 
81.5 0.90) F.F 
78.5 W.I 

W 


I 
I 
I 
F 
a 
F 
F 
I 


in this area. It was observed that the oil recovery 
efficiency increased with foam quality for all foaming 
agents used. Given that the pressure drop increased with 
foam quality for a given flowrate, we may conclude that 
the EOR variation with quality is associated with a rise 
in the apparent viscosity of the foam. 

A comparison of the results obtained in this work with 
the results of other workers in the field reveals anomalies 
cencerning the effect of foam quality on oil recovery. 
Table 4 summarises previous studies of the effect of foam 
quality on oil recovery. It is observed that results for 
unconsolidated porous media with high porosity 
(@ > 0.35) and high permeability (x > 10 darcy) show an 
increase in oil recovery with foam quality while results 
from consolidated cores, with low porosity (@ < 0.25) 
and low permeability (x < 0.20 darcy) show decrease in 
oil recovery with increase in foam quality. The structure 
of the porous medium (whether consolidated or uncon- 
solidated) thus has an important effect on the mech- 
anism of foam EOR. 


Immiscible Gas, F.F 
Injection rate 


Recovery Method 


Foam Flood (0.1°% Soln), 


25 mlh~') 


OOIP 
Tertiary 


Oil Recovery 


Tertiary Secondary 


56.5 


60.0 


SQ s 


70) 
70) 
8&0) 
80) 
RO) 
0.90) 
0.90) 
0.90) 
0.90) 


56.0 
60.0 
62.0 
61.5 
61.0 RRS 
58.5 90.0 


Foam is a dynamic two phase fluid, thus we would 
expect the gas and liquid phases to coalesce and reform 
particularly with high quality foams. Should the rate of 
bubble break-up locally exceed the rate of regeneration 
of bubbles then a proportion of the liquid and gas phase 
flow as separate phases. This will reduce the recovery 
capacity of the foam, particularly at high qualities. The 
difference in reported recoveries between the consolli- 
dated and unconsolidated media may also be due to the 
percentage of gas phase mechanically trapped and re- 
tained in the porous medium. This will be greater for the 
consolidated core. The trapped gas phase reduces the 
available flow paths with a consequent reduction in 
recovery efficiency, but has the effect of reducing gas 
flow. 

Table 3 compares recoveries achieved using gas, water 
and foam-flooding separately and in various combina- 
tions. Comparison of Tables 3 and 2 shows that water- 
flooding of the sand pack always leads to greater recov- 
eries (59-64°, OOIP) than gas injection (48—53°,, OOIP) 


Table 4. Review of Previous Studies to Determine the Effect of Quality of Foam on Oil Recovery 


Foaming 
Agent 
Concn 


Author Porous Medium 


Natural sandstone 
long x 4cm 
darcy @ = 0.18 
Unconsolidated sandpacks 2.1 dia 
and 14.8cm long, 44-60 mesh size, 
@ = 0.42-0.47, k 28.0—49.0 darcy 
Berea sandstone core 2 ft long x 2 in 
dia, @ < 0.25 

Unconsolidated sandpack (2 
dia. and 69.3cm 
kK = 15.0 darcy 


1. Minnssieux 
(1974) 


$cm 


0.13-2.2 


cores 
diameter k 


. Aizad & Okandan 
(1976) 


Al-Attar 
(1976) 
This work 7 cm 


long), @ = 0.39, 
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Water-gas foam 70 < ‘ Oil 
0.40.75 


Oil gas-foam 70 : < 0.90 


Water-gas foam 5s < 0.95 


Foam 
quality Dependence of oil Recovery 


examined on Foam Quality 


Water-gas foam 50 < < 93 Oil recovery decreases with increase in 


1.0' quality 


recovery increases with quality 


(refined oil) 
Higher oil recovery with lower foam 
quality (Kerosene used as oil phase) 


Oil recovery increases with foam quality 
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In particular, runs 10-13 show that foam-flooding gives 
still greater recoveries (64-68°, OOIP) but the largest 
recoveries (72—90°,, OOIP) were achieved when the sand 
pack was water-flooded followed by foam-flood after 
water breakthrough. 

Considering these results and their relevance to the- 
ories of displacement, we can make certain observations 
relating to the displacement of water and surfactant 
solution by gas and by foam in model oil saturated sand 
packs: 


Oil recovery by foam is a function of the quality 
of the foam. 

Compared with low quality foam, less pore vol- 
umes of high quality foam are required to achieve 
the same recovery (displacement) efficiency. 
The increase in recovery with quality is consid- 
ered to be due to the increase in the apparent 
viscosity of the foam. 

The flow of foam across the medium is slower the 
higher the quality of foam, and it is shown that 
for the same pressure drop high quality foam 
displaces oil at a slower rate than low quality 
foam, but with less efficiency. Studies of foam 
rheology are discussed in detail later. 


Effect of Mode of Injection 

Table 2 gives the results of the first series of experi- 
ments where displacing fluids were injected at constant 
pressure; in runs 1-4 foam was injected directly without 
prior water-flooding whilst in runs 5-10 the sand 
pack was water-flooded to breakthrough before foam 
injection. 

In a further series of experiments the displacing fluids 
were injected at constant volumetric rate; with foam 
being directly injected without water-flood in runs 
11-13, and with water-flood in runs 14-22. 

In the remaining experiments, foam was generated in 
situ by injection of alternate slugs of foaming agent 
solution and gas. In runs 23-26 foam was injected 
without prior flooding for comparison with runs 27-31 
in which foam inputs followed gas injection and runs 
23-76 in which injection followed water-flooding to 
breakthrough. In all three modes of injection there was 
recovery of oil above that which is recoverable by 
water-flood or secondary immiscible gas injection. 

Consistent and reproducible results could not be 
obtained for the constant pressure injection case, where 
it was found that readings differed as much as 25.0%. In 
some trials it was found that complete pore blockage 
occurred in the constant pressure injection and no fluid 
was produced. This was not found for constant flowrate 
injection, i.e. increasing injection pressure, as this pro- 
vided the necessary force to mobilise the previously 
trapped bubbles and keep a relatively constant portion 
of the flow channels open. 

The generation of foam in situ via alternate injection 
of slugs of gas and dilute surfactant into the porous 
medium provided oil recovery results comparable to that 
obtained by injection of externally generated foam at 
constant flowrate injection. In this third mode of injec- 
tion the formation of a foam bank in the medium was 
indicated by the build-up of injection pressure and by the 


reduction of the gas flowrate registered by the wet-test 
gas meter (see Figure 1). 

On the basis of these observations the following 
conclusions can be drawn: 


(1) For plugging formation it is best to inject 
externally produced foam at constant injection 
pressure. 

(2) For high displacement efficiency the foam should 
be formed in situ by alternate injection of slugs of 
surfactant and gas. Externally produced foam 
could also be used but there are obvious large 
scale practical difficulties with such a process. 


Blockage of the Medium by Foam 


The results shown in Figures 9-11 indicate how 
permeability reduction depends on the concentration of 
the foaming agent, the foam quality and the pore 
volumes of foam injected into the medium. The arrows 
give the direction of change of foaming agent concen- 
tration. While it required about 0.20 p.v. of foam of 
1.0% foaming agent concentration to reduce perme- 
ability to about 10°, of the initial value, it required about 
0.70 p.v. of foam of 0.01°%% foaming agent of the same 
foam quality of 0.80 to achieve almost the same result. 
For very large volumes of foam injected it is expected 
that the curves will reach finite asymptotic values. A 
further observation on the use of foam considered as a 
dilute solution may be made with reference to Figure 12. 
Here the data are plotted in (p.v. x concentration) 
terms. This gives an idea of the total surfactant required 
for given surfactant concentrations to effect permeability 
reductions and shows how relatively costly EOR surfac- 
tants may not necessarily be ruled out. 

Bernard and Holm’ found that foam reduced the gas 
permeability of unconsolidated sand (high permeability 
medium) to a greater degree than for a consolidated core 
(low absolute permeability medium). 

A useful feature of Figures 9-11 lies in the fact that 
they show how a foam system can be defined to achieve 
the permeability reduction and mobility control required 
to optimise a particular operation. For instance, if it was 
required to achieve a 50% reduction in the absolute 
permeability of a layer of a heterogeneous medium in 
order to decrease the mobility of fluids through that 
medium and divert flow into the less permeable zones, 
Figures 9—!1 predict the foam systems capable of giving 
the desired conditions. From Figure 12 we further find 
that injection of about 0.12 p.v. of 1.0% Triton X-100" 
of 0.9 quality will achieve the desired result whilst, for 
example, the same result may be achieved by the injec- 
tion of 9.3 p.v. of 0.01% Triton X-100". The chosen 
foam system will depend on other factors such as the 
cost of surfactant and the high pressure drop associated 
with high quality foams previously discussed. 


Effect of Foam Stability on Oil Recovery 


Experiments designed to determine and compare the 
oil recovery potentials of some foaming agents gave the 
types of curve shown in Figures 13 and 14. The surfac- 
tants were chosen on the basis of their moderate ad- 


Chem Eng Res Des, Vol 63, March 1985 





FOAM ENHANCED OIL RECOVERY FROM SAND PACKS 





T 


(R 
Triton X-100 , 


La) 
@ 
— * 


ro) °o 
= a 
——— 


Permeability reduction (Kg/Kg,) 





05 
Foaming agent concentration 





1 
0:05 01 
PV. x concentration 





Figure 12 
surfactant. 
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sorption characteristics on the Belgian sand and their 
stable foaming characteristics. 

The data was found to offer no obvious correlation 
between oil displacement efficiency and molecular struc- 
ture or type of foaming agent. Instead the criterion for 
foam performance appeared to be foam stability. 

Figure 13 shows a well-defined relationship between 


foam stability and oil recovery, the latter increasing with 
stability at low stabilities, then passing through an 
optimum and finally falling slightly for the most stable 
foams. As shown in Figure 14, increased foam stability 
was always associated with increased pressure drop 
across the sand pack during the recovery process. 


recovered 





30 40 50 


Foam stability (s/cm 





Figure 13. Oil recovery vs. foam stability. Numbers refer to list of 
materials in Appendix A 
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Figure 14. Pressure drop vs. foam stability. Numbers refer to list of 
materials in Appendix A 


Whilst the increase of recovery with stability for 
relatively low stability foams was associated with the 
increased apparent viscosity of the foam in the medium, 
an explanation for the failure of very highly stable foam 
to provide even better recovery, as indicated by the 
right-hand curve of Figure 14, is not immediately 
obvious. 

An explanation for this behaviour of foam may lie in 
the mechanism by which foam moves in porous medium 
(q.v.). For foams of low stability the rate of bubble 
break-up exceeds the rate of bubble coalescence and this 
results in the reduction of the number of resilient 
interfaces moving through the medium with the resultant 
low recovery of oil. For very highly stable foams rela- 
tively less break-up of interfaces may occur. A greater 
proportion of the pore volume will remain blocked by 
interfaces thus reducing the number of channels avail- 
able for fluid movement and EOR 

The foaming agents in mid-range of stability are most 
effective as, with these agents, the rate of bubble attrition 
is balanced by the rate of bubble regeneration 


Foam Rheology 


Table 5 summarises results obtained from several 
studies of foam flow in porous media and tubes. Re- 
ferring to this table it is apparent that no unique pressure 
drop/fiowrate curve completely describes all the results 
obtained for foam in porous media. Indeed, in some 
cases the flow behaviour is a hybrid of Bingham and 
pseudoplastic flow. While in general the flow in pipes is 
Bingham flow, the flow in porous medium is either 
Bingham-pseudoplastic or simply pseudoplastic. This 
apparent anomalous behaviour of foam must result from 
the influence of the porous media on the flow. Due to 
solid matrix, flow of a two-phase gas/liquid mixture in 
porous media is likely to be by progressive breaking and 
regeneration of lamellae, whereas the flow in pipes may 
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Table 5. Review of Experiments of Foam Rheology in Porous Media 


Author Porous Medium 


Raza & Marsden 
(1967) 

Alizad & Okandan 
(1976)* 44-60 mesh packed, @ = 0.45, k = 40 darcy 

Evgen’ev & Turnier 
(1967)° @ = 0.40. x 

Mitchell Tubes 
(1969)’ 

Starkey Pipes 
(1975) 

This work 


1.50 mm radius tube 


3.1 darcy 


od = 0.39, k 15.0 darcy 


be likened to the flow of a single fluid where bubble size 
and orientation remains unchanged during the flow. 
(New evidence from these laboratories suggest that this 
observation is not necessarily true.) During flow through 
the porous medium, the foam bubbles are deformed as 
they pass through the constrictions and the degree of 
deformation will be a function of the flowrate, the 
pressure gradient and the dimensions of the con- 
strictions. The high pressures required to move foam in 
a porous medium represent the overall force required to 
overcome fluid/solid shear and interfacial tension forces. 
In addition, the role of adsorption and surfactant and 
bubbles retention in the media should be taken into 
account in the interpretation of any flow/pressure drop 
results.”'° 


CONCLUSION 

Continuing studies of the potential of two phase 
gas/surfactant systems for EOR work has proved prom- 
ising. 

The behaviour of foam in porous media is quite unlike 
that of either a gas or a liquid alone. Although its 
rheology may be described in non-Newtonian terms as 
a matter of convenience, the rheology of foam is ex- 
tremely complex. 

As far as the results of laboratory scale tests in model 
systems are concerned, these are encouraging, and the 
most efficient type of EOR foam interface has been 
identified in terms of a foam stability parameter. How- 
ever, caution must be urged when trying to extrapolate 
to realistic conditions. Further work on foam rheology 
and foam EOR is continuing. 


APPENDIX B 
Properties of Sand Samples 
(i) Belgian Sand (BS) 
Ill 
Mesh size (BS) 2 72-120 


(ii) Levenseat Sand (LS) 
III 


Unconsolidated sandpack (3.8cm dia. and 10cm long) 


Unconsolidated sandpack (3.7 cm dia. and 60cm long), N/A 


Unconsolidated sandpack (2.7 cm dia. and 69.3 cm long), 0.75<T <0.95 


Mesh size (BS) 72-120 


Sieve 


BET 


0.100 
0.274 


170-240 
0.207 
0.920 


Foam Quality Rheological Curve 


0.75<T <0.93 Pseudoplastic 


0.70<T < 0.94 Pseudoplastic 

Thixotropic Bingham body 
(a Pseudoplastic) 

0.52<I < 0.96 Bingham Plastic 


0.52<T < 0.83 Bingham Fluid 


Pseudoplastic 


(111) Composition and Typical Grading of the Belgian Mami Sand 
(a) Mineral Constituents ” Wt 
SiO, 99.7 
FeO,0, 0.011 
Al,O 0.1 
Cr,0, 0.0001 
K,O 0.04 
Na,O 0.01 
Ca O 0.02 
(b) Typical Grading 
BS Mesh No ° Retained 
Nil 
Nil 
0.2 
99.6 
0.2 


Nil 
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SIMPLE MODEL FOR NON-CATALYTIC 
GAS-SOLID REACTION 


By C. B. D. TINE 


University of Messina, Industriai Chemistry Institute, Ital) 


A mathematical model for the case of gas—solid non-catalytic reactions is developed. The relevant equations are solved by using 
analytical techniques. The model involves an overall rate coefficient which takes into account kinetic and mass transfer 
phenomena and is applied in predicting conversion time curves for the reduction of nickel oxide pellets with carbon monoxide 
and for the reaction of sulphur dioxide with calcium carbonate. Agreement between predicted and experimental values is geod. 


INTRODUCTION 
In recent years, increasing oil prices have stimulated new 
interest in coal chemistry and technology, as an alterna- 
tive energy source. These processes generally involve a 
gas-solid non-catalytic heterogeneous reaction. 

As a survey of the relevant literature shows'*", most 
workers correlate their kinetic and mass transfer data by 
assuming that just one of these two mechanisms is 
reaction controlling. Attempts have been made to de- 
velop some models which account for both contributions 
in controlling the overall rate process, but the resulting 
equations, normally ordinary or partial differential 
equations, have been found very difficult to solve ana- 
lytically and its was necessary to employ numerical 
techniques. 

It is the aim of the present work to develop a 
mathematica! model which accounts for both kinetic and 
mass transfer phenomena and whose equations are easily 
applied and solved by simple analytical techniques. 


ASSUMPTIONS OF THE MODEL 

In this work a model describing the reaction of a gas 
and a solid with formation of a solid product is devel- 
oped on the assumption that the rates of diffusion and 
of chemical reaction both contribute to govern the 
overall rate process. This is a more realistic represent- 
ation of the real process than considering just diffusion 
or kinetic rate to be controlling. 

It has been shown’, in the oxidation of zinc sulphide 
crystals, that at high temperature the overall rate was 
controlled by diffusion and at low temperature the rate 
was controlled by chemical kinetics. So there is a 
transition region in which neither mechanism could be 
considered rate controlling and this is the case for most 
reactions. 

In the development of the model the assumptions are: 
(a) A gas in contact with a solid reacts according to the 

equation: 

A+vB-C (1) 
that is the reactant gas diffuses within the solid 
where it is immobilised by a chemical reaction. The 
reaction is assumed to be first order with respect to 
the gas and zero order with respect to the solid. 


Many observed data agree with a rate equation of 
this kind’. 

The diffusivity of the gas within the solid is indepen- 
dent of time and concentration. 

The gaseous reactant diffuses through the solid to 
the reacting zone. 

No heat of reaction is involved. 


DEVELOPMENT OF THE MODEL 


The process involves a reacting gas, surrounding a 
spherical particle of a reacting solid. The gas diffuses 
through the outer solid product layer of the particle and 
when the unreacted core is reached a chemical reaction 
takes place. 

The whole process may be regarded as regulated by an 
overall rate coefficient, K,, which takes into account 
resistances due to diffusion and to chemical reaction. 

Increase of product layer thickness, during the reac- 
tion, will increase the diffusional resistance of the gas 
moving towards the unreacted core, so an increase of the 
K, value with the time of exposure of the solid to the gas 
will be noted. 

A model describing the process may be developed in 
two parts, one for K, evaluation and one to set up and 
solve the equations describing the process. In order to 
simplify the solution the solid will be regarded as a 
parallel-sided semi-infinite slab. Since K, is a function of 
the time of exposure, the K, value thus obtained may be 
used for a finite solid at small time intervals. 

A mass balance on the gaseous reactant, A, leads to 
the following partial differential equation 


(2) 


where D is the mass diffusion coefficient and K is the 
reaction rate coefficient. 

The boundary conditions, considering no gas initially 
present in the solid and the penetration of the solid to 
be sma!] compared with its depth, are 


0 at 1=0 all x 


Cs 
C,=Cya att>d 
Cy 


( all f 
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Equation (2), under the boundary conditions (3) to 
(5), may be used to evaluate the overall process rate 
coefficient. Taking the Laplace transform of equation 
(2), using the boundary condition (3), leads to: 


7C = 


S€-0=D KC 


that is 


e¢ (S+ KC)=0 
dx? i = p= 


A 


and the solution is 


C =A exp(Ex) + 3 exp(— Ex) 


where 


There is no need to invert equation (6) at this stage 
because we are only interested in the rate of transfer 
across the interface, 1.e. 


OX 


Na —D | oC 


and then 


e (S+K 
N = Cyy./D ~— 


From tables of the Laplace transform we obtain: 


+ae*' erf(a, t) 
The Shift Theorem states 
fle" f(t)] =f (s + B) 


that 


S 


Ff [e'N] = « so/ D am RK 


that 1 


and 


) , ~ , 
4 K ert, aidet 
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In order to find the average mass flux note that 


" 
erf, (at)= 


\, R | = Je “drt =erf./(Kt) 


and an integration by parts of the above expression for 
N gives: 


M=C, Jz) (« +5) erfy (Kr) 


(11) 


The average rate of adsorption, through an exposure 
time /¢,, 1s thus 


(12) 


Equation (12) 
coefficient, K, , and allows for effects of both diffusion 
and kinetics in the overall process 

Special cases, which allow 
simplified, are: 

(1) When the reaction rate constant, K, is very small 
equation (12) reduces to 


gives the average process rate 


equation (12) to be 


D 
K, = (13) 
\ Tl 


Equation (13) may be derived for physical adsorption 
also. 
(ii) When the product of the reaction rate constant and 
the time of exposure, Kt,, is very large equation (12) 
reduces to 

K, = ./(KD) (14) 
In this case K, will be independent of the exposure time 
but includes the effects of both diffusion and kinetics 
The K, values, evaluated by equations (12)-(14), may 
be used in a model describing the reaction system in 
order to calculate conversion of the solid and gaseous 
reactants with respect to time 
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A model describing the reacting system may be set up 
by taking a mass balance around a spherical shell of the 
reacting zone at steady state conditions. This leads to 


i . 
— (r?N,) =0 (15) 
dr 


where N,. is the molar flux of the gas calculated by 
Fick’s law 
Na, = Xa(Na, + Ne) — Cao DapVXa (16) 
and N,, is the molar flux of the solid which is regarded 
as zero, that is the solid does not diffuse through the gas 
phase. 
Substituting (16) into (15): 


d Ca Dx, AX, 


r (17) 
dr l1—x, dr 


For an ideal gas mixture at constant temperature and 
pressure Cy) 1S a constant and Da, is very nearly 
independent of the concentration. Hence C,,) Da, can be 
taken outside the derivative sign: 


d 
. 


dr\ 1- 


and integrating 
—In(l —x,)=C/r+C, (19) 


where C, and C, are the constants of integration which 
may be evaluated by using the boundary conditions 


B.i str 


B.C.2 


Then 


In 


Substituting 


sar) \Tieg=r,) 


Equation (22) gives the concentration profile of the 
reactant A within the pellet. Note that in equation (22) 
the time is included in the variable r, which is a function 
of the time. 


The average concentration of A in the region between 
r, and r, 1s 
* | 


| (1 —_ Xao)'de 


where 


is the reduced length. 

The rate of mass transfer across the r, surface, that is 
the effective rate of the reaction, may be obtained from 
equation (16) when N,, = 0: 


dx, 


dr 


K, l — Xao oe 

In| (25) 
l/r Il-: 

The molar flow of A across the spherical surface, that is 
across the reaction zone, will be 


w, = 4nr; Ng, 
(26) 


where r, is the external radius of the sphere, r, is the 
reaction front which is function of the time, and K;, is the 
overall rate process coefficient as evaluated by equation 
(12). 

Equation (26) enables the molar flow of A across the 
reaction zone, that is the conversion of the reactant A, 
to be evaluated. The only unknown in equation (26), at 
this stage, is the radius of the unreacted core, r,, which 
is a function of the time. 

The problem of evaluating r,; may be regarded as a 
case of physical diffusion with a moving boundary, 
which Crank’ solved for a typical gas-solid reaction. In 
this development the solid is assumed to be a plane slab 
of infinite thickness. If the reactant gas is insoluble in the 
product the solution for our case may be approximated 
to: 


x Coil 
8 } (27) 
Xap 
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where K, is still the overall rate process coefficient. 
Equation (27) is well known.° 


APPLICATION OF THE MODEL 
The application of the model is very simple. The only 
equations involved are (26), (27) and (12). From equa- 
tion (26) it may be seen that at the beginning of the 
reaction there is no conversion, that is at = 0; W, = 0. 
With increasing time the corresponding conversion may 
be calculated as follows: 


(a) By equation (12) the overall rate coefficient may be 
calculated. 

(b) By equation (27) the product layer thickness and 
then the radius of the unreacted core may be evalu- 
ated. 

By equation (26) the molar flow of the gas around 
the reacting surface, which represents the conversion 
of the gas, may be calculated. Equation (1) then 
allows one to evaluate the conversion of the reacting 


solid. 


The calculations above, when repeated for many time 
intervals, enable a plot of the gas or solid conversion 
with respect to time to be evaluated. Details of the 
model application to experimental data are shown in the 
Appendix. 


RESULTS AND DISCUSSION 

The model developed was used to fit some published 
experimental data. Few publications on gas-—solid non- 
catalytic reactions include sufficient information about 
the physical properties of the reactants involved, to 
allow the application of general reaction models. Krasuk 
and Smith’ studied the reduction of nickel oxide with 
carbon monoxide in a single pellet stirred reactor, and 
published data concerning the physical properties of the 
reactants. So also did Hartman et al."” for the reaction 
of sulphur dioxide with calcium carbonate. These pub- 
lished data were used to check the validity of the model. 

The predictions of the model are compared with the 
experimental data in Figures | and 2. As can be seen the 
model predicts the data reasonably well, for the nickel 
oxide system. Less agreement, but still good, may be 


conversion 





Figure 1. Model application to the reduction of nickel oxide with 
carbon monoxide (after Krasuk and Smith) 
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Time (mir 


Figure 2. Model application to the sulphation « 


oxide (alter 
Hartman et al) 


seen in the case of the calcium carbonate reaction. A 
reason for this may be found in the heat of reaction, 
which is more noticeable in the second reaction consid- 
ered than in the first one. The model does not take into 
account any temperature gradient in the pellet due to 
heat of reaction. This can probably affect the physical 
properties of the reactants and the reaction rate. Work 
has been developed in this regard and is to be reported 
later. 


APPENDIX 

Krasuk and Smith’ measured, by a single pellet stirred 
reactor, the change in weight versus time of a spherical 
pellet of nickel oxide when exposed to different concen- 
trations of carbon monoxide. The operating conditions 
and the reagent properties for the run performed at a 
mole fraction of carbon monoxide in the reagent gas, 
Xco, Of 0.113 were: 


reactor temperature 
reactor pressure 
initial weight of the pellet 


10 
10 
10 
10 mol/mol 
Xco x 10 mol/mol 


By using these values the proposed model may be 
applied to predict the conversion versus time curves. For 
example at 3000s of time exposure the corresponding 
NiO conversion may be evaluated as follows 


(a) by equation (12) 


- 5 > a | 
K, = 5.510>4 
oe 2 3000 


3000) 


- “xp . : x 3000) | 
4000 


10~* cm-/s 





equation (27): 





2 x 3.40 x 107* x 8.77 x 10°? x 3 x di 
9.05 x 10-2 x 5.948 
5.76 x cm 
equation (26): 


4n x 8.77 x 1072 x 3.40 x 1074 
7 1/0.576 — 1/0.630 


1—0.113 
"T— 0.0905 


= 6.30 x 10~° mol/s 


Taking into account equation (1) the amount of NiO 
converted will be: 


6.30 x 10 3000 x 74.709 = 1.412 g 


and referring this to the initial weight of the pellet: 


1.412 _ 
6.160 


0.2292 
that is 22.92 w®, of the initial weight of the NiO has been 
converted. This value is compared with the experimental 
one in Figure | 

This procedure has been used to evaluate conversion 
values at different reaction times and at different concen- 
trations of the gaseous reactant. 


SYMBOLS USED 
Symbol in the Laplace transform formula 
Gas reactant 
Solid reactant 
Reaction product 
Concentration of gaseous reactant within the solid 
Concentration of gaseous reactant on the solid surface 
Laplace transform of C, 
Integration constants in equation (19) 
Effective diffusion coefficient of gas A within the solid 
Effective chemical reaction rate constant 


Effective mass transfer coefficient of gas A within the solid 
= Ndt, Average mass flux of A 
Rate of mass transfer of A across the gas solid interface 
Laplace transform cf N 
Molar flux of A 
Molar flux of B 
General radius of a particle of solid B regarded as a sphere 
Radius of the shrinking reaction core 
Radius of solid particle 
Laplace variable 
Time 
Exposure time 
Distance measured in direction of gaseous diffusion 
Mass fraction of the reactant A within the solid 
Concentration of A at r =r, given by equation (21) 
Mass fraction of the reactant A on the solid surface 
Average concentration of A in the region between r, and r, 
Molar flow of A across the surface of the solid particle 
Greek letters 
B Symbol in the Laplace transform formula 
é Reduced length 
\ Stoichoiometric value for reaction (1) 
p Density of the solid products 
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EFFECT OF DEVELOPING LIQUID FLOW PATTERNS 
ON DISTILLATION PLATE EFFICIENCY 


R. J. KOURI and J. J. SOHLO 


Department of Process Engineering, University of Oulu, Finland 


The existence of developing liquid flow patterns on distillation plates is deduced from the results of residence time distribution 
studies reported in the literature. The effect of developing liquid flow patterns on plate efficiency as well as ways to simplify 
the treatment of the two-dimensional velocity field are studied by means of a mathematical model based on the concept of 
mixing by dispersion. The results of the calculations indicate that, to obtain meaningful predictions on plate efficiency, sufficient 
information on transverse liquid flow non-uniformity throughout the flow path length must be available. A need for such 
information is shown to be of particular importance for uncontrolled-fiow, single-pass plates of industrial size. 


INTRODUCTION 


In recent years, several experimental studies on liquid 
cross-fiow patterns on real distillation plates'*, and 
subsequent point to plate efficiency calculations with 
more realistic assumptions of expected liquid cross-flow 


behaviour***'® have led to a better understanding of 


scaling up plates and improved plate design. It is now 
known that non-uniform liquid flow patterns on plates 
can exist which may cause a considerable reduction in 
plate efficiency, particularly when scaling up single-pass 
plates to large diameters. 

For the most part, the present knowledge of the 
scale-up effect on plate efficiency is based on theoretical 
predictions, being due to the fact that experimental data 
available on efficiencies of industrial size plates is very 
limited. Although several mathematical models taking 
into account non-uniform liquid cross-flow patterns plus 
liquid mixing have been proposed to predict the scale-up 


effect on plate efficiency, it seems that the complexity of 


liquid flow and mixing characteristics on operating 
plates would suggest further improvements in the predic- 
tive equations. Efforts to improve the accuracy of the 
plate efficiency predictions under conditions of non- 


uniform liquid flow patterns may be expected to be of 


particular importance to larger diameter single-pass 
plates not provided with special arrangements to control 
liquid cross-flow behaviour. A large number of such 
uncontrolled-flow plates are in industrial service. 

In attempts to further improve the point to plate 
efficiency models, it is useful to consider the relative 
importance of the inner details of liquid cross-flow 
characteristics. In this paper, attention is focused on 
axial non-uniformity arising from the variation of the 
intensity of transverse flow non-uniformity with distance 
from the plate inlet. The effects of such developing liquid 
flow patterns on efficiency of a single-pass plate are 
studied by means of a theoretical model based on the 
concept of mixing by dispersion. Some proposals which 
may be helpful in treating the developing flow pattern 
are also given. 


PREVIOUS MODELS 
Before discussing the presence of developing liquid flow 
patterns on distillation plates, some previous flow mod- 


els, proposed for the predictions of plate efficiency under 
conditions of non-uniform liquid cross-flow, are briefly 
reviewed. The flow models to be considered are for 
plates operating in the froth regime 

According to experimental findings reported in the 
literature’*, the intensity of transverse non-uniformity in 
liquid cross-flow may vary considerably depending on 
flow rates, size and geometry of the plate etc. Con- 
sequently, various non-uniform liquid flow patterns have 
been assumed to relate the point efficiency to the plate 
efficiency. Calculations with non-ideal liquid velocity 
profiles not showing stagnancy or recirculation near the 
column walls have been performed by Bell and Solari , 
Lockett and Safekourdi*’, and Sohlo and Kouri'’. In a 
series of analyses by Porter, Lockett and co-workers 
the plate efficiency predictions were based on a flow 
model in which the liquid flows directly across a rectan- 
gular zone in the centre of the plate adjoined by macro- 
scopically stagnant zones at the curved edges of the 
plate. An allowance for re-circulating or retrograde flow 
at the sides of the plate have been made by Bell and 
Solari’, and Kafarov et al? 

The scale-up effect on plate efficiency is influenced by 
the combined effects of liquid flow distribution and the 
degree of liquid mixing in the axial and transverse 
directions. These two elements of liquid cross-flow be- 
haviour have been incorporated into predictive 
equations*** The predictions on the scale-up effect 
have shown that non-uniform liquid flow patterns may 
cause a substantial reduction in plate efficiency for 
medium to large diameter single-pass plates. At smaller 
plate diameters the effects of flow non-uniformities have 
been predicted to be smoothed out by liquid mixing in 
the transverse direction. 


DEVELOPING LIQUID 

FLOW PATTERNS ON 

DISTILLATION PLATES 
Even though there is some experimental evidence for 
the presence of developing liquid flow patterns on 
distillation plates, the previous analyses have usually 
neglected the developing feature of transverse flow non- 
uniformity in the liquid. In fact, the approach adopted 
so far implies that transverse flow non-uniformity devel- 
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Outlet 


Figure |. Residence time profile on a half-plate 7.6 m in diameter (data 
from Weiler et al’) 


ops instantly either just at the liquid inlet or in the 
immediate downstream vicinity of the inlet. 

In the previous paper of this series'’, attention was 
drawn to the aforementioned problem by making refer- 
ence to the experiments of Viitala''. Even though it was 
not possible to obtain detailed developing profiles for 
non-ideal liquid velocity distributions, Viitala demon- 
strated that transverse flow non-uniformities may be 
comparatively more intense in the outlet section of the 
plate than in the inlet section. In addition, some steps 
were taken to outline the importance of this finding on 
plate efficiency’ 

A developing liquid flow pattern can also be deduced 
from residence time distributions on a large diameter 
half-plate reported by Weiler et al’. The results of their 
measurements, see Figure 1, indicate the presence of a 
late development of transverse flow non-uniformity, that 
is, severe liquid channelling mainly covers the con- 
verging section of the plate whereas flow distribution in 
the diverging section of the plate may be considered to 
be close to uniform. 

A typical residence time profile obtained by Bell’, see 
Figure 2, shows noticeable deviations from uniform 
liquid flow throughout the flow path length and there- 
fore might suggest a fairly rapid development of non- 
uniform liquid flow as compared to the experimental 
results of Weiler et al’. However, the developing feature 
of flow behaviour again seems to be distinctive if the 
change of liquid velocity with axial position along the 
plate centerline is taken to be a measure of the develop- 
ment. It is possible to estimate from data on Figure 2 
listed in the paper by Bell, that the increase in liquid 
centre-line velocity with distance from the liquid inlet is 
approximately linear and the averaged centre-line vel- 
ocity for the converging area of the plate is about 1.8 
times that for the diverging plate area. This is in contrast 
to the assumption of the fully developed liquid flow 
pattern used in the previous point to plate efficiency 
calculations. 

Recently, Porter'’ reported his experiments with a 
sieve plate where the analogy between mass and heat 
transfer was employed to study the effects of liquid flow 
patterns on plate efficiency. Constant lines of liquid 
temperature obtained from water cooling by an air 











Outlet 


Figure 2. Residence time profile on a plate 2.4m in diameter (data 
from Bell’). 


stream were found to be nearly flat in the diverging area 
of the plate but showed considerable non-uniformities in 
the converging plate area. It is very likely that this liquid 
temperature field measured by Porter is the outcome of 
a late development of transverse non-uniformity in 
liquid cross-flow. 

Based on the above experimental results reported in 
the literature, a liquid cross-flow pattern schematically 
shown in Figure 3 will be incorporated into the plate 
efficiency model. An essential assumption of the liquid 
flow pattern adopted is that transverse flow non- 
uniformity in the liquid is considerably more intense in 
the converging than diverging area of the plate. The 
importance of such a developing liquid flow pattern to 
plate efficiency will be shown by the calculations with 
various developing profiles for non-uniform liquid flow. 























Outlet downcomer 
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Figure 3. Schematic representation of a developing liquid flow pattern 
on a distillation plate 
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It is of interest to compare the calculation results with 
those based on the simplifying assumption of the fully 
developed liquid flow pattern. 


MATHEMATICAL MODEL 


The following assumptions are made in the develop- 
ment of the mathematical model for a single-pass dis- 
tillation plate on which there exists a two-dimensional 
liquid flow pattern, such as that sketched in Figure 3: a 
binary mixture with a linear equilibrium relationship, 
uniform concentrations in the liquid and the vapour 
entering the plate, constant point efficiency over the 
plate, and an equal degree of liquid mixing in the axial 
and transverse directions. To further simplify the an- 
alysis, a rectangular plate geometry for the flow system 
exhibiting the symmetry property is adopted, that is, the 
curved walls of the column are replaced by a mean flow 
path width. 

One can make the steady state mass balance for one 
component on the elemental volume restricted by an 
incremental area of the plate and a froth height. Using 
the definition of the point efficiency, 

3 — Vin Your 
Foc “— — = 
Y"—Vin mix 
where x* =(y,,—5)/m, and defining pertinent dimen- 
sionless quantities: 
X x. 


r*—x. 


v,=v;/0’, v1, =v,,/0’, Pe =0'Z/D, 4 = mG/L 


Z 


the mass balance may be expressed in the dimensionless 
form 


OX CX 


=() (1) 


In equation (1) the dimensionless transverse velocity 
component, v,, is related to the corresponding axial! 
component, v,, through the equation of continuity for 
the incompressible liquid which may be given as 
Ov, Z Ov, 
ant tp anteomen ate @ 
6z Won 


Boundary conditions associated with equation (1) are: 
1 eax 


0,0<y + = 
v,Pe 0z 


(2.1) 


(2.4) 


w=1.0<7z<1,—=0 


A standard collocation technique’ was applied to the 
solution of equation (1) with the associated boundary 
conditions, yielding the dimensionless liquid concen- 
tration profile on the plate and hence the Murphree plate 
efficiency. 
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Without any loss in the purpose of this analysis, 
transverse liquid flow non-uniformities which do not 
show stagnancy or recirculation near the column walls 
are considered here. To obtain a mathematical expres- 
sion for the developing feature of the transverse non- 
uniformity, it is sufficient to determine the dependence of 
the axial velocity component on the coordinates axial 
and transversal to the main liquid flow; v, = v,(z,w). A 
basic equation for the axial velocity component nor- 
malised to the mean liquid velocity is given as 


v,(z,w)=(1 —v(z))f.(w) + vz) (3) 


where the term /(w) accounts for the variation of the 
liquid velocity in the transverse direction. The variation 
of the transverse non-uniformity with axial position 
from the liquid inlet was taken into account by the 
concept of a slip velocity at the column wall, v,, being 
a function of the axial coordinate. It can be seen from 
equation (3) that, with the value of 1 1, the liquid 
velocity distribution is uniform. When pv, = 0, the distri- 
bution is regarded as fully developed or independent of 
axial position 

Various transverse liquid flow non-uniformities, f,(w ), 
were used in the analysis. For the sake of brevity, the 
calculation results are given here for a velocity distribu- 
tion describing severe liquid channelling along the plate 
centre-line. For this case: 


f(w) =2.144+ 1.47 19.9 4 


29 83 
13.47 w* 

Equation (4) represents the transverse non-uniformity 
that is similar to the inverted parabolic distribution 
employed by Bell and Solari’ to describe severe liquid 
channelling without retrograde flow 

Various developing profiles for the non-ideal liquid 
velocity distribution were assumed, as shown in Fig- 
ure 4. Even though the uniform initial distribution is 
considered here. it should be noted, however, that 
non-uniform liquid flow at the plate inlet may occur in 
some cases’. In the figure, Cases I, II and the linear 
profile illustrate the liquid flow behaviour where severe 
liquid channelling mainly covers the converging area of 
the plate. Cases III and IV approach the assumption of 
the non-ideal velocity distribution which is instantly 
developed in the immediate downstream vicinity of the 
liquid inlet 

The use of equations (3)-(4) with equations of the slip 
velocity profiles given in Figure 4 gives the variation of 
liquid velocity in transverse and axial positions. The 
form of the variation is illustrated in Figure 5 for the slip 
velocity profiles of Cases I and II 


RESULTS OF CALCULATIONS 

The results of the calculations under conditions of the 
developing liquid flow pattern are shown in Figures 6 
and 7 in which the ratio of the Murphree plate efficiency 
to the point efficiency, Eyy/Eog, is plotted against 
different values of the Peclet number with the slip 
velocity profiles as a parameter. The calculations refer to 
a single-pass plate with weir length equal to 70°, of the 
column diameter. The Peclet number depends on plate 
diameter; higher Pe values correspond to larger plate 
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Case I: py. = 1—2 


Case II: vr. = (1 z) 


(1 —2z) when 0572 <0.5 


Case II: 2°S 


= (0.0 elsewhere 


(1—4z2) when 0< 7 < 0.25 


0.0 elsewhere 


Figure 4. Slip velocity profiles at the column wall 


diameters and vice versa. If a set of operating conditions 
listed by Porter et al’ is used to relate Peclet number to 
plate diameter, then Peclet number values 14, 84 and 
200, for example, correspond to plate diameters 2, 5 and 
7.6m, respectively. 

For the sake of comparison, the predictions made for 
the uniform liquid velocity distribution throughout the 
flow path length, and for the instantly developed distri- 
bution are also shown in Figures 6 and 7. In the latter 
case, the slip velocity involves the step change: v, = | at 
z = 0 and v.=0 when 0 < z < 1. As noted earlier, trans- 
verse non-uniformity instantly developed at the plate 
inlet or in the immediate downstream vicinity of the inlet 
is a standard assumption made in the previous analyses 
for the subject. 

It is obvious from the calculation results shown in 
Figures 6 and 7 that the way of development of the 
liquid velocity distribution may be of considerable im- 
portance to plate efficiency, particularly at higher Peclet 
numbers and hence at larger plate diameters. This 
implies that sufficient information on transverse flow 
non-uniformity throughout the flow path length should 
be available to be able to make a quantitative allowance 
for its effect on plate efficiency. A need for such informa- 
tion may be appreciated e.g. by comparing the calcu- 
lation results for Case II or the linear development with 
those for the fully developed velocity distribution. 

In the absence of sufficient experimental data, it seems 
to be difficult to assign any particular profile to describe 
a typical development of transverse non-uniformity on 
plates. As suggested earlier, even a liquid flow pattern 
with a linear development might be justifiable for the 


description of flow behaviour. Assuming the linear de- 
velopment for severe liquid channelling given by equa- 
tion (4), the calculation results show, particularly for 
smaller AE, values (AEo, = 1.0) corresponding to typi- 
cal distillation operating conditions, that a high plate 
efficiency remains even at large plate diameters. On the 
other hand, the developing pattern may change with 
increasing plate diameter, as will be discussed later. 

The calculation results obtained may be of some 
importance to designing controlled-flow plates. For ex- 
ample, a looser standard may be applied to liquid flow 
distributions near the liquid outlet without any 
significant loss in plate efficiency, see the results for Case 
I in Figures 6 and 7. 

It is obvious that with a quite rapid development no 
remarkable underestimation of expected plate efficiency 
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Figure 5. Development of severe liquid channelling in accordance with 
slip velocity profile 
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Figure 6. Effect of developing liquid flow pattern on plate efficiency; AE,, 


results from the simplifying assumption of the instantly 
developed liquid velocity distribution. According to 
Figures 6 and 7, the assumption becomes justifiable, say, 
for the profile reaching its fully developed state at the 
dimensionless distance 0.25 (Case IV) or less. 

The predictions with the slip velocity profiles of Figure 
4 were also made for the case, where liquid velocity 
(f,(w)) varies parabolica!ly in the transverse direction. 
From the comparison of the calculation results shown in 
Figures 6 and 7 with those obtained for this moderate 
transverse non-uniformity, it appeared that the relative 
effect of the developing feature becomes somewhat more 
pronounced with increasing intensity of the transverse 
flow non-uniformity; in this particular case up to 8 to 
20% with AEpo, values 1.0 to 3.0, respectively. 


70 -- 


60 


Axially Averaged Velocity 
Distribution 

A way to simplify the treatment of such two- 
dimensional velocity fields as considered above is pro- 
posed. A scheme leading to the simplification is to 
replace the two-dimensiona! liquid velocity field based 
on equation (3) by an axially averaged liquid velocity 

distribution defined by 
C(w)= | vf{z,w)dz (5) 


. 


From a viewpoint of experimental measurements, it 1s 
suggested that the intensities of transverse flow non- 
uniformity, known from measurements at a few lo- 
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Figure 8. Comparison of calculations between axially averaged and developing velocity distribution. 


cations of the measurement plane along the flow path 
length, should be adequate to determine the axially 
averaged velocity distribution, ¢,(w). Having this in 
mind, a trapezoidal rule was applied to integral (5). For 
the developing flow patterns described by Cases I and II 
as well as for the linear development, the evaluation of 
the integral (5) was based on the intensities of the 
transverse non-uniformity at z = 0.0, 0.5 and 1.0. An 
additional datapoint, z = 0.25, was used to approximate 
Case III. 

As shown in Figure 8, the concept of the axially 
averaged velocity distribution gives a good approxi- 
mation for the simple developing patterns considered 
here. The comparisons shown are for AEo, = 3.0. With 
this value the calculation results were somewhat more 
sensitive to the velocity field approximation than with 
AEog = 1.0. Using the concept of the axially averaged 
velocity distribution, it seems to be possible to extend the 
predictive scope of the previously published plate 
efficiency models which account for non-uniform liquid 
flow patterns without stagnant regions or recirculation 
near the column walls. 


DISCUSSION 


It seems that very littlke work has been done on 
experimental verification of the models proposed for 
plate efficiency predictions under conditions of non- 
uniform liquid flow patterns. In view of this, the papers 
by Yanagi and Scott'*, and Smith and Delnicki'® are 
important since the aim of these authors was to make 
experimental comparisons of efficiencies of industrial 
size plates between uncontrolled-flow (non-uniform) and 
controlied-flow (uniform) situations. The experiments of 
Yanagi and Scott with plates of 1.2 and 2.4m in 
diameter showed practically no differences in plate 
efficiency between the plates with and without liquid 
flow control. Smith and Delnicki measured plate 
efficiencies for vacuum columns with diameters in the 
range of 2 to 9m. No significant scale-up effect was 
found for plate diameters up to 5m but at larger 
diameters (5 to 9 m) an increase in plate diameter caused 


a substantial reduction in the efficiency of the 
uncontrolled-flow plates. The plates designed to control 
liquid cross-flow behaviour were found to maintain a 
high efficiency over the whole diameter range. 

The results of the theoretical predictions on the scale- 
up effect reported in the literature**'° suggest that the 
use of the liquid flow control devices may significantly 
improve plate efficiency at plate diameters, say, greater 
than 2 to 3m. However, the experimental results, partic- 
ularly those of Smith and Delnicki’® with a wide range 
of column diameters, show somewhat larger diameters 
above which the employment of the controlled-flow 
plates is of great importance in maintaining a high 
efficiency. 

A possible explanation for the discrepancy between 
the predicted and observed changeover diameters may 
be that the theoretical predictions on the scale-up effect 
made so far have been based on the assumption of the 
fully developed liquid flow behaviour. This basis can 
lead to an overestimation of the liquid channelling 
effects and this merits discussion. Particularly, it is of 
interest to attempt the interpretation of the experimental 
results cited in the above in terms of the developing 
liquid flow pattern. 

The calculation results of Figure 6 correspond to 
AEoc = 1.0, and this value may be regarded as represen- 
tative for hydrocarbon distillation in the experiments of 
Yanagi and Scott'® with the sieve plates. For their test 
plates the ratio of weir length to plate diameter was 
somewhat over 11% greater than that used in the 
calculations of this work but the effect of this difference 
in plate geometry on the calculation results was found to 
be so small that Figure 6 serves well enough for the 
comparison purpose. 

As noted earlier, at smaller diameters (e.g. Pe < 10) 
liquid mixing caused by the vapour can largely remove 
the effects of non-uniform liquid flow patterns and this 
probably explains the experimental results of Yanagi 
and Scott’ with the plate 1.2m in diameter. Also, it is 
worth noting that in the spray regime—being particu- 
larly associated with small column diameters and low 
column pressures—the occurrence of liquid channelling 
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is less likely due to vigorous random movements of 
liquid droplets'’. 

Assuming the froth regime operation for the 2.4m 
diameter plate of Yanagi and Scott, a Peclet number 
value, say, equal to 20 may be taken as a reasonable 
estimate for the case. Adopting the usual assumption of 
fully developed transverse cross-flow non-uniformity, 
the calculation results of Figure 6 for this medium size 
plate suggest that liquid flow control would have a 
significant effect on plate efficiency. Such an effect was 
not observed in the experiments and a possible expla- 
nation for this may be the presence of a particular 
developing liquid flow pattern. According to Figure 6, at 
Peclet number value 20, developing profiles such as the 
linear one or even Case II for severe liquid channelling 
do not substantially decrease plate efficiency from that 
obtained by uniform or nearly uniform liquid cross-flow. 

Relating to the above, it is interesting to compare a 
liquid concentration field on the 2.4m diameter plate 
measured by Bell' with those calculated here. One such 
comparison is shown in Figure 9, on which lines of 
constant concentration, obtained from the calculations 
for fully developed liquid channelling given by equation 
(4) and a few lines of measured concentration taken from 
Bell, are plotted. As seen from Figure 9, transverse liquid 
concentration gradients calculated for fully developed 
liquid channelling are steeper than those obtained from 
the measurements, particuiarly in the inlet section of the 
plate. In general, it seems to be quite difficult to explain 
Bell’s experimental concentration field without employ- 
ing the concept of developing transverse non-uniformity. 

Consequently, liquid concentration fields were calcu- 
lated using the developing profiles of Figure 4 for severe 
liquid channelling given by equation (4). It appeared, 














Outlet 
Figure 9. Experimental and calculated liquid concentration profiles on 
the plate 2.4m in diameter. Dotted line: experimental concentration 
(data from Bell'; solid line: calculated concentration for fully devel- 
oped liquid channelling with AE,,=1.0, Pe =20 and weir 
length/column diameter equal to 0.78. (because of symmetry only half 
the plate is shown) 
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however, that a more complex liquid flow pattern than 
that used here would be needed to trace Bell’s experi- 
mental concentration field. It is likely that the present 
mode! should be extended to take into account liquid 
recirculation at the curved sides of the plate with a 
superimposed developing profile. In fact, the zones of 
liquid recirculation or stagnancy mainly covering the 
sides of the converging plate section may be regarded as 
a major source of the developing cross-flow pattern. 

It is important to notice that the previously published 
theoretical models for scaling up distillation plates have 
usually assumed that a change in plate diameter does not 
influence the intensity of transverse non-uniformity in 
liquid cross-flow. This assumption for particular non- 
uniform liquid flow patterns implies that the effect of 
column diameter on plate efficiency is solely related to 
the role of liquid mixing on the plate in the manner 
described by Porter et al*. However, experimental data 
from the studies where plate diameter was used as a 
variable, suggest that liquid flow non-uniformity may 
depend on plate diameter 

Kafarov et al’ have measured parameters for liquid 
flow non-idealities on the sieve plates of 0.7, 1.2 and 
2.4m in diameter. They observed that liquid flow non- 
uniformity in terms of recirculation increases with plate 
diameter. Smith and Delnicki ‘° drew attention to the 
influence of column diameter on flow non-uniformity in 
explaining a considerable loss of the efficiency found for 
the large diameter plates without liquid flow control. 

Relating these experimental results to the theme of 
this work, different developing profiles should be used 
for plates of different size to make an allowance for a 
change of transverse non-uniformity with plate dia- 
meter. For example, in attempting to analyse the scale- 
up effect observed by Smith and Delnicki’®, for the 
uncontrolled-flow plates up to 5m in diameter, one 
might assume severe liquid channelling with super- 
imposed developing profiles lying above the line of the 
linear development (see Figure 4). For those plates larger 
than 5 m in diameter. developing profiles below the line 
of the linear development might be expected. The mea- 
surements of Smith and Delnicki were for the 
ethylbenzene-styrene separation for which values of 
AEo, on the order of unity should be representative 
Most of their experimental data may be expected to 
include the froth regime operation in order to achieve a 
low plate pressure drop for the system 

A distinctive development of severe liquid channelling 
on a large diameter test plate is shown in Figure |. Based 
on this figure, the developing profile of Case II (see 
Figure 5) is here assumed to exist on a plate of 7.6m in 
diameter corresponding to the Peclet number value of 
200. For this case a 17°, reduction in piate efficiency may 
be noticed from Figure 6. For the sake of comparison, 
a plate efficiency reduction of 23°, in magnitude may be 
estimated from the data of Smith and Delnicki’® for the 
uncontrolled-flow plate of 7.6m diameter 

It may be concluded from the above calculation 
results that a fairly late development of severe liquid 
channelling, such as that deduced from Figure |, may 
cause a significant reduction in the efficiencies of large 
diameter plates. Moreover, it may be expected that 
severity of liquid flow non-uniformity increasing with 
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plate diameter may bring about other factors, such as 
vapour channelling through consecutive plates’, incom- 
plete downcomer mixing"* etc., that aggravate the scale- 
up effect 

It should be noted, however, that there are not enough 
experimental results available to make a firm conclusion 
about which form of liquid velocity development actu- 
ally occurs on plates. Obviously, different developing 
patterns may exist due to differences in geometry and 
size of the plate, different loadings etc. More experi- 
mental work is clearly needed to enable a more quanti- 
tative allowance for the effects of non-uniform liquid 
flow patterns on plate efficiency. 


CONCLUSIONS 

The presence of developing liquid flow patterns on 
distillation plates was deduced from the results of resi- 
dence time distribution studies reported in the literature. 
The effects of developing liquid cross-flow behaviour on 
plate efficiency was studied by means of a theoretical 
model. 

The calculation results showed that the way of devel- 
opment may be of considerable importance to plate 
efficiency, particularly at larger plate diameters. There- 
fore, information on the intensity of liquid flow non- 
uniformity throughout the flow path length should be 
available to make a more quantitative allowance for the 
scale-up effects on plate efficiency. 

It was predicted that the previous models based on the 
assumption of the fully developed transverse flow non- 
uniformity may overestimate the liquid channelling 


effects on plate efficiency. Nevertheless, a significant 
reduction in plate efficiency was predicted when scaling 
up uncontrolled-flow plates to large diameters. 

It is of practical importance to be able to predict 


column diameters at which the changeover from 
uncontrolled-flow to controlled-flow plates or alterna- 
tively from single-pass to two-pass plates on plate 
efficiency grounds is desirable. Therefore, more experi- 
mental and theoretical work is needed to be able to scale 
up distillation plates with confidence. 


SYMBOLS USED 


constant in equilibrium line equation 

dispersion coefficient (m-/s) 

Murphree plate efficiency 

point efficiency 

transverse liquid velocity distribution normalised to 
slope of equilibrium curve 

Peclet number (=7'Z/D) 

liquid slip velocity normalised to 1 
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, dimensionless liquid velocity components (=v//t’, v’ 
liquid velocity components (m/s) 
mean liquid velocity (m/s) 
axially averaged liquid velocity (dimensionless) 
mean flow path width for one half of the plate (m) 
dimensionless coordinate perpendicular to liquid main flow 
(=w’/W) 
coordinate perpendicular to liquid main flow 
dimensionless concentration (=(x — x*)/(x,, — x*)) 
dimensionless concentration at the inlet weir 
liquid concentration, mole fraction 
mean liquid concentration entering plate 
liquid concentration in equilibrium with the incoming vapour 
vapour concentration (mole fraction) 
mean vapour concentration entering plate 
vapour concentration leaving plate 
equilibrium vapour concentration 
distance between weirs (m) 
dimensionless coordinate axial to liquid main flow (=z’/Z) 
coordinate axiai to liquid main flow 
ratio of slope of equilibrium line to slope of operation line 
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DIRECT MEASUREMENT OF CONCENTRATION 
AND SIZE FOR PARTICLES OF DIFFERENT 
SHAPES USING LASER LIGHT 
DIFFRACTION 


By D. J. BROWN and P. G. FELTON 


Department of Chemical Engineering and Fuel Technology, University of Sheffield 


The laser diffraction technique has now been developed so that not only the particle size distribution but also the true volume 
concentration may be measured for solid particles suspended in liquid. Data from the diffraction rings, giving relative 
concentration of particles of different sizes, has been combined with information from the undiffracted light beam to give the 
absolute concentration of particles. Particle shape has been corrected for by using the theorem that the average geometrical 
projected area of a convex particle with random orientation is one quarter of the total surface area. The correctness of the 
analysis and the applicability of the new technique have been confirmed by experiment, using glass spheres and crystals of 
potassium iodide, potassium aluminium sulphate and sucrose. If less regular particles are used, previous calibration may be 
necessary. Measurements of volume and surface area of particles may be combined to give directly the particle growth or 


dissolution rate. 


INTRODUCTION 
The measurement of crystal size distribution in a con- 
tinuous crystalliser is very difficult and the control of the 
distribution has been a long-standing problem. How- 


ever, a start has been made on the measurement of 


crystal size distribution with some sort of on-line system. 
Rovang' reported the use of an on-line Coulter Counter 
in the fines dissolving loop of a laboratory KCI crys- 
talliser. 

Another device which could be used utilises the low 
angle scattering of laser light; it was invented in the 
Department of Chemical Engineering and Fuel Tech- 
nology at Sheffield University’ and developed commer- 
cially by Malvern Instruments. It has been used already’ 
to study the rate of crystal growth by measuring the 
weight distribution at regular time intervals during 
crystallisation after ‘in situ’ calibration; the crystal 
growth rate being derived from the weight distribution 
only after lengthy calculations. 

The laser scattering device works in the following way. 
A Fraunhofer diffraction pattern is formed when a 


BEAM 
EXPANDER 


PARTICLE 
FIELD 


spherical particle is illuminated by a parallel beam of 
monochromatic coherent light. If a lens is placed in the 
light path after the particle and a screen is placed at the 
focal plane of the lens, then the undiffracted light is 
focussed to a point on the axis and the diffracted light 
forms a ‘far-field’ Fraunhofer pattern of rings around 
the central spot (Figure 1). The relative weight distribu- 
tion of the variously sized particles can be found from 
the diffraction pattern, as explained in the Theory 
section. 

In the work to be described, the relative weight 
distribution is obtained in this way, but unlike the 
previous study’, the absolute concentration is calculated 
directly without ‘in situ’ calibration by using informa- 
tion obtained from the undiffracted light focussed at the 
central spot. 

From experiments carried out on non-spherical par- 
ticles, which included regular crystals, it has been found 
that measured concentration is affected by a ‘shape 
factor’ since the projected area measured is assumed to 
be that of spheres. In examining the theory, it was 


~ 11° FOR 1m 
PARTICLES 




















PARALLEL 


MONOCHROMATIC 


LIGHT 





FOURIER 
TRANSFORM 
LENS DETECTOR IN 
FOCAL PLANE 


OF LENS 


Figure |. Optical arrangement of Fourier transform lens to obtain the size distribution of solid or liquid particles 
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realised that by modifying the ‘Model Independent’ and 
other computer programs used to process data from the 
laser sizer, it was possible to include this ‘shape factor’ 
in any concentration calculation so as to obtain the true 
particle volume and concentration. 


THEORY 
Volume and Weight of Spherical Particles 

For spherical particles with diameter greater than the 
wave-length of the illuminating radiation, the diameter 
of the diffraction pattern is inversely proportional to the 
particle diameter. For smaller particles, Mie theory must 
be used. It has been shown that the technique may be 
used to measure particles as small as | um, using a 
He/Ne laser (A = 0.6328 um). As it is difficult to infer 
droplet size distribution from measurements of light 
intensity, the light energy distribution is used. 

The light contained within a circle of radius s in the 
focal plane is given by: 


, (2nas _ (2nas 
L=1-43(=>)- (== ] (1) 
Af) Af, 


where J,, J, are Bessel functions and / is the focal length 
of the lens. 

Thus the light energy within any ring on the focal 
plane bounded by radii s,, s, due to a particle of radius 
a is given by: 


L, ., = E{Ji(kas, |f) + Ji (kas, /f) 
— Ji(kas,/f) — Jj (kas,/f )} (2) 
Now E is the energy falling on the particle and is 


proportional to the cross-sectional area of the particle. 
Therefore, 


E = C’Nna’ (3) 
But the weight of spherical particles, W, is related to the 
number of particles, N, by: 

N =3W/4pna°* 
Thus, 
3W _W 

= C 


—— = C”- 5 
4pa a ©) 


E= 

For a collection of particles of different sizes the light 

energy falling on any ring in the focal plane is the sum 
of the contributions from every particle. Therefore, 


(6) 


The summation is carried out over M size groupings. 
For particles of radius a, the first maximum of the 
diffracted energy distribution is located at: 

2nas /Af = 1.357 (7) 


If W, represents the weight fraction in the size range i, 
then L, ,. represents the light energy falling on a ring 


bounded by s, and s,, per unit mass of particles. The 
lumped constant, C”, depends on several factors such as 
incident light energy, but can be determined. 

If the particles are not spherical, as assumed in the 
above theory, the size distribution is expressed in terms 
of an equivalent sphere based on the projected area of 
the particle. 

If a particle size distribution is classified into a number 
of size ranges it is best to make measurements at radii 
where s is related to a;, the mean size of the ith size 
range, by equation (7). A semi-circular detector is used 
which is divided into a set of concentric rings each of 
which will define a characteristic particle size. 

The total light energy distribution is the sum of the 
products of the energy distribution for each size range 
and the weight fraction in that range. 

Expressed in a matrix equation this is: 


L(j) = W(i)TY, i) (8) 


where L(/) is the light energy falling on ring j, W(i) is 
the weight fraction in the size range i, and 7(/, i) defines 
the light energy distribution curve for each particle. 

This equation is solved by assuming a weight distribu- 
tion W(i) and substituting in (8) to calculate a the- 
oretical light energy distribution. The parameters of the 
weight distribution are then iteratively adjusted until the 
sum of the squared errors in L(/) is a minimum. That 
is, 


Y¥ {LU) — Wi): TG. DP 


is a Minimum. 

The different distribution functions which have been 
used in various applications are the Normal, the Log- 
Normal, the Rosin-Rammler and the Histogram or 
Model Independent. 

Thus the relative weight distribution can be obtained 
from the diffraction pattern. However, the undiffracted 
light which is focussed onto the centre spot yields 
additional information which can be used to obtain the 
absolute weight distribution. The ratio of the light 
intensity measured at the centre spot before and after the 
sample is placed in the laser beam gives the fraction of 
light obscured by the particles. This obscuration is 
related, by the Beer-Lambert Law, to the total projected 
cross-sectional area of the particles. 

The Beer-Lambert Law is: 


In(-) = —t/ (9) 


where / and /, are the light intensities with and without 
the sample respectively and / is the optical path length. 
Now, 


t=) NAO (10) 
i=] 


where N, = the number of particies of size band / per unit 
volume (e.g. in m~*), A; = the cross-sectional area of the 
particles i (e.g. in m*) and Q = extinction efficiency. Q 
is related to the diameter of the particles, to the refrac- 
tive indices of the medium and particles and to the 
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wavelength of the radiation. For Fraunhofer diffraction, 
Q =2. If the particle diameter or refractive index ratio 
is such that Q #2, then anomalous diffraction takes 
place. 

Substituting the Fraunhofer value of 2 for Q into 
equation (10) gives: 


(11) 


Now for a sphere, 


Volume 





= ; 12 
Total surface Area 4nr° 


and the total surface area is four times the projected area 


Volume a 4nr? /3 ra dil 2d 


= (13) 


~ 


Projected Area ar’ a 


and Projected Area = Volume: 3/2d 1.e. 
(14) 


where V, is the volume of particles in size range i, per unit 
volume. We measure for a beam volume of V, which is 
the cross-sectional area times the path length. What we 
measure is the relative volume, 


Volume of particles in size range i 





mi 


~ Total volume of all solid scattering 
particles in the beam, Y, 


y 
Band 
S 


(17) 


Therefore, the absolute value of the total particle con- 
centration is given by 


(e.g. in m*/m?*) (18) 


If Q,; #2, for anomalous diffraction, then 


(C), = Vs 2 InC/Iy) el 
at Ve —32(V,,;0;/d;)l =) 


\ 


V <a 2V3 In I) 
s =32(VniO;/d,) 





i 
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The theory developed thus far means that as the light 
intensity J changes, the change in V, may be followed 
directly and the concentration of the sample in the cell 
may be found by dividing V, by the beam volume. 


Volume and Weight of Non-spherical Particles 


As stated earlier, the size distribution for non- 
spherical particles is expressed in terms of an equivalent 
sphere based upon the projected area of the particle. 
Further calculation is necessary to obtain the actual 
volume of non-spherical solid particles. The starting 
point is the theorem that the average geometrical 
projected area of a convex particle with random orien- 
tation is one quarter of the total surface area. This was 
demonstrated by Cauchy“ and has been proved simply 
and shown to be true in practice by Van De Hulst®. 


Area of Spherical and Noa-spherical Particles 
Now NA, is the projected area of the particles of size 
band i per unit volume so that if Q, = 2, then N,A,Q, is 
twice the projected area of the particles of size band i per 
unit volume i.e. 


15 


t=) 2N,A, 
i=] 
-2V, 


.. Total Surface Area = 21V, = ] 


In ( : } (m?) (21) 


Particle Growth or Dissolution Rate 


For growth or dissolution processes, it is possible to 
follow the change in Volume/Surface Area as a function 
of time. The function LV,,,/d, employed previously is 
used for this purpose. For a spherical particle: 


Volume —__—iIn(//h,) 
Surface Area —3/2(V,,,/d,) —2In(//h) 


Volume | - 
_— = - (m) (23) 
Surface Area 62(V,,,;/d,) 


For a non-spherical particle, a correction for shape is 
needed: 


Volume a 


———<$<$_—_— = : (m) 
Surface Area 62(V,,;/d,) 


EXPERIMENTAL 


To demonstrate the correctness of the method used to 
calculate the volume of non-spherical particles, a series 
of experiments was performed. 

The apparatus consisted of a 1 mW He/Ne laser fitted 
with a spatial filter, a neutral density filter and a 
collimating lens so as to provide a parallel beam of 
monochromatic coherent light. The particles were placed 
in this beam, diameter 0.9cm, and the diffracted light 
was collected by a lens and brought to a focus on a 
special detector consisting of thirty concentric semi- 
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Figure 2. Photographs of solid particles 
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circular photo-sensitive rings. The signals from the de- 
tector were transmitted via a multiplexor and analog-to- 
digital converter to a modified Commodore PET 3032 
microcomputer. 

The particles were placed in the beam by putting a 
known weight of them with a known volume of liquid 
in a small cell made from aluminium which had circular 
windows of float glass, 14.3mm apart, sealed into 
opposite sides. The cell was so mounted that the win- 
dows were normal to the laser light beam and adequate 
stirring to keep the crystals in suspension and give a 
good circulation rate was provided by means of a 
magnetically-driven stirrer mounted in the cell base. 

In each experiment, the weight of particles used was 
in the range 2-20 mg, weighed to an accuracy of 0.1 mg; 
the volume of liquid used was 15cm’. Water was used 
for measurements on glass and silicon carbide. For 
measurements on potassium iodide, potassium alumi- 
nium sulphate, sucrose and copper sulphate, the liquid 
used was propan-2-ol (density 780 kg m~*) presaturated 
with the substance being measured. 


RESULTS AND DISCUSSION 

Measurements were made on two different samples of 
glass spheres (N.B.S. SRM 1003 and SRM 1004) and on 
potassium iodide, potassium aluminium sulphate do- 
decahydrate, sucrose, copper sulphate pentahydrate and 
silicon carbide. Photographs of the particles, other than 
the glass spheres, are shown in Figure 2. 

Details of the samples and the results obtained are 
shown in Table | and Figures 3 and 4. The ratios of 
measured to predicted volume quoted in Table | are the 
slopes of the lines obtained by a least-mean-squares 
analysis, which are shown in Figures 3 and 4. For the 
glass samples, the volume percentage predicted from the 
weight and density of the spheres in a known volume of 
liquid was close to that measured for one sample, 
confirming the applicability of the direct method without 
calibration. The poor results obtained with the coarser 
sample resulted from difficulties in obtaining a uniform 
suspension. The measured value depended upon the 


Table | 


Formula 
and 
Density 

kgm 
SiO, 
2380 


Size Range 


Material Microns 


Glass 
(SRM 1003) 
Glass SiO, 
(SRM 1004) 2460 
Potassium KI 
iodide 3130 
Potassium KAI(SO,), 
aluminium 12H,O 
sulphate 1760 
*)2H,,0 
1590 
CuSO, 
5H,O 
2280 
Silicon SiC 
carbide 3217 


39.0 
261.6 


261.6 
564.0 


Sucrose 261.6 


Copper 


564.0 
sulphate 


261.6 
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The Ratio Measured Volume ° 


assumption that the surface area ‘seen’ was that of 
spheres. For all the other materials, the measured value 
of volume percentage depended on the (incorrect) as- 
sumption that the particles were spheres. The correction 
for the shape, carried out as shown in the Appendix, 
produced a calculated volume ratio which was in good 
agreement with that found for potassium iodide, potas- 
sium aluminium sulphate and sucrose. For the commer- 
cial samples of copper sulphate and silicon carbide 
taken, the particle shapes were so irregular that the 
calculation of the correction factor was not made. This 
could have been done had it been possible to carry out 
a detailed analysis of photomicrographs to establish an 
average shape for each material. For particles known to 
be irregular, it is less time-consuming to perform cali- 
bration experiments and then use the volume ratio so 
found to correct further experimental measurements. 


CONCLUSIONS 

The laser light diffraction apparatus was used pre- 
viously to study the rate of crystal growth by measuring 
the weight distribution at regular time intervals during 
crystallisation after ‘in situ’ calibration. The technique 
has now been so developed that this calibration is no 
longer necessary, by combining data from the diffraction 
rings with information from the undiffracted light beam 
and the Beer-Lambert absorption equation to give the 
absolute concentration of particles by volume or weight 
Particle shape has been corrected for by using the 
theorem that the average geometrical projected area of 
a convex particle with random orientation is one quarter 
of the total surface area. (This theorem also leads to the 
direct measurement of particle volume and area and 
their combination to give particle growth rate directly, 
if required). 

The correctness of the analysis and the applicability of 
the new technique have been tested by experiment, using 
glass spheres and silicon carbide particles suspended in 
water and potassium iodide, potassium aluminium sul- 
phate and sucrose crystals suspended in presaturated 
propan-2-ol. 
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Figure 3. Volume concentration 


The predicted and measured volume concentrations 
were in good agreement using the finer glass spheres, a 
confirmation that the true concentration could be mea- 
sured directly. The coarser spheres, suspended non- 
uniformly, gave poor results. 

For crystals of potassium iodide (cubic), potassium 
aluminium sulphate (octahedral) and sucrose (mono- 
clinic), the ratio of measured to predicted volume con- 
centration agreed well with that calculated from a 
knowledge of crystal shape. The particles of copper 
sulphate and silicon carbide studied were so irregular in 
Shape that an ‘average shape’ could not be defined 
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Figure 4. Volume concentration 
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simply and the correction factors were not, therefore, 
calculated. 


APPENDIX 
Calculation of Measured Volume %o/Predicted Volume % 


1. Cube (Potassium Iodide ) 
If the projected area is taken to be that of a sphere of 
diameter d, instead of that of a cube of side d., then: 
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Figure 5. Crystal shapes. (a) Potassium aluminium sulphate; 
Sucrose 


The volume of the equivalent sphere is thus: 


6\32 | | 
| d} = 1.382d° 
7 


The volume recorded for the cube will be high by a 
factor of 1.382. 


2. Octahedron (Potassium Aluminium Sulphate ) 

Under the microscope, the crystals were seen to be 
octahedral with pyramids cut off at each apex (Figure 
5a). After analysing photographs of the crystals, it was 
concluded that the length of a side of these pyramids was 
between 1/3 and 1/4 of the side of the original octa- 
hedron, d. Calculations were carried out on this basis. 


(a) Irregular Octahedron with length of 


side = d/3 


pyramid 
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Surface Area = 2.976d’ 

Equivalent sphere based on projected area: 
nd? = 2.976d’ 
.d,=0.973d 


Equivalent sphere volume: 


T . 4 . 
d? = — (0.973) d’ = 0.4828d° 
6 6 


0.4828 P 
Volume Ratio = = 1.152 (1) 
0.419 


(6) Irregular Octahedron with length of pyramid side d/4 


oe a 
Volume d° ~ 


Volume = 0.4493d° 


Surface Area = 2 


Surface Area = 3.1896d° 

Equivalent sphere based on projected area 
ntd- = 3.1896d° 
‘.d, = 1.0076d 


Equivalent sphere volume 


nd> mn re 
- = — (1.0076) d’ = 0.5356d 
6 6 


0.5356 
Volume Ratio = ~= 1.192 
0.4493 


It is therefore concluded that the concentration readings 
will be too high by a factor with limits 1.152 and 1.192 


3. Monoclinic (Sucrose ) 
Measurements on enlarged photographs of the crys- 
tals gave the average dimensions shown in Figure 5b 

Volume of the above solid 
= (3d, x 2d. x 1.5d.) + 2(2d, 


= 11.25d: 


x 0.5625d-) 


Surface Area 
= 2(3d, x 2d,) + 2(3d, x 1.5d,) + 4(2d 
+ 4(0.75d_)(0.75d_) 
= 31.73d? 


1.06d. ) 





BROWN AND FELTON 


Equivalent sphere based on projected area: McCreath, C. G., 1977. Prog. Astronautics and Aeronautics, 53: 
421-447. 
31.73¢? 3. Felton, P. G. and Brown, D. J., 1980. Solids Separation Processes, 
F ii Dublin, IChemE, Symposium Series No. 59. 
10.10d2 (a) Cauchy, A., Oevres Complétes d’ Augustin Cauchy, ler Sér, Vol. 
II, (Paris: Gauthier-Villars, 1908) 167. (6) Van De Hulst, H. C.. 
and 1981, Light Scattering by Small Particles (Dover Publications Inc.. 
New York) 110. 
d. = 3.1784. 
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= 


T 8 =" (3.178) d? = 16.8060? 
"Ss 


16.806 
Volume Ratio = 113507 = 1.494 ADDRESS 
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SHORTER COMMUNICATION 


EXPERIMENTAL STUDIES WITH AN ABSORPTION 
SYSTEM FOR SIMULTANEOUS COOLING 
AND HEATING 


By P. KUMAR, M. G. SANE, S. DEVOTTA and F. A. HOLLAND (FELLOW) 


Department of Chemical and Gas Engineering, University of Salford 


Further experiments, using water-lithium bromide as the working pair, have been carried out on an absorption cooler using 
an auxiliary heat exchanger in addition to an economiser. The size of this auxiliary heat exchanger, which is used to cool 
the hot solution from the generator prior to its entry into the absorber, is shown to be critical. This additional heat exchanger 
enables the absorption unit to be used for simultaneous cooling and heating. A gross temperature lift of almost 90°C has been 
obtained from an evaporating temperature of 10°C. An absorption system specially designed for simultaneous cooling and 
heating could prove extremely valuable in many industrial processes. 


INTRODUCTION 


Many industrial processes require both cooling and 
heating at different stages in their operation. An absorp- 
tion system, capable of providing simultaneous cooling 
and heating, could save both energy and money in such 
processes. Simultaneous cooling and heating would re- 
quire a large gross temperature lift (7.9 — Tey), which 
would require a correspondingly high compression ratio 
Pco/Pey. This may not be feasible or economic with 
a mechanical vapour compression system. However, in 
an absorption system, the increase in pressure is ac- 
complished in the liquid phase with an insignificant 
amount of mechanical energy. The objective of the 
current work is to study the feasibility of simultaneous 
cooling and heating. 


THERMODYNAMIC CONSIDERATIONS 
The coefficients of performance of an absorption 
heating unit and an absorption cooling unit are defined 
by equations (1) and (2) respectively. 


(COP), = Qco+ Oar (1) 


GE 


(COP), = 2 (2) 
GE 
The overall energy balance for an absorption system, 
neglecting the mechanical energy added by the pump 
and assuming no heat losses to the environment, can be 
written as 


Ory + Oce = Veco + Vas (3) 
Equations (1), (2) and (3) can be combined to give 


(COP), =1+(COP)<, (4) 


If the utility value of the cooling produced in the 
evaporator Qyy is equal to the utility value of the heating 
produced in the condenser and absorber (Q-o + Qa), an 
overall coefficient of performance can be written as 


Vey + (Qco + Yas) a 
Oc: 


An entropy balance for an ideal absorption system can 
be written as 


(COP) oy = + 2(COP),, (5) 


Qe, Vc: _ Qo , Vas 


a Soa - — (6) 
Tey TG Tco Tap 


Equation (6) can be rearranged to define a Carnot 
coefficient for cooling as 


(COP )ccy = 


Tey 
To Tev(Qco/Qev) 
: Toe (Qas/Qae) ty Teo | 
Tor Tap 


4 


The ratio (Q¢o/Qgy) in equation (7) is marginally greater 
than unity. It follows from equation (3) that the ratio 
(Q,as/Qce) IS marginally less than unity. It can be seen 
from equation (7) that the effects of these two ratios tend 
to cancel out so that equation (7) can be written to a first 
approximation as 


(COP cc. = ( 


AB 


For the simplified case of the absorption temperature 
T,, being equal to the condensation temperature 7¢o, 
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Figure 1. Schematic diagram of the experimental absorption system 


equation (8) reduces to the conventional expression 


(COP cc. = { — 1-7") (9) 


PRACTICAL CONSIDERATIONS 

In practice, problems could arise in absorption sys- 
tems for temperature lifts greater than 40°C. Higher 
temperature lifts are obtained usually by multistage 
cycles. Temperature lifts can be increased either by 
increasing the condenser temperature 7,, or by de- 
creasing the evaporator temperature Tyy. 

An increase in 79, leads to higher absorber tem- 
peratures 7,,. However, the condenser temperature 7,5 
could be increased without an increase in 7,, if the hot 
solution leaving the generator was cooled prior to entry 
into the absorber. 

The evaporator temperature 7;,, can be decreased by 
reducing the partia! pressure of the refrigerant in the 
absorber. This can be achieved either by decreasing the 
refrigerant concentration in the solution or by reducing 
the temperature of the solution entering the adsorber. 

In the water—lithium bromide system, where water is 
the refrigerant, the water concentration is limited by the 
crystallisation point. 


In a conventional absorption system, the temperature 
of the solution from the generator is decreased by an 
economiser heat exchanger before entry into the ab- 
sorber. This is limited by the temperature difference at 
the absorber end. However, the temperature of this 
solution can be further reduced by incorporating an 
auxiliary heat exchanger prior to the absorber. This not 
only leads the evaporator temperature 7), to be reduced 
but also enables the condenser temperature 7T;, to be 
increased so that the gross temperature lift (7.5 — Tey) 
is increased. 


EQUIPMENT 

In order to operate the absorption system for sim- 
ultaneous cooling and heating, a water cooled heat 
exchanger was added as shown in Figure |. This heat 
exchanger was a standard multicoil glass condenser with 
a heat transfer area of 0.059 m’*, modified by adding 
thermocouple pockets. The solution was cooled prior to 
entry to the absorber, by cooling water flowing through 
the coil. The rest of the unit was the same as described 
by Landauro-Paredes et al.’. 


RESULTS AND DISCUSSION 

Some typical experimental results are presented in 
Figures 2 to 5. Figure 2 shows the variation of Tyo, Tas, 
Tey and (T¢, — Tey) with the generator temperature Tp. 
T,, and 7;y are almost independent of the generator 
temperature, so that the increase in the temperature lift 
results from the increase in the condenser temperature 
Te-o. The incorporation of the additional heat exchanger 
in the system makes the heat and mass transfer oper- 
ations in the absorber and evaporator substantially 
independent of the condenser pressure Peg and tem- 
perature 7c. 

Figure 3 is a plot of the actual experimentally deter- 
mined coefficient of performance (COP),-; and the 
Carnot coefficient of performance (COP),-, against the 
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Figure 2. Variation of condenser, absorber, evaporator temperatures 


and gross temperature lift against generator temperature for simulta- 
neous cooling and heating 
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Figure 3. Actual and Carnot coefficients of performance for cooling 
against gross temperature lift. 


gross temperature lift (7. — Tey). It is difficult to con- 
trol heat losses in a small experimental system where the 
various components need to be readily accessible. Heat 
losses adversely affect performance in two ways. Firstly, 
heat losses from the generator add to the generator heat 


load. Secondly, since the evaporator temperature 7;,, is 
below ambient, the heat grain from the environment 
reduces the capacity of the evaporator. 

Figure 4 shows the variations of heat loads with gross 
temperature lift (7. — Ty). The overall energy balance 
can be written as 


Loss ~ YGE EV — Yco— aB tT Vex 
Q QOce+ OQ QO (Q Orx) (10) 


where Qi oss represents the heat losses which increase 
with (Teco — Try). 
Figure 5 is a plot of the actual coefficient of per- 
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Figure 4. Variation of heat loads against gross temperature lift for 
simultaneous cooling and heating. 
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Figure 5. Actual, modified and Carnot coefficients of performar 
heating against gross temperature lift 


formance for heating (COP),, and the Carnot 
coefficient of performance for heating (COP), against 
the gross temperature lift (7.5 — Tyy). Figure 5 shows 
that (COP),, is substantially independent of tem- 
perature lift. The experimental unit was designed as a 
cooler with high absorber and condensing temperatures 
Because of the relatively high heat losses from the unit, 
only modest (COP),, values could be expected. The 











Figure 6. Variation of actual, modified and Carnot 
of performance and thermodynamic effectiveness 
perature lift 
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actual coefficients of performance have been modified 
for heat losses and plotted as (COP), in Figure 5. It 
should be possible to approach these values closely with 
a high level of insulation. 
An overall coefficient of performance can be defined 
as 
(COP) py = SE * Seo * Ena * So (11) 
GI 


Figure 6 is a plot of the Carnot, corrected and actual 
overall coefficients of performance against gross tem- 
perature lift (7>> — Try). Figure 6 also shows the vari- 
ation of the actual thermodynamic effectiveness factors, 
for cooling E,, and heating Ey with (7T¢> — Try). Better 
design would result in higher values for both E,, and Ey. 


CONCLUSION 


It has been shown that the incorporation of an 
auxiliary heat exchanger enabled the unit to provide 
effective simultaneous cooling and heating. The size of 
this auxiliary heat exchanger, which is used to cool the 
hot solution from the generator prior to its entry into the 
absorber, is critical since it determines the extent of the 
temperature lift. In order to provide relatively high 
temperature lifts, an absorption system would require a 
relatively high temperature heat input to the generator. 


SYMBOLS USED 


(COP) coefficient of performance (dimensionless) 


thermodynamic effectiveness factor (dimensionless) 
pressure (bar) 

heat load (kW) 

temperature (°C) 

concentration (wt°,) 


Subscripts 

AB absorber 
actual cooling 
actual heating 
actual overall 
Carnot cooling 
cooling 
condenser 
Carnot overall 
evaporator 
exchanger 
generator 
heating 
modified heating 
modified overall 
overall 
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This present issue contains papers covering a wide range 
of topics including heat and mass transfer, fluid flow, 
mixing, aromatic recovery, fluidization and filtration. 

The first paper (“Experimental heat and mass transfer 
studies on the solar energy generator of an open cycle 
absorption cooler” by P. Kumar, S. Devotta and F. A. 
Holland) describes the experimental studies on heat 
transfer to, and mass transfer from, a film of liquid 
flowing down an inclined plate irradiated by simulated 
solar radiation. The cooling capacity of the system is pro- 
portional to the amount of liquid that can be evaporated 
and the solar generator is the key item in the whole cycle. 

The second paper (“Pressure drop for bubbly gas 
liquid flow through orifice plates and nozzles” by D. A 
Lewis and J. F. Davidson) presents new data for bubbly 
flow through orifices. A new analysis was carried out 
describing the acceleration of the bubbles as they pass 
through the orifice. This did better than the conventional 
empirical analyses, but discrepancies still remain. This 
area is of considerable interest nowadays in the context 
of flow metering of gas-liquid mixtures which is 
becoming important in many applications, including 
North Sea pipelines 

The next paper (“Mixing of stratified liquids” by 
S. W. Ahmad, B. Latto and M. H. I. Baird) describes 
some very interesting experiments on mixing of stratified 
layers of hot water and cold salt solution in an agitated 
vessel. Soon after the start of the mixing process, three 
stratified layers begin to be formed, with interfaces 
between the heavy fluid and a mixture and between the 
mixture and the light fluid respectively. Mixing takes 
place by erosion of these interfaces. The rate of erosion 
depends strongly on the relative position of the interface 
and the impeller. 


The fourth paper in this present issue (“Application of 


two resistance mass transfer model to adsorption sys- 
tems” by G. McKay and M. J. Bino) describes both 
batch and column absorption experiments aimed at 
testing the theory developed earlier by Dr. McKay and 
reported in this journal in 1984. The theory uses a single 
external mass transfer coefficient and a single pore 
diffusivity (which is particularly convenient for the pre- 
diction of large scale absorption systems) and was found 
to fit the batch experiments and to predict well the break 
through curves for the column experiments. 
Calculations of filtrate movement through filter cakes 
are complicated by the fact that the permeability of the 
cake is a function of pressure. The effect of pressure can 
be simulated using mechanical loading of the cake and 
the data so generated may be used to produce an 
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equation for filtration rate. The authors of the fifth 
paper in the current issue (“Filtration mechanisms” by 
M. S. Willis, I. Tosun and R. M. Collins) compare this 


approach with one developed by themselves and others 
based on the general equations describing multiphase 


systems, these equations being suitably averaged to 
describe the system. Of course, as the authors point out 
the whole situation is complicated anyway by the fact 
that the filter medium (for example, a filter cloth) is itseif 
subject to changes in permeability due to particulate 
blocking of openings within it. There seems to be scope 
for very much more detailed investigations in this area 

The next paper (““Sulpholane versus diethylene glycol 
in recovery of aromatics” by Y. Yorulmaz and | 
Karpuzcu) represents a welcome contribution in the pro- 
cess technology area in which, it is hoped, more papers 
will be forthcoming in the future. Diethylene glycol is the 
most commonly used solvent for aromatics extraction 
from petroleum. The paper compares the effectiveness of 
diethylene glycol and a new solvent, sulpholane (tetram 
ethylene sulphone). On balance, the new solvent was 
found to be more economical in terms of the competing 
requirements of solvency and selectivity 

The final full paper in this issue (“Forces on horizon 
tal tubes in gas fluidised beds” by J 
N. Hosny) describes transient force 
tubes in fluidised beds. Measurements were done on 
both plain and finned tubes and on both vertical and 
horizontal forces on the tubes. The important role of the 


R. ¢ race and 


measurements on 


fluctuating forces due to bubbles in the bed was clearly 
demonstrated 

The first of the short communications (“Flow of 
polymer solution in porous |! ” by M. Greaves and 
K. Patel) addresses a problem of importance 
hanced oil recovery where polymer solutions may | 
ibly be applied. The use of simplified rheological models 
can give a significant under-estimation of the effective 
viscosity of the solutions flowing in a porous medium 

The second of the shorter communications (“Dete! 
mination of the liquid side oxygen transfer coefficient | 
a biological medium” by N. M. G. Oosterhuis, A. P 
Sweere and N. W. I 


pure water and a biological medium. The coefficients for 


Kossen) compares coefficients for 


pure water were commensurate with those obtained else 
where and those for the biological medium were lower 


noe of t 
anve ol 


Once again, this issue represents a wide 1 
and it is hoped that there will be something of interest 
to most chemical engineers 

G. F. Hewitt 


Honorary Editor 
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EXPERIMENTAL HEAT AND MASS TRANSFER 
STUDIES ON THE SOLAR GENERATOR OF 
AN OPEN CYCLE ABSORPTION COOLER 


By P. KUMAR, S. DEVOTTA and F. A. HOLLAND (FELLOW) 


Department of Chemical and Gas Engineering, University of Salford, England 


Heat and mass transfer experiments have been carried out on the Solar Generator of an open cycle cooler with solar simulation. 
The latter was done first using a radiation source consisting of CSI lamps and then by an electric heater. The working fluid 
pair was water/lithium chloride. Experimental data on heat and mass transfer have been obtained for a range of parameters. 


Correlations are also presented. 


INTRODUCTION 
Solar absorption cooling is especially attractive in trop- 
ical countries where solar insolation is high and elec- 
tricity relatively scarce. Theoretical and experimental 
investigations on open cycle solar absorption coolers 
have been reported by Kakabaev et al'*. Collier’ and 
Prasad and Kumar* have also analysed the generator 
performance of an open cycle system using generalised 
heat and mass transfer correlations. Kumar and 
Devotta’ compared open with closed cycle systems and 


demonstrated the advantages of the former. The heart of 


an open cycle system is the generator. The water evapo- 
rated in the generator is directly proportional to the 
cooling capacity of the system. Hitherto there have been 
insufficient heat and mass transfer data available to 
design a generator with confidence. The aim of the 
present study was to provide the required data. 

It is not feasible to carry out systematic experiments 
using direct solar energy under repeatable and steady 
State conditions, since parameters such as air velocity, 
ambient humidity and solar insolation are not control- 
lable. An experimental open cycle unit was therefore 
developed with simulated solar insolation in order to 
obtain the heat and mass transfer data required for the 
design of a generator. The experiments were carried out 
using aqueous lithium chloride solution rather than the 
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more common aqueous lithium bromide solution to 
reduce both corrosion and instability in the presence of 
air’. Aqueous lithium chloride solutions have been 
exclusively used by Kakabaev and Khandurdyev’, 
Collier’ and Prasad and Kumar’ for open 
absorption coolers 


cycle 


EXPERIMENTAL 
Generator 
Experiments were carried out on the system shown 
schematically in Figure |. For a flat plate solar collector, 
for round the year operation, an optimum tilt angle to 
the horizontal lies in the range from about (latitude) to 


latitude + 15). However, the variation of the collector 
( 

1 

i 


performance for the whole range is marginal’. Therefore 
the generator was tilted at an angle of 16 to suit tropical 
conditions. A thin film of aqueous lithiurn chloride 
solution flowed over the generator. The aqueous lithium 
chloride solution was pumped to a distributor at the top 
of the generator. The distributor was a sparge pipe of 
0.09 m diameter extending over the width of the gener- 
ator. There were nineteen 3.0mm holes along the pipe 
spaced at 25mm intervals. The concentrated solution 
was fed to a trough at the bottom of the generator and 
collected in a tank 
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Figure |. Experimental system for heat and mass transfer studies on the solar generator of 
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Solar Simulation 
Two methods of solar simulation were used. In the 
first method, four compact source mercury iodide (CSI) 
lamps provided the heat input. In the second method, 
the input was provided by an electrical heater located 
beneath the generator surface. Both methods have 
limitations which are discussed below. 


Solar Simulation with Lamps. There are continuous 
variations in the solar spectrum at ground level caused 
by changes in air density, turbidity and humidity. These 
variations cannot be simulated by any conventional 
lamp. The requirements of a lamp to be used for solar 
simulation depend on the particular objective. Gillett et 
al* gave the main requirements and these are summarised 
below 


1. The lamp should have an output spectrum which 
approximates the solar spectrum. 

2. It should have a high conversion efficiency to 
minimise cost, cooling load and the number of lamps 


required. 


3. It should have a low thermal radiation emission of 


wavelengths greater than 2.5m to minimise the cor- 
rections required when predicting outdoor collector per- 
formance characteristics from simulated test results. 

4. It should be able to work at part load to permit 
variations in radiation without degrading beam uni- 
formity. 

5. Its output should be stable 

6. Its beam divergence should be narrow. 

7. It should be able to work at any tilt angle. 

}. Its stable life should be long. 


The CSI lamp spectrum resembles the air mass 2 solar 
spectrum quite closely*. However, a number of problems 
have been encountered related to the measurement of 
irradiance even outdoors”’’. The measurement of simu- 
lated irradiance poses additional problems indoors’. 
Because of thermal radiation emission from CSI lamps 
a correction factor must be developed. The thermal 
radiation from the lamps and lamp housing may be in 
the form of either a focussed beam or a diffuse emission. 
If the lamps have open reflectors, the thermal radiation 
may form a part of the beam. It has been suggested that 
in this case the thermal radiation flux can be very high’. 
If the lamp has a glass cover then this will absorb 
thermal radiation and re-emit diffusely from its front 
surface 

In a solar simulator, where the beam distribution is 
almost uniform, the irradiance is required to be mea- 
sured quite infrequently and can be measured by means 
of a fixed cavity radiometer''. However, these simulators 
are likely to be very expensive. Since flat plate solar 
collectors act as integrators, beam non-uniformity could 
be tolerated up to a certain extent. If the beam uni- 
formity is poor, the irradiance must be integrated over 
the aperture of the collector before each test. This 
requires a lightweight measurement device with rapid 
response. Further work is required in direction. The 
peak intensities of the lamps, in the CSI lamp solar 
simulator installed at the University College, Cardiff, 
were found to change by approximately +15°,. There- 


fore, the uniformity produced over a typical collector 
under test was no better than about +20°,”. 

The effect of diffuse irradiance on the collector per- 
formance is also one of the factors to be considered. The 
amount of diffuse irradiance depends upon the type of 
simulator. 

Four 400 W CSI mercury iodide lamps supplied by 
Thorn Lighting Ltd., London, U.K., were fitted to a 
1.22 m x 1.22 m panel. The array was fitted with a shaft 
which moved about its own axis. The array stand was 
provided with a number of holes to fix the shaft and the 
lamp array at any desired angle. The lamps were kept 
cool by circulating air with a low power fan. The interior 
surface of the lamp array was covered with aluminium 
foil to reflect scattered radiation towards the generator 
surface. The array was also tilted at an angle of 16 to 
the horizontal to make it parallel with the generator 
surface at a distance of 0.80 m. 


Solar Simulation with an Electricai Heater. A disadvan- 
tage of using CSI lamps as a radiation source is that they 
are not recommended for use under part load condi- 
tions. This not only affects the life of the lamps but also 
changes the spectrum. Another way of using CSI lamps 
with variable irradiance could be by varying the distance 
between the lamps and the generator surface. However, 
this would lead to variations in the correction factors. 

Preliminary measurements of the radiation from the 
lamp were done by using a radiometer/photometer 
model Q101, made by MACAM Photometrics Ltd., 
Livingston, Scotland. A simple heat and mass balance 
showed that the total heat input to the solution was 
greater than that recorded by the photometer. This 
showed the significance of the correction factors dis- 
cussed above. Even if the correction factors were evalu- 
ated quite accurately, the tota! heat input to the solution 
could not be estimated accurately owing to the lack of 
precise data on absorptance of the surface-solution 
combination. 

There is little to be gained by attempting to accurately 
simulate a given spectral distribution, since the spectrum 
of solar radiation can vary widely during the course of 
a day. The most important parameter for the experi- 
ments described here is the total heat input to the 
aqueous lithium chloride solution. This in turn depends 
on the combined absorptance of the solution and the 
generator surface. This absorptance is constant for a 
particular surface/radiation spectral distribution. 

When the heat flux is provided by a well-distributed 
electrical heater underneath the generator surface, the 
only factor missing in order to have a realistic solar 
simulation is the combined absorptance of the solution 
and the generator surface. The simulated solar heat flux 
could therefore be obtained by dividing the electrically 
produced heat flux by this combined absorptance. 
Therefore, a new generator was constructed with a 
well-distributed electrical heater underneath the gener- 
ator surface. Further experiments were carried out using 
both types of simulator. The experiments with the 
electrical heater were conducted for a number of heat 
flux values. A comparison of these with the experimental 
data obtained using CSI lamps provided a way to 
estimate the amount of radiation from CSI lamps ab- 
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Figure 2. Cross-sectional view of solar generator 


sorbed by the generator surface. The simulation with an 
electrical heater underneath the generator surface not 
only eliminates the absorptance for the surface-radiation 
combination but also avoids the estimation of correction 
factors in various situations. The correction factors, in 
any case, can only be approximate. 

The electrical heater consisted of five separate 11.9 m 
lengths of 0.45 mm diameter nichrome wire. The wires of 
resistance 6.68 Qm~' were insulated with glass sleeves 
and uniformly laid over a 3.0mm thick asbestos-lux 
sheet of area 0.9m x 0.5m. A 3.0mm thick aluminium 
sheet was placed over the wires to form a sandwich as 
shown in Figure 2. The top surface of the aluminium 
sheet was covered with a 1.5mm thick black neoprene 
sheet to protect it from corrosion. A silicone rubber 
compound was applied to both the aluminium and 
neoprene sheets before binding them together. The neo- 
prene sheet was covered with a matt black cotton cloth 
to assist uniform flow distribution of the liquid flowing 
over the surface. The cotton cloth was made of 0.3 mm 
diameter threads. The average space between adjacent 
threads was 0.25mm. A 70mm thick block of fibre 
insulation was provided below the asbestos-lux sheet to 
reduce any heat losses. The generator assembly was also 
well insulated on all four sides. Some difficulty was 
experienced in insulating the leading edge side of the 
generator. The leading edge had to be extended by 
10mm in order to accommodate the fibre insulation 


INSTRUMENTATION, CALIBRATION 
AND CONTROL 


An air flow arrangement as shown in Figure 3 was 
constructed. The whole arrangement was also tilted at an 
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Figure 3. Air flow arrangement 
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angle of 16 to the horizontal so that the generator 
surface was parallel to the lamp array. A fan connected 
to a variac was used to provide a variable air flow over 
the generator. The incoming air was distributed over the 
generator surface through a 3 mm wire mesh of 200 mm 
diameter placed just before the honeycomb. It extended 
200 mm on either side of the generator. The details of the 
honeycomb and measurement positions are shown in 
Figure 4. It was aligned with the generator surface so 
that an air column of about 180mm was flowing over 
the generator surface. An air velocity meter, model 1650, 
supplied by BIRAL Portishead Ltd., Bristol, U.K., was 
used to measure air flow over the generator. The air 
velocity was measured both in vertical and parallel 
planes to the generator. The measurements in the verti- 
cal plane were done from 40 mm to 120 mm above the 
generator surface in order to obtain measurements out- 
side the boundary layer. The air velocities were found to 
be constant in the vertical plane 
the parallel plane were done at 
Figure 4 
generator was marginal but the variation across the 


The measurements in 
25 points as shown in 
The variation of local air velocity along the 


generator was higher, especially at relatively high veloc- 
ities. The velocity measurements near the leading edge 
are shown in Figure 5. Since the variation of the local 
air velocity across the generator was significant and the 
profile was parabolic, Simpson’s rule’ was used to 
estimate an average air velocity across the generator 
These average air velocity values along the generator for 
seven different settings of the variac have been plotted in 


Figure 6. Since these average velocity profiles are nearly 
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Figure 6. Average air velocity along the length of the generator 


linear, an arithmetic average air velocity was calculated 
for each of the variac settings. These average air velocity 
values were used to obtain the calibration curve for the 
characteristic air velocity v shown in Figure 7. Local 
values of air velocity on the centre line of the generator 
were used to construct a similar calibration curve for 
characteristic centre line air velocities v’. 

Temperatures were read to the nearest 0.1°C from a 
digital readout as measured by chromel-alumel thermo- 
couples. The 0.2 mm diameter thermocouples were dis- 
tributed over the generator surface and were secured to 
the cotton cloth using silicone rubber compound as 
shown in Figure 8. 

The solution fed to the generator was first mixed in an 
agitated vessel and its temperature was controlled in a 
constant temperature bath, as shown in Figure |. Air 
temperature and relative humidity values were also 
measured at i1 points, about 60 mm above the generator 
surface, corresponding to each of the surface tem- 
perature measurements shown in Figure 8. Air tem- 
perature measurements were made with a thermocouple 
attached to a meter scale. The thermocouple was kept 
under the shadow of the scale while measuring the air 
temperatures for the experiments (11 runs) carried out 
with CSI lamps. The relative humidity was measured 
using a relative humidity probe manufactured by Lee- 
Dickens Ltd., Kettering, Northants, U.K. These mea- 
surements were found to be constant on the plane 
vertical to the generator (from 40 mm to 120 mm). Both 
the relative humidity and the air temperature were found 
to vary only marginally in the plane parallel to the 
generator. Typically, the relative humidity varied by 
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Figure 7. Calibration curve for characteristic air velocity 


about 2°, whereas the air temperature varied marginally 
(0.6°C at an air temperature of 22°C). Both the relative 
humidity and the air temperature increased along the 
length and on either side of the generator. The variation 
on the sides was symmetrical. Since the reiative humidity 
decreases with temperature, the change in the relative 
humidity was minimised because of the simultaneous 
increase in relative humidity and air temperature. Even 
though the variation of both the relative humidity and 
the air temperature was marginal, all the local values 
were considered in the calculation of the results. The 
power supplied to the electrical heater, which produced 
the heat flux, was computed by measuring the current 
and potential difference. The ammeter had a range 
0-10 Amps readable to 0.2 A, and the voltmeter a range 
0-100 Volts readable to 2.0 V. 

Tests were conducted under zero air flow conditions 
to check the heat distribution in the generator and to 
measure the temperature distribution over the generator 
for three values of power input (22.5 
113.5Wm-~’). The generator temperature was nearly 
uniform except for an increase of about 0.7 C along the 
length of the generator at the highest heat flux of 
113.5Wm~’. 

The concentration of the aqueous lithium chloride 
solution was obtained indirectly by measuring its refrac- 
tive index with an ABBE Refractometer, model 60/ED, 
supplied by Bellingham and Stanley Ltd., Tunbridge 
Wells, Kent, U.K. The refractometer was calibrated 
using solutions of known concentration. Uniform inlet 
concentrations were ensured by agitation in the tank and 
in the constant temperature bath. The solution at the 
outlet was passed through a small mixing zone in the 
trough. This was considered adequate to provide sam- 
ples to measure the average solution concentration at the 
outlet of the generator. 
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The flow rate of the solution was measured using a 
rotameter which was calibrated for various solution 
concenirations 


EXPERIMENTAL PROCEDURE 


The experiments were carried out batchwise. The 
aqueous lithium chloride solution was prepared in the 
weak solution tank shown in Figure 1, which was 
provided with an electrical heater and an agitator. The 
tank was well insulated and connected to a constant 
temperature bath. 

After starting the agitator and heating of the weak 
solution to the desired temperature, valves 1, 2 and 4 
were opened and the solution pump started. A constant 
air flow rate was maintained over the generator surface 
The solar simulator was switched on and the concen- 
trated solution was fed via the trough into the collection 
tank. Steady state was assumed to have been reached 
when the concentration at the trough and the tem- 
perature at the generator surface remained constant for 
about 20 minutes. It took up to 2; hours to reach the 
Steady state 


RESULTS AND DISCUSSION 

Heat Transfer from Dry Generator 
In order to establish the suitability of the generator 
surface for experiments with the lithium chloride solu- 
tion, a few experiments (13 runs) for forced convection 
were also conducted on the dry generator surface. These 
experiments were conducted in the same way and with 
the same generator surface, including the same cotton 
cloth and thermocouples as used in the experiments 
Centre line local heat transfer coefficients /, were 


calculated. The measurements were taken at distances of 


0.05, 0.25, 0.45, 0.65 and 0.85 m from the leading edge 
In every case the /, values decreased from a maximum 
value at 0.05 m from the leading edge to almost a steady 
value as shown in Figure 9. This behaviour was probably 


caused by severe separation of air flow over the bluff 


leading edge. It appears that the separation of air flow 
inhibited the growth of the laminar boundary layer and 
the turbulent boundary layer was established quickly 
and grew with distance along the length of the generator 
Similar shapes of heat transfer curves have been reported 
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re 9. Variation of local heat transfer coefficient with distance for 


by Lewis'’. Later, Simpson et al'* postulated and 
confirmed experimentally the existence of the separation 
region in a study of heat transfer from a thick flat plate 
to air in turbulent flow. The local heat transfer 
coefficients were reduced to local Nusselt numbers 
(Nxy)y and plotted against (Nez )y in Figure 10. The 
centre line air velocity v’ was used for the calculation of 
these (Nez )y Values. The trend is similar to the empirical 
equations proposed by Kutateladze et al’° and Kays’® as 
shown in Figure 10. However, the Nusselt numbers in 
the present case are higher than those predicted by these 
empirical equations. This could be partly attributed to 
increased effective surface area because of the use of 
cotton cloth on the generator surface 

It has been suggested that main stream turbulence can 
increase the heat transfer coefficient from a surface to the 
fluid passing over it [he honeycomb used in the 
present air flow arrangement did help in distributing the 
air across the generator to a certain extent. However, it 
appeared to increase the turbulence in the incoming air 
over the generator. The increase in the heat transfer 
coefficient in the present experiments could also be due 
to the increased turbulence in the main air stream 

Bodies with sharp edges, such as a flat plate at zero 
incidence, are quite insensitive to surface roughness as 
the point of transition is determined by the edges. On the 
other hand, the drag of bluff bodies is very sensitive to 
roughness. The value of the critical Reynolds number, 
for which the drag drops rapidly, depends significantly 
on the roughness of the surface 
number 


boundary layer appears to be disturbed by the roughness 


The critical Reynolds 


decreases with increasing roughness. The 


to such a degree that transition occurs at considerably 
lower Reynolds numbers than in the case of smooth 


surfaces. Another important factor which affe the 
value of the critical Reynolds number is free stream 
turbulence™ 

In general, on a flat plate, the transition can occur at 
a Reynolds number in the range & x 10° to 5 x 10°, 
depending upon various conditions. However, under 
special conditions turbulent layers have been observed 
for a Reynolds number” of 8 
because of the free stream turbulence, roughness of the 
surface and the bluff leading edge, there was probably a 
turbulent boundary layer over most of the length of the 
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generator as suggested by Kutateladze et al 
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Heat Transfer from Wet Generator 


The ranges of parameters studied in the present 
experiments were as follows: 


initial solution concentration XY, = 31 to 34wt, 
characteristic air velocity v = 1.0 to 4.0ms 

weak solution flow rate m, = 11.0 to 16.0kgh~'m 
heat flux g = 0.5 to 1.0kWm 

initial solution temperature 

ambient temperature 7,,, = 

relative humidity RH,,, = 30 to 50°, 


In total 39 runs were carried out with lithium chloride 
solution; 11 runs were conducted with CSI lamps and the 
remainder with the electrical heater underneath the 
generator surface. 

Figures 11 and 12 show the variation of the centre line 
local heat transfer coefficient hy along the length of the 
generator for various centre line air velocities v’. For a 
fixed distance from the leading edge the Ay values 
increased with air velocity. For a constant velocity, /Ay, 
values decreased with distance y from the leading edge 
to a minimum and thereafter increased gradually as 
shown in these figures. This behaviour probably arises 
for the following reason. 

When the dilute lithium chloride solution is distrib- 
uted at the trailing edge of the generator, the cotton 
cloth ensures the wetting of the entire generator surface. 
The solution attains a particular temperature depending 
upon the value of the heat flux and starts evaporating. 
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This appears to happen in the first few centimetres from 
the trailing edge of the generator. Because of the vapor- 
isation, the concentration of the solution increases as it 
flows from the trailing edge to the leading edge of the 
generator. This leads to a gradual increase in the solu- 
tion temperature for most of the generator length. This 
increase in the solution temperature is reflected in all the 
values for the local heat transfer coefficients. It may be 
noted here that Figure 12 is a plot for the data obtained 
from the experiments conducted with the CSI lamps. 
This plot is very similar to the plot for the experiments 
conducted with the electrical heater. 

In general, the local heat transfer coefficients from 
these experiments were higher than the local heat trans- 
fer coefficients obtained with the dry generator surface. 
This is because of the contribution to heat transfer by 
evaporation. All these local heat transfer coefficients 
were reduced to local Nusselt numbers (Ny, )y using 
average bulk air properties. These (Ny, )y values have 
been plotted against (Np )y values in Figure 13. The 
centre line air velocity v’ was used for the calculation of 
these local Reynolds numbers, (Np, )y. The trend of the 
data is similar to the data for dry generator experiments 
and other established empirical correlations. It appears 
that there is a break in the data trend at about 
(Nez )y = 8 x 10°. 

All the convective heat transfer data, for which Ne, 
(based on the characteristic air velocity v) values were 
greater than 8 x 10* (20 runs), were correlated as a 
function of air mass velocity (v pap). The data fitted 
equation (1) with a root mean square residual RMSR 
value of 2.54 x 10 


h- = 0.00895 (v paip )?™ (1) 


In order to have a direct comparison of available 
correlations with the present data, the experimental data 
were recorrelated with the exponent for the air mass 
velocity as 0.8. The data fitted equation (2) with a 
RMSR value of 2.48 x 10 


h- = 0.0092 (v paip )°* (2) 


Equation (2) along with the experimental data, has been 
plotted in Figure 14. This correlation was used to 
estimate the constant heat flux provided by the CSI 
lamps as discussed earlier. This constant value of the 
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Figure 13. Local Nusselt number against Reynolds number for heat 
transfer from wet and dry generator surfaces 
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heat flux was found to be 0.715 + 0.045 kW m ~* for all 
the experiments (11 runs) carried out with the lamps. 

The convective heat transfer coefficients, calculated in 
the case of heat transfer from the dry generator surface, 
are also shown in the same figure. These values are 
similar to the values represented by equation (2) as can 
be seen in Figure 14. This shows the consistency of the 
experimental data. All the mass transfer coefficients Kp, 
for which Ney was greater than 8.0 x 10* (31 runs), were 


correlated by equation (3) with a RMSR value of 


1.85 x 10 
Kp = 0.0438 (v paip (3) 


However, when the exponent on the air mass velocity 
(v Paip) Was kept constant at 0.8, the equation changed 
to 


Kp = 0.0302 (v pajp )”* (4) 


The mass transfer data fitted equation (4) with a RMSR 
value of 1.93 x 10°°. Equation (4), along with all the 
mass transfer data, has been plotted in Figure 15. The 
mass transfer data, for the experiments with CSI lamps, 
are also shown in the same figure. 

The feasibility of solar simulation with the electrical 
heater underneath the generator surface is shown by; 


1. the evidence of a constant heat flux from the CSI 
lamps (0.715 + 0.045 kW m~’), 

2. the similarity of the variation of local heat transfer 
coefficients along the length of the generator, and 

3. the similarity of the variation of the mass transfer 
coefficients in Figure 15. 
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All the convective heat transfer coefficients, for which 
Nee Was greater than 8.0 x 10* (31 runs), were fitted to 
equation (5) with a RMSR value of 6.19 x 10 


jy = 0.0695 (Ng) °™ 
Equation (5) can also be written as 
Nyy; = 0.0695 (Nee )°"* (Nop ) (6) 


In order to compare the data directly with typical 
existing correlations, the data were recorrelated with the 
exponent of Np, as —0.2. The heat transfer data fitted 
equation (7), with a RMSR value of 6.09 x 10~ 


jy = 0.0645 (Nee) 


Nyy = 0.0645 (Nee)? (Nop ) (8) 


} 


Nusselt numbers Ny, have been plotted against Ng, 
along with equation (8), in Figure 16. These data have 
been compared with existing correlations for turbulent 
and laminar flow over a flat plate. The heat transfer 
coefficients in the present case are higher for the reasons 
explained earlier. All the mass transfer coefficients, for 
which Np, was greater than 8.0 x 10°, were fitted 
equation (9), with a RMSR value of 1.36 x i0 
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along with equation (10), in Figure 17. These data have 
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Figure 18. Analogy for the heat and the mass transfer data. 


been compared with existing correlations for turbulent 
and laminar flow over a flat plate. The data in this case 
are also higher for the reasons explained earlier. 

The proposed correlations for the heat and mass 
transfer data were considered to be adequate because 
Npp and Nec were almost constant at 0.700 and 0.646 
respectively. It can be found in the literature that Npp 
and Ng have been conventionally correlated with an 
exponent of 1/3 for a number of heat and mass transfer 
situations. A non-linear regression technique was used to 
correlate the data in all the cases discussed above. 


Heat and Mass Transfer Analogy 


For flow past bluff bodies, the momentum analogies 
are no longer valid as the resistance to flow includes 
form drag as well as skin friction. The separation occurs 
for flow past a sphere or a cylinder at right angles or any 
bluff object. In such situations the friction factor based 
on total drag includes not only the skin friction but also 
the form drag due to flow separation. It is therefore 
expected to follow a function different from that of the 
mass transfer and heat transfer groups. However, 
Chilton-Colburn represented heat and mass transfer 
data in the following form”’. 


in = (Nor) (Np)? = @ (Nee) (11) 


ip = (Nst)p (Nsc > = (Nee) (12) 


These equations were found to be quite useful, especially 
when comparing heat and mass transfer data for bluff 
objects. For identical surface geometries j, has been 
found to equal jp. A number of analogies have been 
proposed by different workers. However, the Chilton- 
Colburn analogy for heat and mass transfer was consid- 
ered to be adequate for the present work. 

Finally, the heat transfer data as j, and the mass 
transfer data as jp were plotted in Figure 18. This figure 
shows that the variation and magnitude of the heat 
transfer data are adequately analogous to the mass 
transfer data. 


APPENDIX 
Calculation Procedure 


Final results were computed using the following steps. 
The resistance in the liquid phase for mass transfer could 
be neglected as the equilibrium distribution curve is 


relatively flat, i.e., a large change in liquid phase concen- 
tration leads to a relatively small change in vapour phase 
concentration at equilibrium”. This is true if the values 
of individual phase mass transfer coefficients are roughly 
equal. Chun et al*' have shown that, for a falling film 
evaporator with a salt solution film, it is sufficiently 
accurate to consider the interphase concentration to be 
the same as the average concentration. It implies that, in 
such situations, the gas phase controls and the iiquid 
phase concentration could be assumed to be of uniform 
composition across the liquid film at any vertical posi- 
tion. 

In the present case, it can also be assumed that the 
liquid film has negligible thermal resistance so that the 
local generator surface temperature is equal to the liquid 
film temperature'*~. 

The local measurement of surface temperature T, air 
temperature TU about 60 mm above the generator sur- 
face, and relative humidity RH at TU were recorded. 
Subscripts from | to 14 refer to the positions shown in 
Figure 8. 

Average values of T,y, TU,y and RH,y were calcu- 
lated using (Tyy), Tay2, Taya), (TU ay;, TUayr, TUgy3) and 
(RH ay;, RHay2, RHay;) respectively. Subscripts AV1, 
AV2 and AV3 refer to the position of 0.05 m, 0.45 m and 
0.85m away from the leading edge of the generator 
respectively. Each of these three values were calculated 
using three local values at each of the three positions. 
The average values were calculated using Simpson’s 
rule,'’ since the variation was nonlinear. 

A log mean mass transfer potential Ap, was calcu- 
lated using the mass transfer potential at the trailing 
edge Ap; and mass transfer potential at the leading edge 
Ap, . The vapour pressure of solution at the trailing edge 
was calculated from aqueous lithium chloride properties 
at initial solution concentration X, and average solut'on 
temperature 7,,;. The partial pressure of water vapour 
in the air was calculated using RH,y, and TU,y;. 
Similarly, the vapour pressure at the leading edge was 
calculated using the final solution concentration X; and 
T,y,. The partial pressure of water vapour in the air at 
the leading edge was calculated using RH,y, and TU,,,. 

A simple mass balance given by the following equa- 
tion was used to estimate the rate of water evaporation 
My . 

My = m, (1 — X,/X¢F) (A.1) 
The mass transfer coefficient was calculated using the 
following relation 


™ My (A.2) 
Apu 
The latent heat of vaporisation was calculated at an 
arithmetic mean temperature value between the average 
solution temperature 7,, and the average air tem- 
perature TU,, as suggested by Mullick et al*’. The rate 
of heat transfer by evaporation at steady state was 
calculated from 


dey = My v) (A.3) 
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The rate of heat transfer for the sensible heating of the 
solution was calculated from equation (A.4). 


Usen = Ms (Cp )s ( Tay T)) (A.4) 


The heat capacity of the solution was assumed to be 
independent of temperature. However, its variation with 
concentration was considered. 

The heat transfer by radiation was calculated using 
the following relation 


dr AD = ae[( Tay — 273.0)° se (Tay . a 273.0)*] (A.5) 


Tw 18 the average room temperature. It was found to be 
less than TU,,, typically by about | K. 

The performance of the generator is affected by the 
thermal radiation environment in which it operates. 
Indoors, the wall and air temperature are nearly equal 
and the field-of-view temperature can be approximated 
by a black enclosure at the air temperature’. Therefore, 
in the above relation 7,,, has been used for the radiation 
heat transfer. 

The rate of heat transfer by conduction through the 
insulation was calculated from the heat losses by con- 
vection and radiation from the outer surface of the 
insulation. 

Heat transfer by radiation was calculated using the 
following relation 


(Grav ins = F€ns[(7\2 + 273.0) 


(Tx, + 273.0)*]  (A.6) 


where 7), is the temperature of the insulation cover and 
Ens 1S the emissivity of the cover surface. T,,, was used 
for the reasons explained earlier. 

The rate of heat transfer by convection was calculated 
using equation (A.7). 


(Gconv )ins = (Ac ns (112 — Tay) (A.7) 
The convective heat transfer coefficient (/¢ );<. was calcu- 
lated using Kutateladze’s relation’’ given by equation 
(A.8). 


(h, )INs = 0.0249 Karp (Ne, L (A.8) 


The average air velocity at the insulation surface was 
found to be approximately one fourth of the average air 
velocity over the generator surface. This air velocitv was 
therefore, used to calculate the Reynolds number in the 
above equation. Since the generator is tilted at an angle 
and heai transfer is taking place from the surface facing 
downwards, the actual heat transfer coefficient is likely 
to be lower than calculated by the above relation. 
However, since the total heat loss calculated by the 
above procedure was found to be less than 2°, of the 
total heat flux, the above procedure was considered to be 
adequate for the purpose. The conductive losses from 
the sides of the heater were considered to be negligible. 

Heat flux from the electrical heater was calculated 
using equation (A.9) 

a CV 10 (A.9) 
Act 
The rate of convective heat transfer g-ony was calculated 
using the following expression 


dconv = 7 Wey dseEN — YrRavd — Ycoond (A.10) 
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The convective heat transfer coefficient h, was calculated 
from equation (A.11) 


he = conv |(T — TU ) ay (A.11) 


The average heat transfer driving potential (T — TU),, 
was calculated from the average driving potential 
at three locations [(T, TU yy), (Tay TU gy>), 
(Tay; — TU,y,)| using Simpson’s rule. The convective 
heat transfer coefficient A, for the experiments carried 
out with the electrical heater was correlated in the 
following form 


R= f [(pt ) (A.12) 


The heat flux provided by the lamps was computed 
with the help of the correlation for the convective heat 
transfer coefficient developed from the experimental 
data with the electrical heater beneath the generator 
surface. The rates of heat transfer by conduction, radi- 
ation, evaporation and sensible heating were calculated 
as discussed earlier. Knowing the heat transfer driving 
potential (7 7U),y and the convective heat transfer 
coefficient from the correlation given by equation (A.12), 
the heat transfer by convection Geox, 
follows 


was calculated as 


=h- (7 TU ),, (A.13) 


qi ONV 


The addition of heat transferred by all the modes, 1.e., 
conduction, convection, radiation, evaporation and sen- 
sible heating, gave the value of heat flux provided by the 
lamps. This value of heat flux was found to be approx- 
imately constant for all the experiments (11 runs) carried 
out with the lamps 

Local values of the heat transfer coefficient on the 
centre line of the generator were calculated 
equation (A.14) 


using 


hy =(q — | (Ty — TUy) (A.14) 


~ 


These values were calculated at distances of 0.05, 0.2 
0.45, 0.65 and 0.85 m away from the leading edge, on the 
centre line of the generator 

Local values of the Nusselt number (NV ,,,)y were also 
calculated using Ay values. The local Reynolds number 
(Nee )y was calculated using the air velocities from the 
calibration curve for centre line air velocities. Otherwise, 
Ny, and Ne, were calculated using the convective heat 
transfer coefficient A. and the characteristic air velocity 
v respectively 

All the dimensionless groups were calculated accord- 
ing to the following definitions 


rs 
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PRESSURE DROP FOR BUBBLY GAS-LIQUID FLOW 
THROUGH ORIFICE PLATES AND NOZZLES 


By D. A. LEWIS (GRADUATE) and J. F. DAVIDSON (FELLOW) 


Department of Chemical Engineering, University of Cambridge 


The pressure drop for co-current upward bubbly air—waterflow at atmospheric pressure through a number of nozzles and orifice 
plates has been measured. For a nozzle and orifice plate which at a given liquid flowrate have the same single phase pressure 
drop, the two phase pressure drop for the nozzle is considerably larger than that for the orifice plate at the same gas and liquid 
flowrates. The two phase pressure drops measured are not predicted satisfactorily by existing correlations, but the results for 
the nozzles agree reasonably well with an analysis based on the motion of a gas bubble in an accelerating liquid flow. The 
lower two phase pressure drop for the orifice is attributed to an increase in contraction coefficient, as observed visually and 


on photographs of two phase flow through an orifice. 


INTRODUCTION 


The pressure loss occurring for the flow of gas-liquid 
mixtures through various pipe components and fittings, 
e.g. orifice plates, heat exchangers and valves, can be 
crucial in the design and operation of equipment con- 
taining gas-liquid mixtures. To date, work on this 
subject has concentrated primarily on vapour-—liquid 


flows at high pressure, that is with a substantial part of 


the mass flow in the gas phase. For such systems the 
correlation of pressure drop with gas void fraction is 
complicated by changes in the amounts of each phase 
present, as well as changes in the flow regime, e.g. bubbly 
to slug flow. For flows with a large gas volume fraction 
but with pg <<< p, the correlations developed for high 
pressure flow do not give a clear prediction of the two 
phase pressure drop to be expected. For two phase flow 
through an orifice, assuming separated flow of the two 
phases, Lin’ correlates 


(APrp)'? = 0(AP, )'? + (AP,)'” (1) 


where AP; is the two phase pressure drop at the vena 
contracta, AP, and AP, are the equivalent pressure 
drops for liquid only and gas only flow, and @ is an 
empirical coefficient. With AP, <<< AP,, APrp is in- 
variant with gas void fraction. Assuming homogeneous 
flow of the two phases Fairhurst’ among many others 
uses the relationship 


AP» _ FTP 
APio Epc 


where AP, is the overall pressure loss, AP,, is the 
pressure loss with the total mass flowrate as liquid, q is 
the ratio (mass flow of gas/total mass flow) and ¢ is the 
gas void fraction. With poe<<<p,, q~O(10~°). 
Putting AP; = AP,,, equation (2) gives 


AP yp | . 

= (3) 
AP, 1-8 

There are no published experimental data for the com- 

parison of equations (i) and (3). A feature of both the 


above relations is the assumption that the flow pattern 


(2) 


is the same for single and two phase flow, e.g. Lin 
assumes the same orifice discharge coefficient. There is 
no justification for this. 

A further complication is the orientation of the flow 
With horizontal flow, stratification and difficulty in 
measuring the gas void fraction cause considerable 
uncertainty, while for vertical flow the effect of the gas 
void fraction on the measured pressure drop can require 
significant corrections to be made 

This work presents measurements of the two phase 
pressure drop for upward bubbly air—water flow through 
nozzles and orifice plates at atmospheric pressure. To 
obtain bubbly flow at a high gas void fraction, i.e 
€ 2 0.25, without a change in flow regime, measurements 
were made with a solution of 100 ppm of Bovine Serum 
Albumin (BSA) in water. The slow bubble coalescence 
in this solution inhibits the formation of large bubbles 
In addition a number of measurements were made with 
a fermentation supernatant liquid as an example of the 
type of liquid for which high void fraction bubbly flow 
is of industrial importance. This liquid readily foamed 
when air was injected into it 

A theoretical analysis of the flow is made which gives 
a reasonable prediction of the two phase pressure drop 
for a nozzle. For an orifice plate the two phase pressure 
drop is much lower than expected, and this is attributed 
to an increase in the orifice contraction coefficient with 
two-phase flow 


APPARATUS AND MEASUREMENTS 
Bubble Column 


The nozzle or orifice under investigation was installed 
in a vertical bubble column with internal diameter D of 
95.2mm and a height of 2.4m, made from perspex 
tubing. The layout of the apparatus is shown in 
Figure 1. Liquid was pumped from a storage tank 
through the bubble column containing the orifice plate 
or nozzle and into a disengagement tank, which was 
required to allow the foam produced by the 100 ppm 
BSA solution and fermenter supernatant to collapse 
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Figure |. Layout of the bubble column apparatus. Not to scale. The 


circled numbers show the pressure transducers, and the separation of 


the associated pressure tappings is given in multiples of the column 
diameter. For the measurements with the nozzles, pressure transducer 


(iv) was connected across the nozzle mounting plate 


The lower section of the bubble column contained two 
perforated plates’, as recommended in BS 1042 Ptl, to 
damp out pressure fluctuations from the pump and 
homogenise the bubbly flow. Air was passed through a 
rotameter and injected into the liquid flow through the 
injector shown in Figure |: the air entered through 40 
holes of 1 mm dia. in the wall of the pipe between the 
bubble column and the pump. This was intended to 
produce a mass of sma!l bubbles in the liquid flow. The 
liquid flowrate was measured by an orifice flowmeter 
between the storage tank and the pump. The bubble 
column was operated at atmospheric pressure. 


Pressure Measurements 


Six sets of differential pressures were measured, as 
shown in Figure 1: (i) over a section upstream of the 
orifice or nozzle to give the gas void fraction, (ii) and (iii) 
over sections down-stream of the nozzle to give the gas 
void fraction, (iv) the pressure drop to the orifice vena 
contracta or nozzle throat (as described in BS1042°) i.e. 
AP;» and AP,, (v) the overall pressure loss, measured 
aiter pressure recovery downstream of the orifice or 
nozzle, (vi) the pressure difference for the orifice 
flowmeter giving the liquid flowrate from the storage 


tank. The pressure transducers had a sensitivity of 


<1 mm water gauge and were calibrated daily over their 
operating range. The signals from the transducers were 
digitised and recorded by a PDP 11/45 computer, and 


were also monitored by chart recorders. Preliminary 
measurements indicated that pressure recovery down- 
stream of an orifice plate was substantially complete 
over approximately 6D. Consequently the downstream 
pressure tapping for transducer (v) was located 10D 
downstream of the orifice or nozzle, and those for 
transducers (11) and (iii) near this point. The gas void 
fraction measured by transducer (iii) was about 5°, 
higher than that from transducer (ii), as would be 
expected from their difference in hydrostatic head; for 
the same reason the void fraction given by transducer (i) 
was on average ~ 10-15%, less than that of transducer 
(ii). 


Nozzles and Orifice Plates 
The pressure measurements were made for two pairs 
of nozzles and orifice plates, manufactured out of brass 
according to BS1042’ and mounted in the column as 
shown in Figure 1. The dimensions of the nozzles and 
orifice plates were such that for a particular pair the 
pressure drop at a given liquid superficial velocity, V,., 
with liquid only, would be the same for the nozzie and 
the orifice. Thus the nozzle throat and orifice diameters 
were: 30.0 and 38.1 mm, 40.0 and 50.8 mm. Additional 
measurements were made with an orifice of diameter 
28.6 mm. For liquid only flow all the devices performed 
within the tolerance given by BS1042 i.e. within +2?, of 

the predicted single phase pressure drop. 


Experimental Method 

The experiments were designed to provide a com- 
parison between the pressure drop for the same two 
phase flow through an orifice plate or a nozzle. A batch 
experimental procedure allowed a time between experi- 
ments for gas disengagement from the liquid. For each 
orifice and nozzie the liquid only pressure drop, AP, , 
was determined for a range of liquid superficial veloci- 
ties, V,. The two phase pressure drop, APyp, at a 
particular liquid flowrate was then measured for a range 
of gas void fractions. At each gas void fraction the liquid 
flowrate was measured with the orifice flow-meter, and 
from this the corresponding value of AP, was calculated. 
The liquid superficial velocity varied slightly from ex- 
periment to experiment by up to +2°,, due to the batch 
nature of the experiments and the changing two-phase 
pressure drop, but was accurately determined for each 
set of operating conditions. 

After the required liquid and air flowrates were set, 
and the pressure transducer readings had stabilised, 30 
samples of the signal from each transducer were 
recorded by the computer, at intervals of 0.64s. The 
mean of these readings was used for further calculation. 
A correction was applied to the pressure difference 
measured by transducers (iv) and (v) to allow for the 
difference in height of the pressure tappings for these 
transducers. The pressure difference measured was in- 
creased by the product of the gas void fraction in the 
downstream flow and the vertical distance betwen the 
pressure tappings for each transducer. This correction 
was usually negligible for transducer (iv), but at low 
liquid velocities and high gas void fractions was a 
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Figure 2. Variation of two phase pressure drop with upstream gas void 
fraction for various orifice sizes and liquid velocities. Data are 
air—water . D,=28.6mm, V,=0.3lms air—water @, 
D,=38.lmm, V,; =0.50ms air—water . D,=56.8mm, 
V, =0.65 ms '; air—water §§, D) = 50.8 mm, V, = 0.53 ms‘; air—100 
ppm BSA soln x, D, = 38.1 mm, V, =0.45ms 
supernatant +, D 38.1 mm, } 0.33 ms 
equation (3) are also shown 


: air—fermentation 


' The predictions from 


substantial part of the overall pressure loss measured by 
transducer (v). 

The range of measurements in the present work was 
restricted by several factors, as follows. The maximum 
and minimum differential pressures were limited by the 
pressure transducers and the void fraction correction 
described above. The capacity of the liquid storage tanks 
and the disengagement tank restricted the maximum gas 
and liquid flowrates and hence the range of orifice and 
nozzle sizes. 


RESULTS 

Figure 2 shows the variation of AP;p/AP, with gas 
void fraction for air—-water, air-BSA_ soln and 
air—fermentation supernatant for the different orifice 
sizes over a range of liquid superficial velocities. There 
is no significant dependence of the results on the orifice 
diameter or liquid velocity. The predictions of equation 
(3) are also shown. The solution of 100 ppm BSA and 
the fermentation supernatant gave results in agreement 
with those for water, see Figure 2. However, with BSA 
solution bubbly flow was maintained up to high void 
fractions and hence the range of data could be extended 


as shown in Figure 2. For the orifice plates the ratio of 


the overall pressure loss (transducer (v)) to the vena 
contracta pressure drop (transducer (iv)) lay within 
+ 15%, of the theoretical value given in BS1042 over the 
range of ¢ used in these measurements. Thus the presence 
of the gas bubbles does not affect the pressure recovery 
downstream of the orifice plate, even though the pres- 
sure drop at the vena contracta is higher than with single 
phase flow. 

The variation of AP;p/AP, with gas void fraction for 
similar flowrates of the different liquids through the 
30 mm dia. nozzle is shown in Figure 3. The different 
liquids do not give significantly different two-phase 
pressure drops, although the fermenter supernatant 
results are slightly lower. 

A comparison between the results on Figure 3 and 
those in Figure 2 for the 38.1 mm dia. orifice, which at 
a given V, has the same single phase pressure drop as the 
30mm dia. nozzie, shows that the two-phase pressure 
drop for the nozzle at given ¢ and U, is much larger than 
for the orifice. Likewise the data in Figure 4, for nozzles, 
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Figure 3. Variation of two phase pressure drop with upstream g 
fraction for the 30mm nozzle and various liquids. Data 
air—water, J 0.47ms~'; air-100 ppm BSA 

V, =0.45ms air—fermenter supernatant, } 0.47 ms 
figures given for V, are approximate with slight variation fron 
to point due to the batch nature of the experiments. The value of 
was determined exactly at each data point. The predictions 
equation (3) are also shown 


Upstream gas void fraction 


Figure 4. Variation of two-phase pressure drop with gas v O1 
for different nozzles and liquid velocities. Data are for: air—-100 ppn 
BSA soln, D, = 30mm; x, V, =0.34ms } 0.45ms 

air—water; , D,=ADmm, | 40 mn 
V, =0.54ms The predictions from equation (3) are shown 


0.52ms 
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lie above the curve representing equation (3); but all six 
sets of data points in Figure 2, for orifices, lie below the 
curve representing equation (3). Hence it appears that 
the two-phase flow pressure drop is appreciably higher 
for nozzles than for orifices for a wide range of condi- 
tions. 

Figure 4 shows the effect of nozzle size and liquid 
flowrate on the two-phase pressure drop. Although the 
range of liquid flowrates and nozzle sizes is limited and 
deductions are therefore uncertain, it appears that 
AP,»/AP, for the 30mm dia. nozzle increases with 
increasing V, ; at the same V,, APyp/AP, for the 30 mm 
dia nozzle is consistently higher than for the 40 mm dia 
nozzle. For the nozzles, the ratio of the overall pressure 
loss (transducer (v) Figure 1) to the vena contracta 
pressure drop (transducer (iv) Figure 1) was equal to the 
theoretical ratio’ for ¢ < 0.05; this ratio increased with 
gas void fraction, so that for the 30mm dia. nozzle at 
¢ =~ 0.2 it was 5—7°%, higher and at e ~ 0.4 it was 15% 
higher than the single phase ratio, i.e. the pressure 
recovery was reduced. 


THEORY 
The theories outlined in the introduction do not 
predict correctly APyp/AP, for either the nozzle or the 
orifice plate, nor do they allow for the observed variation 
with liquid velocity and nozzle diameter. 
A simple theory for the two phase pressure drop 
across the nozzle can be derived from an energy balance, 
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Figure 5. Comparison of the theoretical and measured two-phase 
pressure drop for the 30 mm dia nozzle. (1) and (2) are the theoretical 
predictions for compressible and incompressible gas flow based on an 
energy balance across the nozzle, as described in the Appendix. (3) is 
equation (3), (4) and (5) are the predictions from equations (8)(11) 
with t,, = 500 ugp, eA and 200 u;p, eA, and V, = 0.45ms ~', (6) is the 
prediction from equations (7), (9)}(11) with t,, = 500 ujp,¢A. The 
data shown [J are for air — 100 ppm BSA soln with V, = 0.45ms 





and is described in the Appendix. Figure 5 compares 
AP+»/AP, caiculated from this analysis, for both com- 
pressible and incompressible flow of the gas, with mea- 
surements made for the 100 ppm BSA solution. This 
model gives the correct trend for the data but there is a 
considerable discrepancy between the predictions and 
the data. 

A more detailed analysis of the flow can be made by 
considering the relative motions of the two phases, a 
‘drift flux’ model. The motion of a gas bubble in an 
accelerating inviscid liquid has been studied by several 
workers. Gutti* gives a theoretical analysis for a linearly 
accelerating liquid flow, while Salih’ presents mea- 
surements of the acceleration and terminal velocities of 
single bubbles in a uniform pressure gradient, and 
Thomas et al® describe a more general theory for non- 
uniform unsteady flows. The bubble acceleration is 
determined by the ‘added mass’ effect derived from a 
potential flow analysis. Thus, for a single bubble in a 
steady one-dimensional pressure gradient, dP/dx 

-C dup _ dP f 

Up vmP 1 _ Vy - = 
where v, is the bubble volume, C,,, is the added mass 
coefficient, up is the bubble velocity relative to the liquid 
and Tt, is the drag force on the bubble. The inertia of the 
gas in the bubble is neglected. For a spherical bubble 
Lamb’ gives C,,,=0.5 and this value is used in the 
analysis. There is some contention about the 
modification to equation (4) for bubble motion in an 
accelerating liquid flow. Thomas et al® give the steady 
state bubble motion as 


C { duc du, dP 
Vy vm PI | UG — Uy Sree = tp 
dx dx 


where Up = Ug — U,, Ug is the absolute bubble velocity, 1 
is the absolute liquid velocity. Equation (5) predicts that 
the slip velocity of a bubble increases as the liquid is 
accelerated, and in the absence of drag the bubble 
acceleration is three times the liquid acceleration, as 
noted by Batchelor’. Substituting ug = ug + uy, IN equa- 
tion (5) gives 


(4) 


(5) 


- Tp (6) 


dup du, | - dP 


Up C vmnP1 | (Up + uy ) _* lip rs 


Wallis’ and others suggest that equation (5) should be: 


dx 


duc du dp 7 
I ) = I tp (7) 


—4 
dx dx 


However, the difference is not of major importance in 
the present analysis and the two phase pressure drop for 
bubbly flow through a nozzle calculated from either 
equation (6) or equation (7) was virtually identical, see 
Figure 5; the analysis is described in detaii only for 
equation (6). Consider a bubbly gas liquid mixture with 
gas void fraction é flowing upwards through a nozzle of 
varying cross sectional area A. If at a given cross-section 
all the bubbles move with the same absolute velocity, 
from equation (6) 


UC mP1 | UG Vy dx 


dup du, dP 
AEP, Cym| (Up + Uy) + Up = E. 

" dx dx dx 
where t,, 1s the drag on the gas bubbles. 
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For the liquid: 


du, dP 
(l—e€)p,A = 


dy ax -e)A—pyg(l—2)A +t, 


f dup du; 
+ €EApy Cym| (Up + Uy) q 


+ Up 


dx 
and combining with equation (8): 

du; dP | 
dx dx (1 —¢) 


From continuity for the gas assuming isothermal flow, 
so that the gas density is proportional to the pressure P, 


PLY PL& (9) 


AéP (ug + uy, ) = constant (10) 
and for the liquid 
A(| — €)u, = constant (11) 


If t,, is known, equations (8)-(11) can be solved to give 


P, &, Up and uw, along the nozzle. For the assembly of 


bubbles making up « 
T1GOX = i PI URa, Cy 


where the summation includes all the bubbles in the 
volume Adx, a, is the frontal area of an individual 
bubble and C, is the associated drag coefficient. 
Assuming all bubbles to be spherical and the same 
diameter, d,. 


Tig= 3p; uRCpeEA 4d, 


As neither C, for single bubbles in an accelerating flow 
nor the variation of C, with ¢ at constant liquid velocity 
is reliably known, an approximation is used for t,,,. For 
single air bubbles in water, with 10° < Re < 10°, Har- 
tunian and Sears” give C,~2. From 
d, ~ 3-8 mm, giving 


observation 
Ticg= (200 500)uR p; eA 
For this range of t,, the two phase pressure drop 


obtained by solving equations (8)-(11) only varies 
slightly for ¢ < 0.4. The equations were solved for the 
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Figure 7. Comparison of theoretical analysis ft 
with measurements from 30mm and 40mn 
surements shown are D, 
D, = 40 mm J 
D,, = 30mm, | 0.52ms 
D, = 40mm, } 
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U0.65ms 
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flow conditions upstream of the nozzle, assuming an 
initial bubble slip velocity of 0.2ms The pressure 
upstream of the nozzle was calculated to include the 
overall pressure loss for the nozzle and the change in 
hydrostatic head due to the downstream gas void frac- 
tion. The changing flow area through the nozzle was 
calculated from the nozzle shape, and for the entrance 
region where the flow is not constrained by the pipe wall 
or nozzle the flow area was taken to converge linearly 
over , column diameter to the area at the entrance to the 
nozzle. This region was not critical in determining the 


25 


Gas void fraction 


Figure 6. Variation of bubble slip velocity and gas void fraction through the 30 mm dia nozzle, calct 


llated [rom equatio 


are to scale but horizontal lengths are compressed. The data are for an upstream gas void fraction of 0.2 with different 


Tig = 500 uRp,eA and | 0.3ms~' and 0.6ms 


a te 
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overall pressure drop. Varying t,, 1n the range (200-500) 
upp,.eA had a small effect on the predicted pressure 
drop, shown in Figure 5 but caused a significant change 
in the calculated bubbie slip velocity during the passage 
through the nozzle, as shown in Figure 6. For still liquid 
this range of ti, bubble rise velocities 
0.22-0.14ms~‘ and hence there 1s a slight inconsistency 
with the assumed bubble slip velocity of 0.2ms~'. For 
the remaining calculations t,, = 500ujp,¢A was used. 
The increase in gas void fraction at the throat of the 
nozzle is because (1) the proportional increase in absolute 
gas velocity (uw, + upg) at the throat is less than the 
proportional increase in the liquid velocity and (ii) 
expansion of the gas due to the iower liquid pressure. 

Figure 7 shows a further comparison of the above 
analysis with AP;,»/AP, measured for the 30mm and 
40 mm dia nozzles. The theory does predict correctly the 
variation in two phase pressure drop with liquid velocity 
and nozzle size shown by the data in Figure 4. For 
incompressible gas flow the ratio AP;p/AP, from the 
above analysis is reduced, although it is still considerably 
larger than predicted by the energy balance analysis in 
the Appendix; the difference arises from energy losses in 
the bubble wakes, vu, = 0.2 ms~' being appreciably less 
than up, see Figure 6, for the range of expressions used 
for tT, 


gives 


DISCUSSION 
As a result of the theoretical analysis described above, 
it is possible to estimate with reasonable accuracy the 
pressure drop for bubbly gas-liquid flow through a 
nozzle whose shape is known. Significant defects in the 
theory include (i) uncertainty about the virtual mass 
term in equation (5) and (ii) the lack of any allowance 
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for interaction between the gas bubbles; the single 
bubble drag coefficient and virtual mass coefficient were 
used. Part of the discrepancy between the theory and the 
experimental results arises from additional energy losses 
within the nozzle, e.g. wall friction. For the measure- 
ments with the orifice plate, where there is no wall 
friction, the two-phase pressure recovery is identical to 
the single phase pressure recovery. For the nozzle, 
however, part of the two-phase pressure drop at the end 
of the nozzle will include a term for non-recoverable 
energy losses, e.g. wall friction in the nozzle which is 
considerably larger for two phase flow than for single 
phase flow due to the increased friction factor and liquid 
velocity. These will cause the observed reduction in 
pressure recovery. 

The measurements of AP;p/AP, for the nozzles are 
made under conditions where the two phase flow 1s 
constrained to follow a narticular path. 

If the flow pattern through an orifice for a gas—liquid 
mixture were the same as for single phase flow, 
AP;p/AP, would be the same as that for the nozzle 
(neglecting friction losses). The cause of the greatly 
reduced pressure drop with the orifice, as compared with 
the corresponding nozzle, is almost certainly due to an 
expansion of the flow immediately downstream of the 
orifice plate, i.e. the two phase contraction coefficient is 
larger than the single phase contraction coefficient. The 
higher contraction coefficient for the orifice is suggested 
by the flow patterns shown in Figure 8: the photographs, 
and direct visual observation, suggest a larger diameter 
of the vena contracta for bubbly flow, as compared with 
single phase flow; this implies a larger discharge 
coefficient for bubbly flow. Further evidence for this 
explanation is the close agreement between the ratio 
(overall pressure loss)/(vena contracta pressure drop) for 


(b) 


Figure 8. Comparison of upward liquid and gas-liquid flow through a ‘half orifice’ shown in Figure 9. (a) Flow of water containing flow 
visualisation particles illuminated from the side by a narrow beam of light to show only the flow next to the front wall; } 
of air and water illuminated from the front to show flow next to the front wall; V, 
of the orifice 


0.2ms (b) Flow 


0.2ms~' and ¢ ~ 0.08. The white lines indicate the edges 


Chem Eng Res Des, Vol 63, May 1985 





FLOW THROUGH ORIFICE PLATES AND NOZZLES 155 


b+ ——————_ 445 


REAR WALL _ 


-- 


FRONT WALL ke 635 > 


Figure 9. Plan view of the ‘half orifice’ shown in Figure 8, not to scale, 
with the dimensions in mm. The holes were made in a sheet of 1.5 mm 
thick aluminium sheet. The hatched area is the part illuminated for 
liquid only flow, Figure 8(a). The additional cut out areas, shown by 
( x y, were to reduce the pressure drop and prevent the flow through 
the half orifice attaching itself to one of the bubble column side walls 


the two phase flow and the theoretical value for single 
phase flow. The low two-phase pressure drop cannot be 
due to a large increase in the gas void fraction down- 
stream of the orifice plate, as observed by Petrick and 
Swanson" for a sudden expansion of a two phase flow, 
because it would not have a significant affect on the 
vena-contracta pressure drop. Although other workers 
e.g. Simpson et al'-, have commented on the low two- 
phase pressure drop obtained for an orifice plate no 
explanation has yet been provided. 

The increase in discharge coefficient was estimated to 
be from 0.61 to 0.75—0.8 over a range of gas void fraction 
0—0.4. The increase may be due to gas bubbles breaking 
up the shear layer around the jet from the orifice, 
preventing full contraction of the flow. This effect is 
shown in Figure 8. The photographs show upward flow 
through a ‘half orifice’, described in Figure 9, located in 
a rectangular perspex bubble column, 445 mm x 72 mm 
Figure 8(a) shows the flow next to the front wall for 
water containing flow visualisation particles, and the 
contraction of the flow downstream of the orifice can be 
clearly seen. Figure 8(b) shows the same liquid flow with 
a gas void fraction of 0.08. Although the flow pattern is 
not clearly defined, there appears to be less flow con- 
traction than for the liquid only flow. On the other hand 
it may be that the vena contracta for the liquid flow has 
much the same size as for single phase flow, but the gas 
bubbles escape into the slow moving liquid around the 
liquid jet. This effect would also reduce the discharge 
coefficient by lowering the void fraction in the flowing 
liquid at the vena contracta. 

It should be noted that in the present work the high 
pressure drop for gas-liquid flow through the nozzie is 
partly due to the low pressure of the experiments, which 
allows considerable expansion of the gas in the acceler- 
ating liquid. 


CONCLUSIONS 


Measurements of the two phase pressure drop for 
bubbly gas-liquid flow at atmospheric pressure though 
a nozzle or orifice plate have shown that it cannot be 
predicted by existing correlations. For an orifice plate 
and nozzle which at a given liquid flowrate have the 
same single phase pressure drop, the two phase pressure 
drop for the nozzle is considerably higher than that for 
the orifice plate at the same gas and liquid flowrates: e.g. 


at a gas void fraction of 0.4 the two phase pressure drop 
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for a 30mm dia nozzle is twice that for a 38.1 mm dia 
orifice plate. 

The measured two-phase pressure drop for the nozzle 
agrees reasonably with a theoretical analysis based on 
the motion of a single gas bubble in an accelerating 
liquid flow. This analysis also predicts correctly the effect 
of varying the liquid flowrate and nozzle diameter. The 
lower two phase pressure drop for an orifice is attributed 
to a larger contraction coefficient, which increases the 
discharge coefficient for two-phase flow; the estimated 
increase is from 0.61 to 0.75—0.8 over a range of gas void 
fraction 0—0.4. 

Thus, in attempting to calculate the two-phase pres- 
sure drop for bubbly flow through pipe fittings, attention 
must be given to the geometry of the fittings. In partic- 
ular, sharp edged contractions or expansion may lead to 
much lower pressure drops than would be expected from 
a direct comparison with single phase flow. 

The pressure recovery downstream of the orifice plate 
for two phase flow agreed closely with the theoretical 
value for single phase flow, while for the nozzle the 
recovery was less at higher gas void fractions 


APPENDIX 
From an energy balance for two phase flow through 
a nozzle between section 1, which is upstream, and 
section 2, the throat, with constant bubble slip velocity 


Us 


Pi €\(Uy; + Us)A, + 5p, Uj, ,u4,A,(1 


T Pit A,(u; T 


a volume balance for the liquid gives 
)=u,>A(1 
For incompressible gas flow 
(A3) 


(uy, + Us) A,&, = (U2 + Us) ADE 


For isothermal gas flow, so that the density is propor- 
tional to the pressure 


(u,,; +uUs)A,e,P (A4) 


Combining and rearranging equations (Al), (A2) and 
(A3) gives, for incompressible flow, 
p.(l — &, (uj uj)) 


P,—P 


and 


u 
— (A6) 


u, A.[1 — (u,, + us JA: 


Equation (A6) can be solved explicitly to give u,,, and 
hence P,—P, can be calculated. For isothermal gas flow, 
equations (Al), (A2) and (A4) give 


P,-—P py (uj uj)) 


(u,> + Us) A>] 


(A7) 
Equations (A2), (A4) and (A7) are implicit in P,, 2, and 
u,, and can be solved by simple iteration 
solution, u. was taken as 0.2ms 


For their 
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NOMENCLATURE 


area of nozzle at distance x 
frontal area of bubble 
bovine serum albumin 
bubble drag coefficient 
bubble virtual mass coefficient 
bubble column diameter, 95.2 mm 
nozzle throat dia 
orifice diameter 
bubble diameter 
gravitational constant, 9.81 ms 
pressure in liquid at distance x 
overall pressure loss 
two phase pressure drop at the vena contracta 
pressure drop at the vena contracta for liquid only flow 
pressure loss with total mass flow as liquid 
pressure drop at the vena contracta for gas only flow 
mass flow of gas/total mass flow 
time 
absolute gas velocity at distance x 
absolute liquid velocity at distance x 
bubble velocity relative to liquid at distance x 
bubble slip velocity in appendix 
bubble volume 
liquid superficial velocity in the bubble column 
distance through the nozzle 
Greek letters 
gas void fraction 
drag force on single bubble 
drag force of the liquid on the gas per unit length of flow 
parameter in equation (1) 
liquid density 
Pc gas density 
Subscripts (for Appendix ) 
l variables at section | 


~ 


2 variables at section 2 
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MIXING OF STRATIFIED LIQUIDS 


By S. W. AHMAD, B. LATTO and M. H. IL. 


BAIRD 


Faculty of Engineering, McMaster University, Hamilton, Ontario, Canada 


The batch mixing of initially stratified layers of hot water and cold salt solution has been studied. The experiments were carried 
out in baffied tanks of diameters 28.8 and 90cm employing centrally-mounted marine propellers. The mixing times were 
measured from thermocouple records taken at different positions in the tanks. It was observed that mixing takes place mainly 
by a mechanism of scouring or erosion of interfaces between liquids of unlike density. The mixing times depend on propeller 
size and rotational speed, initial density difference and vessel geometry. These effects are combined in a single dimensionless 
correlation of the mixing time data. A simple correlation for the energy efficiency of mixing (at low propeller speeds) is also 


given. 


INTRODUCTION 


Mixing of liquids is one of the most common operations 
in the chemical industry. It eliminates discontinuities or 


gradients of physical or chemical properties in a mass of 


liquid by promoting turbulence and circulation within 
the mass of liquid. The two factors which determine the 
efficiency of any particular method of mixing are the 
mixing time and the power consumption. In order to 
determine the mixing time, a criterion for the completion 
of mixing has to be defined. This often involves a 
subjective decision based upon the observation of one or 
more state variables during the mixing operation. The 
State variables chosen by previous workers include 
colour’, density’, electrical conductivity’, refractive in- 
dex as observed by the disappearance of schlieren 
patterns*, and temperature’. 

The mixing of two layers of liquid, which are initially 
in a state of stable stratification, results in an elevation 


of the centre of mass and therefore an increase of 


potential energy, which represents the theoretical min- 
imum energy (£,) required for the mixing process. This 
can be calculated as follows*”. 


E.=3~ (1 —wW)VH(p,— p,)g (1) 


For a particular mixing process, an energy efficiency 
can be defined as the ratio of E, to the actual measured 
energy (power input x mixing time) for the completion 
of mixing and could form the basis of a comparison of 
the various methods of mixing of stratified liquids. 

The power consumption in mixing has been exten- 
sively studied*’ and does not appear to be influenced by 
small density differences between two initially dissimilar 
liquids’. However, density difference could have a 
significant influence on the mixing time. 

Most previous studies on mixing deal with the dis- 
persion of a small initial local discontinuity of the 
properties (e.g., pulse injection of tracer) throughout the 
mass of liquid. Surprisingly, little has been reported 
about the commonly encountered problem of the mixing 
of two large volumes of initially stratified liquids. An 
important exception is the work of Van de Vusse*, who 
reported extensive results on mixing of stratified liquids 
using different types of agitators. Van de Vusse 
confirmed that the initial density difference had a major 


effect on mixing time and derived correlations between 
mixing time and other mixing parameters. However, this 
important paper lacks some essential details about the 
various parameters involved in the correlations (e.g., 
scale effect, direction of impeller rotation, etc.). It also 
does not throw any light on the mechanism of mixing of 
stratified liquids. Oldshue et al? studied stratified liquid 
mixing in very large storage tanks agitated by side- 
entering propellers. Rohatgi et al® used vortex rings to 
mix stratified liquids in a 120 L tank and concluded that 
this method was much more energy-efficient than pro- 
peller mixing 

The experiments described in this paper were intended 
to investigate the nature of the mixing process for 
stratified liquids, as well as to determine mixing times 
under different test conditions. Propeller agitators were 
used in all the experiments which were conducted in 
baffled cylindrical tanks with immiscible liquids of 
different densities but approximately the same viscosity 
The visual appearance of the mixing process was 
recorded on videotape and movie film. Finally, a func- 
tional relationship was obtained between two dimen- 
sionless parameters which correlate mixing time and 
other variables of the process, including vessel geometry 
relative to impeller diameter 


APPARATUS AND PROCEDURES 


The experiments were conducted with two cylindrical 
flat-bottomed baffled tanks using three square pitched 
marine type propeller agitators. Four wooden baffles 
attached to a wooden circular plank resting at the tank 
bottom were installed in the large tank (7 = 90cm), 
while for the small tank (J = 28.8 cm), the four baffles 
were made of perspex strips glued to the bottom of the 
tank. Figure | shows the details of the experimental 
set-up and Table | gives the important dimensions of the 
tanks and propellers. A shunt wound D¢ 
used to drive the agitator shaft. The motor speed could 
be varied by varying the armature voltage using a 
transformer-rectifier variac 

To prepare the initial stratified liquid layers, the 
required volume of cold sodium chloride solution was 
first pumped into the tank. A foam rubber sheet was 


motor was 
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Figure 1. Experimental apparatus (90cm diameter tank) 


1. Support framework 
Motor support 
D.C. Motor 
Tank 
Baffle assembly 
Propeller 
Drive shaft 
Lower bearing block 

). Intermediate bearing block 
10. Upper bearing block 


floated over the salt solution and hot tap water was 
carefully poured over the sheet which was then slowly 
withdrawn to leave the top layer separated from the 
bottom layer by a sharp ‘interface’. One of the layers was 
dyed in the case of the experiments with the small tank. 
which were recorded on videotape or movie film. Six 
copper constantan thermocouples were placed at various 


11. Coupling 

12 Tachogenerator 

13. Tachogenerator coupling 

14. Thermocouples 

15. Reaction arm 

16. Transducer 

17. Surface of light liquid 

18. Initial interface between light and heavy liquids 
(always at half of the total liquid depth) 


locations in the large tank, while in the small tank, two 
thermocouples were used, one near the tank bottom and 
another just below the top surface of the liquid. 

In all the experiments, the propeller was located above 
the interface. Clockwise rotation of the 15.3 cm diameter 
propeller at speeds of 400, 460 and 590 rpm was first 
used in the experiments with the large tank. The primary 
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Table |. Details of experimental conditions 


Tank diameter (cm) 

Propeller diameter (cm) 

Axial length of propeller (cm) 
Width of baffle (cm) 
Thickness of baffle (cm) 

Total volume of liquid (L) 
Depth of liquid (cm) 


Large tank Small tank 
90 2&8 


21.6 7.24 


500 
78.6 


Height of propeller above initial interface (cm) 14.6 


*Tank partly filled 


flow created by the clockwise rotation was directed 
upwards away from the ‘interface’, and the density of the 
salt solution was varied in each test run. The range 
covered was 1007.2 < p, < 1106.2kgm~°. The opposite 
flow direction (downward) was used in the remainder 
of the experiments in which the propeller rotation 
was anticlockwise (as seen from the tank bottom) 
For D=15.3cm, the speeds were 225, 330, 445 
and $90rpm and 101I5<p,<1110kgm~~*. For 
D = 21.6cm, the speeds were 155 and 225rpm with 
1020 < p, < 1113 kgm 

For the small tank of diameter T = 28.8 cm, two sets 
of experiments were conducted, one with V = 18.52 L 
and the other with V = 22.84L. For both conditions 
D =7.24cm. Most of the tests were conducted at 330, 
450 or 590 rpm. The direction of roiation of the pro- 
peller (anticlockwise as seen from the tank bottom) was 
such as to generate the primary flow towards the inter- 
face. The values of p, used for each propeller speed were 
1077, 1053 and 1084kgm 


Visual Appearance of Mixing Process (small tank) 

Movie film and videotape records of experiments on 
mixing of stratified liquids give an insight into the 
mechanism involved and show the shape and the posi- 
tion of the interface as the mixing proceeds. The direc- 
tion of rotation of the propeller was always such as to 


create a primary flow towards the interface. At moderate 
propeller speeds, the flow field created by the propeller 
rotation is not able to penetrate the interface. Con- 
sequently, there is no convective transportation of the 
fluid across the interface and mixing occurs only by the 
turbulent erosion of this primary interface, which is 
shown as P in Figure 2. The interface P gradually moves 
towards the bottom of the tank and disappears at the 
tank bottom. A discontinuity of density develops be- 
tween the lighter layer of liquid above the propeller and 
the well-mixed lower layer, leading to the appearance of 
a secondary interface, S, as shown in Figure 2. The well 
mixed region is, therefore, confined between these two 
interfaces which move apart as the mixing progresses 

At a sufficiently high rotation speed, the primary 
interface is quickly broken by the liquid discharged from 
the propeller. The lighter liquid is mixed rapidly with the 
denser liquid in the lower layer. The secondary interface 
S soon appears near the propeller and moves slowly 
upward (see Figure 2). The overall mixing time is 
controlled mainly by the speed of movement of this 


secondary interface which is governed by the erosion by 
the propeller flow field 

In both cases mentioned above, there is a considerable 
decrease in the speed of the secondary interface, as it 
rises above the propeller 


[his is perhaps due to an 
increase in the suction-to-discharge flow short circuit (to 
be discussed again later), which inhibits the erosion of 
lighter liquid 
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Figure 2. Sketch showing approximate positions of primary interface (P) and secondary 
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It is thus clear that mixing by convective trans- 
portation of liquid is predominant at high propeller 
speeds, while at low and moderate speeds turbulent 
diffusion would assume greater control of the process. In 
both cases, once the secondary interface rises above the 
propeller, the turbulent diffusion (erosion) will have 
increasing influence on the further movement of the 
interface. Locating the propeller nearer the initial inter- 
face would tend to extend the convective flow field 
further down in the denser liquid, resulting in a lower 
mixing time as far as the primary interface is concerned. 
However, it will also increase the region above the 
propeller where turbulent diffusion (erosion) becomes 
significant. The greater importance of this slower process 
tends to increase the mixing time. The two effects 
combined together might result in the mixing time 
becoming insensitive to the exact vertical location of the 
propeller inside the intial top layer of the liquid. 


Estimation of Mixing Time 

Uniformity of temperature at various points of the 
liquid being mixed was selected as the criterion for the 
completion of mixing. The temperatures were deter- 
mined by thermocouples and were recorded on chart 
recorders. There was an initial temperature difference 
between the layers of cold (approximately 12°C) sodium 
chloride solution and hot (approximately 50°C) tap 
water. The chart drives of the recorders were started 
simultaneously with the start of the agitator motor: 
typical outputs of the temperature recorders from 
different thermocouples are shown in Figure 3. The 
temperature traces indicate that the mixing proceeds 
rapidly in the bottom layer (denser liquid). In contrast, 
there is a delay in the start of any temperature changes 
at the location in the top layer (lighter liquid). The time 
delay depends not only on the location of the point 
under observation, but also on the density difference and 
the propeller speed. Once the temperature change starts 
at a particular point, it occurs rapidly for a short time 
corresponding to the movement of the interface past the 
point. Thereafter there is a more gradual variation until 
the overall completion of mixing. This is in line with the 
observed movement of the interface described earlier. 

From the temperature chart, it is easy to measure the 
time at which the mixing starts at any point under 
observation (40 seconds and 205 seconds in the two 
traces shown in Figure 3). However, the end of mixing 
is not quite so clear. It is difficult to conclude exactly 
when the temperature becomes constant with time, and 


a subjective decision on the time for the completion of 


mixing is almost always necessary. For example, ripples 
on the temperature traces observed after the temperature 
had attained a steady mean value were disregarded and 
it was concluded that the mixing was completed as soon 
as the temperature attained the steady mean value. 
Preliminary tests revealed no radial variation of tem- 
perature at a particular height from the tank bottom. 
Furthermore, it was observed that the completion of 
mixing could be determined equally well from the tem- 
perature traces for thermocouples located near the bot- 
tom of the tank or near the top surface of the liquid. 


TEST RESULTS 

The results may be presented simply as graphs of 
mixing time /,, against the relative density difference 
(Ap/p). Figure 4 shows the results of experiments with 
the large tank in which the propeller rotation creates a 
primary flow directed away from the interface. The 
curves show that for a constant Ap/p, t,, decreases as N 
increases from 400 rpm to 460 rpm. However, for N 
increasing from 460 to 590 rpm, ¢,, surprisingly increases. 
This anomaly might be explicable in terms of the flow 
pattern generated by the propeller. Rushton et al’ ob- 
served a radiai-axial flow pattern, as shown in Figure 5. 
Because in this case the main flow direction is upwards, 
i.e. away from the interface, the scouring of the interface 
depends on the return flow pattern beneath the impeller. 
Flow across the interface occurs inwards from the 
periphery to the centre of the vessel cross-section. The 
inward flow could be affected by the pressure gradient 
depicted in Figures 6(a) and 6(b). The negative pressure 
in a region upstream of the propeller will increase with 
propeller speed. It will induce a radial flow towards the 
centre of the tank cross-section. Thus, the downward 
moving liquid in the return stream could be drawn to the 
centre of the tank between the propeller and the inter- 
face. Consequently, the return stream will not only set 
up a suction-to-discharge short circuit of the flow, but, 
because of its downward axial velocity component, will 
also oppose the upward movement of the denser liquid 
(Figure 6(4)), resulting in high mixing times. Further- 
more, at high propeller speeds the free surface could be 
distorted due to the impact of the fluid stream, resulting 
in the formation of surface waves and a loss of kinetic 
energy leading to increased mixing time. Thus, the 
propeller rotation which creates flow away from the 
interface results in adverse suction-to-discharge flow 
short circuits and loss of energy, which show up in 
increased mixing time. Further experiments were there- 
fore conducted with propeller rotations which create 
flow towards the primary interface. For this case, the 
variation of mixing time with relative density difference 
in the large tank is plotted in Figure 7. The values of 
mixing time calculated from the correlation of Fox and 
Gex', which are also shown in Figure 7, are consistently 
higher. This may be due ito the fact that the Fox and 
Gex' correlation is valid for unbaffled mixing tanks. 


MODEL DEVELOPMENT 

The many variables of any chemical process can be 
conveniently related by using suitable dimensionless 
parameters. Van de Vusse* derived dimensionless param- 
eters and combined them to arrive at two parameters to 
relate all the variables invoived in the mixing of stratified 
liquids. The Richardson number Ri, defined as 
(ApgH /pN°D*), which gives the ratio of the increase in 
potential energy due to mixing (equation (1)) to the 
kinetic energy supplied by the agitator, was selected as 
the independent variable. The dimensionless mixing 
time, t =1,,ND°S/V, was selected as the dependent 
variable. Since the dimensionless time as expressed 
above represents the ratio of the pumping capacity of the 
propeller to the volume of liquid in the tank, its form 
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Figure 4. Mixing times with primary flow directed away from initial interface 


T =90cm, H = 78.6cm, D = 15.3cm 
Symbol A 
N (rpm) 400 460 590 


was retained even though the diameter D and pitch S 
were equal in all the present experiments. 
For the large tank (T = 90cm), t is plotted against 
Richardson number in Figure 8, for experiments with 
both sizes of propeller used. The data points for the two 
propellers fall on two different curves which appear to 
\— propeller merge together for low values of the Richardson num- 
ber. The Van de Vusse* data for similar test conditions 
are also plotted in Figure 8. For corresponding Rich- 
ardson numbers, the t values obtained by Van de Vusse 
are much higher than those obtained in the present 
experiments. The direction of propeller rotation and 
Figure 5. Flow pattern around propeller (Rushton et al’) other details of the test parameters in the Van de Vusse 


(a) (b) 


N=400rpm N=460rpm 
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Figure 6. Suggested flow patterns and pressure profiles at different impeller speeds giving anomalous mixing time data 
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Figure 7 
T =90cm, H 
Symbol 
D(cm) 15.3 
V(rpm) 22 


78.6 cm 


Note: data points shown for Ap 


experiments are not available, and it is therefore difficult 
to explain the reasons for high values of t obtained in 
these experiments. However, the fact that the diameters 
of the tanks used in the Van de Vusse experiments (14.8 
and 21.5cm) were much smaller than those used in the 
present experiments may be one of the reasons for higher 
T. 

The two curves in Figure 8 for the two propeller 
diameters suggest a size effect which is perhaps related 
to the momentum imparted to the flow stream by the 
propellers. Since mixing of the stratified liquid occurs 
mainly at the interface, the momentum of the fiuid 
streams as they approach the interface is of major 
importance. Thus, both the initial momentum of the 
streams (near the propeller) and the decay of the mo- 
mentum have to be taken into account. The initial 
momentum depends on propeller diameter, while the 
decay of the momentum will depend on the distance of 
the instantaneous interface from the propeller. This 
distance in general is proportional to the total liquid 
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Mixing times with primary flow directed towards initial interface 


15.3 21.6 


S90 155 


6 are from Fox and 


depth H. The momentum near the interface will there 
fore decrease according to the dimensionless ratio of 
(H/D). The empirically determined form of the function 
was (H/D)° and this was used to 
Richardson number. A logarithmic plot of t against 
Ri(H/D) is shown in Figure 9, showing how the two 
data curves from Figure 8 are brought together 


modify the 


SCALE EFFECTS 
Experiments conducted on the small perspex tank 
(D = 28.8 cm) revealed further scale effects 


his is evi- 
dent from the data points for the small tank, plotted in 
Figure 9. The data points corresponding to the two tank 
sizes appear to fall on different curves, the small tank 
data points being above the data points of the large tank 
Since the liquid depth H is proportional to the minimum 
theoretical energy per unit volume required for mixing, 
it is evident that a function of the dimensionless number 
(H/T) will account for the scale effects. The actual form 
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Figure 8. Dimensionless mixing times as a function of Richardson number. T = 90 cm, H = 78.6cm. Symbols as in Figure 7 except §§ data of 
Van de Vusse | 
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Figure 9. Dimensionless mixing times as a function of modified Richardson number. Symbols as in Figure 7 except © T = 28.8cm, D =7.24cm, 
varicus N 
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Figure 10. Dimensionless mixing times as a function of overall Richardson number. Symbols as in Figure 7 


T = 28.8cm, D = 7.24cm 


Symbol v 4 > a e 0 


V (rpm) 315 330-350) = 450 =) 5580s other 


of this function was empirically found to be (H/T)* 
The Richardson number was therefore modified further 
by multiplying it by (H/T)°° and the resulting parame- 
ter, Ri(H/D)y* (H/T), was termed the overall Rich- 
ardson number, Ri,. A logarithmic plot of t against Ri, 
is shown in Figure 10. V and HF (and consequently, H 
and the (H/HF) ratio) were varied independently in 
experiments with the small tank, while they were held 
constant in all the experiments with the large tank. 

Since the mixing of a uniform density liquid (Ap—>0) 
still requires a finite mixing time, the log-log plots in 
Figures 8 to 10 can be expected to level off as Ri,—0. It 
is obvious that a linear plot of t against Ri, with a 
positive intercept on the t-axis will more usefully de- 
scribe the mixing process as Ri,—+0. Such a plot is shown 
in Figure 11 and it is observed that a straight line 
correlation fits the data points very well. A_ linear 
regression analysis provides the following equation for 
the correlation line 


t = 0.1361 Ri, + 1.6933 (2) 


The residual mean square error obtained from the 
regression analysis is 0.8155. 

The above equation suggests that for a single phase 
liquid (Ap = 0), the dimensionless mixing time with a 
propeller agitator will be about 1.7. This value is inferred 
for propeller mixing in baffled tanks, although it has not 
been confirmed experimentally with uniform density 
liquids. 
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OPTIMISATION OF ENERGY REQUIREMENTS 


The performance equation (2) obtained experi 
mentally may be used to calculate the total energy 
consumed during a given mixing process. For a 
pitch/diameter ratio of 1.0, the power number of a 
propeller at high Reynolds numbers is approximately 
0.3. Thus, 


P ~U 3 p \ D 
The energy required is therefore 
E = Pt,, = PtV(ND°S) (4) 


Substitution for t from equation (2) and P from equa 
tion (3) and simplification gives 


E =~ 0.0408(D/S)ApgVH(H-/DT) 
+0.51 pN°-D°V(\D/S) (5) 


Obviously, the total energy requirement can be reduced 
by operating at such low rpm that the second term Is 
negligible. The first term, however, remains independent 
of propeller speed; it is similar in form to equation (1), 
which may be rewritten for y = 0.5 as 


E, = 0.125 ApgVH (6) 


The energy efficiency n at low propeller speeds may be 
obtained by dividing E, by the first term of equation (5) 


n = E,/E ~ 3.06(S/D)(DT/H?) 7) 
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Figure 11. Dimensionless mixing times plotted linearly against overall Richardson number 


90cm, all D and N 
@ 7 =28.8cm, all N 


Clearly. the efficiency is greatest (i) at low propeller 
speeds. such that the second term in equation (5) is 
negligible, and (ii) for large diameter tanks and pro- 
pellers in relation to the liquid depth H. Typically in the 
present work, S = D, D/H =0.19, and T/H = 1.15, so 
at low rpm, the energy efficiency y is about 7°,. This 
compares quite favourably with values of 0.3°, to 1.1% 
obtained from the earlier literature by Rohatgi et al®; in 
those earlier cases, the D/H ratio was much smaller than 
that employed in this work. 

It is useful to have an expression for the mixing time 
in terms of power input per unit volume. At low rpm 
such that the second terms in equations (2) and (5) are 
negligible, an expanded form of equation (2) gives 

ApgH°V 
pN?DST? 


From equation (3), 


t., = 0.1361 (8) 


[P/V] =~ 0.3 pN°D*/I 
Hence 

ApgH' 
[P/V]D'°SsT* 

It can be seen that mixing time varies inversely with 

P/V for a tank and impeller of given dimensions. If the 
tank diameter, liquid depth and P/V are fixed, the 
mixing time varies inversely with the product D'°S. In 
the case where S = D, the mixing time at constant tank 
diameter, liquid depth and P/V, varies inversely as D~°. 
The effect of liquid depth is enormous; for a given 


t. = 0.0408 (10) 


volume of liquid, P/V and D/T ratio, it can be shown 
that the mixing time increases as the 8.5 power of H. 


CONCLUSIONS AND RECOMMENDATIONS 

(i) The preferred direction of rotation of a propeller 
agitator for mixing of stratified liquids is the one which 
creates a primary flow directed towards the initial inter- 
face. 

(ii) The mixing of the stratified liquids is characterized 
by the movement of the initial (or primary) interface and 
a secondary interface which develops a short time after 
the start of mixing. These two interfaces move away 
from each other as mixing progresses. Mixing is com- 
plete when both interfaces have disappeared. 

(iii) The mixing time increases linearly with the rela- 
tive density difference, with other conditions held con- 
Stant. 

(iv) Two dimensionless numbers, t(t = (1,,ND°S/V) 
and Ri, (Ri, =(ApgH |(pN°D))-(H*/DT)>»), correlate 
the mixing times with other parameters involved in the 
process. These two numbers have a linear relationship 
which is given by equation (2). 

(v) The energy efficiency of the mixing process is 
increased by operating at low rpm, with relatively large 
impellers and relatively low depth of liquid compared to 
the tank diameter. 


In the present experiments, the propeller Reynolds 
number was above 10,000 and consequently the effect of 
viscosity was expected to be insignificant. Experiments 
with two liquids having higher and perhaps significantly 
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different viscosities are required to examine the effect of 
viscosity on the mixing process. 

Since the flow pattern generated by an agitator is 
critical in determining the mixing time, experiments with 
agitators which create flow patterns different from that 


of a propeller will further increase the understanding of 


the mechanism of stratified liquid mixing. Also, the 
proximity of the bottom of the tank could affect mixing 
time if the propeller is located in the bottom layer. It 
would be fruitful to investigate this condition further 


SYMBOLS USED 


propeller diameter, m 

energy required for mixing, J 

theoretical energy of mixing, J 
acceleration due to gravity, ms 

depth of liquid in tank, m 

distance from impeller to initial interface, m 
rotational speed of propeller, rps 

power dissipation, W 

Richardson number = ApgH /(pN-D>-) 
overall Richardson number = Ri(H~*/DT) 
propeller pitch, m 

mixing time, s 

tank diameter, m 

volume of liquid in tank, m 

initial density difference = p p,kgm 
density of denser liquid kg m 

density of lighter liquid kgm 

volume fraction of lighter liquid 
dimensionless mixing time, ¢,,. ND-S/} 
energy efficiency of mixing = E/E 
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BOOK REVIEWS 


Convection Heat Transfer 
A. Bejan 

John Wiley, 1984 

pp. 469, £40.85 


This is a book that should be read by all people 
concerned with convection heat transfer. It puts into 
perspective the previous works and not only praises the 
good points of the investigations, but also highlights the 
shortcomings. This is a refreshing approach, which other 
authors would be wise to follow. Researchers should be 


advised to read it, because here is the critical analysis of 


classical scientific theories, which have been revered for 
years. The approach of the author is exemplified in the 
following quotation from the introduction to Chapter 2; 
‘As students and researchers, we can learn important 
lessons from the history of boundary layer theory. For 
example: 

1. No theory is perfect and forever, not even the 
boundary layer theory. 

2. It is legal and, indeed, desirable to question any 
accepted theory. 

3. Any theory is better than no theory at all. 

4. It is legal to propose a new theory or a new idea of 
any accepted theory. 

5. Lack of immediate acceptance of a new theory does 
not mean that the new theory is not better. 

6. It is crucial to persevere to prove the worth of a new 
theory.’ 
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It is necessary that lecturers should instill these six 
lessons in the minds of their students. The presentation 
of the material in this book is an excellent example of 
this approach. 

The fundamental principles are presented first and 
scale analysis is introduced here, because it is used 
extensively throughout the book. Also the concepts of 
streamlines and heatlines are presented as a means to 
illustrate the results of convection calculations. The next 
four chapters consider laminar boundary layer flow, 
laminar duct flow, laminar natural convection and natu- 
ral convection in enclosures, respectively. The next three 
chapters consider the transition to turbulence, wall 
turbulence and free-stream turbulence. Mass transfer is 
discussed after the turbulence and then two chapters deal 
with principles of convection through porous media and 
natural convection in confined porous media. Finally, 
a chapter on numerical methods in convection 1s 
presented. Each chapter is concluded by a list of sym- 
bols, reference list and a set of problems. The cost of the 
book will deter its use as a preferred course text book, 
but hopefully, a paper-back edition will be issued in the 
near future 
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APPLICATION OF TWO RESISTANCE 
MASS TRANSFER MODEL TO ADSORPTION 
SYSTEMS 


G. McKAY (MEMBER) and M. J. BINO 


Department of Chemical Engineering, The Queen’s University of Belfast 


The adsorption of phenol onto activated carbon and Astrazone Blue dye (Basic Blue 25) onto silica has been studied. Equilibria, 
batch contact and fixed bed systems have been studied and the effect of several variables have been reported; these include 
adsorbate and adsorbent concentrations (for batch studies), solution flowrate and adsorbent bed height for the fixed bed studies. 
4 theoretical mass transfer model reported previously (McKay. 1984) has been tested using the two adsorption systems. The 
model is based on external mass transfer and pore diffusion and used batch kinetic data to predict the performance of fixed 
bed column studies. A single pore diffusion coefficient has been used to correlate batch and column results for the adsorption 
of phenol onto carbon. However, in the case of Astrazone Blue adsorption onto silica, single but different pore diffusivities 


must be used for the batch and column studies respectively. 


INTRODUCTION 

Although several simplified design techniques are 
available’ for adsorption columns for the wastewater 
treatment engineer to use; a meaningful design pro- 
cedure should incorporate the mass transfer processes 
which are controlling the adsorption step. There are 
many papers relating to batch or column adsorption 
processes, some are based on a single resistance to mass 
transfer others on two resistance mass transfer. Internal 
mass transfer is usually considered as either pore 
diffusion or homogeneous solid phase diffusion. The 
literature work related to these studies has been reviewed 
in one or two comprehensive papers” © 

In order to test fixed bed models, extensive pilot plant 
tests are necessary, since few of the papers in the 
literature develop a model from small scale batch studies 
which may be extended and applied to the design of fixed 
bed adsorbers. Some workers have proposed models 
applicable to both contacting systems, and for single 
component” ’ and multicomponent adsorption In the 
work by Spahn and Schlunder® a graphical technique 
was adopted prior to analytical analysis to obtain an 
effective pore diffusion coefficient for batch adsorption 
systems. This procedure was time consuming and, due to 
Steep initial gradients on concentration decay curves, 
was inaccurate in several of the studies reported in this 
paper. A modification to the model proposed by Spahn 
and Schlunder was developed by McKay* enabling an 
effective pore diffusion coefficient for batch studies to be 
obtained rapidly. This diffusivity was then applied to 
fixed bed column studies to test the applicability of the 
model. 

Two systems were studied, namely the adsorption of 
phenol onto activated carbon and the absorption of 
Astrazone Blue dye (Basic Blue 25) onto silica. Both 
systems were studied 1n batch and fixed bed adsorbers. 
The variables investigated were adsorbate and adsorbent 
concentrations in the batch experiments, and bed height 
and solution flowrate in the column studies. The two 
adsorbates were chosen since phenol represents a small 


© Institution of 


organic molecule and the Astrazone Blue (molecular 
weight 400) a large ionic species. 


THEORY 

Only a brief resume of the theory is presented because 
all equations and the mathematical development of the 
model were reported previously'*. The model is based on 
external film mass transfer, pore diffusion and the 
assumption of an irreversible isotherm. In the batch 
Studies it was assumed that a pseudo-irreversible iso- 
therm applied and that all the experimental conditions 
were selected in order that all operating lines terminated 
on the monolayer. These assumptions enabled an anal- 
ytical solution of the transport equations to be made, 
and this is shown by equation (1). 

X¥°+e 1° : (\X +a\** 
—In ; } + In | 


l+a |l+a} 


2-—a (2X —a 
tan | 303 } — tan | (1) 
a: 


a 3 es” 


h 


Therefore by converting dimensionless time, t, into 
real time it is possible to compare experimental and 
theroetical concentration decay curves. 

The limits for equation (1) are: 


1=Q0Q and X¥ =!1 


T=T,n =n and X =X 


and the terms in the equation are: 


(3) 
(4) 
Equation (1) enables an effective pore diffusivity for 


the batch experiments to be obtained rapidly. This 
coefficient was then used to test the column results, 
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which are based on the adsorption rate for a single 
particle represented by: 
dy 
dt 


The differential mass balance in the column is given 


by: 


= &f(n)e (5) 


dé dy 
+ = 

dd drt 
This equation yields a differential equation for the 


prediction of the time dependent concentration history 
in the solid phase. 


0) (6) 


d’y f'(n)dn dyn dn 
+ f(n)=90 
drd@f(n) drd@ dd 


The dimensionless parameters are given as, 
C, Dat 


a 


(8) 


a pqr R° 


(9) 


(10) 


The theoretical adsorption rate, dy /dt, is determined 
using equation (11) and experimental values were ob- 
tained using data from the batch tests. 

dy 3(1-—C,)(1—n)y*® 
dr 1—(1—1/Bi)(\—n)y” 
where C,, is the capacity factor defined by: 
Sq? 
VC, 

The diffusivity is present in the dimensionless time 
expression as shown in equation (8). The differential 
equations were solved without the constant pattern 
assumption for the breakthrough curves and they enable 
theoretical and experimental breakthrough curves to be 
compared using different pore diffusivities or the value 
obtained from the batch experiments. 


(11) 


Ch (12) 


EXPERIMENTAL 
Materials 

The experiments were conducted with activated car- 
bon, Filtrasorb 400, supplied by Chemviron Ltd., and 
Sorbsil silica supplied by J. Crossfield and Sons Ltd., 
Widnes. The materials were broken-up using a hammer 
mill and then sieved to obtain discrete particle size 
ranges. 

Two dyes were used in the study. Telon Blue (Acid 
Blue 25) and Astrazone Blue (Basic Blue 69); Both dyes 
were supplied by Bayer. 


Analysis 
The concentrations of dye in the samples were deter- 
mined spectrophotometrically, using a Perkin-Elmer 
550S spectrophotometer. All measurements were made 
at the wavelength corresponding to maximum absorb- 
ance, namely, 4,,,,=600nm for Telon Blue and 
Amax = 585nm for Astrazone Blue. 


“max 
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Adsorber Vessel 


All contact time investigations were carried out using 
an adsorber vessel of the type shown in Figure 1. It has 
been shown”’, that for a vessel with the following relative 
dimensions and eight fixed baffles evenly spaced around 
the circumference, a definite power 
assigned to the system 


number can be 


Z’ = height of liquid in the vessel = D 
B’ = baffle width = 0.075D 
b = height of impeller blade 
0.5D = diameter of impeller blade 
0.5D 


0.1D 


distance between impeller blade and 
vessel base 
Using these dimensions, the power number is obtained 
from the following equation 
60P 
pN’D 


9.5 (for N = 400 r/min) (13) 

A 2dm cylindrical glass vessel was used and had an 
internal diameter of 0.13m. The liquid height in the 
adsorber was 0.13 m and the liquid volume was |.7 dm 
Mixing was provided using a six-bladed, stainless steel 
flat bladed impeller, having a 0.075m diameter and a 
blade height of 0.01 m. A Heidolph Type 5011 variable 
speed motor was used to drive the impeller using a 
0.013 m diameter aluminium shaft. Eight baffles were 
spaced evenly around the vessel circumference at 45 
intervals and were 0.013 m wide 


Column Apparatus 


In the flow studies, the laboratory apparatus used for 
investigating the adsorption of dyes from aqueous solu 
tion consisted of vertical fixed-bed columns as shown in 
Figure 2. Perspex columns were used having an innet 
diameter of 5cm, 50cm length and up to four columns 
could be operated simultaneously 
taken at various points in the column to study the shape 
of the break-through curves at different bed heights. Dye 
feed rates were maintained constant for several days by 


Samples could be 


the use of constant head dye storage tanks and flow 
indicator control valves. Up-flow conditions were used 
which facilitated the accurate control of dye flow rates 
The columns could be charged with predetermined 
quantities of adsorbent using particle size 
ranges. A 2cm layer of Ballotini spheres was placed or 


selected 
top of the bed to prevent carry-over, and water was 
passed through the system for 30 min before dye was 
admitted to the columns in order to wet the adsorbent 


Figure |. Agitation ut 
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Figure 2. Apparatus for fixed bed experiments. A 
vessel. B = 25 litre dye mixing vessel. C 
controlled, dye supply vessel. D 

E, F = adsorption columias. TIC 
FIC flow indicator controller. LC 


60 litre dye storage 
constant head, temperature 
constant head, water supply vessel 
temperature indicator controller. 

level control. S, to §S, 
points for solution concentration. P, to P, 


measurements 


sample 
sample points for pressure 


initially. Sample analysis was again performed using u.v. 
spectrophotometry. 


DISCUSSION 
Adsorption Isotherms 

The proposed mass transfer model has been tested 
using two adsorption systems. The adsorption of As- 
trazone Blue dye onto silica particles is a system having 
a low monolayer adsorption capacity. The isotherm is 
shown in Figure 3 and shows a monolayer capacity of 
25mg dye g’ silica using a silica particle size range 
500 x 10~°-710 x 10~° m. The equilibria data are repre- 
sented by a Langmuir equation of the form: 

0.5. 


4 140.016 C 


(14) 


The correlation coefficient is 0.96. 

The second system under investigation is the ad- 
sorption of phenol onto carbon. Figure 4 shows the 
monolayer capacity is in excess of 200mg phenol g 
carbon and the particle size range is 
355 x 10°-°-5S00 x i0~°m. The results are correlated by 
equation (15). The correlation coefficient is 0.99. 
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Figure 4. Equilibrium relation showing operating line and tie lines for 
phenol adsorption onto carbon 


Batch Studies 


The concentration of pollutant was monitored over a 
period of time in an agitated batch adsorber. The 
variables adopted 1n the individual experiments are listed 
in Tables 1 and 2 for the silica/Astrazone Blue and 
carbon/phenol systems respectively. The kinetic analysis 
was based on a mass transport model incorporating 
external (film) mass transfer and internal pore diffusion. 
An analytical solution was developed’* and is repre- 
sented by equation (1). The analytical solution is only 
achieved on the assumption that the operating lines and 
tie lines terminate on the monolayer. The tie lines have 
been constructed on Figures 3 and 4 for one of the 
adsorption tests on each system. The monolayer assump- 
tion is valid in both instances. 

Since the assumption of a pore diffusion controlled 
process implies a constant pore diffusion coefficient 
throughout the process, a best fit procedure was adopted 
to correlate the experimental and theoretical data and an 


Table 1. Experimental details for the batch adsorber studies for the 
adsorption of astrazone blue dye on silica 
( d. q S J 

Run (mgdm (cm) (mgg C, (g) (dm°) rpm 


4 


520 0.0605 25 0.481 l 400 
410 0.0605 25 0.610 1.7 400 
452 0.0605 " 553 i 1.7 400 
| 
| 


500 0.0605 25 375 400 
490 0.0605 2 255 400 


Table 2. Experimental details for the batch adsorber studies for the 
adsorption of phenol on carbon 


( d. q } 
Run (mgdm f (um) ¢ mg g (dm°) rpm 

200 85 428 0.515 206 | 500 
300 85 428 343 206 | 500 
400 85 428 257 206 | 500 
400 428 515 206 1.7 500 
400 428 0.805 206 | 500 
500 428 0.412 206 | 500 
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average pore diffusivity was determined. A comparison 
of the external mass transfer coefficients with values in 
the literature’* for the same adsorption systems show 
considerable discrepancy. In this previous paper the 
external coefficients were 2.0 x 10°-° and 4.3 x 10-°m 
s~' for Astrazone Blue on silica and phenol on carbon 
respectively, compared with 8.0 x 10~’ and 2.0 x 10-4 
respectively in the present paper. The differences are 
caused by the mathematical bases for the models. Ini- 
tially the value of the external mass transfer coefficient 
was taken from single resistance analysis values. This 
initial k; value was used in the program and tested using 
a best fit procedure over a wide range of experiments in 
which adsorbent mass and initial adsorbate concen- 
tration were varied. The effects of varying k, and D, were 
investigated and it was found that a single ‘modified’ k, 
and a single D, were sufficient to fit a wide range of 
experimental conditions for each system. From the 
modelling techniques and the generation of theoretical 
concentration time decay curves, it is apparent that the 
pore diffusivity affects the slope of the concentration 
decay curve from its initial point. Consequently, deter- 
mining k, values from initial slopes is not particularly 
satisfactory and is dependent on internal mass transfer. 
In the present paper the mass transport driving force is 
linear, whereas in the solid phase diffusion paper’* the 
driving force equation used for predicting the concen- 
tration was a slowly diverging exponential function. The 
initial slope of the concentration decay curve is 


influenced by the external mass transfer coefficient, 
internal mass transport and the form of the driving force 


equation, hence different values of the external mass 
transfer coefficients were obtained (using the pore 
diffusion model) in this paper than in the previous 
paper’ based on solid phase diffusion. The effect of 
varying initial solute concentration and the influence of 
adsorbent mass was studied for both systems. The 
experimental results are compared with theoretical decay 
curves in Figures 5 (a) and 6 (a). All the curves for the 
adsorption of Astrazone Blue are based on a constant 
external mass transfer coeficient of 80 x 10-*m s~' and 
a constant effective pore diffusivity of 18 x 10~'* m’*s 
The actual best fit curves were correlated for pore 
diffusivities, D,= 18+2 (x10~'’)m’s~'. The best fit 
curves correlating experimental and theoretical results 
were obtained for D, = 2.5 (x 10~’) m’s 

In a similar manner Figures 5 (b) and 6 (b) demon- 
strate the influence of phenol concentration and carbon 
mass. All the theoretical curves are based on an external 
mass transfer coefficient of 2.0 x 10°-*ms~' and a single 
constant pore diffusivity of 2.5 x 10~’ m*s~'. The best fit 
curves correlating experimental and theoretical results 
were obtained for D, = 2.5+0.5 (x 10~") m’s~!. 

The theoretical model enables experimental and the- 
oretical results to be correlated using a single constant 
external mass transfer coefficient and a single pore 
diffusivity over a range of operating conditions for two 
widely different isotherms. The monolayer capacity, ¢., 
for phenol is 206mg g™' and for Astrazone Blue, 
g. = 25mg g 
A series of fixed bed column results may now be tested 
to investigate if the same internal mass transfer param- 
eters, obtained in the batch tests, are applicable. 
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Column Studies 


Adsorption isotherms and batch contact time experi- 
ments and the parameters affecting specific 
solute—adsorbent systems are not always sufficient to 
give the accurate scale-up data required when designing 
and operating effluent treatment systems which employ 
fixed bed systems. Fixed beds do not necessarily operate 
under or close to equilibrium conditions; uneven flow 
problems may occur in adsorbent beds and other oper- 
ational problems cannot be studied. However, the batch 
models developed by McKay’ and Spahn and 
Schlunder® can be extended and applied to column 
systems. The two systems reported in the batch section 
have been tested using a series of column experiments 
and the influence of solution flowrate and adsorbent bed 
height have been studied. The applicability of the col- 
umn model, developed from batch tests, has been as- 
sessed. 

In the theorectical paper an equation was derived for 
the prediction of the adsorption rate based on combined 
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Figure 5 (a). Effect of initial dye concentration 
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Figure 5 (b). Concentration decay curves for 
phenol concentration 
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Figure 6 (b). Concentration decay curves for the effect of carbon mass 


on phenol adsorption 


film and pore diffusion. The explicit expression is a 
product of concentration in the fluid and of a function 
of the concentration in the adsorbent with the mass 
transfer Biot number as the only parameter. This ap- 
proach has been adopted in this section and extended to 
predict the liquid phase concentration throughout the 
adsorbent bed and to compare predicted with measured 
data. A program was used to generate theoretical break- 
through curves using various effective pore diffusion 
coefficients, D,. The D, value used initially was that 
obtained from the batch studies, however, a trial and 


Table 3A 
Column l 


Particle size range (10 
Flowrate (10°°m*s~') F 
Column height (10°° m) Z 


Integrated equilibrium solid 


m) d 500-710 


phase concentration in column 


q* (10°- kg kg’) 


Table 3B 


Column 


Flow rate (!10°°m’s"')F 1.67 


kg pollutant 


gq 0.180 


kg carbon 


Tota! bed height (m) Z 


Particle size range (10-°m) @ 


error method was used to ascertain the most appropriate 
value of D, which correlated experimental and the- 
oretical breakthrough curves. The computer program 
must contain values for the molecular diffusivity of the 
system and this was obtained using the Wilke—Chang 
correlation’’. For phenol the value is 8.5 x 10~'° m’?s~! 
and for Astrazone Blue it is 5.0 x 10-'’m’*s~'. A value 
for the fixed bed external mass transfer coeffcient was 
incorporated into the program based on Carberry’s 
correlation”®. 

Experimental details are listed in Tables 3 and 4 for 
the two systems and the effect of bed height variation is 
shown in Figure 7 (a) and (6). The breakthrough curves 
for four flowrates of phenol/carbon and Astrazone 
Blue/silica could be correlated with experimental results 
using D, values of 2.5+0.5 (x10~°) m’s"' and 
5.0 + 1.0( x 10~'') m’s~' respectively. All the figures are 
based on the mean D, value for each system. The 
influence of flowrate at constant bed height is shown in 
Figure 8 (a) for phenol and Figure 8 (4) for Astrazone 
Blue shows breakthrough curves at another flowrate. 

The breakthrough curves for the adsorption of phenol 
onto carbon can be correlated using the same pore 
diffusion coefficient as utilised in the batch contact time 
studies. The solid phase equilibrium adsorption capacity 
was 206mg phenol per g carbon, however, the value 
fitting the breakthrough curves is 180mg g™' which 
corresponds to the graphical integrated solid phase 
adsorption capacities under the breakthrough curves. 
The slight deviation is possibly due to the incomplete 
irreversibility of the adsorption system. This effect is also 
apparent at the high C,/C, values of the breakthrough 
curves, where the agreement between theoretical and 
experimental curves is poorest. Basically, however, the 
application of the D, from batch results to the coiumn 
results is very successful. 

In the case of the adsorption of Astrazone Blue on 
silica a single effective pore diffusion coefficient is ade- 
quate to correlate all the breakthrough curves, again, 
providing that the values of solid phase adsorption 
capacities are those obtained by graphical integration of 
the breakthrough curves. However, the pore diffusivity 
is widely different in the column studies from the batch 
studies. The discrepancy is difficult to explain, but what 


Fixed bed column characteristics for the adsorption of astrazone blue dye onto silica 
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Fixed bed column data for the adsorption of phenol onto carbon 
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Figure 7(a). Comparison of theoretical and experimental breakthrough 
curves for the adsorption of astrazone blue dye on silica. Column series 
1, F=i.1 x 10°° m’s™, silica 500 x 10~°-710 x 10°°m 
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Figure 7 (b). Adsorption of phenol, experimental and _ theoretical 
breakthrough curves. F = 2.5 x 10°°m’s 
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Figure 8 (a). Effect of dye velocity for the adsorption of phenol onto 
carbon 
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Figure 8 (b). Comparison of theoretical and experimental break- 
through curves for the adsorption of astrazone blue dye on silica 


Column series 4, F=2.7x10°°m’s"', silica 500 x 10 
710 x 10°°m 
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Table 4A. Data used in theoretical fixed bed model for 
the adsorption of astrazone blue dye onto silica 


Particle density, , 2 10°’ kgm 
Molecular diffusivity, D x I 
Effective diffusivity, D 

Mass of adsorbent. S 

Kinematic viscosity 


Initial dye concentration, ¢ 


Table 4B. Data used 
idsorption ol pheno 
Initial pollutant conce 
D 
D 
Carbon mas 
Kinematic viscosity 
Particle Size 
Carbon parti 


is apparent in this system is that the graphical integrated 
solid phase adsorption capacities under the break 
through curves are much greater than the value pre- 
dicted from the equilibrium isotherm. It therefore seems 
possible that multilayer adsorption may occur on the 
silica particle surface in the fixed bed whereas in the 
agitated batch system the shear force may inhibit multi- 
layer adsorption. The fact that the solid phase ad- 
sorption capacity in fixed beds decreases with increasing 
solution flowrate also supports this idea. Consequently 
the column model may be applied specifically to the 
column results for the adsorption of Astrazone Blue 
onto silica, but extension of data from the batch studies 
is inapplicable 


CONCLUSION 


The theoretical mass transfer model’~ based on exter- 
nal mass transfer and pore diffusion has been success- 
fully applied to two adsorption systems, namely, the 
adsorption of phenol onto carbon and the adsorption of 
Astrazone Blue dye onto silica. Concentration decay 
curves can be predicted using a single external mass 
transfer coefficient and a single pore diffusivity for each 
system for studies involving adsorbent mass and initial 
pollutant concentration. The application of the column 
model to predict breakthrough curves was successfully 
undertaken using a single pore diffusivity. The same 
diffusion coefficient for batch and column studies was 
inapplicable in the carbon—phenol system, but for the 
Astrazone Blue-—silica system a different pore diffusivity 
was required for the batch and column studies 
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There are two filtration mechanisms, one is a two resistance series model based on compression permeability simulations and 
the other is a single resistance model based on direct internal measurements in filter cakes. This paper compares the two 


filtration models and their mechanisms. 


TWO RESISTANCE MODEL 
AND SIMULATION 

The two resistance filtration model presumes that the 
filtrate rate is proportional to a pressure driving force 
and inversely proportional to the series resistance of the 
media and the filter cake’. The dominant resistance is 
that of the filter cake. This section summarizes the 
assumptions and examines the limitations of the two 
resistance filtration model. 


Continuity Conditions 
For a one-dimensional filtration, the equations of 
continuity’ for the liquid and particulate phases are, 
respectively, 


(1) 


= 2) 

Cl 
Addition of these two equations indicates that, at any 
instant, the sum of the liquid and particulate velocity is 
independent of position. Integration and application of 
the boundary conditions that the particulate velocity at 
the medium is zero and that the liquid velocity at the 
medium is proportional to the filtrate rate per unit area 
gives 


(g+r)=A~'V. (3) 


To avoid a relative velocity term in Darcy’s iaw, 


f= 

¢- )r 
iG 
the solid velocity, r, is taken to be zero’*. This assump- 
tion, when combined with the continuity conditions, 
equations (1) and (2), gives 


CE; 


Ke 
me (4) 
uu oz 


- = 0>¢, =€,(z) (5) 
Cl 


which implies that the porosity is not a function of time 


d 
— =0=>q =q(t) (6) 
Oz 
which means that the fluid velocity is uniform through- 
out the cake at any instant and equal to the filtrate rate 
per unit area by equation (3). 


Darcy’s Law and the Filtrate Rate Equation 
The assumption of stationary particulates, Assump- 
tion | in Table 1, is used to eliminate the solid particulate 
velocity from Darcy’s law, equation (5), to obtain 


1 dP.(w) 
q(t)= 


where Definition 9 in Table | has been used to relate the 
permeability to the specific cake resistance and Assump- 
tion 4 has been used to convert the partial derivative of 
liquid pressure P(x, 1) to the ordinary derivative of the 
solids compressive pressure, P,(w) 
Equation (7) is integrated***’ 
Pw AP d P 
q(t) | du | ( 
7 r 4. (P.) 


over the filter cake 


(8) 
L 
and when Assumptions 2, 5 and 6 with Definitions 8, 10 
and 11 are used, then the reciprocal filtrate rate is 


(1) uR. 
) V(t) +4 (9) 


dt (< oF 
AP, 


dv AP. 
which holds at each instant during the filtration and 
permits the average cake resistance to be a function of 
time, but the septum resistance is constant 

Integration of equation (9) over the time of the 
filtration gives 


CU Hy uR 
= ~ ; V 4 : (10) 
J 2AP, AP, 

where now both the average cake resistance and medium 
resistance must be constant 


Interpretation of Rate Data 

Equations (9) and (10), together with the functional 
dependence listed in the last column of Table 1, can be 
used to interpret filtration rate data. The analysis, shown 
in Table 2, is for filtrations run at a constant applied 
pressure and a constant cake pressure drop for both a 
constant and a time dependent average cake resistance 

In the left column of Table 2, the applied pressure and 
average cake resistance are constant. For these condi- 
tions, the pressure drop across the cake is equal to the 
applied pressure and P, = 0. By Definition 10 of Table 
1, the medium resistance must also be zero. Hence the 
reciprocal rate data of ¢/V is linear in V or the filtrate 


rate is parabolic with time. The local cake resistance, 
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Table |. Assumptions, Definitions and Functional Dependence for the Two Resistance Filtration 


Assumptions 


| 7? 


= | €-(z)dz 13. <ep> = f(t) 


é 
F 


Lit 


Definitions 


Model 


Functional dependence 


sae 
x, = AP,| d P,/a,(P,) 14, 


K = |/a,(1 — e¢)p, 


P,(t) = nq (t)R,, 
AP.=P,—P, 
P.=P,—P 


shown in Definition 8 of Table 1, is a function of only 
the solids compressive pressure, P,. 

In the middle column of Table 2, the applied pressure 
is constant but the average cake resistance is a function 
of time. From the definition of the average cake re- 
sistance, Definition 8 in Table 1, this time dependence 
must enter through the pressure drop across the filter 
cake. This means that P, is a function of time and 
proportional to the filtrate rate by Definition 10 of Table 
1. Hence equation (9) cannot be integrated over time 
and non-parabolic behavior occurs such that the recip- 
rocal rate is non-linear with a non-zero intercept. The 
local cake resistance must again be a function of only the 
solids compressive pressure. 

In the last column of Table 2, the pressure drop across 
the filter cake is maintained constant. Thus both P, and 
P, are functions of time but their difference is not. The 
medium resistance is constant. Equation (9) again 
cannot be integrated and non-parabolic behavior occurs 
such that the reciprocal rate is non-linear with a time- 
dependent intercept. However, in this mode of oper- 
ation, the local cake resistance must be a function of both 
P. and time. 

Thus, for filtrations run at a constant applied pressure, 
the local cake resistance is a function of only the solids 
compressive pressure but, for filtrations run with a 
constant cake pressure drop, the local cake resistance 
must be a function of both the solids compressive stress 
and time. 

This is all that can be deduced about filtrate rate data 
from the two resistance filtration model. Experiments 
that test these conclusions for the three modes of 


. P= P(t) 
R,, = Constant 


. c = Constant 


operation shown in Table 2 have not been reported. 
Rather, the emphasis has been on the compression 
permeability concept and filter cake simulation. 


The Compression Permeability Concept 

The compression permeability concept is based on a 
device in which the solids compressive stress is generated 
by a permeable mechanical piston. The data from the 
test cell gives the local cake resistance and local cake 
porosity as a function of the loading on the piston which 
is the solids compressive pressure. It has been used 
extensively and exclusively* ~’ to establish the mechanism 
for the two resistance filtration model. 

The definition of the average filtration resistance, 
Definition 8 of Table 1, requires values of the local 
resistance from a zero solids compressive pressure. The 
lowest value of the compressive pressure that can be 
obtained is that due to the weight of the piston. Local 
cake resistance and porosity values at compressive pres- 
sures less than that due to the weight of the piston 
cannot be obtained. 

The resistance and porosity data as a function of the 
compressive pressure are fitted with two parameter 
models. One set of models”' for this data overcomes the 
unavailability of data at very low values of the com- 
pressive pressure by smoothly extrapolating the curve fit 
to a zero compressive pressure. Another set 


anaF*. P.>P (11) 


(l—¢e.)=BPf; P.>P. (12) 


Table 2. Interpretation of Filtrate Rate Data using the Two Resistance Model 


onstant P, = Constant 
Constant Ly g(t) 


AP, (t)= P, — P(t) 


Py(t)= nq (t)R, 
R Constant 
dt | ucg (t) 
dt AP, 
Conclusions 


Conclusions 


Parabolic behavior 


R dt h(t) R. 
yt M (= )v + in 
AP, dt 


Non-parabolic behavior 


AP. = Constant 
- h(t) 


P, = P,(t) 
Py(t)=png(t)R 


R. = Constant 


7 AP,(t) AP,(t) 
Conclusions 


Non-paraboiic behavior 


t(/V vs V is linear J vs V is non-linear J vs V is non-linear 


Zero intercept 


L a-(P.) Hy 4-(P.) 


Non-zero intercept 


Time-dependent intercept 


a; = ac(P,, t) 
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essentially terminates the curve-fit at the compressive 
pressure corresponding to that due to the weight of the 
piston, P,. For compressive pressures below P, both the 
cake resistance and the porosity are taken to be constant 
at the last measured value. 


Filter Cake Simulation 

Since the sample of filter cake in the compression 
permeability cell is assumed to represent differential 
elements of a filter cake, then the cell data is used to 
simulate internal filter cake profiles. This simulation 
provides the filtration mechanism for the two resistance 
filtration model. 

The simulated internal profiles for the compressive 
pressure, the porosity and the fluid velocity are obtained 
from equation (7) in the form 


dP. 


iq(t)a,(P., L/D) = 
" p(l—e.)dx 


(13) 


The notation for the local filtration resistance in equa- 
tion (13) indicates that it is obtained from the com- 
pression permeability cell and that this local resistance 
is a function of solids compressive pressure and the 
length to diameter ratio’*~- of the sample in the com- 
pression permeability celi. The assumptions 

q=q\t), 


€é.=€(x), r=0 (14) 


constrain equations (7) and (13) to the continuity condi- 
tions given by equation (5) and equation (6). 
Equation (13) is integrated over a portion of the 
simulated filter cake and over the entire filter cake. The 
ratio of the two integrals* 
- 


| d P/a(1 €.) 
| . 


A 


L(t) 


relates position in the filter cake with local compressive 
pressure. The integrals in equation (15) are 
evaluated*'’** using equations (11) and (12), or equa- 
tions that arc similar’' and the result is’ 


x FP 
L(t) 


lp (16) 
\ 

where the lowest measurable compressive pressure, P,, 
has been neglected. By rearrangement, the simulated 
compressive pressure distribution is 


(17) 


P(x, t) p,| (1 . } 


| L(t) 


This pressure distribution is used in equation (12) to 
obtain the simulated porosity distribution 


aa) 


The partial derivative of the porosity profile with 
respect to time is combined with the continuity condi- 
tion, equation (1), which, upon integration over the filter 


¢.(x, t)=1— BP4 (1 (18) 
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cake gives the simulated internal fluid velocity profile 
BBP, dLi(i-n—B) 


(x, tf) = 
’ B) dt Ba 


(l—n” 


a 
L(t) 
Equations (18) and (19) indicate that 


g=q(x,t), ¢ ée(x,t), r #0 (20) 


which contradict the initial assumptions given in equa 
tion (14). Equation (13) is limited by equations (5) and 
(6) for stationary solids but the pressure, porosity and 
velocity profiles are developed from the continuity con- 
ditions, equations (1) and (2), for non-stationary solids 
This contradiction casts doubt on any conclusions or 
mechanism deduced from these simulated profiles 


Limitations of the Two Resistance Model 


In addition to the contradiction with the continuity 
conditions, there are further complications associated 
with the operation of the compression permeability cell 
The values of local resistance can vary by as much as a 
factor of three or more’*~~ depending on the L/D ratio 
of the compression permeability sample. Although the 
dependence of the local resistance on the compressive 
pressure can be described by equations such as equation 
(11) and (12), the average cake resistance can be adjusted 
to any predetermined value by adjusting the L/D ratio of 
the filter cake sample. This dependence on the length to 
diameter ratio of the sample in the compression perme 
ability test cell is attributed to “side wall friction” and 
this has received considerable attention" but a 
satisfactory solution has not been obtained 

The difference between 1/<a)> and <1/a) has been 
mentioned** but the difference is assumed to be unim- 
portant. However, depending on the parameters in the 
curve-fits to the compression permeability data, this 
difference can be as much as 25%. This is small relative 
to the L/D influence but it is not insignificant 

The compression permeability test is a static test and 
cannot generate the time dependent values of the local 
cake resistance that are required for the constant cake 
pressure drop filtrations shown in the third column of 
Table 2. Simulated internal profiles should be indepen 
dent of the mode of pressure application if they are 
representative of physical reality 

Suppose for the moment that the compression perme- 
ability test were logically consistent and had no pro- 
cedural faults. Equality of the average values of the cake 
resistance from the compression permeability cell and 
from a filtration 

2 
is not conciusive proof that 
an(P.) = a.(P,, L/D) 


since there are an infinite number of functional forms for 
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the local cake resistance in a filter cake that will give the 
same average value shown in equation (21). Consequently, 
even if the simulation of filter cakes were without fault, 
nothing conclusive could be stated about the distribu- 
tions in an actual filter cake. 

The extent of the analysis of filtration data using the 
two resistance model is limited then to that presented in 
Table 2. The most that can be deduced is that the septum 
resistance may be negligible or that the average cake 
resistance is changing during the course of the filtration. 
Equations (7) and (8), or similar equations based on 


compression permeability data, are not representative of 


the internal conditions in filter cakes and any filtration 
mechanism that is based on such simulations is entirely 
speculative. Without a mechanism, the two resistance 
filtration model does not have predictive capability. An 
obvious alternative is to avoid the simulation concept 
with a more direct and fundamental approach. 


PERSPECTIVE OF THE FUNDAMENTAL 
APPROACH 

All engineering problems require integration of theory 
and experiment and fall into one of three categories, or 
levels, that depend on the number of independent vari- 
ables required to solve the problem. Table 3 shows the 
interaction of theory and experiments for the three levels 
into which all engineering problems can be placed. 

The fundamental principles are called the Equations 
of Change at the Microscopic Level, the Design Equa- 
tions at the Macroscopic Level and the Thermodynamic 
Laws for Equilibrium. Experimental input takes the 
form of constitutive Equations at the Microscopic Level, 
Process Correlations at the Macroscopic Level and 
thermodynamic Material Properties for Equilibrium sys- 
tems 

The two resistance model as given by equations (9) 
and (10) relies primarily on time dependent experiments 
at the Macroscopic Level and, as such, represents a 
Correlation for the filtration process. The 
filtration mechanism for the two resistance model is 
deduced from the simulation of the position and time 
dependent internal prefiles in filter cakes from com- 
pression permeability data. Regardless of the limitations 
of this concept, it is none-the-less evident that even the 
filtration mechanism of the two resistance model is based 
on Microscopic Level information, even though this 
information is obtained indirectly. 

A more fundamental approach is based on informa- 
tion obtained directly from the Microscopic Level. By 
using both theory and experiment at the Microscopic 
Level, a filtration mechanism is developed which can be 
used to interpret and predict the time dependent 
filtration data at the Macroscopic Level. 

In the next section, the summary of this alternate 


Process 


approach has two parts. The first part describes the 
information and filtration mechanism that can be de- 
duced from only an analysis of the theoretical multi- 
phase equations and before any experiments are per- 
formed. The second part gives the results of a simple 
experiment for the verification of the theoretical mech- 
anism. 


MULTIPHASE FILTRATION THEORY 
AND THE SINGLE RESISTANCE 
MODEL 

The analysis of multiphase systems has been largely 
empirical due primarily to the fact that, until recently, 
Microscopic Level equations for multiphase systems that 
are analogous to those for single phase systems did not 
exist. Over the past few years however, considerable 
effort has been devoted to overcoming this gap by 
developing general equations for multiphase systems. 
One of these efforts is the theory of mixtures?” 
and another is the volume averaging approach*®?!"?"*"*, 

The volume averaged multiphase equations and con- 
stitutive theory with the most precise definitions and the 
least number of assumptions is that given by 
Hassanizadeh and Gray*****’*. It is this general theory 
that has been applied to filtration’. Use of these very 
general equations is a definite advantage when a mech- 
anism is sought since each assumption which is made to 
simplify these general equations reveals something about 
the filtration mechanism. 

There are three facets of the multiphase theory that 
are important in developing a filtration mechanism. 
First, the averages are defined to reflect quantities that 
can be measured to multiphase systems. Second, the 
averaging procedure gives equations that apply to any 
interstitial pore geometry and assumed pore geometries. 
such as the due to Kozeny”', are not necessary. Third, the 
multiphase constitutive theory” indicates that the consti- 
tutive equation for the fluid in the interstices need not be 
the same as that for the same fluid in the presence of the 
particulate phase. 


THEORETICALLY DEDUCED FILTRATION 
MECHANISM 

A filtration mechanism can be deduced when the 
general multiphase equations are applied to the filtration 
process. If the filtration process is isothermal and com- 
posed of a solid particulate phase and a continuous 
liquid phase, then there are two continuity conditions 
and two motion equations. The motion equations con- 
tain terms that represent the inertial, the viscous, the 
pressure, the interfacial drag and the gravity forces. 

Darcy’s law can be obtained from the motion equa- 
tion for the liquid phase if the inertial and multiphase 


Table 3. The Interaction of Theory and Experiment with the Three Levels of Engineering 
Problems 


Microscopic level 
(Position and Time) 


Theory Equations of change 


Experiments Constitutive equations 


Design equations 


Process correlations 


Macroscopic level 
(Only time) 


Equilibrium 
(No position or time) 


Thermodynamic laws 
Material properties 
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viscous forces are neglected. The remaining two terms 
represent the pressure and drag forces and constitute 
Darcy’s law. Such a simplification of the general liquid 
phase motion equation has the following implications. 
Removing the inertial force means that the motion 
equation is not explicitly dependent on time and hence 
that Darcy’s law holds at each instant throughout a 
filtration. The absence of the viscous force implies that 
for a cylindrical filtration, the velocity profiles have no 
radial dependence and are flat. This in turn implies that 
the momentum transfer is from the fluid phase to the 
particulates with very little, if any, transfer of momentum 
to the cylindrical walls of the filter chamber. The flat 
velocity profile and the slip condition at the wali indi- 
cates that the fluid phase, in the presence of the partic- 
ulate phase, behaves like a fluid with a zero viscosity. 

The solid particulate equation of motion is satisfied 
identically if the particulates do not deform under the 
stresses that exist in a filter cake. This assumption does 
not, however, restrict the motion of non- 
deformable particulates. 

The two continuity conditions are explicitly dependent 
on time and contain only the porosity and the velocity 
of the two phases. This suggests that the pore distribu- 
tion completely determines both the liquid and the 
particulate velocity distributions within the filter cake. 
Complete specification of the velocity profiles by only 
the continuity condition is further justification for the 
observation that the fluid phase behaves like an ideal 
fluid with zero viscosity. /t must be emphasized, however, 
that the zero viscosity conclusion reflects the fluid phase 
constitutive equation at the volume averaged level. It does 
not mean that the fluid within the pores is ideal. In fact, 
the interstitial fluid is Newtenian. 

If the liquid phase behaves as an ideal fluid and its 
velocity is determined by the porosity, then the locality 
inside the filter cake with the minimum porosity should 
have the highest fluid velocity for a given instantaneous 
mass flow rate thoroughout the filter cake. The most 
likely place for this minimum porosity to occur is at the 
septuin where the particulates have partially filled the 
pores of the filter medium. 

An overall material balance which equates the mass of 
filter cake to the difference between the slurry filtered 
and the mass of filtrate is independent of the shape of 
the filter chamber, but more importantly, it is indepen- 
dent of the distribution of the solid particulates in the 
filter chamber. The particulates in the filter chamber 
could be evenly distributed or half the filter chamber 
could be filled with slurry and consolidated filter cake. 
The average porosity in both cases is the same. In 
addition, since the mass of the wet filter cake is propor- 
tional to the amount of filtrate, then the average porosity 
must be constant through the filtration. 

The permeability is introduced by Darcy’s law and 
represents the ratio of the velocity difference between 
the two phases to the local pressure gradient. In most 
cases, both the velocity difference between the two 
phases and the pressure gradient change simultaneously. 
The location of the cross section of minimum porosity 
will have a high veiocity difference between the two 
phases and a high pressure gradient but the ratio of the 
two, that is the permeability, may be either large or 


these 
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small. Hence, the location of minimum porosity does not 
necessarily have to correspond to the location of min- 
imum permeability 

This internal filtration mechanism is contingent upon 
the assumption that, at the volume averaged level, the 
inertial and viscous forces are negligible. Evidence to 
support this assumption is obtained by placing the 
multiphase equations in dimensionless form and then 
estimating the dimensionless coefficients from experi- 
mental data. The results***’ indicate that the drag and 
the pressure forces are of the order of 10° times as large 
as the viscous and inertial forces, which justifies this key 
assumption. /t is again emphasized that the inertial and 
viscous forces are not zero for the interstitial Newtonian 
fluid. These interstitial forces appear at the volume aver- 
aged level as an additional drag term in the multiphase 


equation of motion. Further experiments* verify the 


predicted effect of media selection on filterability 


Multiphase Filtrate Rate Equation 
The governing equations for a one dimensional 
filtration’ 


EL 


reflect the fact that the average porosity is constant ; 
that the cake length is linear in filirate volume 


L 
where 


Sp " 
G (23) 
{ ( ( pf * (1 §) pe 
The linearity of equation (27) has been verified experi- 
mentally for particles in the 90 micron range” 
| - »7> 
particulates in the 2 micron range’. Equations (23) 
through (28) represent the basis for the theoretically 
deduced filtration mechanism 
Rather than integrate over the filter cake, 
requires the particulate velocity to be zero 
equations (9), here the filtrate rate is determined by 
evaluating equation (25) at the exit of the filter cake to 
obtain 


“ and for 


which 


to obtain 


uLV 
KA 


(99) 
where K, and J, are, respectively, the permeability and 
pressure gradient at the cake media interface 

The boundary condition 
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cake is the filtrate rate per unit of filter area and the 
boundary condition 


— (0) (31) 


establishes the septum as the location where the partic- 
ulate velocity is zero, but more importantly, it does not 


> 


restrict the motion of the particulates in the filter cake 
equation (9). Accounting for the movement of the 
particulate phase in this manner avoids the contradiction 
with functional dependence shown in equations (14) and 
(20) and which is a serious limitation of the two re- 
sistance model 

Combining equations (27) and (29) gives the recip- 
rocal rate expression 
Lu G 


(32) 
A\K(V)I,V) POV) 


where the notation in this equation reflects the fact that 
three factors can affect the slope of the reciprocal rate 
data; the septum permeability, the septum pressure 
gradient, and the cake pressure drop. If any one of these 
factors change during the course of a filtration, non- 
linear reciprocal rate data will be observed. 

[he assumptions, definitions, and functional de- 
pendence that are used to develop the reciprocal rate 
expression of equation (32) are summarized in Table 4 


and this table is analogous to Table 1. A comparison of 


the two tables shows that there are considerably fewer 
assumptions and definitions for the single resistance 
model and that the porosity, permeability, velocities, 
and pressure depend on position and time but not on 


Table 4 


as the integration procedure did in the development of 


intermediate quantities such as the cake mass and the 
solids compressive pressure. 


Interpretation of Rate Data 

Equation (32) can be used to interpret rate Gata for 
filtrations run at a constant cake pressure drop since this 
is the only pressure of significance in the single resistance 
model. The analysis is shown in Table 5 and this table 
is to be compared with Table 2. 

During the initiai portions of the filtration the cake 
pressure drop is rapidly rising to some predetermined 
value. The conclusions in Table 5 exclude this initial 
portion of the filtration and apply only after the cake 
pressure drop is constant. The intercept of the data is 
always the initial reciprocal rate through the clean 
septum. However, the extrapolation of the linear portion 
of reciprocal rate data must pass through the origin. 

In the left column of Table 5, the cake pressure drop, 
septum permeability, pressure gradient at the septum, 
and the product K,J/, are all constant. Except for the 
initial portion of the filtration, the reciprocal rate is 
linear in filtrate volume and this linear portion can be 
extrapolated through the origin. The data, however, 
have a non-zero intercept which reflects the initial recip- 
rocal rate. 

In the middle column of Table 5, the septum perme- 
ability decrease is baianced by the pressure gradient 
increase such that the product remains constant. Except 
for the initial portion, the reciprocal rate is linear, the 
behavior of the septum is obscured and no difference can 
be detected from that shown in the left column where 
both the septum permeability and septum pressure gra- 
dient are constant. 


Assumptions, Definitions and Functional Dependence for the Single 


Resistance Filtration Model 


Assumptions 


Definitions 


Functional dependence 


No viscous force 3. Pi=P,+pgl —P 


No inertial force 4 


Constant 


K(é,t) 


Table 5. Interpretation of Filtrate Rate Data using the Single Resistance Model 


Constant P 
Constant KJ 


Constant K 
Constant J 


l 7 G rT 
} 

J 2A \ K.J.P J 

Conclusions 

(Except initially) 


Constant P 
Constant KJ 


Decreasing 
Increasing 


£(—<)s 
aX RAs 


Conclusions 
(Except initially) 


Constant 
Decreasing 


Decreasing 
Increasing 


Ul G 


‘\aca.p)! 


Conclusions 


J vs V is linear J vs V is linear V vs V is non-linear 


Non-zero intercept 
IS initial reciprocal rate 
Internal measurements 
for media behavior 


Non-zero intercept 
is initial reciprocal rate 


Internal measurements 
for media behavior 


Non-zero intercept 
is initial reciprocal rate 


Media clogging 
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FILTRATION 


In the last column of Table 5, the decrease in the 
septum permeability dominates the pressure gradient 
increase and the product of the two then decreases. The 
dominant effect of a decreasing media permeability 
induces a non-linear reciprocal rate even after the pres- 
sure drop across the cake becomes constant. 

For filtrations run at a constant cake pressure drop, 
non-linear reciprocal rate data can only be attributed to 
a filter medium that has a decreasing permeability during 
the course of the filtration. Conversely, linear reciprocal 
rate data may be indicative of either a constant or a 
decreasing septum permeability. This latter case requires 
internal measurements of the pressure profile and of the 
cake-septum pressure gradient to determine whether the 
permeability of the septum is decreasing or constant 

The analysis of reciprocal rate data shown in Table $ 
has a measure of predictive capability. For example, if 
the reciprocal rate data is non-linear and it is desired to 
decrease the time of filtration, then it is apparent that a 
more closely woven media, which will not exhibit a 
decrease in media permeability, should be chosen. 

The deductions on the behavior of the septum as it 
interacts with the particulate phase have more practical 
significance than the interpretation of the rate data given 
in Table 2, where the only deduction is the functionality 
of the local cake resistance. 


Internal Measurements and Constitutive Equations 


The governing equations for a one dimensional 
filtration, given by equations (23), (24), (25) and (26), 
have six unknown functions. These unknown functions 
and their functional dependence are 


P) # (¢, t) cc. #) 


€(c) v, »e(¢, t) 


€9(C) K(¢, t) 

A determinant system requires two more equations or 
equivalent experimental information. Only two of the six 
unknown functions can be measured, the porosity profile 
and the pressure profile. When the measured porosity 
and pressure profiles are combined with the governing 
equations, the rematning profiles can be calculated 

Although pressure and porosity profiles have been 
measured before'’*’*** only Willis and Tosun” have 
used them to calculate internal velocity and permeability 
distributions. 

For Lucite-water slurries filtered under identical con- 
ditions, except for the filter media, the internal perme- 
ability distributions for a Whatman PW 3 fine porosity 
filter paper and a Whatman PW 4 course porosity filter 
paper are shown in Figure 1. 

The Whatman PW 3 filter paper exhibits a constant, 
or non-clogging, media behavior and linear reciprocal 
rate data, while the Whatman No 4 filter exhibits a 
decreasing, or clogging medium behavior and non-linear 
reciprocal rate data during the course of the filtration. 

In simulated filter cakes, the decrease in average cake 
permeability is attributed to a decreasing average poros- 
ity. In actual filter cakes, the decrease in the average cake 
permeability is due the decreasing media permeability as 
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MECHANISMS 18] 
shown on the lower graph of Figure 1. The average 
porosity is constant. The data shown in Figure | 
confirms the theoretically deduced mechanism for the 
single resistance model. 


CONCLUSIONS 


The two resistance filtration model is a heuristic two 
parameter fit to the time dependent filtrate rate data. The 
two parameters in this model represent the average cake 
resistance and the septum resistance. To obtain this 
mode! from Darcy’s law, it is assumed that the porosity 
is not a function of time and that the local fluid velocity 
is uniform throughout the cake at any instant. These 
restrictions prevent the two resistance model from being 
applied to filter cakes in which the particulates move 


























Figure | 
types ol! 1edis 


conditions 





~ 


18 


i.e., compressible filter cakes, and exclude mechanisms 
that attribute compressible cake behavior to time de- 
pendent local porosity changes. 

The mechanism for the two resistance model is postu- 
lated from compression permeability simulations of filter 
cakes. The simulated internal profiles are derived from 
Darcy’s law for stationary particulates but continuity 
conditions for moving particulates. Any deductions 
made from such an inconsistent development must be 
categorized as speculation. The unresolved problem of 
compression permeability “side wall friction” further 
complicates the uniqueness of simulated filter cakes. 
Setting these faults aside, it is still impossible to deduce 
the internal variations in an actual filter cake from a 
comparison of average-cake-resistance values obtained 
from a filtration and from compression permeability 
data 

The failure of the filter cake simulations leaves the two 
resistance model without a mechanism. The parameters 
in this model can only be determined after a filtration 
has been run and, as a result, the model provides no 
predictive or interpretive capability. 

Conversely, the single resistance model avoids the 
simulation concept entirely and combines directly mea- 
sured quantities with a theoretical mechanism that has 
been deduced from simplification of the general multi- 
phase equation of change. The only resistance in this 
model is the medium resistance, which is in the slope and 
not the intercept of reciprocal rate data and the devel- 
opment of this model permits particulate movement. 
The continuity conditions are consistent with the 
Darcy’s law formulation. Internal profiles show that the 
average permeability of a filter cake which exhibits 
non-parabolic behavior is due entirely to a decreasing 
medium permeability. The media permeability is a 
boundary condition specified by media selection. If the 
reciprocal rate data is linear, the behavior of the medium 
is obscure, but if the reciprocal rate data is non-linear, 
then the medium permeability is decreasing due to 
particulate blockage of openings in the medium. The 
average porosity in actual filter cakes is constant and the 
local porosity is a function of only fractional cake 
position 

The singie resistance model, with its directly verified 
mechanism, is clearly superior to the two resistance 
model of filtration 


SYMBOLS USED 


septum area 

parameter, equation (11) 

parameter, equation (12) 

sp/A(l —ms) 

slope, equation (28) 

(C PS #/0€€)| € =0, equation (29) 

septum permeability, equation (29) 

permeability 

cake length 

dLidt 

wet to dry filter cake mass ratio 

pressure in two resistance model 

solids compressive stress, Definition 12, Table | 
pressure at cake-septum interface, Definition 10, 
Table | 


: ; 
ipplied pressure two-resistance model 
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cake pressure drop two-resistance model, Definition 11, 

Table | 

lowest piston pressure in a compression permeability cell 

cake pressure drop, Definition 3, Table 4 

relative pressure and hydrostatic head, 
P>)?— P,+pgéL 

dimensionless pressure, P)/P. 

fluid velocity in two resistance model 

particulate velocity in two resistance model 

septum resistance in two resistance model 

mass fraction solids in slurry 

time 

filtrate volume 

dVi/dt 

intrinsic phase average fluid velocity, single resistance 

model 

intrinsic phase average particulate velocity, single re- 

sistance model 

mass Of particulate phase per unit of filter area 

pl —€.)dx 

position measured from the septum in simulated filter 

cake 

position measured from the septum in actual filter cake 


local cake resistance in a filter cake 

local cake resistance from a compression permeability 
cell 

average cake resistance, Definition 8, Table | 

average of compression permeability cell local resistance 
parameter, equation (12) 

local porosity in a filter cake 

local porosity from a compression permeability cell 
average porosity, two resistance model, Definition 
Table | 

volume fraction x-phase, fluid, single resistance model 
volume fraction /-phase, particulates, single resistance 
model 

liquid phase viscosity 

dimensionless position, z/L (t) 

liquid phase density 

particulate phase density 
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Book Reviews continued from page 167 
g 


Analysis and Control of Unsteady Flow in Pipelines, 2nd 
Edition 

G. Z. Watters 

Butterworths, 1984 

pp 349, £45.00 


When a liquid flow in a pipe is suddenly shut off, a 
pressure wave is set up that passes along the pipe thereby 
reducing the liquid velocity to zero. The pipe itself 
expands slightly in this process. On reaching an open 
vessel, say, the pressure wave is reflected back down the 
pipe releasing the energy of compression stored in the 
pipe and the liquid itself. The wave continues to be 
reflected back and forth until the energy is dissipated, 
this being the well known phenomenon of water ham- 
mer. Problems such as this are of considerable tm- 
portance in the design of pipework systems for applica- 
tion in mechanical, civil and also chemical engineering. 
Whilst the two former disciplines will be the major uses 
of this book, it provides a complete and accessible 
account of the subject and is ideal as a reference book 
for the chemical engineer 

Dr. Watters has set out to provide a book that has a 
complete theoretical basis and yet is oriented so that 
those unsophisticated in the particular subject are pro- 
vided with methods of solution for a considerable 
number of practical problems. He reviews in a concise 
manner steady and unsteady flow of fluids in pipes and 
networks and gives a thorough treatment of wave propa- 
gation in liquids. The elastic behaviour of pipe walls is 
then described. All this occupies about a third of the 
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book; most of the rest is devoted to describing methods 
of mathematical solution, these relying exclusively on 
the method of characteristics 


This particular technique 
is described from first principles. Applications range to 
complex pipe systems with various loops and draw off 
points to systems having pumps. The text is amply 
provided with illustrative numerical examples and about 
one hundred problems are included. The methods of 
solution are amplified by the provision of a number of 
computer programs. A short chapter (6 pages) deals with 
the qualitative problems associated with unsteady flow 
and a final one (36 pages) deals with practical methods 
for preventing water hammer such as controlling valve 
movement, gas removal techniques during pipe filling, 
and the provision of surge tanks 

For the chemical engineer, I judge this to be a useful 
book for reference. It uses British units and is clearly 
written, though I suspect that most practising engineers 
would have liked to have seen more explanation on the 
relationship between partial and total differentials 
during the introduction to the method of characteristics 
The derivation of the head change (eqn 


5.3) 1s faulty 
though the result is correct 


a side force needs to be 
included but disappears later without needing a further 
assumption. These are small points; if you want to 
understand the theory of water hammer and how to 
design for it, this is an excellent starting point 
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SULPHOLANE VERSUS DIETHYLENE GLYCOL 
IN RECOVERY OF AROMATICS 


By Y YORULMAZ* and F KARPUZCU** 


King {hdulaz 2 


University, Jeddah, Saudi Arabia and Middle East Technical University, Ankara, Turkey 


Recovery of aromatic hydrocarbons from catalytically reformed naphthas was studied through liquid-liquid extraction and the 
commonly known solvent diethylene glycol (DEG) was compared with a relatively new solvent, sulpholane, both in terms of 
yield and selectivity. Experiments were performed for the twe solvents at different temperatures, solvent-to-feed ratios, feed 
compositions and water addition on solvency and selectivity. Solvency was found to increase with increasing temperature, 
solvent-to-feed ratio and decreasing dilution whereas selectivity increases with lowering temperature and feed concentration. 
The effect of water addition is that it increases the selectivity with a simultaneous decrease in solubility. As a result of these, 
it was concluded that sulpholane is more advantageous both in view of temperature and solvent requirement and in view of 


solvent recovery. 


INTRODUCTION 

Aromatics are present in straight run petroleum frac- 
tions to a relatively small extent. Some crude oils, such 
as from Kuwait, themselves contain up to 6°, aromatics. 
Naphthenes on the other hand, are present in many 
gasolines in great amounis. 

Straight separation of aromatics from petroleum is 
not, therefore, usually an attractive proposition because 
of the low concentrations, which result in low yield, and 


the difficulty of separating them from naphthenes of 


similar boiling range. Most of the processes for the 
production of aromatics from petroleum therefore in- 
clude methods of converting naphthenes and paraffins to 
aromatics with dehydrogenation processes leading to 
aromatization, generally called reforming’. Most recent 
catalytic reformers employ platinum-containing cata- 
lysts, non-regenerative ones being called platforming 
and regenerative ones ultraforming’. 

The light aromatics that are considered in this work 
are mainly benzene, toluene, xylene and other C, aro- 
matics, generally termed BTX. Aromatic hydrocarbons 
are key petrochemical raw materials and their im- 
portance and versatility seem to increase with time. 

Since World War I and the first coal tar dyes, benzene 
has been one of the backbones of the synthetic organic 
chemical industry. Since 1960 styrene, phenol and cy- 
clohexane have cleariy dominated the markets for ben- 
zene. Anthraquinone, DDT, detergent alkylate, solvent, 
maleic anhydride and aniline have vied for a position in 
this market. The other important uses of benzene today 
are nylon, BHC, 2,4-D, bisphenol, dichlorobenzenes, 
pentachlorophenol and aspirin production. 

Toluene once thought of largely as the basis for TNT 
is now finding expanding use as a solvent and as a 
chemicai intermediate in the production of di- 
isocyanates, benzyl chloride, benzene, methyl styrene, 
saccharin, terephthalic acid. Toluene is also used as 
blending stock for gasoline. 


Xylenes once used almost exclusively in mixed forms 
as solvents are now separated into the pure ortho, meta 


and para isomers and used as chemical starting ma- 
terials. Oxidation of the various xylenes to phthalic, 
isophthalic and terephthalic acids is typical of the new 
and growing uses for aromatics. Terephthalic acid (TPA) 
and dimethyl terephthalate (DMT) constitute virtually 
the sole use for p-xylene. Both TPA and DMT in turn 
have been used for the synthesis of polyethylene tere- 
phthalate fibre and film. The use of o-xylene which is 
receiving the greatest attention is the manufacture of 
isophthalic acid. 

The only industrial use of ethyl benzene is dehy- 
drogenation to produce styrene monomer. 

The earliest large scale process used to separate BTX 
from non-aromatics was straight distillation. However it 
is impossible to obtain a high purity of aromatics by 
straight distillation, since many homogeneous binary 
azeotropes exist between aliphatics and aromatic hydro- 
carbons. 

Since distillation becomes ineffective in the case of 
aromatics, extraction will be a better choice provided 
that components of the mixture show a suitable absolute 
solubility and sufficient difference in solubility in a 
solvent. In the literature, the solvents like diethylene 
glycol (DEG), sulpholane (tetramethylene sulphone), 
dimethyl sulphoxide, morpholine (N-formyl mor- 
pholine) methyl carbamate etc. are suggested for aro- 
matics extraction and DEG is the most commonly used 
solvent as in the UDEX process. It was originated by the 
Dow Chemical Company and later licensing of the 
process was taken by the Universal Oil Products Com- 
pany. 

A new solvent, sulpholane was proposed as a substi- 
tute for DEG by Shell Development Company with the 
assistance of Shell Oil Company and some advantages of 
sulpholane over DEG were indicated 

The purpose of this study was the comparison of the 
two solvents, DEG and sulpholane, for the recovery of 
aromatic hydrocarbons from catalytically reformed 
naphtha in terms of yield, selectivity and operational 
conditions. 
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METHODS AND EXPERIMENTS 

The experimental set-up consisted of ordinary labora- 
tory scale apparatus. Extraction operations were carried 
out in a single stage batch apparatus of mixer-settler 
type. Mixing of 500 ml of sample could be carried out in 
one run. For mixing purposes a vertical rotating mixer 
with 750-7500 rpm range, driven by a 1-18 H.P. motor 
was available. 

For heating purposes the extractor was placed inside 
a heating jacket which was kept at constant temperature 
by a variac heater. 

The separation of solvent phase upon mixing and 
extraction was accomplished by using a separatory 
funnel. The aromatics were stripped off from the separ- 
ated solvent layer by distillation in a rotavapor having 
a speed range 50-150 rpm. Distillation was done by 
using an oil bath heated up to 120°C with the rotavapor 
connected to a vacuum pump. Since aromatics are the 
lighter boiling materials, having lower densities than the 
solvents used, they were removed rather easily. 

A general flow diagram of the experiments is given in 
Figure |. The properties of the chemicals used as 
component and solvent in the extraction operations are 
given in Table 1. 

The gas chromatograph employed for the analysis was 
a F20H model manufactured by Bodenseewerk Perkin- 
Elmer and Co GMBH, Uberlingen, Germany. It was 
suitable for analysis with temperature programming, in 
which case a second identical column which acted as a 
compensation column was fitted. So it could be used as 
a single or double column instrument with a double 
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Figure 1. General flowsheet of experiments 
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Table 
Hexane Diethylene glyco 
Boiling range: 65-70 ¢ Purity: 98°, (wt) 
d;”: 0.660—0.668 dq’:1.115 
np: 1.375-1.379 Water: 0.5 
Component 
hexane 
benzene 
toluene 
o-xylene 
p and m-xylene 
ethyl benzene 
total BTX 
The domestically produced reformed naphtha 
tained totally 39.5°, (wt) aromatics. For 
aromatics extraction, typical feed concentrat 


vicinity of 55-60°, (wt) aromatics 


hotwire detector working on the principle of thermal 
conductivity difference. The detector contained two 
measuring and two reference cells and its temperature 
was held at 150°C during the operations 

The column used for analysis was a silicone grease D( 
packed column which operated with nearly stable base- 
lines and fairly good resolution of the peaks. It was 
applicable from 50 to 250 C for separation of alkanes 
alkenes, aromatics and alkylhalides. The dimensions of 
the column were 2.7mm internal diameter and 2m 
length. Stationary phase was silicone grease D¢ 
support was 4°,, on chromosorb G (wt 
material OS 11.56 

Helium was used as carrier gas. The selection of 


column 
) and the filling 


helium as the carrier gas is due to its very good response 
in a thermal conductivity detector, since it has high 
thermal conductivity and is inert compared with other 
gases 

Samples were introduced into the injection port by 
5ml syringe and the usual amount was 3ml. The 
temperature range of the injection port was 100 to 
450°C. The operations were performed at an injection 
port temperature of 190°C 

Thirteen different rates of increase of temperature 
from 0.5 to 30 C/min were adjustable. A rate of 3 C/min 
was chosen in the analysis so that a high resolution could 
be achieved. For the preparation of calibration curves 
an internal standardisation method was used and iso 
octane was chosen as the standard substance 

Extraction operations were carried 
different solvent-to-feed ratios and for 


different 
temperatures by using anhydrous (no water added) and 
hydrous (water added) solvents 


RESULTS AND DISCUSSIONS 

Pre-experiments consisted of a study of two t 
systems, namely platformate-n—hexane-DEG 
platformate—n—hexane-sulpholane. Hexane was chosen 
as the third component to represent non-aromatics as 
raffinate for the preparation of ternary diagrams as 
shown in Figures 2 and 3. The ternary diagrams give 
rough pictures of areas of immiscibility in which extrac 
tion operation will be feasible. In both of these diagrams 
the immiscible regions are much larger than the miscible 
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Platformate 
Separatior \ 


x No separation 


03 02 01 Hexane 


Ternary diagram for the system platformate—n-hexane 


regions and there are no plait points as seen in binary 
feed mixtures**. This is due to the fact that for multi- 
component systems with substances covering a wide 
boiling range, solubilities of solvents are lower than they 
are in binary mixtures. I: was also observed that the 


sulpholane system had a smaller two phase region which 
leads to the fact that hydrocarbons have higher solu- 
bilities in sulpholane than they have in DEG. 

The experiments performed and the results obtained 
are given in Tables 2 and 4 for sulpholane and in Tables 
3 and 5 for DEG. From the results of experiments 1, 6 


and 11 which have the same initial feed composition and 
the same solvent-to-feed ratio it can be seen that both the 
weight of the solvent free extract and °, yield increases 
with an increase in temperature but with a correspond- 
ing decrease in the weight of the raffinate phase. This is 
due to the fact that solubility is directly proportional to 
temperature. The same result was observed for the other 
sets of experiments and for the experiments performed 
with DEG. 


Table 2 


SULPHOLANI FEED 
Temp Solvent Platformate 
(C) SI g g) (g) 


20 1/1 40 
20 3] ? 40 
20 5/1 40 
20 315 5 40 
20 315 
60 1/1 180 40 
60 3/1 270 40 
60 5/1 300 40 
60 | 315 5 40 
60 ] 315 
90 ] 180 40 
90 3/] 270 40 
90 5/1 300 40 
14 90 | 315 5 40 
15 90 | 315 


yield = (wt of extract/wt of platformate) x 100 


Experiments performed with 
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Figure 3. Ternary diagram for the system platformate 
suipholane 


n-hexane 


Another variable which effects the yield is the solvent- 
to-feed ratio. Generally for a constant temperature as 
this ratio increases the yield also increases. This fact is 
more clearly seen from Figures 4 and 5. In both of these 
figures for a constant solvent-to-feed ratio the yield 
increases slowly at first and then makes a rapid increase 
with further increase in temperature. The increase in 
slope of these curves is more enhanced for higher 
solvent-to-feed ratios. When the results obtained for 
sulpholane and for DEG were compared it was observed 
that sulpholane gave higher yields than DEG for the 
same conditions. This is due to the fact that hydro- 
carbons are more soluble in sulpholane than they are in 
DEG as previously mentioned. When the solvent-to-feed 
ratio is 7/1, at 20°C the °%% yield (weight basis) is 7.78 for 
sulpholane. However DEG gives the same °, yield at 
90°C. 

The effect of dilution of the feed with n-hexane is that 
it lowers the extraction yield. This is more clearly seen 


7/1 


when the curve for solvent-to-feed ratio 7/1 is compared 


sulpholane and their results 
AROMATICS 
PRODUCT IN 


Raffinate 
(g) Extract 


Extract 


Raffinate » yield 


214 68.20 0.72 
125 64.90 
49.62 
54.51 
62.00 
64.20 
60.73 
39.90 
51.10 


36.94 2 
27.08 1.89 
12.68 4.83 
20.70 7.78 
24.10 8.67 
34.90 0.83 
30.75 2.89 
16.30 6.00 
24.00 9.11 
57.20 28.10 10.00 
59.07 37.00 1.61 
56.98 33.75 4.56 
32.6 16.1 9.33 
54.6 25.4 14.67 


53.7 30.25 17.6 
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Table 3. Experiments performed with DEG and their results 


AROMATICS 
DEG FEED PRODUCT 


Temp Solvent Platformate Hexane Extract Raffinate 
(‘C) S/} (g) (g) (g) (g) 
20 
20 
20 
20 


20 


l 180 180 40 
l 270 90 40 
l 300 60 40 
l 315 45 40 
l 315 45 
63 | 180 i80 40 
63 l 90 40 
63 5/1 60 49 

l 

l 

l 

l 

| 

l 

l 


No—— NIN — — 


63 45 40 
63 45 

90 180 40 
90 90 40 
¥0 60 40 
90 45 40 
90 45 


INN — wh 


ny 


‘= 


39 00 


“, yield = (wt of extract/wt of platformate) x 100 


with the one for solvent-to-feed ratio 7/1 (NH), with In Figure 4, the total weight °, aromatics in the extract 
n-hexane. It was also observed that the decrease in yield phase were plotted versus total weight 
with dilution was comparatively more in the DEG 
system. 


aromatics in 
raffinate phase and the deviation of each curve from the 
\ 


x line is a measure of selectivity. As deviation 


Table 4. Selectivity of sulpholane 


Temp Oo 
“) benzene __ toluene xylene 
20 13.64 52 3.44 
60 12.70 
90) 11.17 
20 24.07 
60 14.9] 

90 61 
20 32.10 
60 26.75 
90 10.70 
20 36.99 
60 31.00 
90 22.82 
20 20.11 
60 11.40 
90 4.28 


Table 5. Selectivity of DEG 


oO 


~ 


benzene toluene xylene 


47.00 2 1.62 


| 


15 5 1.54 
34 3 0.90 
30.07 
24.20 


DAwWwwene— — 


l 
] 
l 
| 
| 
l 
l 
| 
l 
l 
| 
l 


7/1(NH) 
7/1(NH) 
7/1(NH) 
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aromatics in extract phase 
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Figure 4. Temperature versus selectivity 


increases selectivity also increases. Therefore it can be 
stated that increasing the temperature causes a decrease 
in selectivity, as expected. When sulpholane selectivity 
was compared with DEG selectivity it was observed that 
up to a certain point sulpholane selectivity was higher 
and above that point DEG was superior over sulpholane 
in selectivity but giving lower yields. This is valid for all 
temperatures at which experiments were performed. 
Another important thing in extraction operations is 
that the extract phase should have high aromatics purity. 
When the weight percentages of aromatics in solvent- 
free extract phase versus temperatures were investigated 
with the varying solvent to feed ratios used, it was found 
that the purity drops off slowly at first and then makes 
a relatively rapid drop with simultaneous increase in 
yield. For sulpholane when S/F ratio is 1/1 the extract 
purity is the highest but the yield is the lowest and for 
DEG, the highest extract purity is obtained when S/F 
ratio is 7/1 (NH). In extraction operations it is actually 
important to obtain high yields with high extract purities 
in the most economic conditions, such as low S/F ratio, 
low temperature etc. However, the difficulties encoun- 
tered in the selection of effective operating conditions are 
due to the fact that high solvency as a rule exhibits low 
selectivity and vice versa. So the important thing is to 
obtain a solvency-selectivity balance by changing the 
conditions. The yield was plotted against wt % 
aromatics in extract phase as seen in Figure 5. The points 
on the left hand side of the straight line passing through 
the origin generally represent the low solvency and upper 
selectivity level. The ones on the right hand side repre- 
sent high solvency with lower selectivity level. Therefore 
the optimum conditions are the ones which give points 
in between. In this respect for DEG high temperatures 
are preferable whereas for sulpholane low temperatures 
are better. The optimum temperatures are 90°C for DEG 





T T 


| sonotne 





wt. % aromatics in extract phase 


-— 








# apr 


Figure 5. Selectivity versus solvency 


and 20°C for sulpholane. Also from Tables 4 and 5 it can 
be said that for sulpholane 3/1 and for DEG 5/1 are the 
optimum S/F ratios. So it is seen that sulpholane is more 
economical both in view of temperature and in view of 
solvent requirement. From the comparison of the boiling 
points of sulpholane and DEG which are 285°C and 
250°C respectively, sulpholane has higher boiling point 
and recovery of sulpholane is easier than that of DEG. 

From the results in Tables 4 and 5 the total aromatic 
selectivities are generally higher for DEG at the same 
conditions. For the cases where S/F is 1/1 DEG is more 
selective than sulpholane for low boiling aromatics, and 
sulpholane selectivity is higher for high boiling aro- 
matics. For S/F ratio 7/1, the case is just the reverse. 





% Aromatics in extract phase 











Figure 6. Effect of water addition in sulpholane and DEG 
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Tabie 6. Experiments Performed with Hydrous Solvents for S/F 


Total extract 
(g) 
S 90 10.8 
S 90 18.6 
S 32.1 
DEG 8.2 
DEG 16.3 
DEG 90 31.0 


S = Suipholane, DEG 


‘’,, water 


Solvent Temp (C) _ in solvent 


Diethylene glycol. 


With solvent-to-feed ratio 3/1 component selectivity of 
DEG is higher and with this ratio 5/1, sulpholane is 
more selective for aromatic components. 

The total aromatic selectivity of a solvent is influenced 
by temperature and feed concentration. Selectivity gen- 
erally decreases with increasing concentration of the 
total aromatics and increases as temperature is lowered. 
The effect of dilution of feed, as seen from results of 
experiments, is that it increases the total aromatics 
selectivity. 

In this study also the effect of water addition in 
solvents used was examined as mentioned in the 
literature*’. The plot of °% yield and aromatics purity in 
extract phase versus °% water added in solvents at 90°C 
is shown in Figure 6. Water acts as an anti-solvent since 
it decreases the solubility, and thus yield, and increases 
the extract purity and aromatics selectivity. Since water 
decreases the yield it must be added into the solvent in 
a limited amount. For sulpholane addition of 2° of 
water increases the extract purity from 45.6% to 59.73% 
and further addition of water increases the purity less 
but at the expense of decrease in yield. So 2° 


. of water 
addition in sulpholane for the present system suffice. 
However for DEG 5% of water addition in solvent 
Causes a more pronounced increase in extract purity with 
less decrease in solubility. Thus 5% of water addition in 
DEG has the most favourable effect for this system. On 
the other hand, 10% of water is too much in both 
sulpholane and DEG, as seen in Table 6. 

A comparison of the effect of the water addition on 
the selectivities at 90°C temperature in the present 
system can be made by the examination of Table 7. It 
can be clearly seen that the addition of small amounts 
of water to solvents (2° to sulpholane and 5°, to DEG) 
has a more pronounced effect on the solvent selectivity 
than a decrease in temperature of 20°C. 


Table 7 


Solvent benzene 


2 S 25.34 
S 29.39 

S 53.17 

DEG 17.80 9.35 

DEG 19.88 13.85 

DEG 30.95 18.24 


S = Sulpholane, DEG 


“. water toluene 


16.67 
21.68 
36.68 


Diethylene giycol 
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xylene 


14.60 


25.63 


PRODUCT AROMATICS IN 


Raffinate 


(gZ) 


Aromatic extract 


(g) Extract Raffinate Yield 


4 


19.99 12.6 


9.11 
4.44 
6.89 
60.05 19.33 §.33 


—NwWN SW 
tL S 


= 


62.9 24 3.1] 


CONCLUSION 
Diethylene glycol which is the most common solvent 
used in extraction of aromatics from platformates was 
compared with a relatively new solvent, sulpholane, in 
terms of yield and selectivity. Platformate used for this 


study contained totally 39.5°, (wt) of light aromatics 


(BTX) which is generally a low value compared with the 
catalytically reformed naphthas industrially used for this 
purpose. 

It was found that increasing the temperature caused 


an increase in yield but a decrease in extract purity and 
thus selectivity. Increasing the S/F ratio increased the 
yield at the expense of economics. The effect of dilution 
of feed was that it lowered the yield but increased the 
total aromatics selectivity and this effect was more 
enhanced in DEG systems than in sulpholane systems 
It was observed that for multicomponent systems both 
the solvent solubilities and selectivities were lower than 
they were in binary feed mixtures and selectivity was 
inversely proportional to the boiling points of aromatic 
components to be extracted. From the comparison of 
two solvents it was concluded that sulpholane had a 
higher solubility for hydrocarbons, thus gave higher 
yields than DEG. For certain feed mixtures sulpholane 
was more selective and for the others DEG selectivity 
was higher 

From this study it was found that to obtain a balance 
in solvency-—selectivity for DEG, operating temperature 
should be in the vicinity of 90°C and S/F ratio be 5 
and for sulpholane temperature should be around 20 ¢ 
and S/F ratio be 3/1. In this respect sulpholane is more 
economical than DEG 

It was also observed that water addition increased the 
selectivity at the expense of lowering yield 
dition of 2°, of water in sulpholane and 5 
DEG increased the effectiveness of solvents 


Thus ad- 


of water in 


Selectivities of Hydrous Solvents 


o- p or m ethy 
xylene benzene 


7.53 10.15 11.00 


15.38 15.62 
26.82 
5.68 6.05 
6.40 7.99 
9.89 19.89 
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Deactivation of Catalysts 
R. Hughes 
{cademi Press, 


pp 260. £30 


1984 


[his is one of the first works to be entirely devoted to 
the deactivation of catalysts. The subject previously only 
formed a chapter (usually at the end) of books concerned 
with catalytic reactors in general. It is written primarily 
for chemical engineers and is based upon the author’s 
h over some fifteen years. The book is a timely 


recear 
Cscalc 


addition to the reaction engineering literature and brings 
together work scattered over thirty years. Deactivation 


phenomena are categorised into sintering, poisoning and 
fouling, with each category being introduced and care- 
fully defined with respect to industrial examples. This 
approach should help to resolve the areas of controversy 
on defining the different types of activity loss, although 
confusion often arises because two or more of the 
deactivation categories are present simultaneously and 
the contributions of each of these individual components 
are not always easily separated or individually identified. 

[he mathematical formalism for each type of deacti- 
vation is generated for individual catalyst particles. 
Thereafter, these particle treatments are incorporated 
into reactor steady state equations, with emphasis on 
‘fixed bed’ reactors. In this way a completely quan- 
titative framework for reactor description can be arrived 


This is then followed by consideration of the choice of 


optimal reactor type and operation of catalytic reactors 
faced with activity loss. The optimal operation consid- 


erations relate mainly to temperature manipulation and 
determination of the time after which continued oper- 
ation would be uneconomic. The whole treatment is then 
comprehensively completed by a final chapter devoted to 
regeneration. It is often at the regeneration stage that ithe 
intrusion of deactivation is at its most unwelcome and 
where the costs of deactivation are most apparent. In the 
case of the fluid bed cracking, the tail literally ends up 
wagging the dog, with, for example, the capacity to 
exploit the high activity of zeolites being restricted by the 
rate of coke oxidation in the regenerator. 

Dr. Hughes’ book therefore provides us with a most 
thorough compilation of the deactivation literature and 
erects a practically useful quantitative framework for 
reactor description. It should lead us forward to rational 
decision making for improved operation of current 
reactors and enable us to begin to innovate new designs 
for the next-but-one generation of catalytic reactors. In 
some ways, it 1s evident that empiricisms and lack of 
rigour have made it difficult to alieviate the impact of 
deactivation and deterred us from creative solutions. 
There appear to be two clear ways ahead. One is to 
quantitatively incorporate the role of pore structure into 
the descriptive framework, thereby enabling catalyst 
manufacturers to design and fabricate particles resistant 
to deactivation. The other is to devise catalysts which 
can beneficially incorporate impurity poisons and coke 
precursors, thereby transforming a vice into a virtue. In 
the meantime, Dr. Hughes’ book will be an indispensible 
companion. 


R. Mann 
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FORCES ON HORIZONTAL TUBES IN GAS 
FLUIDISED BEDS 


By J. R. GRACE (MEMBER) and N. HOSNY 


Department of Chemical Engineering, University of British Columbia, Van 


ouver, Canada 


Vertical and horizontal forces were measured experimentally using externally-mounted strain gauge-force transducers for three 
bare tubes and one finned tube in fiuidised beds of five different powders. Static forces dominated at low gas flowrates, while 
bubble-induced pulses became dominant at high flowrates. RMS forces generally increased with increasing tube size, bed depth, 
particle diameter and particle density. Vertical forces tend to be much larger than horizontal forces. A simple mechanistic mode! 
gives reasonable predictions of the RMS forces and of the variation of these forces with superficial gas velocity, tube size and 


particle properties. 


INTRODUCTION 

Heat is often extracted from fluidised bed reactors by 
bundies of immersed horizontal tubes. These tubes are 
subject to forces of irregular magnitude and duration 
caused by the vigorous bubble and particle motion in the 
bed. These dynamic buffeting forces can cause vibrations 
of tubes which can enhance heat transfer and help solids 
to move freely through the tube bundle. However, 
excessive vibration can lead to tube wear and even 
failure, especially in the hostile environment found in 
many fluidised beds where the tubes are also subject to 
high temperatures, abrasive solids, and corrosive gases 
It is therefore important to be able to characterise the 
forces so that the tubes and their supports can be 
designed to maintain vibrations within a limited range. 

When an object is immersed in an incipiently fluidised 
bed, the object is subject to an effective buoyancy force 
which is of the order of the weight of dense phase 
material displaced by the object' *. As the superficial gas 
velocity is increased, dynamic buffetting forces are en- 
countered due to the pressure field and particle motions 
associated with gas bubbles’ °. Fixed tubes tend to be 
pushed upwards during the approach of bubbles and 
then downwards as the bubbles leave the tubes and rise 
towards the bed surface. While the dynamic forces on 
the tubes are related to the bubbles in the vicinity of the 


tubes, the population of bubbles and even the regime of 


Operation may, in turn, be affected by the presence of the 
tubes’. At sufficiently high superficial gas velocities, the 
bubbling regime gives way to turbulent fluidisation 
where the amplitude of the forces on immersed tubes is 
reduced. Hence the bubbling regime is of particular 
interest to the designer since the forces encountered have 
maximum amplitude and are hardest to characterise. An 
understanding of the forces on tubes might also help in 
explaining and minimising tube erosion in fluidised beds, 


a subject of considerable importance in the operation of 


fluidised bed combustors. 

In an earlier paper® we have examined certain proper- 
ties of the forces acting on a single 32mm diameter 
horizontal tube in a bed of 430 um sand particles. It was 
shown that the forces exhibit statistical stationarity and 


consist of periodic components as well as random com- 


ponents. The frequency of force pulses was in the 
of 0-20 Hz with peak frequencies of 1-3 Hz 
ment with the earlier measurements of Kennedy et al* 
vertical forces were several times larger than horizontal 
forces for the same operating conditions, and the mean 
and RMS amplitude of forces increased as 
velocity was raised, levelling off at high 
velocities 

In this paper we consider the effect of 
operating variables on the vertical and horiz 
experienced by single tubes. In addition t 
velocity, operating variables include stati 
particle diameter, particle density, 
tube shape (finned vs unfinned). A 
presented which gives a reasonable 
magnitude of the forces encountered a1 
trends. The effect of tube length 
investigated by Kennedy et al*, whik 


adjacent tubes has been considered 


studies by Turner and Irving’ and Hosn' 


EXPERIMENTAL APPARATUS AND 
PROCEDURE 
The experiments were carried out using 

column of rectangular cross-section, 215 mn 
and height 1.52m. The distributor was 
plate, with the plenum chamber connected 1 
via a flexible bellows to eliminate transmitt 
A cyclone and dip-leg were provided 
over solids to the bed. A 


column, including dimensions, appea 


| 
indicated, windows were provided or 
the top for viewing. Properties of the 
particulate materials are listed in Table 
Four different hollow test cylinders 
mild steel, were mounted horizontal 
200 mm width of the column and proje 
be supported by two strain-gauge—for« 
semblies exterior to the column, one 
annular gap between the tubes and the 
both ends was sealed with a rubber ant 
enough to prevent sagging but loose 
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Schematic of the fluidisation column and its auxiliaries. All 
nsions are in mm. |-cyclone; 2-tube panel; 3-test cylinder opening; 
flexible bellows; 5-top glass window; 6-side window 


was negligible interference with the force measurements. 
Forces on the tubes were delivered to load beams, one 
at either end, each acting like a cantilever beam support- 
ing one end of the tube. The strain caused by deflection 
of the !oad beam is measured by the strain gauge. The 
entire assembly could be rotated through 90° so that 
both vertical forces and horizontal forces (normal to the 
tube axis) could be measured separately. The maximum 
deflection of the gauge was less than 0.25 mm in each 
Case. 

Three of the instrumented tubes had circular cross- 
sections with outer diameters of 15, 25 and 32 mm. The 
fourth tube was externally finned, with a maximum outer 
diameter of 22 
15mm and eight longitudinal fins of width 1.6 mm. The 
cross-sections of these four tubes are shown in Figure 2. 
All tubes were smooth relative to the particles used. The 
resonant frequencies of all tubes exceeded 500 Hz, well 
above the frequency range of interest discussed below. 
The axis of each test cylinder was 300 mm above the top 
of the gas distributor for all force measurements. 

The natural frequency of the  instrumented- 
tube—gauge-assembly was measured experimentally by 


f particles used in the experiments 


.Y p l 
(kg/m°) (m/s) 


2600 0.15 0.41 
2600 0.078 0.42 
2600 0.039 0.44 
4100 0.14 0.52 
9?0 0.029 0.49 


the weight fraction collected 


232mm, a minimum outside diameter of 


a 


D=15 mm . 
d=8 mm D=32 mm 
d=15 mm 


Figure 2. Tube cross-sectional dimensions 


applying light impulses. Results appear in Table 2. The 
natural frequencies of the assembly were found to exceed 
100 Hz for the tubes immersed in an incipiently fluidised 
bed of 430 um sand and exceed 125 Hz for the tubes in 
air. Since the effective viscosity of fluidised beds is 
expected’ to be lower for smaller particles and at 
U>U,,, it is safe to assume natural frequencies in 
excess of 100Hz for all cases. This is an order of 
magnitude greater than the largest expected forcing 
frequency associated with bubbling. Static calibration of 
the force transducer was carried out by hanging static 
loads from the centre of the test cylinders and by using 
a pulley and light fishing line to apply the same loads 
vertically upwards 

Each strain gauge was bonded to a high-strength steel 
element and had a capacity of 98 N with an overload 
capacity of 200°. The strain gauges were connected 
electrically to form balanced Wheatstone bridges. Each 
gauge was calibrated separately and shown to be linear 
up to the maximum applied force, to give equal signals 


Table 2. Natural frequency of tube-gauge assembly for different tube diameters 


Size of the 
test cylinder 
(outside diameter 
in mm) 


Natural frequency (Hz) 


Test cylinder in an Test cylinder 
incipiently fluidised bed in air 
220 
136 
102 


l 
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for the same load applied upwards or downwards, and 
to agree with each other within 0.8°,. Electrical signals 
from each end were amplified, filtered to remove fre- 
quencies above 50 Hz, and recorded on magnetic tape. 
The tape was later replayed into an analogue-to-digital 
conversion unit for detailed analysis. The signals could 
also be recorded to give permanent visual force-vs-time 
records or displayed on an oscilloscope. Full details are 


provided by Hosny” 


EXPERIMENTS RESULTS AND 
DISCUSSION 

It has been demonstrated* that results for a single tube 
are similar to those for an upstream tube in an array, and 
that the upstream row is generally subjected to the most 
severe loading to which tubes in a bundle are exposed 
Hence the single tube represents an important case in 
itself in defining the upper limit of forces for mechanical 
design purposes. 

The experimental range of conditions is outlined in 
Table 3. The general character and statistical com- 
position of the vertical and horizontal forces and their 
relationship to bubbling have been reported and dis- 
cussed elsewhere’. 
tube size and shape (finned vs unfinned), particle proper- 
ties (size and density) and static bed height as well as 
confirming the influence of superficial gas velocity cov- 
ered in earlier work* ‘ 


Effect of Tube Size 


The roct-mean-square (RMS) vertical forces are plot- 
ted in Figure 3 for all four tubes with 430 um sand 


particles and lL U.~ from 0.05ms~' to 1l.2ms 

Each plotted point is based on 9000 individual data 
points. The ratio of RMS forces for the three bare tubes 
always lie between the ratio of volumes (1.0:0.6!:0.22) 
and the ratio of diameters (1.0:0.78:0.47). At low air 
velocities, where bubbles are absent, the ratio ap- 
proaches the volume ratio since the buoyancy force for 
a totally immersed tube is approximately given by the 
weight of the displaced dense phase*. At high gas 
velocities, dvnamic forces become dominant and forces 
are expected to be proportional to the cross-sectional 
area of the tubes, and hence to their diameters. This 
trend, i.e. the force ratio proportional to D~ at low 
U — U,, but approaching the diameter ratio at high flow 
rates, is consistent with the data in Figure 3. The broken 


Table 3. Operating conditions for 


Particles 


430 um sand 15, 25 ar 32 mm 0.05, 0.10, 0.20, 0.3 
0.80 2 and 1.4 
280 um sand 32 mm 30) 0.05. 0.10. 0.20. 0.3 
0.80. 1.2 
185 um sand 32 mi 3 0.05 
ind O.80 
alundum 0.50. 0.10. 0.2 
0.80, 1.2 and 1.4 
0.05. 0.10. 0.20 


and 0.80 
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In this paper we show the effect of 
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a. \ 
~15-bare 





Figure 3. RMS vertica 

function of excess superficial gas velocit 
a Static bed depth of 0.30 m. The 
model; 32-bare denotes 32 mn 


lines in Figure 3 are predictions from 
cussed below 

Typical power spectral estimates of vertic: 
zontal forces have been presented previously 
frequencies in the power spectral densities of 
forces are presented in Table 4 for the vari 
each case the peak frequency lies in range 1.5 
3.0Hz, approximately the same ran is found 
Kennedy et al’ and by Turner and 
appears to have very little influence 
quency. Power spectra presented by 
little influence of tube size on freat 
force signals. These findings reflect the fact 
are responding to bubbles which tend to | 
than the tube cross-section for the 


us tubes 


vestigated 
RMS and mean horizontal for 
two largest unfinned tubes and the fint 
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Figure 4. RMS and mean horizontal force for single bare and finned 
tubes as a 


function of excess superficial gas velo. ty for 430 4m sand 
particles and a static bed depth of 0.30m. The broken lines are 


t 
predictions from the model 


4. The mean horizontal force is very nearly zero for all 
tubes, showing symmetry as expected. The RMS values 
are approximately proportional to the tube diameter at 
all gas velocities. Both these findings are consistent with 
the hypothesis that horizontal forces arise solely from 
dynamic bubble-induced factors. In agreement with ear- 
lier work**, the horizontal components of force shown 
in Figure 4 are much less than the corresponding vertical 
components shown in Figure 3. 


Effect of Tube Shape (Finned vs Unfinned Tube) 

Experimental RMS vertical forces for the finned tube 
are shown in Figure 3 in comparison with the corre- 
sponding results for the unfinned tubes. Recall (see 
Figure 2) that the finned tube had maximum and 
minimum outer diameters of 32mm and 15mm re- 
spectively, equal to the outside diameters of the largest 
and smallest bare tubes. At low gas velocities, where 
buoyancy forces are dominant, the RMS force ap- 
proaches that for the ‘inscribed’ 15mm dia bare tube 
having a similar volume. The RMS force curve for the 
finned tube is approximately parallel to that for the 
32mm bare tube, the difference in the two curves 
probably representing differences in buoyancy forces 
and in the weight of the stagnant cap (larger for the 
finned tube). The dynamic forces for the finned tube and 
the 32mm bare tube (with its diameter equal to the 
circumscribing diameter of the finned tube) appear to be 
very similar, as judged also from power spectral plots'” 
Furthermore, as shown in Table 4, the major power 
spectral frequency for vertical components of force on 
the finned tube is very similar to that for the 32 mm bare 
tube over the range of flow rates investigated. 


RMS and mean horizontal forces on the finned tube 
are compared with those for the two largest bare tubes 
in Figure 4. While the mean values are again zero as 
expected, the RMS force for the finned tube is nearly 
the same as that for the 32 mm bare tube. This again 
indicates that dynamic forces are almost equal for finned 
and unfinned tubes of the same outer diameter since 
buoyancy and dead zone (stagnant cap) weight do not 
contribute to the horizontal force. 


Effect of Bed Depth 

Measurements of vertical and horizontal forces were 
carried out with the 430 ym sand particles at superficial 
velocities of 0.05 to 1.4ms~' and for static bed depths 
of 0.30m and 0.45m. The 32mm unfinned tube was 
fixed with its axis 0.30 m above the distributor in all of 
these cases. 

The RMS and mean vertical and horizontal forces are 
piotted for the two different bed depths in Figure 5 as 
functions of excess superficial gas velocity, U — U,,. It 
is seen that the RMS forces are always somewhat greater 
in the deeper bed than in the shallower bed. This is 
probably associated with the tendency for larger bubbles 
and more gulf-streaming to occur in the deeper bed'' 
causing larger dynamic forces. The mean vertical force 
is also greater for the deeper bed over most of the range 
covered. However, the mean vertical force for the deeper 
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Figure 6. Effect of particle size on RMS vertical and horizontal forces 
on single 32 mm diameter bare tube in beds of static depth 0.30 m. The 
broken lines are predictions from the model 


bed falls below that of the shallower bed at high 
(U — U,,,). This may be due to larger downward pulses 
for the deeper bed resulting from the eruption of larger 


bubbles which in turn cause more energetic collapse of 


the bed surface. As expected, the mean horizontal force 
is zero regardless of the bed depth. In accordance with 
earlier results, RMS horizontal forces are considerably 
lower than the corresponding vertical forces under all 
conditions. 


Effect of Particle Size 


RMS vertical and horizontal forces are shown for the 
three sizes of sand (d, = 430 um, 280 wm and 185 wm) in 
Figure 6. There appears to be little influence of particle 
size for (U — U,,) less than about 0.5ms~'. This is 
expected since all three sizes of sand fall within the Type 
B classification of Geldart'*. However, at higher gas flow 
rates, the intensity of both vertical and horizontal forces 
begins to level off and decrease, with the maxima being 
achieved at lower values of (U —U,,) for the finer 
particles. This may result from increased bubble splitting 
and an approach to turbulent fluidisation conditions for 
finer particles, a transition’? which occurs sooner for 
small d,. Increased hold-up of the solids in the freeboard 
and cyclone may also contribute to smaller measured 
RMS forces for the finer particles at high U — U,,. 
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Effect of Particle Density 

The effect of particle density can be discerned by 
comparing results for the intermediate size sand (p 
2600 kg m ~~ *) with those for alundum (p, = 4100 kg m~*) 
and polyethylene powder (p, = 920 kg m~*). The three 
materials all had approximately the same mean particle 
size (d, = 280 to 295 ym). The sand and alundum belong 
to group B whereas the less dense polyethylene falls 
within group A of the classification scheme of Geldart 

RMS vertical forces are compared for the bare 32 mm 
tube in Figure 7 for static bed depths of 0.30 m. At low 
values of (U — U,,,), the alundum and sand show similar 
behaviour, although the denser alundum gives higher 
Static forces because of the greater weight of displaced 
particles. The two curves deviate significantly at 
(U — U,,) higher than about 0.5ms The RMS forces 
for the lightest (polyethylene) particles differ over the 
entire range of (Ll U.,,). The much lower forces experi- 
enced by the tube in the bed of polyethylene result not 
only from reduced buoyancy and dynamic forces caused 
by the lower solids density, but also from expansion of 
the dense phase and smaller bubbles which must occur 
for this group A powder’. The final part of the curve for 
the polyethylene is broken to reflect the fact that en- 
trainment and electrostatic deposition of these particles 
on the column walls and cyclone were severe over this 
velocity range, making it very difficult to obtain re- 
producible results. 

Horizontal forces have also been plotted by Hosny 
fer particles of different density. These show essentially 
zero mean values in all cases. The RMS horizontal forces 
approach 0 as U-+U,,, reflecting the fact that horizontai 
Static forces are nil, whereas the heavier alundum par- 
ticles again show the highest RMS forces at high 
U — U,,, due to the dependence of dynamic forces on p 
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MECHANISTIC MODEL TO PREDICT 
DYNAMIC FORCES 

A model, to be successful, must represent the key 
elements of the hydrodynamics. Since the RMS forces 
are of greatest importance in design, we confine our 
attention to the vertical and horizontal RMS com- 
ponents. At low gas flow rates the forces are dominated 
by static buoyancy forces, while bubble-induced pulses 
dominate at higher flow rates. Whereas the true forces 
are composed of pulses of varying amplitude with 
irregular intervals between them, it is convenient to 
consider the forces as composed of square-wave pulses 
of fixed amplitude during four separate fractions, ¢,, of 
the total time: 
Period 1: During this fraction of the total time given by 


o,=1-—¢,-—0;,;-— 9, (1) 


4 


the tube is not within the sphere of influence of any 
bubbles. The vertical component of force is therefore 
given by the effective buoyancy force 


(Fy), = 0.7p.(1 — Ene) eV (2) 


where V; is the volume of the tube immersed in the bed. 
The force is expected to be somewhat less than the 
weight of displaced particles due to the tendency for a 
‘stagnant cap’ of particles to form on top of an immersed 
tube; the value of the constant coefficient 0.7 used here 
is based on experimental observations'*'*'>. Since static 


forces do not contribute to the horizontal component of 


force, we write 
(Fis) = | (3) 


Period 2: During periods of this type the tube is 
influenced by bubbles approaching the tube from below. 
The fraction of the time corresponding to bubble ap- 
proach is given by 


$; =fpH,/ Us (4) 


where the height of influence, H,, is assumed to be one 
bubble diameter, subject to the constraint that 
H, < x; — D/2 — Dx. so that bubbles have room to form 
and rise. The bubble frequency was, as discussed above, 
insensitive to operating conditions, so a constant (mean) 
value of 2.2s~' was taken for all cases. The bubble 
diameter, D,, was estimated using the method of Mori 
and Wen". The bubble velocity, U,, was calculated 
according to the usual approach 


U, = Ug, + (U ius) (5) 


For bubbles of D, < 0.125 times the column hydraulic 
diameter we set 


Us; = 0.711 \/ (gDz) (6) 


For larger bubbles U,,; was corrected for wall effects 
using the approach of Wallis'’. The magnitudes of the 
dynamic force components during this period were 
assumed to be given by 

(F, )- = K, p (1 


(Fy », = Ky p. ] 


Emp )U RAY (7) 
Enc )U2A, (8) 


where Ky and K, are empirical constants. Values of 
Ky = 1 and K, =0.2 were found to give reasonable fits 


between the model and experimental data, and the ratio 
between these two values is of the same order as the ratio 
of the force components observed for individual bub- 
bles. The direction of the vertical forces given by equa- 
tion (7) is upwards, while horizontal pulses oscillate 
from side to side; however, the direction is unimportant 
with respect to the determination of the RMS force 
components. 

Period 3: During the fraction of the time given by 


od, = &8 ~ 0.6(U — Ujs)/Us (9) 


the tube is assumed to be engulfed by bubbles with 
negligible forces acting, i.e. 


(Fy); = (Fy); = 9 (10) 


The bubble volume fraction ¢, is calculated assuming 
that 60° of the gas in excess of that required for 
minimum fluidisation travels as the ‘visible bubble flow’, 
consistent with typical experimental results'®. 

Period 4: During the final fraction of time, 


o,=f,(H — x,— D/2—D,/2)/U, (11) 


the tube is influenced by bubbles from above. The 
quantity in the bracket in equation (11) is the distance 
from the rop of the tube to the bottom of the bubble as 
it erupts at the bed surface, assuming that the dome of 
the erupting bubble protrudes by approximately D,/2 at 
the bed surface. The expanded bed height, H, was 
calculated using the procedure outlined by Grace”. 
Observations of the traces of instantaneous forces versus 
time suggested values of the force components during 
this period of 


(Fy = (Fy) 
and 
(Fy), = 0 (13) 


- 0.065(Fy ), (12) 


Now that all the time fractions and force components 
have been specified, the RMS forces are then calculated 
as follows: 


(Fy Jems = y @ (Fy )? ) 


(Fu)eus = | ¥ o(Fu)} ) (14) 
\ 

In the limit as (U — U,,,)->0 the predicted RMS vertical 
force approaches the effective buoyancy force, given by 
equation (2), while the predicted RMS horizontal force 
approaches 0, in agreement with experimental obser- 
vations. 

Predictions from this semi-empirical mechanistic 
model are plotted together with the experimental data in 
Figures 3, 4, 6 and 7. In Figure 3 the model is seen to 
predict the correct general trends, i.e. an increase in 
RMS vertical forces with increasing (U — U,,,) leading to 
a levelling off at higher flow rates and increasing forces 
with increasing tube diameter. The predicted curves are, 
however, steeper than the experimental values. The 
curve for the finned tube is correctly predicted to lie 
below that of the 32 mm o.d. cylindrical tube, but the 
predicted gap between the two curves is less than that 
experienced in practice, probably because the stagnant 
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cap is more stable for the finned-tube than for the 
bare-tube. Nevertheless, in view of the approximations 
in the correlations for such factors as bubble diameter, 


bubble velocity and visible bubble flow, the degree of 


agreement is satisfactory. In Figure 4 the model is again 
seen to predict the correct general trend and the right 
spread between the curves for horizontal RMS forces 
with different sizes of tubes, but the predicted variation 
with (U — U,,,) is again steeper than that measured. This 
difference may result from the tendency for large bubbles 
to pass around the side of a tube whereas smaller 
ones are more likely to impact on the tube’. The 
model predicts no difference between the 32mm 
cylindrical tube and the finned tube, in accordance with 
the experimental results which show the difference to 
be negligible. 

The model predictions have not been included in 
Figure 5 because of the congestion of curves. It should 
be noted, however, that the model predicts almost no 
influence of the static bed height on the vertical and 
horizontal forces whereas an appreciable effect is evident 
in the experimental results. The reason for the higher 
measured RMS forces with the deeper bed is not readily 
apparent. The effect of bed height may be associated 
with increased ‘gulf-streaming’ in the deeper bed causing 
an increase in bubble velocities, an effect not represented 
by the bubble size and velocity correlations incorporated 
in the model. In addition, it should be remembered that 
equation (5) is only valid as an approximation for 
average bubble velocities in a swarm, with the (U — U,,) 
term due primarily to bubble interactions, not continuity 
effects'® °°. The deeper bed will have more leading bub- 
bles in advance of the tube, and hence may be expected 
to give higher bubble velocities’. 

The predicted and experimental influence of particle 
size is demonstrated in Figure 6. The effect of particle 
size is predicted to be small at all gas flow rates; in 
practice, the influence of d, was indeed small at low 
(U —U,,), but the experimental curves diverge 
significantly at higher (U — U,,,;). The maxima and turn- 
down in the curves for the two smaller particle sizes may 
well be due to bubble break-up, and possibly even to a 
gradual change in the regime of fluidisation, factors not 
accounted for in the model. 

The predicted effect of particle density 1s plotted in 
Figure 7. Again the model does a good job in predicting 
the displacement of the curves relative to each other, but 
fails to predict the maximum in the force vs excess 


superficial gas velocity curves for the two lighter types of 


particles. Bubble break-up and an approach to turbulent 
fluidisation conditions may again be responsible for the 
different curvature. 

While the model consistently predicts curves which are 
too steep, it does give the correct order of magnitude and 
all trends agree with the experimental resulis except for 
the influence of static bed height. Clearly better fits could 
be obtained by introducing further empirical constants, 


but this was avoided in order to retain the simplicity of 
the model. The model can be extended to columns of 


different scale when correlations are available to predict 
the bubble properties. In principle, the model can also be 
used for multiple tubes present in a bundle, but more 
information is required on how bubble sizes and fre- 
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quencies depend on tube spacing and geometry before 
reliable predictions can be made 


CONCLUSIONS 


At superficial gas velocities close to the minimum 
fluidisation velocity, vertical forces are primarily com- 
posed of static forces due to buoyancy and the weight of 
any stagnant cap on top of the cylinder. Horizontal 
forces then approach zero. As the superficial gas velocity 
increases, the forces, both vertical and horizontal, be- 
come dominated by irregular pulses associated with 
rising bubbles. As in previous work, horizontal forces 
were found to be much less than vertical forces, and 
RMS forces increased to a maximum with increasing 
superficial gas velocity. The frequency content of the 
pulses was always in the range 0-20 Hz with a peak 
frequency between 1.5 and 3 Hz 

The forces on a single immersed tube were found to 
increase with increasing tube diameter. For the finned 
tube the RMS force approached that of a bare tube of 
the same volume at low gas velocities and that of a bare 
tube of diameter equal to the outer diameter at high 
velocities. For most of the range of conditions in- 
vestigated, RMS and mean forces increased somewhat 
with increasing bed depth. Particle size had little 
influence at low excess superficial gas velocities, whereas 
the measured forces increased sharply with particle size 
at larger l ( Forces increased strongly with in- 
creasing particle density, especially when the change in 
density resulted in a transition from type A to type B 
powder behaviour 

A mechanistic model was developed which visualises 
four separate periods of bubble influence on the tube 
corresponding to absence of nearby bubbles, bubble 
approach, engulfment, and bubble departure. The model 
predicts that the force approaches the effective buoyancy 
force as (l U..,) approaches 0, while dynamic bubble- 
induced forces dominate at high superficial gas veloci- 
ties. With several fitted constants [Ky = | in equation (7), 
K,, = 0.2 in equation (8), H, = Dg, in equation (4) and the 
coefficient 0.065 in equation (12)], the model correctly 
predicts the general shape of the force versus superficial 
air velocity curves, but the predicted curves are steeper 
than those measured in practice. The model correctly 
predicts the effect of particle size, particle density and 
tube shape (finned vs unfinned) on both the vertical and 
horizontal RMS forces, but fails to account for an 
observed influence of static bed depth. The model can be 
used to estimate forces on tubes in large-scale fluidised 


beds. 


SYMBOLS USED 


projected area O ube in a plane 


the force 

outer diameter of tube 
bubble diameter 

inner diameter of tube 
surtace-to-volume meal 
force acting on tube 
bubble frequency 
acceleration due to g 
expanded bed height 
height of influence fron 


empirical constant 





Subs 


H 


GRACE 


superficial gas velocity 

bubble velocity 

velocity of a bubble in isolation in the given column 
superficial gas velocity at minimum fluidization 
volume of immersed tube 

height of tube axis above the distributor plate 
fraction of bed volume occupied by bubbles 

bed voidage at minimum fluidization 

fraction of time spent in periods of type i 


’ ipt .) 


V_ horizontal, vertical 
corresponding to i-th period 


RMS root-mean-square 
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FLOW OF POLYMER SOLUTION IN POROUS MEDIA 
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INTRODUCTION 
Polymer additives are used extensively to modify the 
rheological properties of solutions in a wide variety of 
industrial applications such as emulsion polymerisation, 
formulation of latex paints, cosmetics and detergents. 
Increasingly important application is also to be found in 
the field of Enhanced Oil Recovery (EOR), principally 
as a means of increasing the viscosity of drive fluids in 
petroleum reservoirs. In EOR processes, the polymer 
solution flows through a complex network of fine pores. 
The in-situ viscosity is, therefore, a very important factor 


governing both the rate of flow and distribution of 


polymer solution and associated immiscible liquids in 
the reservoir porous media. Concentrations of only a few 
hundred ppm of polymer in water can provide greatly 
increased viscosities. However, the requirements for even 
a small EOR project are very large. Thus, there is 
considerable economic incentive to reduce the specific 
concentration of polymer required in field applications. 


It is normal practice to measure the viscosity of 


reservoir fluids at the anticipated shear rate, using 
standard viscometry techniques. The emphasis in this 


communication is on predicting the in-situ value of 


polymer solution viscosity, since it is the effective vis- 


cosity actually achieved in the porous media which is of 


most practical importance 


didadatad ital 























Figure | 


EXPERIMENTAL 


The experimental equipment used is shown in Figure 
1. Polymer flow studies were carried out using horizon- 
tally mounted cylindrical cores of Elginshire sandstone 
having an average porosity of 0.2. These were fired at 
850°C and subsequently sealed externally by an epoxy 
resin coating. Two cores were used having lengths of 
0.159 m and 0.308 m and of diameter 0.045 m. The initial 
preparation involved evacuating the cores and then 
passing CO, through for about 30 min. After evacuating 
the core again, it was saturated with water. It was then 
brine flooded at different flow rates using a constant rate 
pump. For this case, the measured permeabilities were 
1.74 um*° and 1.61 um respectively, for the short and 
long core 

The polymer used in the experiments was a poly- 


saccharide biopolymer ‘FLOCON 4800C’, manu- 


factured by Pfizer Chemicals Ltd. Polymer solutions of 


500 ppm and 1000pm in water were prepared and 
filtered prior to injection into the core. The pressure drop 
over the core was measured at different flow 
(4x 10°° to 500 x 10°°m’/h) 
ducers 


rates 
using trans 
The viscosity of the polymer solutions was 


measured using a digital Brookfield viscometer 


pressure 

















Experimental apparatus. VI-V11 are stop valves. PT is pressure transucer 
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EFFECTIVE VISCOSITY 
Even for very low concentrations of polymer, a 
marked reduction in mobility occurs due to the increase 
in viscosity. A reduction factor, R,;, can be defined for 
single phase flow as the ratio of the respective mobility 
for water and polymer solution: 
A, (kip), 
R (1) 
/ (K/L) 
Assuming that Darcy’s law applies for single phase flow 
of polymer through a porous medium, then the mobility 
is given by 
| 
A AP/L 


If it is now assumed that the permeability of the porous 
media to polymer is equal to that for brine, the effective 
viscosity of the polymer solution can be determined 
from 


(2) 


Le, = Rep, (3) 


The apparent viscosity of the polymer solution is related 
to the shear rate by: 


u=K; (4) 


where K is the Ostwald—de Waele constant and n is the 
power law index which can be derived from the apparent 
viscosity versus shear rate plot. The value of n was 0.53 
and 0.64 for 1000 ppm and 500 ppm polymer solution 
respectively. Odeh et al’ have indicated that the use of 
the power iaw relationship may result in the viscosity 
being underestimated when high shear rates are encoun- 
tered. Our investigation was in the shear rate range 
where the power iaw relationship is applicable. 

Calculation of shear rate in porous media is itself 
complex, but it is also further complicated by the fluid 
rheology. A power law relationship is, at best, only a 
good approximation and therefore limited in application 
specific range of shear rate. The modified 
Blake-Kozeny correlation, for example, requires meas- 
urement of the power law parameters, bed permeability 
and porosity. This gives the shear rate for a power law 
fluid in porous media as”: 


lo a 


3n+ 1 121 


4n / | 150k) 


(5) 


The above equation is not derived from straight- 
forward mathematical expressions, but from the most 
successful semi-empirical equation describing the lami- 
nar flow of a Newtonian fluid through packed beds. The 
factor of 150 in equation (5) is a result obtained from 
many experimental observations, as well as consid- 
eration of the two main assumptions made in the 
original theoretical development’. Firstly, the assump- 
tion of a mean hydraulic radius for the porous media 
flow gives too large a throughput for a given pressure 
gradient. Secondly, there is the implicit assumption that 
the path length followed by tracer flowing in porous 
media is equal to the bed length L. In practice, the liquid 
traverses a very tortuous path, the length of which would 
be much greater than L. The tortuosity of the compact 
porous material was found to be* between 2.0 and 3.0. 
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Figure 2. Apparent measured viscosity against shear rate 


In the case of a non-Newtonian polymer solution, it 
is extremely difficult to quantify the shear stress as it 
flows through porous material. The assumptions men- 
tioned above cannot be treated in a straightforward 
manner and the kinetic energy losses created by inter- 
action of the polymer molecule and the walls of the 
porous media flow channel are difficult, if not impos- 
sible, to establish. Dauben et al’ have given an excellent 
discussion on the importance of stress developments on 
the behaviour of polymer solution in porous media. 
Jennings” has obtained a simpiified form of the shear rate 
expression which does not require a knowledge of the 
power law parameter. Thus, 


Lv 


oR mogereren (6) 
‘ (0.5kd) ’ 


RESULTS AND DISCUSSION 

The measured shear rate dependency of 500 ppm and 
1000 ppm polymer—brine solution viscosites is shown in 
Figure 2. For the polymer flooding experiments in both 
the short and the long cores, the shear rates were 
determined from equations (5) and (6) at each flow rate. 
The apparent viscosity was obtained from Figure 2. The 
effective in-situ viscosity was calculated from equation 
(3). In Figures 3 and 4, the apparent measured viscosities 
and the effective in-situ viscosities are compared over the 
range of flow rates used. 

It is clear from Figures 3 and 4 that the ‘FLOCON’ 
polymer solution is shear thinning. Therefore, as the 
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Figure 3. Apparent measured and effective polymer viscosity against 
flow rate of 500 ppm polymer solution in short core 


polymer flows through the porous media, its viscosity 
gradually decreases as the flow rate, and hence the shear 
rate, increases. This observation is consistent with the 
Wang et al’ and Savins* interpretation of the flow of a 
power law fluid through porous media. 

Another observation was that the polymer solution 
did not plug the matrix. When both cores were washed 
with water after polymer flooding, the core perme- 
abilities were restored to virtually their original values. 
Indeed, after both cores were washed with sodium 
hypochlorite solution, the permability to water was 
restored to within 2 to 3°, of their original value. Also, 
when the viscosities of the effluents from cores flooded 
at various flow rates were measured, it was found that 
the viscosity of the polymer solution was unaffected by 
its passage through the cores. This means that the 
polymer solution regains its original viscosity, even after 
high shearing, which would normally be encountered at 
the well bore, and there is no permanent loss of viscosity. 
Another most interesting observation is that the effective 
viscosity of the polymer flowing through the porous 
medium is 20 to 40°, greater than actually measured 
values. This difference is attributed in part to limitations 
of the capillary model and also some deficiency associ- 
ated with predicting the corect permeability of the 
polymer. Nevertheless, the higher effective viscosity indi- 
cated is significant and has important economic impli- 
cations for polymer processes used in oil recovery. 
Figure 4 also suggests that the actual shear encountered 
by the polymer solution in porous media is less than that 
calculated using equation (4) or (5), both of which are 
a simple function of k and @. 

Dauben et al° have observed that the effective viscosity 
of the polymer solution in porous media is higher than 
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Figure 4. Apparent measured and effective polymer 
flow rate in long core 


the apparent viscosity, but their pseudoplastic polymer 
solution showed viscoelastic behaviour inside the porous 
media. They explained the increase in effective viscosity 
on the basis of increased flow resistance caused by the 
interaction between the polymer molecule and the ma- 
trix of the porous media. In our investigation, the 
polymer solution was pseudoplastic and was not altered 
when flowing through the porous media and hence the 
increase in effective viscosity can only be explained on 
the basis of porous media properties, viz. k and @. Our 
viscosity data can also easily be converted to mobility as 
the permability values are given. Odeh et al’ have 
indicated that the value of the parameter n obtained 
from steady state Brookfield data may differ from those 
which govern the flow of non-Newtonian fluids in 
porous media under unsteady state conditions. This 
problem has been eliminated in the present investigation 
by injecting the polymer solution until the steady state 
1.e. constant pressure drop at a given flow rate, was 
achieved. Hence the only variables that affect shear rate 
are the permeability and porosity of the porous medium 
Further work is in progress to systematically study the 
effect of A and @, in order to enable yu 
more accurately 


to be predicted 


CONCLUSION 


The use of simplified rheological models can lead 1 
a significant underestimation of the effective viscosity of 
polymer solutions flowing in porous media 
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work indicates that for a stable displacement, the 
effective viscosity can be 20 to 40% higher than the 
apparent measured viscosity. There is a need to develop 
a more accurate semi-empirical equation relating shear 
rate to the porous media properties. 
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SHORTER COMMUNICATION 


DETERMINATION OF THE LIQUID SIDE 
OXYGEN TRANSFER COEFFICIENT IN 
A BIOLOGICAL MEDIUM 
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*Suiker Unie Research, The Netherlands 
t+Laboratory of Bioengineering, Dept. of Chem. Technol., Delft University of Technology, The Netherlands 


In the study described here a simple method is presented to analyse the effect of the bubble diameter on the liquid side oxygen 
transfer coefficient. The results determined in pure water are correlated to literature data, which confirms the validity of the 
presented method. As an example also, measurements are made in one typical fermentation medium to show the effect of some 
medium compounds on the liquid side oxygen transfer coefficient. 


INTRODUCTION 
If a structured model is used to predict the oxygen 
transfer rate in a bioreactor, as for example is presented 
by Oosterhuis et al'’, the knowledge of the liquid side 
oxygen transfer coefficient k,, for the biological medium 
used, is necessary. 

From, for example, the penetration theory as devel- 
oped by Higbie*, it can be concluded that the liquid side 
oxygen transfer coefficient k, will be a function of the gas 
bubble diameter, d,. So, knowledge of this relation is 
essential. For oxygen transfer in pure water, the relation 
between k, and d, can be obtained from literature data. 
A comprehensive review of these data is given by 
Gestrich et al’. Also measurements are known for salt 
solutions and glycerol—water mixtures.’ From these data, 
it can be seen that the oxygen transfer coefficient is 
affected by the existence of compounds dissolved in 
water. However, little has been published about the 
oxygen transfer coefficients in complex systems like 
fermentation broths. 

In this study the results of measurements in a typical 
fermentation medium are presented. The oxygen transfer 
rate is determined in a bubble column. From these 
measurements the volumetric oxygen transfer rate k,a, as 
a function of the gas bubble diameter, can be obtained. 
Because also the specific contact area, a, is determined, 
it is possible to calculate the oxygen transfer coefficient, 
k,, from these data. 


MATERIALS AND METHODS 
Experimental set-up 
A perspex bubble column (internal diameter, D = 0.1; 
length, L = 1.0m) was used for these experiments. The 
volumetric oxygen transfer coefficient, k,a, was deter- 
mined by the dynamic method®. The increase of the 
oxygen concentration after switching from gassing with 


nitrogen to gassing with air, was measured by means of 
a polarographic oxygen probe (Electrofact Z512). This 
electrode, which had a response time much smaller than 
the characteristic time for oxygen transfer (1/k,a) was 
placed in a bypass, see Figure | 

This bypass was necessary because a good response of 
the electrode will only be obtained if the probe is placed 
in a liquid flow. The liquid is pumped through the bypass 


gas exit 
to soap film meter 


for flow detection 





Figure 
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by means of a peristaltic pump. However, this flow will 
cause disturbance of the gas bubble formation in the 
column. To prevent this, the liquid was pumped only 
(periodically) during a short period (6° per 30’). The 
period during which the liquid was pumped around, was 
long enough to obtain a stable signal. The total oxygen 
transfer in the column was very low, so the fact that the 
signal was only obtained twice an hour, did not cause 
problems in the signal assimilation. The time period of 
one measurement amounted to about 20 hr, which gave, 
however, no ageing problems of the electrode. 

The oxygen transfer coefficient, k,a, can be calculated 
from: 


Co.(t) = Co.(t = 0) — [Co,(t = @) 


Co.(t = 0)] exp(—kja x 1) (1) 


Calculation of the oxygen transfer coefficient this way is 
only possible if no oxygen gradients in the longitudinal 
direction of the column are present, neither in the 
gas-phase, nor in the liquid-phase. 

During an experiment in which no gas was bubbled 
through the column, the diffusion of oxygen through 
tube walls and the liquid gas surface at the top of the 
column could be determined. Also the electrode oxygen 
consumption can be determined this way. The other data 
obtained are corrected for this diffusion transport and 
electrode oxygen consumption. 


Gas bubble formation 

Generation of the gas bubbles occurred by gassing via 
a capillary tube mounted at the bottom of the column. 
This capillary tube could be easily exchanged, so that 
variation of the gas bubble diameter was possible. The 
frequency of bubble formation, dependent on the bubble 
diameter, was determined by counting the bubbles dur- 
ing a given period. Because of the low frequency which 
was used during the experiments, coalescence of the 
bubbles was impossible. The gasflow was determined by 
means of a simple soap film meter. 

The diameter of the gas bubbles flowing through the 
column can be obtained from equation 2, which holds 
only for spherical bubbles: 

tales (2) 
{7 
in which f is the bubble frequency (s~‘). 

Also the interfacial area of the bubbles in the column 
can be calculated: 

g ae (3) 
} 
in which t, 1s the bubble residence time in the column (s). 

For gas bubbles smaller than 2mm, photographic 
determination of the diameter was used. For that pur- 
pose the capillary was placed in a square column, so 
photographic determination was possible without devi- 
ations 


Medium 
The experiments were carried out in water as well as 
in a biological medium with the following composition: 


Pasveer (1955) 
+ Aiba et ai (1973) 


x Calderbank and Moo-Young (1961) 


4 
a= k, #10 (M/s) 
o 


+ 
= 
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Figure 2. k, measurements in pure water, comparison of experimental 
results with literature data (T = 20°C) 


glucose (108kg/m’), sodium gluconate (131 kg/m’), 
yeast extract (low chloride paste, Gist Brocades) 
(2 kg/m’) and oleic acid as an antifoam agent (50 ppm). 
The pH of the medium was set at pH = 3.0 by adding 
4N HCl. 

To prevent microbial growth during the experiments, 
a small amount of benzoic acid (1.0 kg/m°) was added. 

The temperature during the experiment was main- 
tained at 30 C, temperature correction to a normalized 
value of 20 C was possible by the following correlation’. 


k, (293 K) =k(T) 
l l 
exp 2200( —. | 
V | 293 T)}\ 


RESULTS AND DISCUSSION 
Pure water 

Figure 2 shows the results of the experiments carried 
out in pure water. These experimenial data are com- 
pared with data obtained from the literature. It can be 
seen from this figure that a good agreement is obtained, 
indicating the validity of the method as used in this 
study. The differences which are observed in our data 
compared with those obtained from the literature and in 
the literature data itself are a result of the variations in 
the methods used. Also the existence of impurities in the 
water or in the column (adsorption of surfactants to the 
column wall) can cause great deviations in the results 
obtained 


Medium 


‘he results of the experiments carried out in the 
medium are presented in Figure 3. Also, a comparison 
of these results with those obtained in pure water is 
made. It is observed from these measurements that the 
k, for one typical biological medium as used here is much 
lower than in water, for the whole range of bubble 
diameters. This effect can be caused by changes of the 
boundary layer of the medium which is also reported for 
waier—glycerol mixtures. The increase of k, bubble di- 
ameters 1.0<d,<2.0mm, which is observed in pure 
water also, will be caused by the transition of the bubbles 
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Figure 3. k, measurements in a biological medium compared with data from pure water (7 = 20°C) 


from rigid spheres to bubbles with a mobile boundary frequency 

layer and internal circulation. For larger bubbles liquid side oxygen transfer coefficient 
(d, > 2.5mm) a decrease of the k, is observed, in water ‘ volumetric oxygen transfer coefficient 
as well as in the medium. This decrease observed for the per ae —— 

medium is contrary to the observations of Calderbank t 

and Moo-Young’ who noticed a constant k, for larger temperature 

bubbles in glycerol/water mixtures. However, their re- volume 

sults are probably influenced by viscosity effects. A more aeons Tae Ae Ce Gee 

extensive study will be necessary to explain medium 
effects on the oxygen transfer coefficient, k,. The method 
as used in our studies is very easy to handle and can be 
a useful tool for such studies. 


time 
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Dhulesia' gave a correlation for valve trays based on 
rather limited experimental data for the froth-mixed and 
the mixed-spray transition respectively as 


tay (1) 


hy, 
d, 


where /i,, is the clear liquid height at transition, d, the 
hole diameter, U, the hole velocity and p, and p, the gas 
and liquid densities respectively. 

For the purpose of comparison, Dhulesia’ found that 
the data of Loon, Pinczewski and Fell- and of Prince, 
Jones and Panic, for the froth to spray transition on 
sieve trays fall very closely about the line represented by 


2.3 U,( =) (3) 


Pi 


= 1.5U,( | (2) 


Lockett* also plotted the froth to spray transition data 
for sieve trays in terms of /,+/d, vs U;(pc¢/p,)"° but using 
a much wider range of experimental data, including 
those used by Dhulesia’ for obtaining equation (3), and 
found that the data scatter within a band (see figure 6 
in Lockett*) and through linear regression, the following 
equation was given to represent the data. 


(4) 


Porter and Wong? had earlier proposed a model by 
considering that the gas velocity above a sieve tray slows 
down from the hole velocity U,, to the superficial velocity 
in the empty column U,. During normal operations, 
there exists between these two velocities a plane where 


the gas velocity corresponds to the terminal velocity of 


a ‘large drop’, U,, of the liquid concerned. These liquid 
drops will stay on this plane and when there is sufficient 
liquid present to cause the formation of a barrier which 
will act to concentrate the drops below this plane, 
transition from spray to bubbling is assumed to take 
place. Porter and Wong? did not proceed any further 
analytically, but instead, on the grounds of dynamic 
similarity, gave the following correlation 
far 9.0((U, — U,)/(U, 
d, 
which 
0<{(U, 


U.)| + 4.0 (5) 


represented _ their 
U)/(U, 


results in the range 
U.)] < 0.8. Ay, is the height of the 


mixture at transition and is_ related 
hy,~(1 — €) = h,y where ¢ is the voidage. 

Wong and Kwan,° realising the shortcomings of 
equation (5) which was found to be inapplicable to trays 
with free areas other than about 5%, gave a modified 
correlation as 


to hy by 


/ 
IMT _ 3.09( U,/U,) + 2.06 (6) 


Gy 


In the case of the annular-slug transition in vertical 
upward gas-liquid pipe flow, Taitel, Barnea and Dukler’ 
reasoned that annular flow cannot exist unless the gas 
velocity in the gas core is sufficient to lift the entrained 
droplets. Otherwise, these droplets will fall back and 
accumulate to form a bridge giving rise to the churn or 
slug flow patterns. In their analysis, Taitel et al.’ consid- 
ered the maximum stable drop size which, as pointed out 
by Chen and Spedding* was inappropriate and the ‘large 
drop’ terminal velocity given by equation (7) should be 
used instead. 


= 0.317 (p,/po)’ (m s~') (7) 


Thus, the annular-slug transition is simply given by 
equating the gas core velocity which remains constant 
with height to U, as given by equation (7). 

In the case of a sieve tray, the gas velocity decreases 
with height as shown by Porter and Wong.’ To describe 
the decreasing gas velocity above a tray in the normal 
operating range of 0 < (hy 7/d,) < 20, Chen et al.”"° 
assumed that the following equation, which is valid for 
the centre-line axial velocity decay of a circular jet, is 
also applicable. 

U K 
= (8) 
U, (x —90)/d, 
where K, is some parameter, and U is the axial velocity 
at a distance x from the jet orifice, and 6 the distance 
between the virtual origin of the jet and the orifice. 
Often, 6 may be omitted due to experimental uncer- 
tainties and equation (8) becomes, 
2 (9 
at anes ) 
l (x /d,) 

It is now possible to obtain equations for the spray- 
froth transition by combining equation (7) with (8) or (9) 
such that when U, = U, the distance x becomes hy; the 
height of the plane where ‘large drops’ accumulate to 
form a barrier. The resultant equations are, respectively 

lyr 


10) 
d. (10) 
and 


hy _ 


(1: 
d, a) 
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Substitution of equation (7) into equation (lla) and 
rewriting gives 


hy Kl —e) y (2 ’ 
. «a7 “4 

Comparison of equation (10) with equation (6) the 
correlation due to Wong and Kwan indicates that 
equation (8) with K, = 3.09 and 6/d, = 2.06, represents 
the velocity decay above an operating sieve tray. Chen 
et al.”'® have compared equation (8) with K, = 3.09 and 
6/d, = 2.06 against the measured velocity decay above 
dry sieve trays with free areas of 5.3 and 9.1% and 
reasonable agreement was obtained. It was noted”"’ that 
this was not to say that the presence of liquid has no 
effect on the velocity decay, but that the velocity distri- 
bution in the two cases are within the uncertainty 
associated with the determination of the spray-froth 
transition. 

Chen et al.”'’ also showed that equation (9) with 
K,= 4.0 matches equation (8) reasonably well in the 
range of interest indicating that equations (10) and (1 la) 
are equivalent when K, = 3.09, 6/d, = 2.06 and K, = 4.0. 


5s 


(11b) 


Moreover, at the spray-froth transition, the value of 


1 — € is generally in the range 9.15 to 0.30. Substitution 
of these values into equation (11b) results in 


} 
LT 1.89 U, (©) 
j a 


ay 


0.5 


(llc) 


and 


h 


Gy, 


(11d) 


Wy = 3.79 u,(“) 


PI 


Equations (llc) and (11d) in fact form the upper and 
lower bounds of the data plotted by Lockett’ in his figure 
6 which was used to obtain the correlation given here as 
equation (4). The flow pattern transition from spray to 
froth is therefore more properly described not by a line 
as given by equation (4), but by a band formed by the 
two lines described by equations (1 1c) and (11d). The use 
of a band rather than a finite line as the flow pattern 
boundary has been well recognised in two phase flow 
studies.'' Equation (3) given by Dhulesia’ for the spray- 
froth transition on sieve tray is therefore unrealistic as 
it was derived using a rather limited number of experi- 
mental data. Furthermore, one may view the region 
enclosed by equations (llc) and (11d) as one of mixed 
flow patterns consisting of both spray and froth. 

it is also of interest to note that Payne and Prince’* has 
given a correlation in terms of a Froude number which 
when written out in full becomes 


, I U; 
Po h (12) 
p, (l—e)gd, 


Rearranging 


h ‘ e)? ms 
= = 5 ax U,( =) 
dy, (z d,) PI 


While Payne and Prince’? obtained their data for cor- 
relation using sieve trays with d, = 0.48 to 0.64cm, a 
survey of the data used by Lockett* in plotting his figure 
6 had d, = 0.32 to 1.91 cm. Thus, using the most extreme 


(13a) 


combinations of | —¢ =0.15 to 0.30 and d, = 0.32 to 
1.91 cm to obtain the widest possible spread for equation 
(13a) results in 


(13b) 


(13c) 


Equations (13b) and (13c) give a mean value in good 
agreement with the linear regression line given by 
Lockett* shown here as equation (4). The spread of (13b) 
and (13c) is wider than that given by equations (1 1c) and 
(11d), but of course, the worst possible combination had 
been chosen in arriving at equations (13b) and (13c), and 
in practice, the spread will be much less 

For valve trays it would be reasonable to assume that 
in the range of Ay ;/d, of interest in the flow pattern 
transition, equation (9) may still be used to represent the 
axial velocity decay but with different values for K, to 
allow for the variation as a result of the different manne 
in which the gas is introduced. In fact, if the value 
K,= 3.0 was assigned, and again taking the range 


| —¢ =0.15 to 0.30, one obtains from equation (11b) 


his 1.42 u,( £5) 


4: 
d, 0; ( | i} 


his 2.84 U,(~*) (14b) 


d, Pp: 


Equations (14a) and (14b) are in good agreement with 
equations (2) and (1) the lines for the froth-mixed and 
mixed-spray transition respectively. The area enclosed 
by the lines given by equations (14a) and (14b) in fact 
form a band which covers the rather small number of 
data plotted by Dhulesia’ in his figure 7 for the spray 
mixed and mixed-froth transitions 

It is of interest to note that the analysis of Chen et 
al.” "" had also been applied to the fluid-solid system for 
the determination of the transition from a fixed to a 
spouted bed 

In conclusion, equation (3) given by Dhulesia’ for the 
spray-froth transition on sieve trays is based on rather 
limited data. When more data from a wider range of 
sources are plotted as done by Lockett,” considerable 
scatter is evident. While Lockett” gave equation (4) 
obtained by linear regression to describe the transition, 
the data clearly indicate that the transition should be 
better represented by a band rather than a line with the 
band described by the area between the lines represented 
by equations (llc) and (11d). One could view those data 
points that fall within this band as being of a mixed type 
of flow pattern. The correlation of Wong and Kwan. 
Lockett,* and Payne and Prince'’ are shown to be 
essentially equivalent and 
data from many different sources which are plotted by 
Lockett.* 

From a rather limited amount of experimental data ot 


jdia 


represent the scatte! 


the valve trays, Dhulesia gave equations (1) and (2) as 
being the transition from froth-to-mixed and mixed-t 
spray respectively. However, following the method of 
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analysis as applied to the sieve trays but allowing for the 
different nature of the gas jet associated with the valve 
tray by taking K, = 3.0 in equation (9), equations (14a) 
a1 : . Chem E, 51: 574 
and (14b) were obtained and the data for spray-mixed 
noe P - 3. Prince, R. G. H., Jones, A. P. and Panic, R. J., 1979, Distillation. 
and mixed-froth as reported by Dhulesia’ were found to 2.2/27 (I Chem E Symp Series No. 56) 
fall within the band formed by equations (14a) and Lockett, M. J., 1981, Trans 1 Chem E, 59: 26 
(14b). It therefore appears that while Dhulesia' was able . Porter, K. E. and Wong, P. F. Y., 1969, Distillation, 2: 22 (I Chem 
. - . opie ( 39 
to distinguish three types of flow patterns, namely froth, © soap aores Me. 3) a ; 
~d ; - 1 spr; stk a idea ente listing is] saly Wong, P. F. Y. and Kwan, W. K., 1979, Trans I Chem E, 57: 205. 
ae ee Sens Cet CAPs Coun Cm) Taitel, Y., Barnea D. and Dukler, A. E., 1980, AIChE J, 26: 345 
two, namely froth and spray. The transition from one to Chen, J. J. J. and Spedding, P. L., 1983, AIChE J, 29: 525 
the other as reported by the different experimenters Chen, J. J. J.. Wong, P. F. Y. and Kwan, W. K., 1982, Int J 
scatter about the region distinguished by Dhulesia as re we S v- acl 
7 . > > mem, 5.2. 3 an, ‘ zg, P 983, Proc 3rd 
mixed. This mixed region is therefore one of general “1s : seg ae ene: 7. ©. ¥.. Taam one ae 
2 é ‘ £ Pacific. Chem Eng Congress, Seoul. Koria. 1: 174 
uncertainty for the various methods of flow pattern Scott, D. S., 1963, Adv Chem Eng. 14: 199 
determination as employed by the different experi- Payne, G. J. and Prince, R. G. H., 1977, Trans I Chem E, 55: 266 
menters 3. Chen, J. J. J. and Lam, Y. W., 1983, Can J Chem Eng. 61: 759 
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In this issue, there are six papers and three shorter 


communications covering a very wide range of topics of 


interest to chemical engineers. The issue also contains a 
report on the !2th Annual Research Meeting (held in 
London tn April) 

The first of the papers in this issue (““Dimensioning 
of Plate Heat Exchangers to Give Minimum Annual 
Operating Costs” by A. B. Jarzebski and E. Wardas- 
Koziel) is timely in that much more attention is being 
given nowadays to the widespread application of plate 
heat exchangers due to their low costs, resulting from the 
possibility of mass producing the plates and other 
components. In this paper, it is assumed that the variable 
component of capital costs is proportional to exchanger 
surface area and this leads to explicit expressions for the 
optimum design. Optimum operation is found to occur, 
for low viscosity fluids, when the ratio of annual pump- 
ing cost to annual capital charges is of the order of 
0.2-0.25. 

The second paper (““Mass Transfer Considerations in 
Fluidised-Bed Combustion with Particular Reference to 
the Influence of System Pressure” by R. D. La Nauze) 
presents a new interpretation of the effect of pressure on 
combustion rates of carbon particles in fluidized beds 
Previously, it had been assumed that the observed 
increase in combustion rate with increasing system 
pressure was due to the higher oxygen partial pressure 
accelerating the combustion chemical reaction. How- 
ever, La Nauze claims that the effect of pressure is due 


to the Sherwood number varying during the burn-off 


process due to changes in the diameter of the combusting 
particles. He was able to predict earlier data on this 
basis. 

In the third paper (““Thermal Stability of R11, R12B1, 
R113 and R114 and their Compatibility with some 
Lubricating Oils” by P. Srinivasan, S. Devotta and F. A 
Watson) detailed measurements are reported on the 
breakdown of refrigerants in contact with various types 
of oil. 

The next paper (“Solids Concentration Profiles in 
a Mechanically Stirred and Staged Column Slurry 
Reactor” by D. Fajner, F. Magelli, M. Noceniini and G 
Pasquali) describes a model for the multiphase stage 
reactor which had a particular relevance to the solids 
motion through the reactor. A photo-extinction method 
was used to measure particle concentration in the 
Oidshue Rushton type column used in the experiments 

The measurement of the temperature of burning 
char particles in a fluidized bed presents severe experi- 
mental difficulties and the fifth paper in this issue 
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CERD. 634—-A 


(“Comparison of Techniques for Measuring the Tem- 
perature of Char Particles Burning in a Fluidized Bed” 
by J. I 


Stubington) assesses previous techniques and 


describes a new one which, it is claimed, gives much 


better accuracy for temperature measurement. The new 


technique aims to simulate the motion of a char particle 
in a fluidized bed, the particle being burnt in a fluidized 
bed at a velocity just below the minimum bubbling 
velocity. Measured temperature values were somewhat 
lower than those predicted from existing theories of heat 
and mass transfer 

The final full paper in this issue (“Fluidized Bed 
Studies of the Dehydration of Ethanol over a Zeolite 
Catalyst” by P. L. Yue and R. H. Birk) is also concerned 
with fluidized beds but, in this case, the reacting species 
is contained in the gas phase passing through the bed 
An interesting feature of the results was that, apparently 
only the very lowest region of the bed was effective in 
carrying out the catalytic reaction due t 
bubble channelling, slugging and other effects 

In the first of the three Shorter Communications 
(“Evaluation of the Power Consumption in Agitation of 
Viscous Newtonian or Pseudoplastic | 


iquids by Two 
Bladed, Anchor or Gate Agitators” by J. Bertrand and 
J. P. Couderc) numerical calculations are reported of 
power consumption in agitated vessels having both 
Newtonian and non-Newtonian fluids. The calculations 
are in remarkable agreement with experimental data 
obtained elsewhere and can be used 1 I 
for simple empirical correlations | 
power requirement 

The second Shorter Communication (“Tearing Algo 
rithm for Recycle Process Networks” by P. Ollero) 
describes a new 


operation ol 


} 


algorithm by which carry out the 


“tearing” of process networks. This oper 
ation 1s aimed as assessing the effect of disconnecting a 
stream in a process network on all the othe nections 
in the network. The final Shorter ommunication 
(“Experimental Studies to Determine the 
Flow Ratio in a Water-Lithium Bron Absorption 
Cooler for High Absorber Temperatures” by M. A. R 
Eisa. M. G. Sane, S. Devotta and | \. Holiand) 


concerned with the problem of determination 


Optimum 


optimum flow ratio for absorption coolers whic 
avoid crystallization in the cooler whilst 
minimum decrease in the coefficient 
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DIMENSIONING OF PLATE HEAT EXCHANGERS 
TO GIVE MINIMUM ANNUAL OPERATING 
COSTS 


By A. B. JARZEBSKI and E. WARDAS-KOZIEL 


Polish Academy of Sciences, Institute 


of Chemical Engineering, Gliwice, Poland 


Simple expressions are presented for calculating dimensions and operating conditions of plate heat exchangers to give minimem 
annual cost of heating surface plus energy required to pump the fluids. Two sets of input data are considered: i. both fluid 
flow rates and all inlet and outlet temperatures are given, ii. the flow rate of the process fluid V, and effectiveness e, are imposed 
while the flow rate of the working fluid V, is an additional variable subject to optimization. For the latter case appropriate 


optimum values of V, can be found from the graphs provided. 


INTRODUCTION 


Due to the complexity of heat exchanger optimization, 
designers with little experience in that area often find it 
difficult to determine operating conditions and heat 
exchanger dimensions ensuring minimum costs. Poor 
choice of these can lead to a significant rise in annual 
charges and for this reason is hardly acceptable. The 
only effective existing approach employs various numer- 
ical methods of nonlinear programming'~ and hence 
little can be deduced of the effect of various economic, 


technical and physical factors on the possible location of 


the optimum solution. To date there are no simple 
guidelines or approximate methods resolving this prob- 
lem. Further analytical invesiigations in this area could 
give a better overall understanding of the problem and 
permit the development of practical guidelines for opti- 
mum dimensioning. Clearly, the rough analytical meth- 
ods for optimum dimensioning can also give useful 
starting values for more complete and accurate iterative 
numerical routines. 

Since the flow arrangements in plate heat exchangers 
(PHE) may be chosen fairly arbitrarily, there are usually 
several alternatives for the given type of PHE, that meet 
the imposed data. Annual operating cost for these design 
variants may differ substantially and there is little infor- 
mation in the available literature on dimensions and 
operating conditions that ensure optimum economy 
The general guideline given by Jenssen’ states that for 
economic optimum, the ratio of capital costs to power 
costs should on average be equal to three (in fact from 
two to five, depending on the physical properties of the 
fluids). The object of this paper is to give expressions and 
also more general guidelines for assessing PHE dimen- 
sions at minimum costs. 


MATHEMATICAL FORMULATION 
OF THE PROBLEM 
It has already been found that a fair conclusion to 
heat exchanger optimization problem may be reached if 


une mathematical model takes into account only the 
effects of the first order’*. Neglecting the fixed base costs 
as having no effect on the real optimum values, it is 
therefore justified to assume that the total, variable cost 
C of heat exchanger comprises the capital charges 
proportional to heat transfer area A and the costs of 
energy required to pump the fluids’*. Then the objective 
function may be written 


V,Ap, VAp 


n Nn. 


and the technological duty 


Q=UAAt (2) 
is the standard constraint. Additional constraints are 
sometimes imposed and the cost C may be supplemented 
with terms taking into account the costs of the process 
fluid and the appropriate pumping device 

For the problem defined by equations (1) and (2) the 
initial data most often include 


and V,, inlet and 
and the factors a, ¢,, 


Version I volumetric flow rates } 
outlet temperatures /,,, t;, t2, ¢ 
Ce, u and y,'s 

Version 2 flow rate V,, temperatures /,,, f)>, 1 
factors a, Ca, Cr, 


and the 
u and y,’s 


The first subscript of ¢ refers to the fluid while the second 
denotes inlet “1” or outlet “2”, respectively. The flow 
rate of the working fluid is the additional variable to be 
found in the second version of the input data 

Due to nonlinearity of the equations, the number of 
variables involved and also the discrete nature of permis- 
sible solution, the problem can only be resolved numer- 
ically To find practical expressions, certain 
simplifications have to be made, without distorting the 
principal features of the problem, so as to render it 
suitable for analytical attack 

Hence it is assumed as follows 


Numbers of parallel channels n,, (i = 1, 2) and num- 
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bers of group in series n, are arbitrary positive quan- 
tities and 1.) N., = MyM. 
Heat transfer area A is 


4 = Aj(ny ny + MQM (3) 


i.e. A is assumed to be one plate area A, larger than the 
actual total heating area. As the total number of plates 
is counted in tens or in hundreds the addition of A, 
introduces no significant error while markedly sim- 
plifying the problem. 
Mean temperature difference is assumed to be equal to 
logarithmic mean temperature difference**® and the 
total pressure drop is calculated from expressions (4) 
and (5) which neglect the contribution of ports and 
manifolds as effects of the second order*’* 
: pw ; 


Ap =¢ ~N., 
eae 


and after rearrangement 


Ap =bVin,, B=2-¢8 


( =C,Re~§ (4) 


where 
b = 0.5C,Lp'~ *utd, '-*As 


= 2'-§C,Lp'~*®pu®/(dis*-®) 


Overall heat transfer coefficient U is given by the 
approximate expression*” 


U =C, Vii V3 (6) 


and channel flow rates V,,, V., 
dent of channel placings 
J ji = V Ny, (I = 1, 2). 

It is also assumed that all physical properties of fluids 
as well as economic and technical parameters of the 
plates encountered in the equations (1), (4) and (5) are 
known, while the values of )’s can easily be estimated as 
given in Appendix 1. 

The basic assumptions adopted above are similar to 
those accepted for the standard approximate procedures 
of thermal-hydraulic caiculations of PHE to date in use. 
To ensure the general character of the method and hence 
to enable its application to the whole range of plates 
currently applied the general expressions and notations 
as given by equations (1) through (5) will further be used. 


are constant and indepen- 
within the group, i.e. 


Solution to Version 1 
Introducing equations (3), (5) and (6) into (2) gives a 
new expression for the objective function, viz. 
ByVi'Q 
2C, Va Vi3At, A, 


- 


B,V3*'Q 
2C, V1 V2At, A, 


a 


where A, =c,a and B, = c,ub,/n, (i = 1, 2). 


Calculating the first derivatives of C upon V,, and V.,, 
equating them to zero and solving the resulting set of 
equations gives 


ms 2A, A,y,(B, + 1) ]'%* 8 
a1 = BP (3) 


y | 24145728. + 1] * 
iad B,P 


where P = (B, + 1)(B. + 1) — 9, (82 + D) — y2(B, + 1) 
and hence 
BViit'P 


; (10) 
| 2A, A, 7, (B, + 1) 


(11) 





B,Viet'p ht) 
2A, A,y2(B; + 1) | 


If 8, = B, = B as frequently occurs in practice (both 
liquids flow in a similar i.e. turbulent regime), then 
equations (10) and (11) take the form 


(B+1—y,—y7,)BVEPt' per! 
= roe (i= 1, 2) (1 
2A, Ap); 


For »,, =",2 the ratio of optimum n,,’s is therefore 


lg \ 1/B +1 


LiY> \ 
3 
es. | (13) 


Obvicusly for similar liquids and throughputs optimum 
arrangement becomes n,, =7,). aS was anticipated. 

Sometimes, despite differences in fluid properties and 
flow rates an a _ priori condition ”,/n,,=m 
(m =1,2,3...)*"° is set. In this case optimum channel 
flow rates are 


( 


< 
— < 


+] 


pb 
(p 


| 
| 
| 


and optimum number of parallel channels is 


(p+ 


As the appropriate first derivatives of C are zero at 
points given by equations (10), (11) and (16) and the 
Hessian matrix is also positive definite’, therefore the 
equations derived satisfy the necessary and sufficient 
condition for a minimum of the objective function (7)’*. 


Solution to Version 2 
For the second set of imposed data (V,, ¢,, t,, and 1,,) 
the formulation of the basic problem was supplemented 
with the additional constraint n,)/n,, =m and the objec- 
tive function extended to allow for the cost of the 
working fiuid “2”. 
The solutions obtained are as follows. 


Version 2.1 Cost of the working fluid negligible 
The optimum number of channels n,,, for 
6, = B, = B, is given by the expression (16) where the 
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— 


¥ 





Figure |. Variation of V,.../V, with « 


optimum throughput V, 
equation 


may be calculated from the 


where At;, = CAt,,/CV>. 


To analyse dependence of the optimum value of V, on 
the initial data the LMTD 1s expressed in terms of the 
effectiveness e, = (f;,; — t;.)/(t;, — 4, ) and the ratio of the 
fluid heat capacity rates R = V,p,c,/V,p,c,. After 
lengthy but elementary transformations the specific vari- 
ation of mean driving force for heat transfer caused by 
the variation of V, is 
y Atin_ 2 At V2 

~ At, OV, At, 


and the optimal ratio V,,,,/V, is therefore the function 


of e,, B,/B,, prc,/p,c,.} 
equation (17) showed that the value of V,,,,/V, rises 
markedly with e, (Figure 1) and m, falls with p,c,/p,« 
while variations in B, /B, and exponents have less effects, 
of the order 15—25°,. For higher e, the effect of y’s was 
more pronounced in contrast to that of B,/B, which 
gradually lessened. 

To provide a simple quantitative method of finding 
optimum V,, 
nonlinear equation (17) the graphical solution to this 
equation was developed, as in’ and is shown in Figures 
2 and 3 for m = | and m = 2 respectively. The procedure 
is as follows: 
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"s and m. Numerical analysis of 


without repeated numerical solving of 


for the given e, and assumed } 
R.H. side ordinate 

transfer the R.H. ordinate to the L.H. side and check. 
for the given B,/B 
tion 


, and hence R, find 


, correctness of the initial assump- 


Usually the second or third iteration gives a good 
approximation of the value of J 

Theoretically, due to nonlinearities of (17) there might 
be a multiple solution to this equation 
was analysed in detail and it was shown 


[his question 
that the results 
presented are the only solution to equation (17) as there 
is only one real solution to (17) for J 


Version 2.2.1 Objective function taking into account the 


cost of working fluid 


The optimum number of channels arranged in parallel 
n,, iS given for this case also by the equation (16) 
However the expression for } is more complicated 
and has the form 


Equation (19) was __ solved 
p,c,/(p.c,)= 1, B,/B 1 and m = | and the results are 
shown in Figure 4. Analyses of the relationship | } 


vs. e, and C,/(A 


numerically for 


1) leads to the following conclusions 


for C,/(A,A,) < 90.1 (cost of working fluid is appre 
ciably smaller than cost of unit heating surface) a 
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MN) 











Figure 2. Graphical solution to equation (17), m = 1, 


simplified equation (17) may be used for determining Version 2.2.2 Objective function taking inte account the 
F ess cost of pumping device 
for C,/(A,A,) > 10 the value of V,,,,/V, tends to the 


‘ Varying the throughput of the working fluid V,, the 
value of e 


cost of the appropriate pumping device changes and the 
question of its effect on the solution may be raised. In 
In all other instances optimum V, should be calculated the first approximation this cost may be assumed pro- 
from the equation (19). portional to the power of the device V,Ap,/n,). 


~< , 


Graphical solution to equation (17), m 
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Figure 4. Variation of 


V,Ap 


+ ApCp (20) 
n, 


and processing similarly as before C takes the form 


(21) 


Thus the solution to the problem defined by equations 
(21) and (2) is identical to those already presented if a 
new quantity B, where 


Gp ¢ pb 


n, 


B, = B, + 


is introduced in place of B,. As B, > B,, then the value 


of V,,,, resulting from the extended analysis is less than 
V;,., obtained for negligible cost of the pumping device. 


This may be inferred from Figures 2 and 3 for C,=0 


VERIFICATION OF THE METHOD 

Operating conditions and flow arrangements pre- 
dicted by the expressions derived minimize the modified 
form of the objective function (7). However, due to 
simplifying assumptions adopted they do not minimize 
exactly the annual operating cost given by equation (2) 
To assess the accuracy of the method the authors 
compared predictions from these expressions with those 
obtained from computer solutions of the problem using 
more complete relationships for Pasilac-Therm-FAM 
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PHE (A 37m-) and also for P-15 PHE of Alfa- 
Laval (A The relationships made available 
for Pasilac-FAM PHE allowed for the contribution of 


ports and manifolds to total pressure drop and all data 


0.53 m-) 


included exact heat transfer correlations. Since there 


| expressions for Al, o1 effectiveness « 


were no genera 
given as a function of plate arrangements 
heating surface 


to find the real 
1 the authors developed and used the 
method given in Appendix 2 

Figure 5 illustrates the annual cost vs number of 
channels n,, obtained for low viscosity liquids and 
( 0.9 using Pasilac expressions. The parameters for 
this case were 0.3, i b, = 0.274, 
p fh 1.78. Similar calculations relating to P-15 PHI 
of Alfa-Laval are given in’’. The solid curves in Figure 
5 depict hypothetical costs of variants with appropriate 
real number values of n,,’s and n,’s and circles denote 
arrangements predicted by the method. As may be seen 
they are quite close to optimum. Moreover, they are also 
in fair agreement with the best approximate and real 
(integer in terms of n,,’s and n,’s) solutions to the 
problem. As this was also confirmed in the other cases 
analysed (e.g. oil-oil and oil-water systems) one may 
recognise the method as effective and useful for fast 
assessment of optimum PHE arrangements 

The second line of analysis focussed on testing predic 
tions of optimum flow rates, as given by equation (17) 
and also on the economic effect of employing larger 
throughputs of the working fluid provided the cost of the 
latter is negligible 

Computations confirmed the genera! 1 of equa- 
tion (17), however real optimum flow rates proved lower 
by 10 to 20°, than predicted. This is mainly due to 
neglecting the rapid rise in contribution of ports and 
manifolds to the total pressure drop and overestimation 
of U with the rise of J troduced by equation (6) 


. . > } » + 
economies Que to 
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nm annua 


employing larger throughputs of the working fluid (Fig- 
ure 5) proved to be quite substantial and to increase with 
e,. To reduce the extra power input an arrangeinent 
should be changed (e.g. m increased) so as to reduce the 
pressure drop. The significant increase in mean tem- 
perature difference due to larger fluid heat capacity rate 
V,p,c, and associated reduction in required heating 
surface, contributing further to reduce pressure drop, 
makes this pay off. The arrangement itself was found to 
have less impact on cost but it could give some 6—8° 
savings for m = 2. This is also shown in Figure 5 


PARAMETRIC RELATIONSHIPS 
CHARACTERISTIC FOR OPTIMAL PHE 
The equations derived provide not only a convenient 
tool for direct calculation of cost-minimum PHE but 
also an insight into the effect of various factors and 


parameters on the optimum solution. As this is of 


practical interest it will be discussed below. 
Substitution of optimum channel flow rates given by 
equation (8) and (9) or (14) and (15) into equation (7) 
gives 
(22) 


Hence the optimum ratio of costs of energy to pump the 
fluids C, to expenditure on heating surface C, is 


(23) 


and has a value of 0.2—0.25 for low viscous and waterlike 


) 
fluids (; = 0.27, 6 = 1.75). This is in excellent agree- 


real solution 


arrangement 
predicted by 
the method 


operating costs 


ment with Jenssen’s earlier observations’ and hence an 
additional argument for the whole approach 
If n,./n,, =m(m = 1,2. 
the pumping costs is 
fee) = (24) 
C E t 


) then the optimum ratio of 


and to compensate for the larger flow rate of one fluid 
the number of channels n, should be changed as follows: 


An, m Al 
+ Byer’ fj 


(25) 


(26) 


The effect of the ratio of economic factors and prices of 
heating area to those of energy on the optimum fluid 
velocity, as deducted from equations (8), (9), (14) and 
(15), 1s 


wW;~ 


[4] 


uc; 


and hence for turbulent flow, 


and ~ 0.36 


aC 
ac, \"* Aw uc; 

w= | 
UC; M acs 


UC; 


Change in the ratio of costs should therefore be compen- 
sated by the significantly smaller (factor 0.36 for tur- 
bulent and 0.5 for laminar regime) change in the fluid 
velocities 
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DIMENSIONING OF PLATE HEAT EXCHANGERS 


If the variable cost of pumping device for the working 
fluid is not negligible the forms of equations (22), (23) 
and (24) remain unaltered. However C, then addi- 
tionally takes into account the annual cost of that device. 


CONCLUSIONS 

Analytical expressions are derived that may be used as 
guidelines in optimum dimensioning of PHE. The opti- 
mum practical arrangements, i.e. integer in terms of 
number of plates arranged in parallel and groups in 
series, are the nearest of these predicted by the re- 
lationships. 

Calculation proceeds as follows: 

If the flow rate of the working fluid V, is not imposed, 

calculate its optimum value, for the given type of plate 

and m, from equations (17) or (19) or find from 

Figures 2 or 3. 

For the given flow rates and m, find from equation 

(16) optimum number of channels connected in paral- 

lel. 

Calculate number of groups connected in series using 

the method developed in Appendix 2: 


i. for the given (optimum) n,, find from Figure 7 the 
value of p, 

li. calculate e, from equation (31), 

iii. substitute e, into equation (30) and for the given e 
calculate n,, = N from the transformed equation 


For practical applications the optimum flow rates of 


the working fluid, provided its cost is negligible, may be 
taken as 0.9 of the value predicted by equation (17) for 
e, = 0.75, and 0.8 of that value for e, = 0.9. 

It is worth noting that the approach outlined here may 
be adapted to provide solutions to related problems 
concerning heat exchangers with geometrically simple 
passages. 


APPENDIX 1 

For the practical application of the equations derived 
in this paper it is necessary to know the values of ;’s 
relevant to the given problem. Their estimation using 
standard curve fitting routines makes no sense timewise. 
It was found, however, that they can be estimated with 
fair accuracy from the contributions of the film re- 
sistances 1/h; (i = 1, 2) obtained for some average veloc- 
ities, say of the order of 0.5m/s, to the overall heat 
transfer resistance 1/U. The values of U/h, multiplied by 
the exponent of Re in the appropriate heat transfer 
correlation give a fair approximation of the value of y’s. 


APPENDIX 2 


Due to a shortage of suitable expressions on mean 
temp. difference or effectiveness the authors decided to 
develop approximate relationships. The PHE was as- 
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of PHI 


Figure 6. Scheme of decomposition 


sumed to consist of a series of elementary units arranged 
in counter-flow as shown in Figure 6. The overall 
effectiveness of the set is 


1—1/R 


where e, is the effectiveness of a unit. To correlate « 


authors used the Byelockon equation 


| Z+(1+1/R) Z 
exp (SZ) 


where 


Z=|{1 


and pis the so called counter-flow factor taking values 
from the range 0, | and assessed either from experiments 
or numerical simulation of the problem 


1.1) 
t slling 
modeiin 


Standard sets of differential equations 
thermal operation of PHE’s were solved by Settari ; 
Venart method’ using third order polynomials to simu 
late temperature distributions of the fluids. The method 
proved to be very effective and served to calculate e, for 
PHE consisting of up to 72 channels arranged in 3 or 4 
groups in series. Final values of p estimated from tl 
results by the method of least squares and used in t 
computations are given in Figure 7 
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SYMBOLS USED 


total heat transfer area 
channel cross section area 
heating surface per plate 
as in equation (7) 
capital interest and depreciation factor for heating surface 
capital interest and depreciation factor for pumping device 
as in equation (7) 
1 equation (5 

inual operating cost 

| cost of heating surface 
annual cost of energy to pump the fluids 
t times unit cost of the fluid 
cost of unit heating surface 
cost ol energy 
cost of power 
equivalent hydraulic diameter 
thermal effectiveness 


r coefficient 


elementary units 
of paraliel channels 
number of groups in series 
pressure drop 
as in equation (Y) 
counter-flow factor 
heat flow rate 
V5p V.p,c, heat capacity rate ratio 
width of the channe 
temperature 
srature difference 
| heat transfer coefficient 
utilization factor 
volumetric flow rate 


7} , > 
flow rate 


defined by equation (5) 
defined by equation (6) 
overall pump efficiency 


dynamic Viscosity 


Subscripts 


In 


15 


work and to thank F.A.M 


to 


logarithmic mean 
mean 

optimum value 
elementary unit 
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MASS TRANSFER CONSIDERATIONS IN 
FLUIDISED-BED COMBUSTION WITH 
PARTICULAR REFERENCE TO THE 
INFLUENCE OF SYSTEM PRESSURE 


By R. D. La NAUZE (GRADUATE) 


CSIRO Division of Fossil Fuels, 


North Ryde NSU {ustralia 


A new theory for predicting the mass transfer rate of oxygen to carbon particles burning in fluidised beds is examined. The 
theory predicts that the Sherwood number (the dimensionless mass transfer coefficient) will vary with carbon particle diameter, 
fluidising velocity and system pressure. Comparisons are made between the predictions of the model and experimental results 
for Sherwood number, resistance to combustion and burn-out times for batch and single carbon particle experiments. The theory 
correctly predicts the magnitude and variation in these parameters. For small carbon particles the results indicate significantly 
less influence of chemical kinetics in determining the combustion rate than would be implied if the Sherwood number were 
assumed constant and independent of diameter. It is shown that the effect of increased system pressure is to increase the 
maximum possible combustion rate (i.e. the mass controlled rate) thereby reducing the burn-out times for the particies. This 


is correctly predicted using a variable Sherwood number. 


INTRODUCTION 


Understanding the mechanisms controlling the rate of 


combustion of carbon particles in fluidised beds is 
necessary in order to scale laboratory results to full-sized 
plants. For operation at atmospheric pressure, La Nauze 
and Jung’ summarise over 20 fluidised-bed combustion 
models. Despite the number of models, few have 
attempted to verify the assumptions made for the funda- 
mental processes determining the combustion rate. 
For pressurised systems there has been little pub- 
lished. A significant step towards redressing this situ- 
ation is the recent paper of Turnbull et al? who report 
the measurement of burn-out times for small coke and 
char particles (0.25 to 1.7mm diameter) in an air- 
fluidised bed of sand at pressures up to 17 bar absolute 
and at bed temperatures of 1023 to 1173 K. The authors 
showed that the effect of increased system pressure is to 
increase the combustion rate. They argue that the in- 
creased rate is attributable to the higher oxygen partial 
pressure accelerating the chemical reactions of com- 
bustion thereby making the chemical rate-controlling 
step less important. The authors claim that pressure has 
virtually no influence on the diffusion of oxygen towards 
a burning particle because the higher oxygen concen- 
tration is offset by a proportional lowering of the oxygen 
diffusion coefficient. The dimensionless mass transfer 
coefficient, the Sherwood number, Ng,, was assumed by 
Turnbull et al’ to be constant during burn-off and 
independent of pressure. A value Ng, = 3.5 was chosen 
from the work of Ross and Davidson’ which followed on 
from the pioneering work of Avedesian and Davidson’. 
In a recent series of experiments at atmospheric 
pressure, La Nauze and colleagues'’’ "’ have shown that 
Ng, varies with the burning particle diameter, d. For 
single petroleum coke particles burning in fluidised beds 
of sand, Ny, was found to be about 3 for a 3mm 


diameter particle, rising to around 6 at 


10mm. A 
theoretical explanation for this variation was developed” 
on the basis of unsteady-state mass transfer caused by 


the interstitial fluidising air and by air trapped in clusters 
or packets of particles 

This paper examines the implication that the inclusion 
of a variable Ng, has on the prediction of the combustion 
rate and burn-out time. The inclusion is shown to have 
two important corrollaries 


(i) it reduces the relative importance of chemical 
kinetics in determining the combustion rate of small 
particles, and 

(11) it may be used to explain the influence of system 
pressure on combustion rate and burn-out time 


The paper then re-examines the works of Avedesian 
and Davidson~, Ross and Davidson’ and Turnbull et al' 
in the light of this theoretical approach and shows how 
their data may be interpreted if the variation of Ng, with 
diameter and pressure is included. It is shown that the 
increase in the mass transfer rate with pressure primarily 
determines the increased combustion rate and that this 
may be used to predict the burn-out times given by 
Turnbull et al' 

It should be stated from the outset that although we 
have chosen to use the theoretical relationships””’ for 
expressing the variation in Ng 
diameter, the same general 
drawn if we had _ used 
relationships 


with carbon particle 
could be 


semi-empirical 


conclusions 


available 


THEORY 
Combustion Rate 
The combustion rate of carbon, W, expressed as kg (¢ 
consumed per second per unit external surface area, may 
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be equated to the mass transfer rate of oxygen to the 
particle and to the chemical rate as: 


W = ANg,DA(C, — C.)/d =k Cr (1) 


where Ng is the Sherwood number for the particle 
diameter (d), D, is the diffusion coefficient of oxygen, A 
is the gravimetric stoichiometric factor relating the oxy- 
gen consumed to the carbon consumed, C, and C, are the 
oxygen concentrations at the particle surface and remote 
from the particle in kg O,m~°* units, is the apparent 
reaction order, and & is the chemical rate coefficient. A 
takes the value 3/8 when the effective surface reaction is 
C+0,>CO, and 3/4 when it is C+ ;0,>CO. 

Equation (1) may be manipulated to eliminate the 
unknown surface concentration, C,, to yield’: 


W=k(1—-y,)'C' (2) 


where y = W/W,, =the fractional approach to mass 
transfer control, and W,, is the maximum possible 
combustion rate found when there is no influence of 
chemical kinetics on the total rate, that 1s: 


W,, = ANg,D,C.,/d (3) 


It is important to note that the appearance of the 
reaction order n in equation (2) means that n has a 
bearing on the manner in which system pressure will 
ffect the combustion rate. However for the present 
discussion, and in particular for comparison with the 
works of Davidson and co-workers the frequently 
adopted assumption that n = | is used. This significantly 
simplifies the tntegration of the rate expressions for 
comparison with burn-out times. For n = 1, equation (2) 


becomes 


} 


W = C./(d/ANoaD, + 1/k) (4) 


Sherwood Number 


The semi-empirical equation developed by Frossling 
and Rowe et al’ for a single isolated particle may be 
modified’ by the addition of the bed voidage, ¢, and 


voidage at minimum fluidisation, ¢é,,,, to give’”: 


Ng, = 2Emp + 0.69 (Np,/e)'* Ng!” (5) 
where Nz. 1s the particle Reynolds number (dp,U /) and 
V;. is the Schmidt number (y/p, D,). Fluid properties 
associated with the boundary layer are evaluated at 
the mean temperature between the bed and the particle, 
whilst bulk properties are evaluated at the bed tem- 
perature. 

La Nauze and co-workers”’” predict Ng, from theory 
for unsteady-state mass transfer. The essential feature of 
the proposed model is that, in addition to the gas flowing 
around the particle, passing bubbles move the carbon 
particle into regions of fresh gas as illustrated in Figure 
1. Several other mechanisms such as packet transfer, 
wake shedding and the gas cloud associated with rising 
bubbles were postulated as alternative mechanisms for 
oxygen transfer. Mass transfer of oxygen can then be 
considered to consist of: 


(1) the contribution made by the percolating gas 
through the particulate phase, and 
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Figure |. The influence of bubble motion on enhancing the transfer rate 


of oxygen by gas convection to a single carbon particle in a fluidised 


bed 


(ii) the enhancement made by the frequent renewal of 
gas environment under the influence of the bubbles. 


The diffusion equation is solved for diffusion from a 
semi-infinite medium to a sphere of diameter, d, on the 
asssumption that Stefan flow is unimportant 

For burning particles which are large relative to the 
bed particles (d/d, greater than about 3), Sherwood 
number was predicted by: 


Noy = 2Eme + [4€me A (Ume/ Ems + Upy)/2D, | (6) 


where u, is the bubble rise velocity. For smaller particles 
it was proposed’ that the influence of the bubbles was 
non-effective and Ng, could be predicted by 


Noh = 2€m¢ + (4dU ¢/2D,) (7) 


La Nauze et al’ provide an estimate for Ng, during the 
transition from equation (7) to equation (6) with in- 
creasing velocity above U,,,. This is based on the premise 
that each rising bubble affects a given region of bed 
relative to its diameter. For the reasonable assumption 
that this influence extends to 1.5 to 2 times the bubble 
diameter there is a smooth transition between equations 
(6) and (7). 


The bubble rise velocity was assumed to be’ 
u, = Un. + 0.71 (g D.) (8) 


where D. is the mean bubble diameter given by integrat- 
ing the expression of Darton et al’ for the variation of 
the bubble diameter with height caused by bubble 
coalescence on passage through the bed and ignoring the 
influence of the distributor constant’: 


D, = 0.3 (U — Uns) 
x [(] emf E +t : (9) 
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Burn-out Times 

The burn-out time for a single particle may be deter- 
mined by integrating the combustion rate expression. 
For a batch of particles the two-phase theory’ may be 
applied to relate the inlet oxygen concentration, C, (kg 
Q,m~°) to particulate phase oxygen concentration. This 
procedure introduces the cross-flow factor X, which 
describes the number of the number of times a bubble 
is flushed out by through-flow and diffusion on passing 
through the bed. It is assumed that gas in the particulate 
phase is perfectly mixed and the gas in the bubble phase 
is in plug flow. Further it is assumed that the carbon 
particles burn as shrinking spheres of constant apparent 
carbon density, p.. This is a reasonable assumption for 
widely differing carbons as illustrated by Jung and La 
Nauze’®. It is also assumed that carbon loss by particle 
attrition is negligible. This latter assumption depends 
greatly on particle size and carbon type'®'’ and while it 
is a reasonable assumption for coke’ it cannot be 
generally assumed for all carbons'*'’ 

With these assumptions, the burn-out time for a batch 
of total weight, m, of uniform particles of initial di- 
ameter, d, assuming Ng, is constant, is given by”: 


8m pd? 
X)] | 4ANg,D,C 


{3 = 


3C,A[l (l U np) Expl 


1 
, Pe (10) 
2k¢ 


where it should be noted that the third term appears to 
be different to that given by Ross and Davidson’, 
however this arises from the choice of the units used to 
define k. Here k has the units 


[kgC m 


which differ by 32/12 from the rate constant defined” in 
terms of 


kmolC m | 


kmolO, s 


If Ny, varies according to the relation Ny, = « + Bd 
it may be shown that: 


8M 
U...)exp(— X)] 
2a° 
p 


p d 
2kC, 


d 


11) 


The first term in equations (10) and (11) is the con- 
tribution to the burn-out time of the batch weight, the 
second term is the contribution of the diffusional re- 
sistance and the third term is that of the chemical 
kinetics 

The cross-flow factor may be predicted from theory” 
Making allowance for the change in bubble size by 
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coalescence’, X is given by 
67.47 


Ue) 2's [ F 


(12) 
H + 4(A,) | 
where A, is a distributor constant related to the number 
of bubble sources at the distributor level 1, is assumed 
to be 1/10 of the distributor area, A. in the calculations 
presented 


PREDICTIONS USING CONSTANT 
AND VARIABLE \N. 


It is instructive to examine the influence that the 
inclusion of the variation in Ny, with diameter (equa 
tions (6) and (7)) has on the combustion rate and 
burn-out times using typical operating conditions 
such experiments 

The system pressure, P (bars absolute), will influence 
the combustion rate through its eflect on 


(1) concentration of oxygen in the inlet 
(11) gas-phase diffusion coefficient: D,x | 
(11) Sherwood number: Nox P'*, x 


By inspection of equations (10) and (11) 
therefore expect that increased system press 
reduce the burn-out time through its influence « 
the mass transfer and chemical rates 

The operating conditions given by 
(Table 1) have been chosen for comparison with 
Turnbull et 
following the work of Ross and Davidson 


mental results at elevated pressure 
assumed t 
Vx, 1S constant at a value of 3.5. Comparison is 
using this value and that given by equation (6) of ( 
appropriate 

For small burning particles, here taken as d less tl 
about 2 to 3 mm, the variation in Ny, given by equat 
(7) is shown in Figure 2 for system pressure fi 
17 bar absolute. The predictions given by 
are in general well below the value 3.5 
highest pressures do the predictions for 
ticles in the range provide Ny, values 


The predictions indicate only a small 


Bed temper il 
Particle temper 
Fluidising 
Minimum fluid 
Bed height at 
Bed voidage at 
Bed voidage 


Inlet oxyger 


Chemical rate constant 
Mean bed particle size 
System pressure 
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System pressure 
(bars absolute) 


17 


1 sf 








1 
0S 1 5 
Carbon particle diameter (mm) 


2. Variation in Sherwood number with diameter for small 
particles predicted by equation (7) for a range of system 


g conditions Table | 


with diameter at low pressures. The value at atmospheric 
pressure is in good agreement with that determined by 
Avedesian and Davidson’ who estimated Ng, = 1.42. 

For larger particles (d > 2 to 3 mm) a greater variation 
in Ny, is predicted by equation (6) owing to the intro- 
duction of the particle convection component of mass 
transfer, Figure 3. in this case Ng, values greater than 3.5 
are predicted for most diameters and pressures. 

It is apparent that the expressions proposed for pre- 
dicting N,, will significantly influence the calculated 
combustion rate. In Figure 4 the combustion rate for 
small coke particles predicted by equation (4) is 
presented at 1.1 and 17 bar pressure for Ng, given by 


Ss 





System pressure 
(bars absolute) 





A 1 iL 


6 9 12 5 
Carbon particle diameter (mm) 





Oo 
oo 


Variation in Sherwood number with diameter for large 


particies predicted DY equatior (6) for a range of system pressures, 


ratir | ‘ > } ] 
yperating conditions Table | 


equation (7) curves (a) and (6), and for Ng, = 3.5, curves 
(c) and (d). The chemical rate constant was predicted by 
equation (16) for a particle temperature 140 K_ higher 
than that of the bed. This value is a compromise value 
from various sources reviewed elsewhere”’. Fortunately 
the predictions are not sensitive to 7, because the rate 
is primarily controlled by diffusion. 

Indeed the predicted rate at atmospheric pressure 
assuming Ny,=3.5 is significantly higher than 
measured*’. In consequence, in order to match burn-out 
time or rate data with this assumption, one ts likely to 
conclude that the chemical rate has a greater influence 
than would be given by the case when Ng, falls during 
burn-off. 

For larger coke particle diameters, Figure 5 presents 
the predictions of the combustion rates for individual 
particles in a bed fluidised by air. The increase in the rate 
with system pressure caused by the effect of pressure on 
Ng, 1S again obvious. Little variation in combustion rate 
with pressure is predicted when Ng, is held constant. 

The assumption of constant Ng, at a value of 3.5 will 
overestimate the mass transfer rate for small particles. 
An important consequence will be the difference in the 
apparent proportion of mass transfer to chemical rate 
control characterised conventiently by the ratio of total 
rate to mass transfer rate, 7. For a first-order reaction, 
from equations (3) and (4): 

¥ = W/W,, = 1/(1 + AN, D,/dk ) 
Note that 7 is in this case independent of oxygen 
concentration. This relation is plotted on Figure 6 for 
the case (a) where Ng, is given by equation (7), and (4) 
where N., = 3.5. For case (a) the influence of chemical 
rate on the overall rate is less than for case (b} when Ng, 
is held constant. This may not be of great consequence 
for small particles burnt at atmospheric pressure but for 


— 


07) 


Lad 
+ 


Combustion rate (kg Cs‘ x1 


3 


Carbon particle diameter (mm 
Figure 4. Combustion rate versus diameter fot 
operating conditions Table 1: (a) 1.1 bas 
(7), (6) 17 bar, variable A 
(d) bar, N. 3.5 
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System pressure 
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Figure 5. Combustion rate versus diameter for large coke particles, 
operating conditions Table |. Predictions using equations (4) and (6) 
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Figure 6. The ratio of combustion rate to maximum (mass transfer 
limited) rate, 7, versus particle diameter for smal! coke part 


ticles at 1.1 
bar: (a) Ng, predicted by equation (7), (b) N 3.5 


Maximum combustion rate x 108 (kgCs’) 


large particles or for operation at increased pressure it 
has considerable bearing on the interpretation of results 
of the combustion experiments 

Finally the variation in the maximum combustion rate 
(W,,7d°) with pressure for the range of particle di- 
ameters, Figure demonstrates that a decrease in 
burn-out time with increasing pressure may be expected 
since the maximum possible combustion rate increases 
with pressure 


COMPARISON WITH EXPERIMENT 
Atmospheric Pressure 


In order to determine the Sherwood number it is 
necessary to know the overall combustion rate and 
chemical rate at a given particle diameter and the 
concentration of oxygen in the particulate phase. Most 
studies have applied a chemical rate expression from the 
literature. It is well known that generalised rate expres- 
sions may provide an estimate of the chemical rate which 
is incorrect by an order of magnitude 

The work of La Nauze and colleagues * comes near 
to satisfying the requirements for accurate determination 
of Ng, values during burn-off. In their experiments single 
large petroleum coke particles of known chemical reac 
tivity were burned in beds of sand. The change in mass 
and diameter of the particle was determined over set 
comparison with the total burn-out time ( ~ 2000s). The 
results demonstrated conclusively that A 
particle diameter. The data were predicted by equation 
(6) over a wide range of operating conditions 


intervals of time which were short (generally 60s) in 
varies with 


Tynically, 
the measured Ng, values for 2 to 5mm diameter coke 
particles showed a gradual progression with decreasing 
diameter from that predicted by equation (6) to that 
given by equation (7), Figure 8 

Avedesian and Davidson’ predicted A 
bustion of small char particles ( - 


> COM 
2.61 mm) by plotting 
the results of batch burn-out time experiments either 
against the mass of the initial charge or the initial 
particle diameter squared. Figure 9 reproduces their data 
for fg versus diameter squared. The first two points 
for each velocity were not included in their analysi 
For these small particles it was suggested that a hi 


¢ 
h 
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Figure 7 
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Variation in the maximum (mass transfer limited) combustion rate with system pr 
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herwood number versus petroleum coke diameter: com- 
h equations (6) and (7) from La Nauze et al” for a single 
ing in a bed of 0.655 mm sand, fluidised by air at 1173 K, 
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calculation 
1 4 i 1 
2 3 + 5 6 7 
\d 2) (Initial average char particle diameter)? (mm?) 








). Burn-out time as a function of the initial average char particle 
Avedesiar 0.214ms', (b) 
(c) 3.62C, 


d Davidson-: (a) l 
0.383 ms (d,=0.39mm, m 


> 1 
2U Kg -mMm 


proportion of the carbon charged was elutriated from 
the bed, reducing its carbon content, and giving appar- 
ently short burn-out times~. The form of equation (10) 
was then invoked to draw a straight line through the 


data and determine Ng, from the slope of the line and XY 


from the intercept with the ordinate axis. The chemical 
kinetic term was not included as it was calculated as 
negligible owing to the choice of the reaction mechanism 
CO,+C-—+2CO. (This was altered in later work’ to 
the more plausible reactions C+,5;0,>CO and 
C+0O,>CO,.) The arithmetic average values deter- 
mined were 1.42 for Ng, and 0.608 for X. 

The same technique has been applied to the data in 
Figure 10 by using burn-out times predicted by equation 
(11) with equations (6) and (7) which account for Ng, 
variation. The chemical kinetic term, though small, was 


included, despite the reservations noted above. The 
expression for bituminous coal chars given by Smith~ 
was used: 


k = 0.205 T, exp(—8080.8/T,) (14) 


where k, the measured rate coefficient, here expressed in 
mass units, includes any influence of pore diffusion. It is 
evident from Figure 10 that the curves generated by 
equation (11) provide an equally plausible estimate of 
the data as does the straight line used by Avedesian and 
Davidson’. However in Figure 10 over the range of 
diameters, the predicted value of Ng, varied from 0.8 to 
2.9 compared with Avedesian and Davidson’s value of 
1.42. The values of the cross-flow factor are somewhat 
greater, being 0.8 at U=0.214ms~', 1.0 at 0.3ms7'! 
and 1.25 at 0.383 ms~'. These compare with 1.51, 1.17 
and 0.98 respectively obtained from theory using equa- 
tion (12). 

The data points excluded by Avedesian and Davidson 
have been included in the analysis shown on ‘gure 10 
by applying equation (11) to predict the average time 
taken by a batch of particles to burn from its initial mean 
diameter to the diameter, d., at which it would be 
elutriated at the operating velocity. d, was taken as the 
diameter given by Stoke’s Law for the operating condi- 
tions, namely 0.13, 0.16 and 0.18 mm for U = 0.214, 0.3 
and 0.383 ms~'. Equation (11) is then modified to give: 


8m(1 — R°*) 
8 3C,A[U —(U — U,,,) exp(— X)] 


p. 2d?” 
2AD,C.| ° 


(15) 


where R = d,/d,. Equation (15) provides a good estimate 
of the measured burn-out times for the small particles 
allowing for elutriation. 

An objection to this method for evaluating Ng, is that 
it is as much a test of the two-phase theory for inter- 
change of gas between the bubble and particulate phases 
(i.e. the value of X) as a test of local mass transfer 
relationships. In order to avoid the sensitivity of the 
predictions to the value of X a series of burn-out time 
experiments were performed (Jung, unpublished data, 
1982) using small diameter petroleum coke particles. The 
results are presented, Figure 11, as burn-out time versus 
the batch weight for closely sized coke fractions. Each 
point on Figure 11 is the average of 12 determinations. 
The influence of the batch weight on the burn-out time 
was then eliminated by extrapolating the data to zero 
mass. Burn-out time versus the particle diameter for the 
intersection of the ordinate is plotted in Figure 12 and 
compared with equation (11) with Ny, predicted by 
equation (6) or equation (7). k was given by the 
relationship”: 


k =0.513 T, exp(—9160/T,) (16) 
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Figure 10. Burn-out time as a function of the initial average char 
particle diameter data from Avedesian and Davidson? illustrated in 
Figure 9; comparison with theory for variable Sherwood number: (a) 


U=214mms"'|, (4) l 300 mm s~', (c) 383 mm s 
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Figure 11. Burn-out time as a function of the mass of the initial charge 
of petroleum coke particles, p. = 1710kgCm_~°, burning in a bed of 
0.655mm sand, fluidised by air at 1173 K, 0.53ms~' and 1.1 bar 
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Figure 12 shows that equation (11) provides a good 
estimate of the burn-out time for small particles. Clearly 
it is not necessary to interpret the burn-out time data 
such as Figures 9 and 11, as indicative that the Sherwood 
number is constant 

Ross and Davidson’ use a different method to deter- 
mine Ng. They employ the first-order rate expression, 
equation (4), and use the form of the equation to plot 
1/K versus d where 1/K = 2/k’ + 2d/Ny,D,, where k’ is 
the chemical rate constant in molar units, and the 
constant 2 arises from the generalisation of their rate 
expression to include different possible combustion 
mechanisms. From the plot of !/K versus d, both k’ and 
Ns, were determined. In their experiments, however, 
only the initial diameter was known, diameters after the 
initiation of the experiments were inferred from the gas 
analysis. The data and the line of best fit produced by 
Ross and Davidson’ are given in Figure 13. The value 

3.5 for the assumption that the 
reaction is C+0O,->CO,, that ts 


Oo 
c 


of Ny for this line is 
effective 
A = 3/8 

For the particle sizes used, 1/K may be calculated 
using Ng, given by equation (7) and with & given by 
equation (16) 


surface 


The results indicate that the prediction 
provides a reasonable estimate of the overall resistance 
1/K. Interestingly the predicted curve fits best the data 
for the initial determination of each experiment; these 
are circled in Figure 13. As mentioned above, these are 
likely to be the most accurate points since they are 
closest to the initial diameter and less subject to error in 
gas analysis 
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Figure 13. Dependence of overall resistance to combustion on particle size for coke, data from Ross and Davidson 
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Figure 14. Diameter versus time for Ng, values as indicated: single petroleum coke particle burning in air at a bed temperature of 1173 K, 0.53 ms 
in 0.655 mm diameter sand, initial coke diameter 13.0 mm, experimental points (@) 


Table 2. Comparison between the overall resistance (1/K) measured for the initial reaction rate of each particle in a batch 


of coke derived from the data of Ross*' as analysed by La Nauze~’ and that predicted by equation (4) (bed particle size, 


0.55 mm; bed temperature, 1173 K: fluidising velocity, 0.4m s~'; bed height, 0.15 m) 


1/K 1/K 
(predicted) (predicted) 
(10°-smm~') (10°smm~’) 
diameter conc conc rate temperature (experimental) large small 

(mm) (10°kmolm~*) (10°kmolm~*) (10°kg;-s~'‘) (K) 
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Figure 15. Diameter versus time for N<. 
in 0.780 mm diameter sand 
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initial coke diameter 12 


Ross” provided further data for the initial combustion 
rate of batches of coke particles together with mea- 
surement of the mean particle temperature. From the 
batch weight and coke density, the mean combustion 
rate fer the mean particle diameter may be calculated“ 
and these are given in Table 2. From these experiments 
1/K (here defined as 1/K = 1/k +d/ANg,D,) may be 
obtained and are found, Table 2, to be between that 
predicted for small and large particles as is appropriate 
for the initial size of the particles. 

A more sensitive test illustrating the effect of variable 
Ng, compared with a constant value is to plot the 
diameter as a function of time. Figures 14 and 15 present 
such a comparison for single petroleum coke particles 
burning at different operating conditions. Predictions 
using variable Ng, (equation (6)) 
Ng, = 1.42, 3.5, and 7 are given. 


and for fixed 
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12; A 17. (a) Predictions given by theory of Turnbull et al 
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0-1.4mm coke. Bed temperature 1173 K and fluidising velocity 0.3 


(b) Predictions given by t 


ure of 1173 K.0.53 


While a fixed value for Ng, of around 6 would fit the 
centre portion of the data, it would deviate significantly 
from the data at the start and towards the end of the 
experiment. Using equation (6), Ng, values are in good 
agreement with the experiment throughout. In the initial 
stages of the experiment Ng, values from equation (6) are 


around 8, and around 3 towards the end 


Increased System Pressure 


Ihe variation in burn-out times for small coke par- 
ticles with system pressure are predicted from first 
principles using equations (7), (11), (12) and (16) 
is a small influence of P on X suggested by the inclusion 
of D, in the second term of equation (12) but this is small 
compared to the first term 


There 


The experimental results 
presented by Turnbull et al° in the form of burn-out time 
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Figure 17. Burn-out times for 1.0-1.4mm 
1123 K and fluidising velocity 0.3 ms~'. Data points‘ 1.1 (bar); A 
.o7 12; & 17. (a) Predictions given by theory of Turnbull et 
al°® (b) Predictions given by theory presented in this paper 


coke. Bed temperature 


versus mass of carbon/pressure in Figures 16 and 17 
may be compared with their prediction, Figures 16(a) 
and 17(a), and with those given by the above mentioned 
equations, Figures 16(4) and 17(4). Turnbull et al! 
concluded that the burn-out time with 
pressure derived solely from a decrease in the chemical 
rate component of equation (10). 


decrease in 


It can be seen that the theory presented here provides 
a better interpretation of the influence of pressure and 
temperature. The presented theory suggests that the 
major the reduced burn-out time is the 
significantly increased value for Ny, at high pressure. The 
large increase in burn-out time with decrease in bed 
temperature predicted by Turnbull et al°, compare Fig- 
ure 16(a) with 17(a), is a direct result of an over 
estimation of the degree of chemical rate control. 


cause of 


CONCLUSIONS 


It should be emphasised that the conclusions drawn 
from this examination of experimental data on the 
combustion of carbon particles in fluidised beds, do not 
require the assumption of any particular model for mass 
transfer. They could, for example, equally have been 
based on a semi-empirical relationship derived pre- 
viously by the author’. However, the author has chosen 
to use the model so that the general conclusions may 
throw some light on the effectiveness of the model and 
the underlying physical processes. 

Theory and experiment have been presented to show 
that during fluidised-bed combustion: 


(1) The dimensionless mass transfer coefficient, the 
Sherwood number, varies with the burning particle 
diameter 


(ii) The variation in Sherwood number can be used to 
interpret data which was previously presented as im- 
plying a constant value 

(iii) The re-interpretation of the data indicates that the 
chemical rate has less influence on the overall com- 
bustion rate, and hence burn-out time, than hitherto 
proposed. 

(iv) The influence of system pressure is to increase the 
maximum possible combustion rate (i.e. the mass con- 
trolled rate) through the influence of pressure on the 
Sherwood number. 
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distributor per bubble source 


oxygen cone 
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at inlet (mass units) 
oxygen conc. in particulate phase (mass units) 
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BOOK REVIEWS 


Fluidization 

Editors D. Kuni and R. Toei 
AlCheE, 1984 

pp. 128, $36.00 


This volume is a collection of the papers presented at the 
Fourth International Symposium on Fluidization held in 
Kashikojima, Japan in the summer of 1983. The sym- 
posium was devoted exclusively to gas-solid fluidized 
systems and the 82 papers presented are here divided 
into nine subject areas: fluidized-bed behaviour, particle 
movement, entrainment, heat transfer, combustion, dis- 
tribution and spouted beds, catalytic and non-catalytic 
reactors and coa! gasification. 

The twenty papers included under the rubric of 
““fluidized-bed behaviour” present results of both experi- 
mental and theoretical studies of gas and particle motion 
in fluidized beds. The behaviour of beds at elevated 
temperatures and pressures is discussed as is the effect on 
fluidization of internals such as rods and tubes; the 
important area of “fast” fluidization is dealt with and 
the reiatively new topics of magnetic stabilisation and 
aerosol capture receive attention. 

The subject of particle movement attracted eleven 
papers of which, to the present reviewer at least, the 
most valuable is that of Matsen from Exxon which 
presents a novel phase diagram for vertical gas-particle 
flows and gives a rational framework for much of the 
disparate information that has been reported in this area 
in the past. The seven papers on entrainment are pre- 
dominantly concerned with empirical studies of, for 
example, the effect of fine particles on elutriation rate, 
the prediction of transport disengaging height and the 
effect of pressure on particle carry-over, but despite 
the excellence of the work reported the problem of the 
a priori calculation of particle elutriation from large 
industrial units remains unsolved. 

The good heat transfer properties of gas-fluidized beds 
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are one of their more important characteristics and the 
subject continues to attract a great deai of attention from 
research workers. The twelve papers in the heat transfer 
section provide a representative sample of topics of 
current interest including, again, the effects of operation 
at high temperatures and pressures and the associated 
question of radiative heat transfer. The magnitude of 
current interest in fluidized-bed combustion is such that 
whole conferences are now devoted exclusively to the 
subject, and in Kashikojima the combustion session 
attracted more papers than any other. Roughly half were 
concerned with various aspects of research and develop- 
ment of coal combustors and half with the control of 
NO, and SO, emissions. While it is perhaps unfair to 
select any one paper for particular mention from a group 
of such high standard, the Japanese study by Hirama 
et al of a two-stage coal combustor in which NH, is 
decomposed in the lower-stage freeboard and NO, re- 
duced by fine char particles in the upper-stage bed, seems 
to carry process elegance a step further than most 

The section on spouted beds is distinguished by a 
scholarly review by Epstein of the Second International 
Symposium on the subject, but the two succeeding 
sections dealing with catalytic and non-catalytic reactors 
are disappointing in their lack of novelty. The volume is 
completed by four useful papers on coal gasification 

In spite of the inevitable camera-ready format of the 
Original papers the book is well reproduced and the 
practice of placing “Abstract”, “Scope” and “Conclu- 
sions and Significance” sections at the beginning of each 
paper makes for efficient information transfer. The 
indexes are models of thoroughness. The book repre- 
sents an important addition to the fluidization literature 
and wili for long be an essential source of reference for 
all those working in the field 


Yates 
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THERMAL STABILITY OF R11, R1I2B1, R113 
AND R114 AND THEIR COMPATIBILITY 
WITH SOME LUBRICATING OILS 


P. SRINIVASAN, S. DEVOTTA and F. A. WATSON (FELLOW) 


Department of Chemical and Gas Engineering, University of Salford 


New data are reported for the decomposition of R12B1 under dynamic conditions and of R11, R12B1 and R114 in the presence 
of a polyalphaolefin based synthetic hydrocarbon oil under static conditions. These and some previously reported results are 
presented graphically; a comparative evaluation of the thermal stability of R11, R12B1, R113 and R114 and their compatibility 
with a mineral oil, an alkylbenzene based synthetic oil and the synthetic hydrocarbon oil is presented. From these, it is concluded 
that polyalphaolefin based oils are the preferred lubricants and that R114 and R113 are the preferred working fluids. 


INTRODUCTION 

The effect of the presence of lubricating oils on the 
stability of heat pump working fluids has been the 
subject of several investigations. Understandably, most 
of the information available in the literature is limited to 
the temperatures encountered in refrigeration and space 
heating applications. Also, published stability ratings 
have been based on a variety of experimental techniques; 
it is difficult to draw conclusions from such data which 
would permit extrapolation to other systems or to the 
higher temperature ranges required for applications in 
the process industries. 


Previous papers by the authors and their co-workers 


contact of 
lubricants under 


effect of 
typical 


have reported the 
fluorocarbons with 
conditions! * 
lubricants under static and dynamic conditions**. These 
experiments were carried out under comparable condi- 
tions and the decomposition rates determined using 
consistent analytical techniques. Additional results are 
presented herein and an attempt is made to compare the 
stability of some potential heat pump working fluids and 
their compatibility with some lubricating oils. 

Thermodynamic parameters for a number of poten- 
tially useful heat pump working fluids have been 
presented by Holland et al.° These data show that 
R114 (dichlorotetrafluoroethane,CCIF,CCIF,), R12B1 
(bromochlorodifluoromethane,CCIF,Br), R11 (tri- 
chlorofluoromethane,CCl,F) and R113 (trichloro- 
trifluoroethane,CCl,FCCIF,) are thermodynamically 
attractive for high temperature heat pumps. The critical 
temperatures of these fluorocarbons are 145.7°C, 
154.4°C, 198.0°C and 214.1°C respectively. These 
fluorocarbons could be used in heat pumps or Rankine 
power cycle systems in the temperature range 100—200°C 
which is adequate for most industrial applications. Three 
refrigerant grade lubricating oils were selected as being 
typical of their chemical types. These were a naphthenic 
mineral oil, an alkylbenzene based synthetic oil (SAB) 
and a polyalphaolefin based synthetic hydrocarbon oil 
(SHC). The effect of contact of the aforementioned 
fluorocarbons with these oils in the presence of copper 
and steel is reporte 


some 
static 


and decomposition rates in the absence of 


EXPERIMENTAL 

The equipment, procedures and analytical techniques 
used were similar to those previously reported! °. Static 
experiments were carried out at constant temperatures in 
the range 180—280°C for periods up to 720 hours in the 
absence of lubricating oils and up to 60h in their 
presence. Copper and steel were present in all these tests 
as being essential constructional materials of practical 
heat pump systems. Although the use of R114 in con- 
densing heat pump systems is limited to about 125°C by 
its comparatively low critical temperature, R114 was 
investigated to check the general opinion that is the most 
thermally stable amongst commercially available 
fluorocarbons. Therefore, only a limited number of 
experiments were carried out on R114. 

In the flow test, the working fluids were heated up to 
140°C before impinging on a copper target and cooled 
to about 90°C before entering the compressor for re- 
circulation. The tests were carried out using R12B1, R11 
and R113 with the target temperatures ranging from 
350 C to 450°C. The target represented hot spots which 
might occur in practical heat pump or Rankine power 
cycle systems. It was ensured before the vapour was 
allowed to impinge on to the target that no lubricating 
oil was present in the target area. 

Gas chromatography was used to determine the extent 
of decomposition of working fluids. The viscosities of oil 
samples were determined using a Ferranti-Shirley FS 
390 cone and plate viscometer. These viscosities were 
used as a measure of the extent of the reaction of the oil 
with the fluorocarbons’. 


DISCUSSION OF RESULTS 

Decomposition against reaction time data are 
presented in Figure | for RI2B1l, R11, and R113 under 
Static conditions at 220 C in the absence of lubricating 
oil. A static test on R114 at 280°C for 300h did not 
result in any measurable decomposition. This confirmed 
the general opinion about the thermal stability of R114. 
Therefore no experiments were carried out on R114 in 
the flow equipment. 
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THERMAL STABILITY OF HEAT PUMP FLUIDS 


New data of decomposition against reaction time for 
R12B1 obtained from flow tests for target temperatures 
of 350°C, 380°C, 460°C and 430°C are presented in 
Figure 2. In these tests R12B1 was heated to 140°C 
before reaching the copper target and cooled to 100°C 
before entering the compressor. Decomposition against 
reaction time data are compared in Figure 3 for R12B}, 
R11 and R113 under dynamic conditions with a target 
temperature of 400°C. In earlier communications*’ the 
authors showed that the data from static and flow tests 
could be correlated for R11 and R113, at temperatures 
below the maximum temperature of 450°C used in the 
tests, by a single straight line relationship of the form 


Ink =A+B/T (1) 


No attempt was made to correlate the decomposition 
data for R12B1 obtained under static and dynamic 
conditions because the products of decomposition ob- 
tained from the two tests were different, indicating 
different types of reactions. R12 (CCI, F,) was the only 
decomposition product obtained in measurable quan- 
tities in flow tests, whereas in static tests C,F,, CCI, F,, 
CF,Br,, C,F,Br, and C,F,CIBr were detected as the 
decomposition products. The presence of bromine in 
R12Bl1 appears to make the reactions very complex, 
requiring specially planned experiments to be carried out 
in order to understand the kinetics of these reactions. 
This was beyond the scope of the present study. 

The greatly increased rate of decomposition of the 
fluorocarbons in the presence of lubricating oil is illus- 
trated by Figure 4. This presents the new data for 
R12Bl1, R11 and R114 in contact with SHC oil under 
static conditions at 220°C. A set of previously published 
data for R113 is included in Figure 4 for completeness. 
Due to the very complex nature of the reactions occur- 
ring in the oil'*’*, the decomposition rates for the 
fluorocarbons in the presence of lubricating oils were 
empirically calculated from the data obtained in static 
tests. These results are presented in Figure 5. The limited 
number of static experiments carried out with SNC oil 
in contact with R1I2Bl1, R11, R113 and R114 permits 
only one point to be plotted for each fluid. These data 
alone are not sufficient to establish the temperature 
variation for the decomposition rate of each 
fluorocarbon in contact with SHC oil. However, if equal 
activation energy is assumed ffor all the 


fluorocarbon-lubricating oil reactions in the presence of 


copper and steel*’, the temperature dependence of the 
decomposition rates may be represented by lines drawn 
parallel to the other lines as in Figure 5. 

If there is no change in the type of reaction occurring 
at the temperatures used in flow tests and at the oper- 
ating temperatures of heat pump systems, particularly 
those using dry compressors, the constants of equation 
(1) can be used to estimate the time required for a given 
extent of decomposition of a fluorocarbon at the re- 
quired temperature. For example, the measured decom- 
position of R12B1 after 60 h at 220°C was 21.4 mole”,. By 
using the reported constants** in equation (1), it can be 
estimated that for the same extent of decomposition to 
occur at 220°C, a contact time of 2258 h is required for 
R11, 3467 h for R113 and almost infinite time for R114. 


In general, the stability of the fluorocarbons tested is, 
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in order of decreasing on-stream life, R114, R113, R11 
and R12B1 at a given temperature. Although the on- 
stream life is reduced by the presence of any of the 
lubricants, as evidenced by the modified Arrhenius plot 
of Figure 5, the order of stability of the fluorocarbons 
is not significantly affected. On this basis, and by 
reference to thermodynamic data®, R113 would be the 
best choice of the fluorocarbons tested for use in heat 
pumps with condensing temperatures of 125-175 and 
R114 for condensing temperatures below 125°C and for 
non-condensing applications. When oil separation in a 
heat pump is not good, a reduced on-stream life implied 
by Figure 5 might apply. The between 
fluorocarbon and oil are complex and the composition 
of the oils is variable, so Figure 5 
caution. 

Just as the oil decomposition 
fluorocarbon, so does the fluorocarbon affect 
gradation of the oil. It has been reported* that at high 
temperatures the oil either breaks down into 
molecules, leading to a decrease in 


reactions 
should be used with 


enhances 


smaller 
VISCOSILY, OT poly 
merises leading to an increase in viscosity. Experimental 
determinations of the viscosity of the SHC oil in the 
presence of fluorocarbons show that, in general, there is 
initially a small but measurable drop in viscosity with 
time followed by a fairly rapid increase in viscosity. This 
is illustrated by the curves of Figure 6. The exponential 
form of these curves implies that lubricant failure c 
occur very rapidly. It is, therefore, important tl 
samples of lubricant should be tested fi 
reasonably 


ould 


frequent intervals F a 
communication’ the authors showed that the 
viscosity of the oil could be correlated with the 
centage decomposition of the fluorocarbons so that 
VISCOSILY checks can also be used to establish the 
of replacement of both lubricant a 

In the present series of studies it wa 
natural mineral oils were less compatible and induced a 
more rapid break-down of the fluorocarbons than did 
SAB oils. This confirms the findings of Borchardt”. It 
was also found that the effect of the fluorocarbons on 
degradation of the oils increased in the order Ril4 
R113, RI2B1 and R11 with the exception of SAB oil for 
which the effect of R113 was greater than that of R11 
This latter result is not in agreement with the findings of 
Morgan et al.” and may have been due 
liarity of the SAB oil used in their tests 


to some pecu 


SYMBOLS USED 
14, B constants in equation (1) 
» reaction rate constant, h~’ or (m« 


7 absolute temperature 
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Advances in Cryogenic Engineering 

R. W. Fast (Editor) 

Plenum Press, 1984 

pp. 1039, £95 

Volume 29 of Advances in Cryogenic Engineering con- 
tains 116 of the papers presented at the 1983 Cryogenic 
Engineering Conference, Colorado Springs, Colorado, 
USA. The jointly held International Cryogenic Materials 
Conference is reported separately in Volume 30 of the 
same series. The broad spectrum of activity described in 
Volume 29 gives an up to date picture of the extent of 
cryogenic engineering today with particular interest in 
superconducting applications, refrigeration systems for 
1.8-5 K and space science and technology. There is, in 
addition, considerable material of interest to chemical 
engineers. A review paper on “Helium Prospects” by 
Francis and Keierleber (Union Carbide) and Swartz 
(Cryo Gases) concludes that helium users may be 
reasonably confident that supply will match the con- 
tinuously increasing demand into the first decade of the 
next century. Another review paper on “US LNG 
Imports” by Hay (Americal Gas Association) concludes 
that the long range future for increased LNG imports 
will improve through gas price adjustments towards 
market determined prices 

The essence of progress in the status and importance 
of thermo-physical properties, in the design and oper- 
ation of industrial plant, and the custody management 
of industrial cryogenic liquids, was provided in a paper 
“Thermophysical properties data” by Haynes, Kidnay, 
Olien and Hiza (NBS, Boulder, Colorado). 

For several years now, the British Cryogenics Council 
(BCC) has accepted a broader definition for cryogenic 
fluids than the traditional one, namely those fluids with 
normal boiling points below 0°C (273K). In sum- 
marizing the available thermophysical properties data 
for both pure fluids and mixtures, Haynes et al have 
gone one step further than the BCC definition by 
including fluids ‘involved in cryogenic processing with 
melting temperatures below ambient’. 

This is a very welcome move by the Americans and 
provides a significant step forward in developing a 
philosophy towards industrial cryogenics, where the 
needs and emphasis are quite different to those of 
universities, government research establishments and 


space rockets. Water and the higher hydrocarbons be- 
yond C, are very much part of the cryogenic processing 
industry, and we now have a sensible and unifying 
approach which includes these substances as part of the 
cryogenic scene. The refrigeration engineering industry 
with its emphasis on food preservation, ice-cream and 
air conditioning, has nothing to fear—indeed the British 
Institute of Refrigeration has warmly welcomed the 
broader definition of cryogenics. 

Today, the need for good, reliable and accurate 
thermo-physical data for pure fluids and for mixtures is 
very strong from many users’ point of view. In one 
example, mention was made of a hydrogen purification 
plant which was over-designed on the basis of poor 
thermodynamic property data some 20 years ago, 
thereby almost doubling the capital cost of the plant. In 
another example, a study of two turbo-expander plants 
revealed that variations in yearly income of £130,000 
could result from differences in predicted K-values from 
existing correlations. 

The problem of mixtures and the prediction of their 
properties to an acceptable level of accuracy is a major 
one. A variety of correlations exist and a plea was made 
for an integrated approach where efforts in experiment; 
theory and correlations complement and support each 
other with both scientific and industrial obiectives in 
mind. While tables of thermophysical properties are not 
practical for mixtures, the dangers of using computerised 
calculational packages must be recognised by their users. 
The uncertainties in these packages are considerable and 
have an economic impact which cannot be ignored. 

Taking one current example relating to the custody 
transfer of LNG; a 1°, error in density is equivalent to 
an error of £100,000 in the value of a tanker load of 
125,000 m° of LNG. Prediction of density from com- 
position analysis cannot be made to a higher accuracy, 
since there is a 1°, error on the available thermophysical 
data for pure methane anyway 

The LNG industry is trying to move towards a 0.1% 
error in custody transfer measurement. However the 
problems are very considerable, not only because the 
instrumentation is not accurate enough, but because 
there is no agreed correlation to a 0.1°% accuracy as yet 
which has been tested by experimental measurement. 


Book reviews continued on page 249 
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SOLIDS CONCENTRATION PROFILES IN A 
MECHANICALLY STIRRED AND STAGED 
COLUMN SLURRY REACTOR 
By D. FAJNER, F. MAGELLI, M. NOCENTINI 


and G. PASQUALI 


Istituto Impianti Chimici, Universita di Bologna, Ital) 


The solids distribution in a batch, multi-impeller, staged stirred column was investigated. Spherical glass particles of two sizes 
were used as the solid phase (d, = 0.137 and 0.327 mm); concentrations of solids up to 15 kgm * in both water and aqueous 
solutions of PVP were considered. The mean solid concentration along the vertical axis of the vessel was measured by an optical 


technique. 


The lower the rotational speed of the impellers and the viscosity of the fluid, the greater was the departure of the suspension 


from homogeneity. 


The solids profiles can be modelled by means of the one-dimensional sedimentation-dispersion model with a value of the 
settling velocity of the particles which is a function of the free-settling velocity. In particular, the settling velocity is equal to 
the free-settling velocity for the smaller particles, whereas it is 45% of the free-settling velocity for the larger ones. A qualitative 


physical discussion of this result is developed. 


INTRODUCTION 


The most commonly used configurations for slurry 
reactors are the bubbie-column and the stirred tank’~. A 
major disadvantage of the latter, which is usually char- 
acterized by a value of the height-to-diameter ratio close 
to unity, is the high degree of backmixing that typically 


reduces conversion, whereas an inadequate level of 


agitation may be found in the former. A solution to these 
drawbacks could be obtained by adopting columns with 
multiple impellers and an appropriate staging of the 
vessel. 

As an example for this last configuration, the so-called 
Oldshue-Rushton column was adopted in this study, the 
hole of the horizontal baffles being of large diameter. 
Obviously, no claim is made here about the superiority 
of the specific geometrical arrangement studied; the 
influence of both impeller type and column geometry on 


suspension and chemical reaction will be the subject of 


future work. 
For this column, information exists 

fluid-dynamic behaviour of single liquids” ’ 

phase gas-liquid** 


about the 

and two- 
and liquid-liquid’ systems. On the 
contrary, data are lacking for solid-liquid and solid- 
liquid-gas systems, the only exception being a study on 
neutrally buoyant solid-liquid systems’. 


In this paper preliminary results on the behaviour of 


settling solid-liquid suspensions of mono-size, spherical 
particles in batch stirred columns are presented. The 


influence of the most relevant parameters on profiles of 


solids is discussed and it is shown that they can be 
conveniently modelled by means of a sedimentaticn- 
dispersion model. 


THEORY 


According to the dispersion model, the continuity 


equations for a non-reacting species in a differential 
volume element of a vertical column can be written as 


(1) 


5 


(2) 
for the solid phase. The liquid is assumed to flow 
upwards in the equipment, according to the z-axis; z = 0 
and z = L correspond to the base and the top of the 
column, respectively. 

The solution of equation (1) for a variety of boundary 
and initial conditions is available in standard textbooks 
Only the solution at z = L for a batch system subject to 
the following initial and boundary conditions, 


(i) AC (z, 0) = 2Q0(z) 
0) 


(i11) {C(z,1)dz =Q 


. 


is worth recalling here’ 
C(A)/C 2 3 cos kn -exp( 


with: 


The solution of equation (2)—the 
dimensional 


so-called one 


sedimentation-diffusion model it 
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steady state with batch conditions for the solids: 


dod | 


u,)@(0) — D.p —| 
ae Re 


(1) (u =). 


| o@(z)L~* dz, 


(u,—u)L/D.p 
-exp{(u —u,)L/D. >»; 


<exp{(u — u,)z/D.p}. 


When u = 0, it follows: 
u.L/D., 

exp; —u, L/D.» 

x exp | —u,z/D.p};- 


EXPERIMENTAL 
Experimental Apparatus and Conditions 

The investigation was carried out in a vertical cylindri- 
cal, flat-bottomed vessel (volume: 7.04 litre) having four 
10°, baffles and stirred with a multiple impeller stirrer. 
The vessel had pyrex walls and was of fully closed 
design. Three horizontal, evenly spaced ring-baffles (in- 
ner diameter: 10.95 cm) were adopted. The stirrer consis- 
ted of a shaft with a set of four identical, evenly spaced 
Rushton turbines. The characteristics and the main 
dimensions of the column are given in Figure |. 

All the experiments were performed at room tem- 
perature with solid-liquid suspensions. The liquids used 
were water and aqueous solutions of poly- 
vinylpyrrolidone exhibiting Newtonian behaviour. As 
the solids, two sizes of spherical glass beads were used 
(A.S.T.M 45+ 50, d,=0.327mm; and A.S.T.M. 

100 + 120, d, =0.137 mm). The density of the glass 
beads was 2450 kgm 

All the experiments were performed at a rotational 
speed greater than that corresponding to the “just 
suspended” condition’, this last being checked by obser- 
vation 

A summary of the experimental conditiens is given in 
Table | 


Solids Concentration Measurement 

Several methods have been employed to measure local 
solid concentration in stirred vessels, namely: with- 
drawal of suspension samples’? '* and subsequent anal- 
ysis, measurement of suspension conductivity’>’® or the 
attenuation of a light beam passing through the 
suspension'’'*. The last technique was adopted in this 
work 

A light-emitting diode (LED) was used as the source 
of light and a miniature silicon photo-diode was used as 


Range of the experimental conditions 


p.o (kgm *) N(s-') 


15 16.7-28.3 


ny (mPa-s) 
0.9; 3.1; 21 





ie 
ff 
+ 








= 














o 


<“<x<x383xrx 
SSESSSTIS SSA SSS SSS SSS SSS. 








D:L:W:d = 20:5:4:15 














Be Se See t et See eS See eee ee See ee ees 


D=4.4 cm 














Figure |. Geometry of the column 


the receiver, this last transforming the incident radiation 
into a current. An electronic circuit was developed which 
generated a square-wave modulating signal (1 kHz) to 
the LED; the overall signal coming from an amplifier 
downstream the photo-diode was demodulated syn- 
chronously and filtered to cut off the signal component 
due to the ambient light (Figure 2). 

In both the calibration (see below) and the routine 
measurements the light beam (about 4mm in diameter) 
passed through the vessel horizontally along a chord 
about one centimeter off the axis, approximately midway 
between the vertical baffles. Thus each measurement 


Figure 2. The optical device used to measure solids concentration and 


the scheme of the electronic circuit to process the signal 
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Figure 3. Calibration curves for the measuring equipment (7 = 13 cm) 


gave a value that could be considered as the mean of 


solids concentration in the horizontal section 

The calibration of the measuring equipment was done 
with a contoured-base tank" stirred with either a pro- 
peller or two Rushton turbines. The tank, which had the 
same diameter as the column and the height equal to the 
diameter, was closed to avoid suction of air into the 
Suspension and was stirred vigorously. Measurements 
done at different vertical positions in the vessel gave the 
same signal, thus showing that the condition of homoge- 
neous suspension had been achieved. 


The calibration curves obtained with the two sizes of 


beads are given in Figure 3. It is worth mentioning that 
these curves deviate from the relationship”: 


I /1, = exp(—1.5 Nz), 


where: 


N, = o¢/d, = a7/6, (3) 


due to the high value of the path length 7 and, possibly, 
multiple light scattering. As a consequence, they had to 
be used routinely for the interpretation of the mea- 
surement readings from the column instead of the 
simpler equation (7). 

For each experimental condition, solid concentration 
was measured at 32 different vertical locations along the 
column. The consistency of every set of measurements in 
the column was checked through an overall mass bal- 
ance similar to equation (4). The balance was generally 
satisfied within 10°,, the deviations being probably due 
to a limited distribution of beads dimensions and a lack 
of perfect alignment and collimation of the optical 
equipment 


RESULTS AND DISCUSSION 
The Experimental Profiles 

An example of solids concentration profiles obtained 
with the larger beads is shown in Figure 4. As one would 
expect, the solids concentration increases from the top to 
the bottom of the column and tends to flatten with an 
increase of rotational speed and viscosity. 

With the smaller beads the profiles are always 
flatter—ali the other parameters being constant. And, at 
high liquid viscosity (21 mPa-s) at both N = 18.3 and 
25s~', the suspension is homogeneous. 
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Figure 4. Solids concentration profiles in the column (d 0.327 mi 
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(a) Influence of stirrer speed, for 
N = 28.25 (b) Influence of 
n =0.9mPa‘s; A, n 


mPa‘s 


Abrupt changes are apparent in the profiles near to 
both the horizontal baffles (in spite of their small 
dimension) and the turbines, the discontinuity being 
more pronounced for the former than for the latter. This 
behaviour is obviously a consequence of the flow pattern 
in the column, consisting of a pair of vortices per 
compartment 
disc. 


under and above the plane of the turbine 


Interestingly, the dimensionless profiles 
independent of mean solids concentration as shown in 
Figure 5 (every other point was skipped for the sake of 
clarity). This fact confirms previous findings of Baldi et 














Figure 5. Influence of é on dimensionless 
n =0.9mPa:s, d,= 0.327 mm (mean soli 
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al'* for the standard configuration. The disagreement 
with Bohnet and Niesmak’s results'’, according to whom 
the dimensionless profiles do depend on ¢, is probably 
due to the difference in stirrer type. 


The Interpretation of the Profiles 

To model the solids concentration profiles in the 
column, the one-dimensional sedimentation-dispersion 
model was adopted throughout this work. More soph- 
isticated models such as the dispersion-backflow 
model’, which in principle would be more consistent 
with the profiles described above, were discarded at this 
stage as being too cumbersome to handle in practice. 

The two parameters D.» and u, are involved in the 
model [equation (2)]. It was assumed that D.p and D. 
are equal since they depend on the (macro) turbulence 
and the way it is distributed in the equipment. (In fact, 
suspended particles much smaller than the macroscale 
do follow the fluid very closely’! and consequently the 
particle eddy diffusivity tends to be equal to the liquid 
eddy diffusivity”. Furthermore, the equality of the dis- 
persion coefficients for the solids and the liquid was 
shown to hold good in bubble columns” also). The 
values of D.,, in turn, were determined reinterpreting 
the transient concentration curves obtained in a previous 
investigation’ as the response to a pulse disturbance in 
a batch column identical to the present one. The experi- 
mental curves were compared with the theoretical ones 
provided by equation (3), where the following definition 
was adopted for S: 


S=J7 (9) 


This choice proved to be satisfactory since it made it 
possible to correlate results obtained previously’ with 
liquids of different viscosity and columns of different 


diameter and number of compartments. An example of 


comparison of experimental and theoretical transient 
curves is given in Figure 6; the correlation of D., (in 
terms of D., /v vs Re) for the geometry considered is 
shown in Figure 7 

As regards the values of u,, no detailed suggestion can 
be found in literature; some Authors’'**?> have shown 
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that the settling velocity u, in a turbulent medium is of 
the same order of magnitude as (and 40 to 70°, less) the 
free-settling velocity in a still liquid. Under these circum- 
stances, the rationale of profiles interpretation was 
changed into the following: given D.» = D.,, equation 
(6) was used to find the value of wu, that fitted the 
experimental @(z) data best. Then, the influence of the 
operating conditions on u, was investigated. 

Best fit was based on minimizing the sum of squared 
discrepancies between the experimental data and the 
values given by equation (6) through a region elimi- 
nation technique. The procedure proved quite sensitive 
to small changes in u, except in cases when the profiles 
are (nearly) flat, in which conditions a greater uncer- 
tainty in u, values is to be expected. The sensitivity to the 
parameter is shown in Figure 8, where the best fit curve 
(u. = 0.021 ms~') and the curves obtained with u. + 20°, 
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Figure 8. Sensitivity of 
p.@ =10kgm~*, A 
u, = 0.021 ms 


estimation of u ad 
21.5s°', n =0.9 mPa:s. ( 
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Figure 9. Settling velocity in the column as a function of rotationa 


Reynolds number 


are given. In the application of the procedure outlined, 
the value @,,,, from the integration of each set of @({z) 


data was simply used instead of ¢ 


DISCUSSION 


The results of the treatment of the experimental 
profiles are given in Figures 9 and 10 in terms of u, and 
u./u,, respectively, as a function of rotational Reynolds 
number. The values of u, were caiculated with cor- 
relations based on standard data and the influence of @ 
on both u,”’ and n** was ignored because of its low values 
in this investigation. For the suspensions of smaller 
particles in viscous liquids (21 mPas), in which case 
(homogeneous state) the best fit procedure previously 
outlined fails, the value u, = u, proved quite appropriate 
to interpret the experimental profiles 

As one would expect. the settling velocity decreases 
with an increase of liquid viscosity, irrespective of par- 
ticle size (Figure 9). Superimposed on this overall, rough 
trend, a decrease in u, is apparent with an increase in 
rotational speed for any pair of liquid viscosity and 
particle size. This last fact suggests a weakness of the 
dispersion-sedimentation model adopted, since accord- 
ing to it all the agitation effects on the system should be 
confined to (and accounted for by) the dispersion 
coefficient. It is also worth noting that the value of @ 
does not seem to affect the settling velocity 
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As regards u,/u,, markedly different behaviour 1s 
apparent for the two particle sizes tested. For the larger 
size, the values of u,/u, are nearly constant; the agree- 
ment with previous results obtained in a standard vessel 
with a completely different experimental technique“~ is 
really good. The results seem to confirm that the settiing 
velocity in a turbulent stirred liquid is lower than that in 
an unstirred medium, possibly due to a considerable 
increase in the particle drag coefficient under the local 
unsteady flow prevailing in turbulent conditions 

The different behaviour of smaller particles can also 
be explained in terms of drag coefficients. Apart from the 
scattering due to experimental error, u, is equal to u 
when the viscosity is equal to or greater than 3mPas 
(Re <2 
law (Re, < 0.3), where the above mentioned influence of 
turbulence is absent 10°), the 
outside the Stokes 
thus justifyin ertain reduction of 


10°); these conditions correspond to Stokes 


At low viscosity (Re 
particle flow conditions 
region (Re 2.2) ed 
u./u, from unity 

However, this interpretation does hold good for 
the larger particles in high 
(Re ~2 x 10°, Re (0.07) 
u./u, 1S the sé > as that 


( Re > 10°" Z.4 No expl 


seems possible 


liquids 


present 


CONCLUSIONS 
Vertical solids concentration profiles have been me 
sured in a multi-impeller, staged stirred column under 


ize t her lo sarti " 
$1Zes OF Spherical Ziass particies 


batch conditions for two 
They were modelled by means of the 
one-dimensional sedimentation-dispersion 
dispersion coefficients for the solids an 
been assumed to be equal and the mean sett 
of the solids could, therefore. 
experimental profiles with the above-mer 


through a best fit procedure. Its values 


with the free-settling velocity: their ratio is equal to 0.45 
} Y) 1] 


for the bigger particles and equal to one for the smaller 


ones. A qualitative interpretation 


been attempted 
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COMPARISON OF TECHNIQUES FOR 
MEASURING THE TEMPERATURE OF 
CHAR PARTICLES BURNING IN 
A FLUIDISED BED 


By J. F. STUBINGTON (memperR) 


Departime nt of Fuel 


Technology, School of Chemical Engineering & Industrial Chen 


Methods used by previous investigators to measure the temperature of char particles burning in fluidised bed combustors have 
been critically assessed. A new technique has been developed to overcome the problems inherent in the earlier techniques. A 
char particle is mounted on a very fine thermocouple and burnt while oscillating in a fluidised bed combustor operating just 
below the minimum bubbling velocity, to simulate the envirenment around a freely-burning particle in a bubbling bed. Three 
of the techniques were compared experimentally, using the same batch of coke in the same fluidised bed combustor. 

The particle-on-oscillating-thermocouple technique gave a mean maximum particle temperature rise above bed temperature 
of 98 K. This was significantly lower than the 122 K measured by the photographic technique and the difference was attributed 
to the increase in temperature on arrival of the burning coke particle at the bed surface, due to the much lower heat transfer 
from the particle’s top surface when the particle convective contribution was eliminated. The results from the particle-on-fixed- 
thermocouple technique at fluidising velocities in the range of U’/U,,, from 1.7 to 2.5 were not significantly different from the 


results of the particle-on-oscillating thermocouple technique. 


The measured particle temperature rise of 98 K was less than that predicted (132 K) using literature data for the mass and 
heat transfer processes. This difference may be a result of CO escape from the surface of the coke particle and/or enhancement 
of heat transfer in the presence of combustion at the surface of the coke particle. 


INTRODUCTION 


Char particles burn in a fluidised bed at temperatures 
which exceed the bed temperature. The amount of this 
temperature rise is of interest for two major reasons 
Firstly, char oxidation kinetics are sensitive to the 
temperature of the char, so measurement of the char 
particle temperature is required to determine the rate of 
combustion (except in a purely diffusion-limited system) 
Secondly, some carbon may be converted to carbon 
monoxide at the char surface and subsequent com- 
bustion of this carbon monoxide may occur either close 
to or remote from the particle. Since CO oxidation 
releases about 2/3 of the heat of combustion of carbon, 
the particle temperature will vary depending on how 
much of this heat is transferred back to the particle. 
Thus, particle temperature measurement may indicate 
where the carbon monoxide combustion Is occurring. 

A number of previous workers have attempted to 
measure the temperature rise (above bed temperature) of 
a carbon particle burning in a fluidised combustor. Four 
different experimental techniques have beeen used: pho- 
tographic, thermocouple insertion in a particle, fusible 
wire ring insertion in a particle, and optical probe. These 
techniques and their limitations are reviewed in the next 
section, together with a new thermocouple insertion 
technique which more closely simulates the environment 
experienced by a char particle burning in a bubbling 
fluidised bed. Particle temperature measurements have 
been made with the same coke in the same fluidised 
combustor using three of these techniques. The objective 
of this work was to compare the techniques for particle 
temperature measurement, with a view to recommending 
the most reliable technique. 


EXPERIMENTAL TECHNIQUES FOR 
PARTICLE TEMPERATURE 
MEASUREMENT 


Previous work in this field is summarised in the top 


part of Table 1, which gives the experimental conditions 


as well as the measured values for the burning particle 


temperature rise above bed temperature. Owing to the 


variety of conditions, these results are not strictly com- 


parable 


Photography 

Photographs are taken of the t 
including those burning char particies present at 
surface. Calibration photographs are taken on the same 
roll of film and the film is developed carefully to ensure 
uniformity of treatment 
the film are 


lhe particle image densities on 


measured using an optical mic! 
densitometer and comparison with the calibration im 
ages allows the particle temperature to be determined 
Curr and Warren’ used this technique in a 0.09m 
combustor. For calibration, they photographed a 10 mm 


cube of coke in a furnace continuously flushed with 
nitrogen 

Roscoe et al- used this technique in a smaller com 
bustor, taking photographs during the period 15—50s 
after charging a batch of coke. Eight calibration shots 
were taken of a black body source a 
range 1194-1550 K 
black body temperature was found to be approximately 
linear (+3 K) 1n this temperature range 
that their experimental 
~ 15K, since the photographic 


form of brightness temperature 


temperatures in the 


The plot of optical density versus 


They estimated 
temperatures were low by 


measured a 
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Table 1. BURNING PARTICLE TEMPERATURE MEASUREMENTS 
Fluidising gas-air 


Bed 
Measurement 
Author(s) technique 


Material d,(um) 


Curr & Warren Photography 


Roscoe et al Photography Ash 


Ross et al Photography Sand 


Particle-on- Sand 

fixed- 

thermocouple 
Chakraborty & Particle-on- 
Howard fixed- 

thermocouple 
Sand & 
fixed- fireclay 
thermocouple 


Particle-on- 


La Nauze & Particle-on- Sand 
Jung fixed- 

thermocouple 
Yates & Walker Fusible wire Sand 
rings in 
particle 


Macek & Opticai Sand 1500. 


probe 1600 
Photography Sand 460 
Particle-on- Sand 460 
fixed- 

thermocouple 

Particle-on- 

oscillating- 

thermocouple 


e€ maximum values of 7, are reported 


Ross et al’ used a similar technique to Roscoe et al. 
For calibration, a pile of the same coke used in the 
combustion experiments was placed in a _ nitrogen- 
purged furnace and photographed through a port in the 
furnace door. The burning particle temperature rise 
varied approximately linearly with the oxygen concen- 
tration in the particulate phase and the data show a 
slight increase in mean particle temperature as the initial 
coke particle diameter decreases. 

Two criticisms may be levelled at the photographic 
technique used by previous workers. The first criticism 
is concerned with the particle emissivity. Each of the 
calibration methods described would have produced 
black body radiation (o7;), with an effective emissivity 
of 1.0 owing to multiple reflection within the furnace 
enclosure and the relatively small area of the observation 
port. However, the particle burning at the top of the 
fluidised bed is not in such a constant temperature 
enclosure, but is surrounded by colder surfaces (the top 
of the reactor, the reactor walls in the freeboard and the 
bed surface). Hence, the radiation emitted from the 
particle depends on its emissivity and is given by ¢,0T%. 
Lindsay* recommended a value of ¢, = 0.8 for the burn- 


ing char particle. To overcome this uncertainty in cali- 


H(mm) D(mm) U/U, 


300 x 300 1073 


Particle 


T.,(K) Material d(mm) (7,—T,)+s(K) 


Range: 110-260 
Mean: 180 


1203 Range: 130-160 
Mean: 144 
1173 110+ 
5 127 + 
127 + 


135+ ° 


Electrode 
carbon 


Range: 50-200 


Varied Carbon Range: 70-215 


Range: 50-170 


Range: 100-400 


Petroleum 
coke 


Range 


Resin- 


bonded 


Between 100 & 143 
Between 60 & 100 
anthracite ~ 60 


dust 


1060 Coals 


bration, a different calibration technique has been used 
in the present work and will be described in a later 
section. 

The photographic technique makes the implicit as- 
sumption that the temperature of a burning particle at 
the surface of the bed is the same as its temperature 
within the bed. This assumption was tested by inserting 
a 0.5mm diameter thermocouple inside a coke particle, 
as described in the experimental section. The particle was 
then immersed in the bed of sand fluidised by air at the 
minimum fluidising velocity at 1173 K. Two and a half 
minutes after ignition, the particle was raised to the 
surface and the temperature indicated by the thermo- 
couple rose rapidly from 1303 K to 1323 K in the first 
Ss, to 1353K within 20s and continued to increase 
thereafter. Since the coke particles were visually ob- 
served to remain at the surface during the present work 
for a period up to several seconds, it is expected that the 
particle’s surface temperature would _ increase 
significantly while it is present at the top surface of the 
bed. This increase in temperature may be explained by 
(a) the increased availability of oxygen when inert 
particles no longer surround the top surface of the coke 
particle; and (b) the large decrease in heat transfer from 


Chem Eng Res Des, Vol. 63, July 1985 





TECHNIQUES FOR MEASURING THI 


the particle when its top surface is no longer in contact 
with bed particles. (The initial rate of temperature rise 
was estimated to be 11 Ks’ from the heat balance 
relationship of Turnbull et al, assuming the 
conductive/convective heat transfer from the top half of 
the particle’s surface decreased from the value within the 
particular phase to zero.) The error introduced by the 
increase in particle temperature at the top surface of the 
bed is inherent in the photographic technique, and was 
also present in this work using this technique. 

These two errors associated with previous work are 
opposite in sign, so the combined effect on the results 
cannot be predicted. However, the higher temperatures 
observed by Curr and Warren’ may be explained by the 
increase in particle temperature on its arrival at the top 
surface. Observation of the coke particles at the surface 
showed that they had to move from the middle of the 
bed to the wall of the combustor before they were sucked 
down into the bed by the downflow of sand particles. 
Since the area of Curr and Warren’s combustor was at 
least an order of magnitude greater than the other 
worker’s combustors, the residence time of a burning 
particle at the top surface of the bed would have been 
significantly longer. During this increased residence 
time, the particle’s temperature would have increased 
more in Curr and Warren’s experiments than in those of 
Roscoe et al’ and Ross et al 


Particle on a Fixed Thermocouple 

Several workers’ ’ have measured the temperature of 
burning particles by inserting a thermocouple into a hole 
drilled in the particle and dropping the particle into a hot 
fluidised bed. Basu® found that the temperature of the 
particle rose from 50 K above bed temperature to 200 K 
above bed temperature as the particle burnt down from 
an initial diameter of 6.95 mm to a calculated particle 
diameter of 3mm. Chakraborty and Howard’ found 
that the particles burn at constant temperature for most 
of the burn-out time, with a decrease in temperature 
towards the end of this period. Their data show that the 
smaller particles burnt at a higher temperature, that an 
increase in bed particle diameter increased the burning 
particle temperature and that an increase in bed height 
decreased the burning particle temperature. Tamarin et 
al° showed that the temperature rise above bed tem- 
perature increased rapidly from 100 to 400K with an 
increase in inert particle diameter from 0.4 to | mm, but 
remained approximately constant for further increase in 
inert particle diameter to 2mm. La Nauze and Jung 
showed that the temperature rise above bed temperature 
increased with oxygen concentration from 47-57 K at 
5°, to 172-214K at 21°, that the coke particle tem- 
perature decreased as its diameter increased, and that the 
coke particle temperature increased with inert particle 
diameter 

The major criticism of this technique is that the 
carbon particle’s movement is restricted by the thermo- 
couple wires, when compared with a freely-burning char 
particle in a fluidised bed. Thus, while the carbon 
particle is in the particulate phase, the relative motion 
between carbon particle and bed particles would be 
greater, enhancing heat transfer and decreasing the 
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particle temperature. In addition, the carbon particle 
fixed on a thermocouple may at times be surrounded by 
the bubble phase, causing an increase in particle tem- 
perature analogous to that of a particle at the bed’s 
surface. Once again, these two effects are opposite in 
sign, so the direction of the overall error in particle 
temperature measurement cannot be predicted 


Fusible Wire Rings in Particle 

Yates and Walker” manufactured spherical particles 
of 9.6 mm diameter from anthracite dust containing 16°, 
of a phenolic resin binder. A number of these particles 
contained centrally symmetric rings (2.5, 4.5 and 7.5 mm 
in diameter) of silver-gold alloy wire which melted at 
1273 K 

After burning the particles at various bed tem- 
peratures, the rings were recovered and visually in- 
spected to determine whether they had fused or not, and 
hence limits for the particle surface temperature could be 
deduced for particles of 2.5, 4.5 and 7 


5 mm in diameter 
Their results also show that the particle temperature 


increases as particle diameter decreases 

While this technique overcomes the problems inherent 
in the first two techniques described above, such a 
manufactured particle would almost certainly have a 
different reactivity and a different specific energy from 
the parent coal. The differences in combustion and heat 
release rates between manufactured and parent coal 
particle could cause a difference in burning particle 
temperature 
particle temperatures measured by this technique are 
truly representative of the temperatures attained by 
freely-burning char particles in a fluidised bed com- 
bustor 


Therefore, we cannot be sure that the 


Optical Probe 

Macek and Bulik"’ have developed an uncooled opti 
cal probe for radiometric measurement of particle tem- 
peratures in a fluidised combustor. Their data for lignite- 
char particles show that char particle temperature rise 
above bed temperature increases with oxygen concen 
tration and also with bed temperature. This technique 
particle tem 
perature provided the particle size and optical probe size 
are approximately matched and that data are taken al 
large values of X, the fraction of the field of view of the 
probe which is covered by the burning particle 


gives a reliable measurement of char 


Particle on an Oscillating Thermocouple 

A new technique has been developed to overcome the 
uncertainties associated with the techniques described in 
the earlier sections. This technique aims to simulate the 
environment of a char particle burning in a fluidised bed 
Such a char particle would reside in the particulate 
phase, surrounded by inert particles. Bubbles rising in 
the nearby 
particles to a certain amount of shear, causing relative 


the vicinity of the char particle would subject 


motion between the char particle and the bed particles 
To simulate this environment, a char particle is mounted 
on a thermocouple which oscillates vertically and the 
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particle is burnt in a bed fluidised at a velocity just below 
the minimum bubbling velocity. By this means, the char 
particle is always surrounded by bed particles (since 
there are no bubbles in the bed) and the relative motion 
between the char and bed particles may be controlled by 
varying the frequency and stroke of the oscillation. The 
main problem with this technique lies in choosing these 
variables so as to match the relative motion of the 
oscillating particle to that of free burning particles. The 
way this was done will be described in the Experimental 
Section. 


EXPERIMENTS 

Three of these techniques have been used to measure 
the temperature of burning coke particles in the same 
fluidised bed combustor. The combustor is shown dia- 
grammatically in Figure |. It consisted of a stainless steel 
tube, heated electrically by two banks of radiant heating 
elements. The lower 400 mm of the freeboard height was 
within the radiantly heated enclosure and the remaining 
450 mm of freeboard was insulated. The distributor was 
a multi-orifice plate and the sand had a minimum 
fluidising velocity of 83 mm s~' at 1173 K. The coke used 
in this work was the same as that used by Turnbull et 
al’, although larger particle sizes were burnt here to 
facilitate the insertion of a thermocouple. The experi- 


mental conditions are summarised in the lower part of 


Table 1. 


Photography 
The camera with telephoto lens of 210mm focal 
length was mounted above a radiation shield and the 


Mounting platform 
Camera shield 


uals Bed thermocouple 
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Figure 1. Diagram of fluidised bed combustor 
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Figure 2. Diagram of oscillation mechanism for thermocouple and 
coke particle 


viewing hole through this shield was covered except 
while photographs were being taken. Air was blown 
across the front of the lens to cool it. The camera was 
focussed (at 1.3m) on the bed surface in the hot 
condition, by inserting an air-cooled tube (which was 
bent horizontal at the end) until particles collected on it. 
The cooled tube appeared dark in the hot reactor and 
facilitated focussing at the correct level. Kodak Tri-X 
film was used, developed in D-19 solution for 5 min. The 
exposure time was 0.002 s and the aperture was fixed at 
f5.6, since this aperture was found to give the maximum 
difference in the optical density between the images of 
the burning particle and the hot bed surface. 
Photographs were taken of the bed surface at times 
between 30s and 4 min after injection of a | gm batch of 
coke particles into the bubbIng fluidised bed. Calibration 
shots were taken on the same film and using the same 
equipment. A 0.5 mm diameter hole was drilled into the 
centre of a coke particle and a 0.5 mm diameter sheathed 
thermocouple (Chromel/Alumel) was inserted and held 
in place by a small amount of refractory cement. The 
thermocouple was supported by running it through some 
3 mm diameter stainless steel tubing, as shown in Figure 
2. The sand bed was fluidised at 1173K to obtain a 
uniform temperature, the air flow was then decreased to 
the minimum fluidising velocity and the particle on the 
thermocouple was inserted so that it burnt while at the 
bed surface. A series of six photographs was taken while 
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the particle was burning and the corresponding tem- 
perature indicated by the thermocouple (1354~-1373 K) 
was noted. In this way, calibration shots were taken 
using similar particles in exactly the same environment 
and hence any doubts about the calibration method were 
eliminated. A further series of six calibration shots was 
made, using a fiuidising gas which was approximately 
half air and half nitrogen to obtain lower particle 
temperatures (1239-1247 K). Since Roscoe et ai’ had 
shown that optical density varied linearly with cali- 
bration temperature, no intermediate calibration tem- 
peratures were used. 

A Joyce-Loebel microdensitometer was used to mea- 
sure the optical densities of the particle images on the 
film. For each particle analysed calibration readings 
were taken at the same time from a low and a high 
temperature calibration shot, to minimise the error due 
to drift. A total of 38 particles were analysed from 19 
frames and the results are summarised in Table |. 


Particle on a Fixed Thermocouple 

The fine thermocouple was embedded into a coke 
particle as described above and the particle inserted into 
the hot bubbling fluidised bed, with the thermocouple 
support tube fixed in a clamp at the top of the reactor. 
Some movement of the particle occurred, owing to the 
length of tube required to ensure the particle was at all 
times below the bed surface. Heat conduction along the 
thermocouple wire was negligible, since an estimate of 
this rate of heat transfer was less than 1°, of the rate 
calculated from the heat transfer relationship of Ross et 
al’. 

Figure 3 is an example of the thermocouple output 
obtained on a chart recorder. In contrast with the 
constant temperture reported by Chakraborty and 
Howard’, I observed a gradual increase in particle 
temperature during most of the burn-out period with a 
more rapid decrease in particle temperature towards the 
end. My observation agrees qualitatively with the work 
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of Turnbull'*, whose calculations showed the maximum 
particle temperature rise to occur for a coke particle 
diameter of 1.7mm. From each experiment, the max- 
imum particle temperature rise was obtained as the 
difference between the readings of the fine thermocouple 
at this maximum and after completion of burnout (so 
that the same thermocouple was used to measure particle 
and bed temperatures in the same spatial location). The 
results of 8 such experiments are summarised in Table 1. 


Particle on an Oscillating Thermocouple 

A coke particle was mounted on the fine thermocouple 
as before. An eccentric drive was fixed on the mounting 
platform above the reactor and Figure 2 shows the 
eccentric drive and crank used to oscillate the thermo- 
couple support tube vertically up and down. The fre- 
quency of this oscillation was controlled by a variac 
supplying power to the electric motor. The stroke of the 
oscillation was changed by using different offsets on the 
eccentric drive 


Thus, the frequency could be varied 
during an experiment with a single particle, but not the 
stroke. The guide for the crank was positioned as close 
as possible to its lower end, to minimise any horizontal 
movement. However, since the thermocouple support 
tube was not as rigid at furnace temperature, some 
horizontal movement of the particle sometimes oc- 
curred, in addition to the vertical movement 

The minimum bubbling velocity was determined by 
visual observation of bubbles at the top surface of the 
bed after decreasing the air velocity from a well-fluidised 
value to various levels. The experiments with an oscil- 
lating thermocouple were performed at a velocity just 
below this minimum bubbling velocity. To maintain as 
uniform a temperature as possible, the air velocity was 
decreased from the well-fluidised condition to this value 
immediately prior to an experiment 

A bubble frequency of 1.3 Hz was observed at the top 
of the bed for U/U,,= 1.7 (1.e. the flow used for the 
bubbling fluidised bed experiments). Varying the oscil- 
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Figure 4. Temperature history of a burning coke particle on an oscillating thermocouple in a fluidised bed combusior operating just below the 


minimum bubbling velocity. (See Table | for experimental conditions.) 


lation frequency over the range 0.5 to 2 Hz had negli- 
gible effect on the temperature measured during the 
burnout of individual particles, so a frequency of | Hz 
was used for all subsequent work. 

When a burning coke particle comes up to the surface 
of a bubbling fluidised bed, it is seen to be hotter than 
the bed by virtue of the difference in colour between coke 
and bed particies. The bed particles immediately sur- 
rounding the burning coke particle appear to be at the 
Same temperature as the rest of the bed, since no 
difference in colour is observed. Therefore, there must be 
sufficient relative motion between the coke and bed 
particles to prevent the nearby bed particles being heated 
significantly above bed temperature. This was used as 
the criterion for setting the stroke length required to 
match the environment of the particle on an oscillatory 
thermocouple to that of a free-burning particle. For 
strokes of 16 and 15mm, a slow stream of hotter bed 
particles rose to the surface above the burning coke 
particle {whose mean position was 15mm below the 
surface). The combustion of the coke particle was heat- 
ing the surrounding bed particles significantly above the 
bed temperature, so the coke was effectively burning in 
a bed at a higher temperature. However, such a hot spot 


above the coke particle was not observed for a stroke of 


20 mm, and it was concluded that this length of stroke 
was sufficient to match the environments of the oscil- 
lating and freely-burning coke particles. 

Figure 4 is an example of the temperature registered 
by the fine thermocouple for a frequency of | Hz and a 
stroke of 20mm. Again, there is a gradual increase in 
particle temperature throughout the burn-out period. 
The small oscillations in temperature correspond exactly 
with the oscillating motion of the thermocouple and 
their magnitude increases as the particle diameter de- 
creases, since the conduction lag through the coke also 
decreases. The maximum coke particle temperature rise 
was measured, as before, from the difference between the 
fine thermocouple temperatures at the maximum and 
after completion of burnout. The results of 10 such 
experiments are summarised in Table 1. 


DISCUSSION 


The variations from particle to particle in the tem- 
perature measured using photography are much greater 
than the variations using the other two techniques. A 
number of factors may have caused this effect. Firstly, 
the coke particle temperature was shown to increase 
during the burnout period in_ the _ particle-on- 
thermocouple experiments, but the photographic experi- 
ment was not capable of detecting this increase. Whereas 
only the maximum particle temperature was recorded 
for the particle-on-thermocouple techniques, the pho- 
tography results were obtained throughout the burn-out 
period when the particle temperature itself was varying 
Secondly, there were random variations in the residence 
time of a burning coke particle at the surface before a 
photographic exposure was made. Since the particle was 
shown to increase rapidly in temperature during this 
time, the amount by which the particle temperature 
increased above its value within the bed was variable. 
Thirdly, the accuracy of temperature measurement by 
the photographic technique was less than that of the 
thermocouple techniques, owing to the additional steps 
involved (i.e. film development, optical density mea- 
surement and calibration) 

A t-test (modified to take into account the different 
standard deviations) showed that there was a statistically 
significant difference (at the 5°, level) between the mean 
particle temperature rises measured by the photographic 
technique (122K) and the _ particle-on-oscillating- 
thermocouple technique (98 K). This difference was at- 
tributed to the increase in particle temperature on its 
arrival at the bed surface, so that the photographic 
technique was measuring particle temperatures higher 
than the temperatures experienced by burning coke 
particles immersed within the fluidised bed. When the 
present data from the photographic technique were 
compared with the data of Ross et al’ for 3.1 mm 
particles, no statistically significant difference in the 
results was detected at the 5°, level 

The difference between the mean particle temperature 
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rises measured by the particle-on-fixed thermocouple 
and particle-on-oscillating-thermocouple techniques was 
not statistically significant at the 5°, level. Subsequent 
experiments’ showed that the temperature of the 
particle-on-fixed-thermocouple was independent of 
fluidising velocity within the range of U/U,,, from 1.7 to 
2.5 


The scatter in the experimental measurements of 
particle temperature via thermocouple insertion tech- 
niques cannot be explained by consideration of the 
experimental errors involved. Since the same fine ther- 
mocouple was used in all of the experiments to measure 
both particle and bed temperatures, any thermocouple 
calibration errors would cancel out. Thus, although each 
temperature measurement may be subject to an error 
estimated at +10K, the measurement of particle tem- 
perature rise above bed temperature would be 
significantly more accurate (estimated error +1 K). Os- 
cillations in the maximum temperature indicated were 
+2 K and the chart recorder was set up for an accuracy 
of +1 K in each temperature reading. The total error in 
the difference between particle and bed temperatures was 


then +5K. Assuming a normal distribution, 95°, of 


measurements of particle temperature rise lay within the 
range 98+26.5K _ for the _particle-on-oscillating- 


thermocouple measurements, and within the range 
93.5 + 24K for the particle-on-fixed-thermocouple mea- 
surements. Comparing these ranges with the experi- 
mental error, it can be concluded that the actual particle 
temperatures did vary significantly. 

Subsequent work’ using the particle-on-oscillating- 
thermocouple technique with spherically-shaped coal 


particles showed that these variations could be reduced 
to +10.8K by using particles of regular shape and 
constant initial diameter. Since many authors**’*? 
have observed an effect of initial particle size on particle 
temperature rise, the variations observed in this work 
may be attributed to the use of a range of coke particle 
sizes (and also to the irregular shape of the particles). 

Variations in particle temperature rise may occur 
either from changes in the rate of heat loss from the 
burning particle or from changes in the rate of heat 
generation by combustion at or near the particle. Most 
workers**’”'® observed a decrease in particle tem- 
perature as the burning particle size increased. However, 
Tamarin® observed a slight increase in particle tem- 
perature with increasing coke particle size, for inert 
particle diameters greater than | mm. Hence, it may be 
concluded that the ratio of heat transfer to heat gener- 
ation increases with char particle size for inert particle 
diameters less than | mm, but decreases slightly for inert 
particle diameters larger than | mm. Since 460 um di- 
ameter inert particles were used in this work, the cor- 
relations derived by Tamarin for the large inert particle 
diameter regime could not be applied here with any 
confidence. 


COMPARISON WITH PREDICTIONS 
In this section, the burning particle’s temperature rise 
above bed temperature will be estimated from avaiiable 
literature data. The particle temperature will be deter- 
mined by a balance between the rate of heat generation 
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by combustion at the particle and the rate of heat loss 
from the particle to the bed. (La Nauze and Jung’ have 
shown this pseudo-steady-state assumption to be valid.) 
The two processes which affect the rate of heat gener- 
ation are mass transfer of oxygen to the particle surface 
and the oxidation reaction kinetics. However, Jung and 
La Nauze™ concluded that their experiments were essen- 
tially mass transfer controlled. Therefore, only mass 
transfer and heat transfer processes will be considered 
here. 

Jung and La Nauze’* have measured the rate of mass 
transfer to spherical coke particles burning in a fluidised 
bed and correlated their results by 


Sh = 2€ + 0.69(Re/e )''* Se (1) 


They calculated the rate of heat generation from the rate 
of mass transfer of oxygen to the particle using equation 


(2). 


326ShD p 


\H (2) 
RT,,d 


Assuming that all of the oxygen was converted to CO 
at the particle surface, the rate of heat generation for the 
experimental conditions used in_ this 
QO, = 108.9kW m 

Nusselt numbers for heat transfer from coke particles 
burning in a fluidised bed were also determined by La 
Nauze and Jung.’ However, they were obtained from 
particle temperatures measured using the 
fixed-thermocouple technique, so another independent 


work was 


estimate of heat transfer was used for the heat transfer 
calculations. Botterill et al’? studied the rate heat 
transfer to a surface immersed within a fluidised bed 
They concluded that particle convective heat transfer is 
the dominant mode for mean bed particle diameters less 
than 800 um and that radiation becomes significant 
above 600 ¢ 
expressed as 


QO, =hA,(7 T,) + 0€,A,(T> ‘ (3) 


The rate of heat transfer may then be 


The results of Botterill et al’’ were used to estimate the 
heat transfer coefficient for the experimental conditions 
used in this work, giving h=480Wm-K An 
effective particle emissivity, ¢«,, of 0.8 was used, as 
recommended by Lindsay.” For the mean particle tem 
perature rise of 98 K, the rate of heat transfer for the 
present work was calculated, Q, = 79.5 kW m 

The heat transfer rate was only 73°, of the maximum 
heat generation rate calculated assuming complete com- 
bustion to CO 
by an error in the particle temperature measurement 
since the particle temperature would have to increase to 
132K above bed temperature for the two rates to 
balance. (Such an error in particle temperature of 34 K 
is too large when compared with the standard deviation 
of 13.5K for the 10 experiments performed here.) The 
two most likely explanations for the difference are (1) 


Such a difference cannot be explained 


some CO escaped from the particle unburnt, and (11) the 
heat transfer coefficient estimated from the work of 


Botterill et al’? was too low 


(i) If some CO burnt away from the particle, then two 
factors would change in the heat generation relationship, 
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equation (2). The stoichiometric factor, 6, relating the 
amounts of oxygen and carbon consumed in the com- 
bustion reaction becomes 


(4) 


where x is the fraction of CO which burns at the particle 
surface. The heat of combustion, AH becomes" 
AH = 32792 


3583(1 — x) (5) 
With these substitutions, equation (2) was solved to 
determine x for Q, = 79.5 kW m ~. It was found that the 
rate of heat generation would be equal to the rate of heat 
transfer if 24°, of CO burnt at the particle surface and 
76°, escaped 

(ii) The heat transfer coefficient, h, would have to 
increase from 480 W m~* K~' to 780 Wm’ K“' for the 
calculated rate of heat transfer to equal the maximum 
rate of heat generation (i.e 
bustion to CO,). The data used to estimate the value 
h = 480 W m ~ K “ were obtained from experiments in 
which combustion was not occurring at the heat transfer 


assuming complete com- 


surface. It is possible that the localised combustion at the 
surface of a char particle significantly enhances the rate 
of heat transfer to the bed particles 


CONCLUSIONS 


A new technique for measuring the temperature of 
burning char particles in a fluidised bed has been 
developed. This technique simulates the environment 
around a freely-burning char particle in a bubbling 
fluidised bed combusior. A very fine thermocouple is 
embedded in the particle, which is then burnt while 
oscillating in a bed fluidised just below the minimum 
bubbling velocity, and the thermocouple indicates both 
the burning particle temperature and the bed tem- 
perature after completion of burnout. This technique is 
believed to overcome the problems inherent in some 
techniques used by previous investigators 

For the experimental conditions used in this work, the 
mean maximum temperature rise of burning coke par- 
ticles above the bed temperature was found to be 98 K. 
Variations in temperature from particle to particle were 
observed, with the standard deviation of ten experiments 
being 13.5K 

Previous investigators using the photographic tech- 
nique assumed a particle emissivity of 1.0 for calibration 
against black body furnace observations. An improved 
calibration technique was used in this work to eliminate 
the uncertainty in particle emissivity 

The photographic 
significantly higher values for the particle temperature 
when compared to_ the  particle-on-oscillating- 
thermocouple technique under the same experimental 
conditions. This was explained by the rapid increase in 
burning particle temperature on its arrival at the bed 
surface, owing to the much lower rate of heat transfer 
from the top surface of the particle when the particle 
convective contribution was eliminated 


technique was shown to give 


The particle-on-fixed thermocouple technique was 


found to give similar results to the 


particle-on- 


oscillating-thermocouple technique at low fluidising ve- 
locities (U/U,,,= 1.7 to 2.5). 

The coke particle temperature rise above bed tem- 
perature was predicted, by consideration of the mass and 
heat transfer around the particle, to be 132K. The 
difference from the measured value of 98K may be 
explained by the escape of CO unburned from the 
particle and/or enhancement of heat transfer by the 
occurrence of combustion at the surface of the coke 
particle. 


NOTATION 


external surface area of coke particle (m°) 

diameter of coke particle (m) 

initial diameter of coke particle (mm) 

mean diameter of bed particles (jm) 

bed diameter (m) 

gas diffusivity (of oxygen) (m-s_') 

heat transfer coefficient from coke particle (Wm~-K~') 
bed height (static) (m) 

number of cbservations 

partial pressure of oxygen in particulate phase (kPa) 

rate of heat generation by combustion of coke particle, per 
unit external surface area (kW m -) 

rate of heat transfer from coke particle, per unit external 
surface area (kW m ~~) 


gas constant 
Reynolds Number { 


Standard deviation of experimental 


I ii (Kj 
Schmidt Number 


measurements ol 


Sherwood Number 

bed temperature (K) 

furnace temperature (K) 

particle temperature (K) 

superficial fluidising velocity at bed temperature (ms ') 
minimum fluidising velocity at bed temperature (ms_') 
fraction of CO which escapes unburnt from the coke particle 
3/4 for C + 50,-CO 

3/8 forC + O,-+CO 

combustion heat release rate, per 
(kJ kg~') 


bed voidage 


stoichiometric factor 


unit weight of carbon 


effective particle emissivity 
gas viscosity (kgm ~‘s_') 
gas density (kgn 


Stefan-Boltzmann constan 
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Book reviews continued from page 234 


When a superconducting magnet is either iarge or high 
field, it usually has features worthy of presentation. 
When it is both large and high field, it constitutes a 
major achievement. The Mirror Fusion Test Facility 
(MFTF) Yin-Yang coils for the mirror fusion pro- 
gramme at Lawrence Livermore National Laboratory 
are in this category. The overview by VanSant of their 
cryogenic performance was well presented and eluci- 
dated many of the problems and complexities associated 
with cooling and testing 320 tonne coils having a stored 
energy of 440 MJ. 

A significant new state-of-the-art superconducting 
system is the 30MJ energy storage system built to 
stabilize a power line. Schermer made a fine presentation 
for a team consisting of scientists and engineers from 
Los Alamos National Laboratory, The Bonneville 
Power Administration, and GA Technologies. The 
project has to be considered an outstanding success even 
if energy storage suffers the fate of magnetohydro- 
dynamics and transmission lines and fades from the 
scene. 

A number of papers are related to helium space 
cooling systems which, at the moment, are at the focus 
of research development efforts. The highlight was 
doubtless the report of Urbach (Ball Aerospace) and 
Mason (Jet Propulsion Lab) on the performance of the 
Infrared Astronomical Satellite, IRAS. This is the firsi 
space telescope to make observations from orbit, and it 
is also the first large superfluid helium space cooling 
system with a holding time in excess of 300 days. 

Details of the IRAS tank temperature control were 
given by Petrac and Mason. In-situ ground test results 
of the porous plug phase separator were in satisfactory 
agreement with previous laboratory tests and with orbital 
values. 

It is impossible in this review to cover all the develop- 
ments in helium refrigerators which are reported. An 
interesting review of small refrigerators by Radebaugh 
of NBS emphasized the need for new refrigeration 
systems with emphasis on the new materials giving low 
noise and reliability. He mentioned, for example, the 
possibilities of using enthalpy change in electron sys- 
tems, magnetic systems and possibly further develop- 
ments on pulsed tubes. 
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Lacaze and colleagues from the Centre de Recherche 
sur les Tres Basses Température, Grenoble, described 
further developments in their reciprocating magt 
refrigerator. The efficiency in pumping he 
to a suitable warm source at, say 
improved to 80° of the theoretical energ: 

A final remark picked out of this volume ind 
high confidence level that cryogenic 
reached in their technology. In his paper on 
Cryogenic Expansion Turbines, Sixsmith 
cludes that the successful application of tI 
depends primarily on the design of the gas | 
their protective systems. In plants, where 
effective protection is provided, the reliability 
turbines is exceptionally high. Because there 
to cause wear, they should last for ever!! 


envines 


Advances in Drying, Volume 3 
A. S. Mujumdar (Editor) 
Springer Verlag, 1984 

pp. 361, $59.70 


This book is the third in 

Drying’, designed to deal with contemporary 

drying R&D with refereed contributions from inte 

nationally known experts on the topics included. Withii 

the limitations of a review format, all contributions are 

well written and accessible to scientists and engineers 
The first chapter by L. A. Kirk is a literature review 

of computer simulation work carried out and published 

up to 1980 dealing mainly with multicylinder drying 

systems for paper 


the 71. 
ne puod 


This section summarises 
lished models, the assumptions made, the method of 
computation and the most important conclusions 
main purpose in general is to predict temperature 
moisture profiles, drying rates and assess 

ventilation, use of felts, speed and dimensions and 
number of cylinders. It can be used as a good startin 


point for further work into modelling, for the purpose 
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FLUIDISED BED STUDIES OF THE DEHYDRATION 
OF ETHANOL OVER A ZEOLITE CATALYST 


By P. L. YUE AND R. H. BIRK 


School of Chemical Engineering, University of Bath 


The complex catalytic ethanol dehydration reaction over zeolite 13X has been studied in a fluidised bed pilot plant. Axial 
product concentration profiles were obtained. Attempts were made to modify some fluidised bed reactor models to describe 
the experimental results. It is proposed that the fluidised bed reactor should be analysed by dividing the bed into two regions. 
Effective utilisation of the catalyst occurs only in the distributor region which is no more than 15% of the bed. Possible factors 


limiting the effectiveness of the upper region are discussed. 


INTRODUCTION 


Numerous models have been proposed to elucidate the 
behaviour of bubbling gas-fluidised beds and to predict 
their performance as chemical reactors. The various 
models were usually tested with simple first-order reac- 
tions at mild operating conditions (see, e.g., Calderbank 
et al.’; Fryer and Potter-). Small reactors with porous 
sintered plate as gas distributor were used 
these tests were often not sufficiently conclusive as to 
validate any particular model. Multiple reactions, rather 
than single reactions, are considered more useful for the 
purpose of model evaluation. A reliable model must be 
able to predict product selectivity, as well as overall 
conversion under a wide range of operating conditions 
The study of the hydrogenolysis of n-butane by Shaw et 
al.°* amply illustrated the benefit of examining reactions 
which yielded multiple products. It was shown that more 
insight concerning local reaction rates could be derived 
from data on product distribution. 

Another useful criterion for testing models is to see 
how well they can predict concentration profiles within 
the reactor. In their study on the catalytic decomposition 
of ozone in a two-dimensional fluidised bed, Chavarie 
and Grace very ingeniously measured the axial concen- 
tration profiles of the reactant in the bubble and emul- 
sion phases. Although the reaction they performed was 
simple, their results demonstrated the value of concen- 
tration profile measurements for the purpose of model 
discrimination, as opposed merely to comparing con- 
versions at the reactor outlet. Despite their ability in 
predicting outlet conversions, all models tested by these 
authors were found to be unsatisfactory in matching 
concentration profiles. The isomerisation of 1l-butene 
conducted by Yates and Constans° gave further evidence 
to the usefulness of this model testing criterion. 

The objective of the present study is to perform a 
complex reaction in a pilot plant scale fluidised reactor. 
The reactor is fitted with a multi-orifice distributor, 
rather than a porous sintered plate. The experiments 


were designed to cover a sufficiently wide range of 


product selectivity. Axial concentration profiles of reac- 
tant and products, as well as reactor outlet concen- 
trations, were obtained. It is intended that these experi- 


Results of 


mental data will provide a more severe test for the 
evaluation of fluidised bed reactor models. 


SELECTION OF REACTION AND CATALYST 

The catalytic dehydration of ethanol was chosen for 
the following reasons. The reaction is sufficiently com- 
plex and can be represented by two reactions in parallei, 
leading to the formation of ethylene and diethyl ether 
with water as a co-product of both. The reaction is of 
some industrial importance, and has been discussed by 
Yue et al.’ A good deal of background information on 
the fundamentals of the reaction already exists*. Product 
analysis is relatively simple and it ts feasible to obtain a 
representative concentration profile during each experi- 
ment. The reaction is reasonably safe for pilot plant 
operation when nitrogen is used as diluent. 

Laporte type 13X zeolite was chosen as the catalyst in 
this study. This was because bench scale experiments 
confirmed that a sufficiently wide variation of product 
selectivity could be achieved within a not too wide 
temperature range (598-648 K). The catalyst could also 
be obtained in large enough quantities for the pilot plant 
experiments, and in_ sizes that Suitable for 
fluidisation. 


were 


Reaction kinetics have been comprehensively studied 
in a fixed bed and a stirred gas-solid reactor. Details of 
the kinetic experiments and modelling of rate data can 
be found elsewhere’. Experiments were performed to 
establish the conditions at which the measured rates 


were not limited by gas-solid interface and intraparticle 
diffusion. The rates of product formation were calcu- 
lated having taken into account the varying catalyst 


activity and small amount of side-products. Ethylene 
and ether formation were best represented by surface 
reaction kinetics of the Langmuir-Hinshelwood type. 


EXPERIMENTAL EQUIPMENT AND METHOD 

Two “cold” fluidised beds were used to obtain some 
essential characteristics of the fluidised particles. Bed 
properties such as superficial gas velocity, bed voidage 
and expansion at incipient fluidisation and ambient 
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temperature were measured in a transparent bed of 
76mm diameter. This cold bed was fitted with a 
multiorifice distributor which conformed to the design 
criterion proposed by Yue and Kolaczkowski'’. The 
same criterion was used for the distributor of the pilot 
fluidised reactor. Experiments were also performed to 
test the effectiveness of the distributor in providing 
uniform fluidisation. Bubble size distribution was deter- 
mined from video pictures taken at various bed heights 
of a two-dimensional bed. The bed was made of clear 
perspex, 1] mm thick internally, 0.4m wide and filled 
with the same catalyst particles to a depth of 0.8 m. 
Flood lamps were used to illuminate the bed from 
behind to assist video photography. Frame by frame 
analysis of the video pictures gave time-averaged bubble 
size distribution at different bed heights. 

The pilot plant fluidised reactor has been briefly 
described in an earlier paper''. It is made of stainless 
steel, designed to withstand pressures of up to 
1600 KN m~° at 773 K. The reactor has an overall height 
of 1.52 m and an internal diameter of 0.154 m. The gas 
distributor is a 10mm thick stainless steel plate. There 
are 32 orifices of 1.6 mm diameter, at a 23 mm’ pitch, in 
the distributor. The number and size of orifice were 
chosen to ensure uniform fluidisation. 

Twelve gas sampling probes of 3 mm outside diameter 
were installed along the reactor central axis to obtain 
concentration profiles through the bed. The probes were 
packed with glass wool and a porous plug to prevent 
catalyst particles from entering inside. Chromel alumel 
thermocouples were inserted through two of the probes 
at the middle and upper portion of the reactor. The 
reactor was heated by a sheathed electrical heater coiled 
around the external wall. Reactor temperature was 
controlled by a temperature controller. Pressure tap- 
pings were installed immediately above and below the 
distributor plate. At the top of the bed was a port 
provided for catalyst loading and solid sampling. The 














reactor would de-pressurise via a safety relief valve if the 
reactor pressure exceeds the set pressure 
reactor was insulated. 

Figure | gives an overview of the pilot plant. Absolute 
alcohol of 99.9%, purity was delivered by a metering 
pump from two feed tanks to a heat exchanger where it 
was vaporised. The alcohol vapour feed was then diluted 
with preheated high purity nitrogen. The mixed feed was 
heated to reactor temperature in an electrically heated 
furnace which was controlled by a temperature control- 
ler. The flow was allowed to become fully developed in 
a wind box before entering the fluidised bed reactor. The 
gaseous effluent from the reactor outlet passed through 
a cyclone for the removal of entrained particles. All 
condensables were stripped by cooling before the final 
effluent passed into an adsorber. The adsorber was 
packed with 1-3 mm zeolite 13X beads. The capacity of 
the adsorber was sufficient to retain all unreacted reac- 
tants and products for a complete experiment. After 
each run the adsorber was thermally regenerated. The 


The entire 


wall of the adsorber was also heated by a coiled electrical 
heater and the adsorber temperature was controlled by 
another temperature controller. Other safety devices of 
the pilot plant included pressure switches, relief valves, 
flammable gas detector, alarms, fire curtains and a 
fire-fighting system which would flood the entire work- 
ing area with carbon dioxide 

The reactor pressure was about 
was 101 kNm 
give a superficial gas velocity which varied from 3 to 8 
times L The inlet volume percent of alcohol was kept 
approximately constant at 37 Ihe ranges of alcohol 
and nitrogen flow rates at STP were 0.6 10~° to 
16x 10~° and 0.42 to 0.96m'h™ respectively. Two 
reactor temperatures were chosen, one at 598 K and the 
other at 648 K. A wide variation of product selectivity 
could be achieved over the temperatures and flow rates 
studied 


atmospheric, which 
[he total gas flow rate was changed to 


Lildiizkud 


The size range of zeolites covered between 0.1 
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Figure |. Fluidised bed reactor pilot plant A: Adsorber; C: Cyclone; FI: Flowmeter; P: Pump; Pt 
R: Reactor; RV: Relief valve; TC: Temperature controller; Tl: Temperature indicator X1, X2, X3 
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to 0.3 mm. The dry particle density was 987 kg m~* and 
the static bed height was 0.75 m. 

Prior to each experiment, the reactor was heated 
overnight to the chosen temperature. with the catalyst 
fluidised by nitrogen, but without alcohol. At the begin- 
ning of a run, alcohol was first recycled back to the feed 
tanks through a bypass loop until the pumping rate 

y. The alcohol was then preheated and 
introduced into the feed. The reactor was allowed to 
reach steady state, usually in approximately two hours. 
For each run a complete axial concentration profile was 
measured, which required a minimum of six hours. 
Samples were taken at least in duplicate, to ensure that 
the results of concentrations were reproducible. These 
samples were analysed by a gas chromatograph under 
conditions identical to those used in the kinetic study’. 

The activity of the catalyst was measured by carrying 
ut a series of experiments at the same selected set of 
process conditions. Small losses of catalyst fines due to 
entrainment were calculated from pressure drop mea- 
surements across the bed and checked by weighing when 
all the experiments had been completed. Both the change 
of catalyst activity and mass were accounted for in the 
evaluation of medels 


became steady 


MODELLING OF FLUIDISED REACTORS 

In the modelling of reactions with complex kinetics in 
fluidised bed reactors, it is important to consider the 
computational difficulties involved, especially when the 
prediction of axial concentration profiles is to be tested. 
Models which can be more readily applied to incorpo- 
rate the complex kinetics of the present reactions have 
been selected for evaluation. Only three of the models 
evaluated are presented here. The three models represent 
a wide range of complexity. The simplest one chosen was 
of the single phase type. The fluidised reactor was treated 
as a well mixed, single phase, continuous stirred tank 
reactor (CSTR). Two compartmental types of models in 
which the reactor is divided into a number of compart- 
ments were tested: one by Kato and Wen”, the other by 
Peters et al.’ Each compartment has two or more 
phases. The hydrodynamics of the bed can vary. The 
bubble characteristics and mass transfer between phases 
have to be empirically correlated in these two models. 
|. CSTR model. The well-mixed single phase modelling 
concept is, of course, the simplest which can be applied 
to a fluidised reactor. Neglecting the small volume 
change due to ether formation, the alcohol material 
balance can be written in the following form: 


WR, 
The rate of consumption of alcohol is equal to the sum 


of product formation rates. 


R,=R,+2R,+R (2) 


«) 


(J) 


where R,, R, are the rates of formation of ethylene and 
ether respectively and R, is the rate of side-product 
formation. Rate expressions have already been obtained 


for R, and R,. They are of Langmuir-Hinshelwood 
Hougen-Watson type 


_ 2k Kapa 
(1+ Kapa 
ak Ky2Pa) 


> (1+ Kapay 


Values of the kinetic, adsorption parameters and activ- 
ities have been reported’. R, was experimentally deter- 
mined and was nearly zero order. The rate of side- 
product formation is best represented by: 


R, = 0.475 exp(—6.15 x 10*/RT) (5) 


When equations (2), (3), (4) and (5) are substituted into 
(1), after re-arranging, the following fifth order poly- 
nomial in p, is obtained: 


x Bip’, =0 (6) 


The coefficients f; involve the kinetic parameters, the 
feed conditions and the mass of catalyst. They are 
defined in Table 1. Equation (6) can be solved by the 
Newton-Raphson iterative method to give p,. The model 
also yields the partial pressure of the products, which 
when rendered dimensionless, are given by: 

RW 

F xo 
2. Kato and Wen model‘. This model adopts a compart- 
mental approach, dividing the reactor into a number of 
compartments axially. Each compartment consists of a 
bubble phase and an emulsion phase. Within each phase 
of a compartment, the gas is considered perfectly mixed. 
The height of a compartment Ah,, is equal to the 
diameter of an average sized bubble at an elevation 
corresponding to the middle of the compartment. Using 
the bubble size correlation by Mori and Wen" to 
evaluate the bubble diameter dj, in each compartment, 
Ah,, is then calculated according to: 


P 


a 
Ah, = : a (8) 
(5 \ dg 


a, 


where d,, and d, are the maximum bubble diameter 
assuming total coalescence of bubbles and the reactor 
diameter respectively. 


Table |. Coefficients in equation (6), 
CSTR model 


B,— Px 

1 + 2f6,B, + B. 

2K,,B, + B,B,) + 2K, + B, 
KB, + Kx, By + 2B, Bp 
B (2B, + B, By) + ByK4 
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For the emulsion phase, the voidage is taken as e,,, and 
the gas velocity U, is zero. Bubbles are spherical and are 
surrounded by spherical clouds. The cloud size and 
bubble rise velocity are calculated according to the 
equations of Davidson and Harrison'®. The voidage 
within the cloud is also e,,,. Other hydrodynamic param- 
eters such as expanded bed height, bed voidage, the 
number and size of bubbies in each compartment can be 
evaluated based on the assumptions chosen”. 

The overali coefficient of gas interchange between the 
bubble and emulsion phases, within a given compart- 
ment, per unit volume of bubble plus cloud is given by: 


F | } | a l aa emf } (9 
‘ao ™ ) 
d rm T 2l mf Cm 


bn 
where U,, is the relative bubble rise velocity in compart- 
ment n 


4 


Us, = 0.711 \/.dor, (10) 

and ¢ is an interphase gas transfer parameter. 

The cloud phase can be included in the emulsion phase, 

rather than the bubble phase, as suggested by Grace’®. 
The component material balances for the bubble 

phase and emulsion phase in the n“ compartment are, 

respectively, as follows: 


UA (Dy, n—1 — Pio.) — FaV on(Pi.n — Pie n) = 0 (11) 


F.Vsa(Pip.n — Pien) + Rie. nVenPeRT = 0 (12) 


Equation (11) is solved for pa, ,, in terms of py, , which 
is substituted into equation (12). After rearranging, a 
fifth order polynomial is obtained: 


(13) 


The coefficients y, are defined in Table 2. Equation (13) 
can be solved iteratively for each compartment in se- 
quence. The partial pressures of the other components 
can then be obtained. 

3. Peters, Fan and Sweeney modei'’. The model of Peters 
et al. is a highly intricate attempt to quantify the 
hydrodynamics of a fluidised bed. The application of this 
complex model has been briefly presented elsewhere’. 
Only some of its distinctive features, especially those 


Table 2. Coefficients in equation (13), Kato 
and Wen model 


G GPs (G, + G.) 
+ 2G,) 
G,+2G,G, + G, 
2G6,G Yo T G Ky T 2G,K, 
+ 26,.G,G,+G 
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which differ from the Kato and Wen model, will be 
outlined here. Of prime importance is the treatment of 
gas flow division into different phases of the bed, which 
is not modelled according to Toomy and Johnstone's 
two-phase theory’’. Instead, the flow in each phase is 
taken as variable rather than constant. Indeed the flow 
in the emulsion phase can reverse its direction. Although 
not explicitly pointed out in their paper, the model of 
Peters et al. can only predict flow reversal at bed heights 
above H,,. One direct result of reversed flow is a net 
reduction in conversion 

The bed is divided into three zones. Each zone is 
compartmentalised, as in the model of Kato and Wen 
The middle zone ng is where flow reversal begins. The 
upper and lower zones are those above and below the 
middle zone respectively. The flow reversal phenomenon 
takes place due to a rapid increase in bed voidage at 
heights higher than H,,, when the total flow rate is high 
enough. The voidage of each compartment in the upper 
zone is given by 


| jo | | H—H 


e, = | (exp 


H 

The superficial gas velocities in each phase, U,,, and 
will vary with height. If U, is the superficial velocity of 
total gas entering compartment n, then 


where 


In the present paper, the cloud phase is included wit 
the emulsion phase to reduce the complexity of 
model. Other hydrodynamic parameters, such as 
number and size of bubbles in each compartment are 
evaluated as in Kato and Wen’s model. Since the gas 
flow in each phase is treated as variable, a crossflow 
term, S., has to be introduced to statisfy 
mentai material balance. This term should 
fused with the interphase gas interchange c 
which is calculated according to 


2l (46e,,D.l 


seer 


a a 


When this model is applied to the 
material balances can be written for 
ethanol, ethylene and ether. For each com] 
is One material balance for the bubble ph 
for the emulsion phase. The equations cat 
an earlier paper’. Rearranging the et 
gives a polynomial in the partial pressur 
the emulsion phase, p,.,. similar to eq 
coefficients, however, include many 
polynomial can be solved for p,. , agair 
Raphson method. The 


balances are then solved for p 


iterative 
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RESULTS AND DISCUSSION 
Fluidised bed characteristics 

The zeolite catalyst has density and size which puts it 
into the category of group A powder, according to 
Geldart’s'* classification. Results of experiments per- 
formed in the cold 2D and 3D beds showed that the beds 
were freely bubbling at the chosen flowrates. The distrib- 
utors provided uniform fluidisation throughout. Experi- 
mental values of U,, at ambient temperature were 
9mms_-. U,,, determined at process conditions was 6 to 
7mms_'. These values closely agreed with those calcu- 
lated according to the equation by Kuni and 
Levenspiel’’ for small particles. Bed voidage at incipient 
fluidisation determined from bed expansion data was 
0.45 

Data of bubble size distribution measured in the 2D 
bed were compared with predictions of ten published 
correlations. Most calculated values were higher than 
the experimental results, which was consistent with the 
observation of Geldart”’ and Rowe and Everett”. The 
correlation by Mori and Wen'* gave the best match 
between average predictions and maximum experimental 
values. Taking into consideration that 2D beds behaved 
differently from 3D beds, this correlation was therefore 
adopted for use in the reactor models. 

No significant amount of ethylene or ether was found 
when the reactor was operated without the catalyst. 
Side-product (mainly acetaldehyde) formation measured 
in all the experiments could be completely attributed to 
the catalytic effect of nickel present in the empty reactor, 
sample tubes and other vessels, pipes and tubes upstream 
of the reactor. The conversion of ethanol to side- 
products, measured by the top probe in the bed, was 
always less than | 


Catalyst activity and concentration profiles 

The activities of the fluidised catalyst were evaluated 
from overail rates measured in the series of reference 
experiments that were performed at the same set of 
process conditions. Equations (3) and (4) were rear- 
ranged to give a, and a, as a function of time. The 
catalyst activity for ethylene and other formation can be 
represented satisfactorily by the following correlations: 


268 x10-*t for 0<1< 2.2 x 10's (19) 


2 23 x 1697 for O0<t<1.5~x 10°s (20) 


a, = 9.59 for 


The last equation shows that after the catalysi has been 
used for some time, its activity for ether formation, a,, 
becomes constant and is higher than that for ethylene, 
a,. This behaviour is consistent with that observed in the 
kinetic experiments’ and is believed to be related to 
differences in the deactivation of the two sets of catalytic 
sites for ethylene and ether formation. Equations (19) 
and (20) are incorporated in the reaction rate terms in 
the fluidised bed model equations to account for the 
time-varying catalytic activities. It should be noted that 
Bock et al.~- have also shown the importance of account- 


ing for catalyst ageing behaviour in their study of 
ethanol dehydration in fixed and fluidised beds. 





Dimensionless concentration 














Dimensionless bed heiaqht 


Figure 2. Experimental axial concentration profiles U = 16.5 x 
10-°ms~', T= 593 K. A ethanol; [) ethylene: ether 


Typical experimental axial concentration profiles are 
presented in Figures 2-4. Concentrations are non- 
dimensionalised with respect to ethanol concentration at 
the reactor outlet. Bed height is rendered dimensionless 
with respect to the height of the last probe which is 
0.74 m above the distributor. The reactor outlet concen- 
trations were actually measured at a dimensionless 
height A greater than 2 but were plotted in the figures at 
h of 1.4 merely for convenience of scaling. The com- 
ponent concentration profiles seen in these figures are 
essentially flat from the first sample probe onwards. At 
a gas flow rate of about three times U,,,, the product 
profiles in Figures 2 and 3 show that the formation of 
ethylene is enhanced as the reaction temperature rises 
from 593 to 644 K. The next Figure, Figure 4, illustrates 
a reduction both in conversion and selectivity for ethyl- 
ene as the gas flow rate increases from about 3 to 8 times 


Ure: 











imensionle bed heiaht 


Figure 3. Experimental axial concentration profiles 
1G~* ms~', T= 644K. A ethanol: [) ethylene; ether 
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imensionless concentration 








Dimensionless bed heiaht 


Figure 4. Experimental axial concentration profiles 1 


10-°ms~', T = 644K ethanol; ethylene ether 


The profiles also show that the concentrations at the 
reactor outlet are about the same as those within the 
reactor. Concentrations measured by probes sampling 
from within the bed have been considered usually to 


weigh towards the emulsion phase and the reactor 


outlet sample to be more representative of the bubble 
phase.°** The present results suggest that the samples 
obtained may be weighted more towards the bubble 
phase rather than the emulsion phase. It is well known 
that as bubbles rise through a sufficiently deep fluidised 


bed they coalesce and move towards the centre of the 
bed. The interphase transfer between the large bubbles 
rising rapidly in the upper part of the bed and the 
emulsion phase would be quite small. Thus the concen- 
trations measured within the bed and at the reactor 
outlet have approximately the same value. 

From the bubble size correlation by Mori and Wen,'* 
the maximum bubble diameter in the present experi- 
ments is 0.078 m. This value, which is consistent with the 
cold 2D bed data, is about half the bed diameter. It is 
therefore possible that slug flow could occur in the top 
part of the bed at high flow rates. However, if one uses 
another criterion for slug flow, i.e., 


H 
—— >~0.2 for ne 
0.35, gd, d, 


then there should be no slugging even at the highest flow 
rates used. The cold 3D bed experiments show no 
evidence of slugging. Nevertheless, large and rapidly 
rising bubbles in the upper part of the bed or channelling 
and slugging are likely causes for the low conversions 
and uniform concentration profiles measured. 


Model evaluation 


1. CSTR model. The experimental concentration 
profiles are similar to those characteristic of a CSTR. 
However, quantitatively the experimentally observed 
conversions are well below model predictions, as indi- 
cated by the open symbols in Figure 5. These results 
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wncentration 


suggest that only part of the catalyst in reactor is 
effectively utilised. An average experimentally measured 
value of alcohol partial pressure p,, was therefore used 
to estimate how much catalyst was effective if the CSTR 
model equation, i.e., equation (1), was obeyed. The 
amount of effective catalyst in the bed was obtained 


from the following equation 
(21) 


W ., was then used in equation (7) to find 
partial pressures predicted by the model 
The average values of W.., were approximately 0.53 kg 
(+25°,) and 1.05 kg (+ 15°.) for the runs at 594K and 
644 K respectively, which represented less than 15°, of 


the product 


the catalyst in the reactor. The closed symbols in Figure 
5 show the comparison between experimental reactart 
and product concentrations at different bed heights with 
those predicted by the CSTR model after the mass of 
catalyst has been adjusted as described above. Clearly 
the CSTR model is not applicable unless the factor of 
effective utilisation of catalyst is introduced into the 
model. The concentration profiles, as seen in Figures 2 
to 4, indicate that virtually all of the reaction occurred 
in the distributor region below the first sampling probe 

The present results are qualitatively consistent with 
those reported by Yang et al.~° In their experiments, the 
bed height was varied using a number of distributors 
Most of the conversion was found to occur in the first 
10cm of the reactor. The authors attributed the en 
hanced conversion in the distributor region to the expan 
sion of the emulsion phase due to the deviation from 
two-phase theory. The upper region is less effective, 
because of gas bypassing. The present interpretation of 
a two-region model is also consistent with that proposed 
by Davidson” in his analysis of the experimental results 
of Toor and Calderbank~’. In Davidson’s analysis, the 
lower region near the distributor contained small bub 
bles with the gas in the emulsion phase in plug flow. The 
upper region of the bed was treated as a slugging bed 
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bserved dimensionless concentration 


Figure 6. Ce 
Wen Model predictions 


nparison of experimental concentrations with Kato and 
ethanol; ethylene: ether with no 
istment of model parameters. & ethanol; §§ ethylene; @ ether with 


adjusted interphase gas transfer coefficient 


The height of the lower region (the distributor region) 
was an adjustable parameter. For the conditions which 
Toor investigated, Davidson” found that the height of 
the distributor region was no more than 18°, of the total 
bed depth 

2. Kato and Wen mode!. Conceptually, this compart- 
mental approach offers a more realistic and flexible 
description of a fluidised bed. The open symbols in 
Figure 6 show that the predictions by this model with the 
interphase transfer coefficient @ in equation (9) evalu- 
ated by the correlation proposed by Kato and Wen” are 
higher than the experimental measurements. @ was 
therefore treated as an adjustable parameter just as Shaw 
et al.” had done in their fluidised bed model evaluation. 
Model results calculated with adjusted @ are indicated 
by the closed symbols in Figure 6. On the whole, with 





mens? nie« bed he} wht 
parison between experimental concentration profiles and 
50.3 x 10°° ms T = 592K 
model predictions 


the exception of one experiment, the product concen- 
trations at various bed heights are not well predicted by 
the modified model. The values of @ vary considerably 
from experiment to experiment and are nearly an order 
of magnitude lower than that based on the original 
model. 

3. Peters, Fan and Sweeney model. Earlier it has been 
noted that the way in which gas flow division is treated 
in this complex model leads to flow reversal. When 
applied to the product concentrations, flow reversal 
reduces the ethylene concentration at bed heights above 
H,,,, aS illustrated in Figure 7. However, the model 
predictions do not match the experimental results. The 
discrepancy is shown by the open symbols in Figure 8. 

It has been proposed in an earlier paper'' that mass 
transfer resistance between the emulsion gas and the 
catalyst surface is rate-limiting in the upper region of the 
reactor. In the distributor region the flow in the emulsion 
phase, U., and thus the Reynolds number, may be high 
enough to overcome mass transfer limitations. Further 
up the bed U, reduces to U,». (Re, < 0.1) which leads to 
very low gas-solid mass transfer rates. The proposal is 
again in favour of a two-region model. 

An estimate was made of the height of the lower 
region h* in which gas-solid interphase transfer is not 
limiting. For each experiment, the average experimental 
pa in the upper part of the reactor (shown as dotted line 
A’ in Figure 9) was extrapolated to intersect the ethanol 
profile in the emulsion phase predicted by the model of 
Peters et al. (shown as solid curve A in Figure 9). The 
values of the product concentrations at /* predicted by 
the model for one experiment are shown as dotted lines 
B’ and C’ for ethylene and ether in Figure 9. Model 
predictions are also plotted as closed symbols in Figure 
8. It can be seen from Figure 8 that the predicted product 
concentrations at /* are in reasonable agreement with 
the average observed values. The values of h* are less 
than 10°, of the total bed height. The analysis indicates 
that near the distributor the model of Peters et al.'* may 
be used, but gas-solid or other mass transfer limitations 


0 





Predicted dimensionless concentration 





Observed dimensionless concentration 


Figure 8. Comparison of experiemntal concentrations with Peters et al 
model predictions. A ethanol: (Fj ethylene; © ether with no adjustment 
of model parameters. & ethanol; §§ ethylene; @ ether with effective 
bed height 
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Dimensionless emulsion phase concentration 








Dimensionless bed height 
Figure 9. Comparison of experimental concentrations at h* with 
predictions based on model by Peters et al. l 16.5 x 10°>° ms 
T = 593K , ethanol: ethylene; © ether: experimental concen- 
trations. A ethanol; B’ §§ ethylene; C’ @ ether: model predictions 


(such as bubble-emulsion) prevent further significant 
reaction from occurring in the upper region of the 
reactor. 


Grid Region 
The present study, in line with a number of 
others’ *’, shows the importance of the grid region. 
Unfortunately in the present experiments only the first 
sample probe lied in the grid region. It was therefore not 


possible to, test concentration and product selectivity 
profiles in this region. There are of course many different 
approaches to the modelling of reactions near the dis- 


tributor. For example, Grace and de Lasa® have demon- 
strated the use of jet and bubble models for both slow 
and fast reactions of first order. The task of establishing 
the validity of any model for the grid region, especially 
for complex reactions, demands a scrutinous exam- 
ination of the appropriateness of model assumptions. 


Process characteristics such as the type and size of 
particles, the distributor, reaction time and the degree of 


gas-solid contacting are certainly some of the important 
considerations. 

The vital problem of the interaction of bed hydro- 
dynamics and interphase mass transfer with complex 
reaction kinetics requires ingenious experimental anal- 
ysis. Accurate assessment of the division of gas flow 
between phases is still needed. X-ray studies of gas 
emitted from an orifice into a fluidised bed*’ showed that 
some two-thirds of the gas penetrated the dense phase 
close to the distributor. Yang et al’ also reported that 
an average of only 22°, of the gas entering a fluidised 
bed from an orifice appeared as a visible bubble. As yet 
there is no predictive correlation which can confidently 
account for all possible deviations from the two-phase 
theory. For jet models, regardless of how jets are 
defined*’, reliable measurements of mass transfer be- 


tween phases are still lacking. The correct choice of 


models for the grid region can only be made when more 
illuminating data are available and when bed hydro- 
dynamics cah be unambiguously identified. 
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CONCLUSIONS 

The experimental results for the complex reaction of 
ethanol dehydration in a fluidised bed using zeolite 13X 
as catalyst show that only the distributor region of the 
bed is effectively utilised. Thus it is more appropriate to 
describe the reactor performance by a two-region model 
The reactor can be treated as a CSTR with no more than 
15°, of the bed being effective. When a more complex 
model, such as that of Peters et al is applied, the 
effective region is less than 10°,. The inefficient util- 
isation of the upper region of the reactor may be 
attributed to: (a) bubble channelling or slugging”, (b) 
gas bypassing’, and (c) gas-solid interphase transfer 
limitation 


SYMBOLS USED 


cross-sectional area of reactor (m*) 


catalyst activity for reaction j (—) 
rate at time / 


rate at time ¢ = 0 with fresh catalyst 


coefficients defined in Table | (various units) 

average bubble diameter in the middle of compartment n (m) 
average bubble diameter at the bottom of compartment n (m) 
maximum bubble diameter in the fluidised bed, assuming total 
coalescence of bubbles (m) 

diameter of reactor (m) 

molecular diffusivity of j (m*s~’) 

average bed voidage (—) 

bed voidage at minimum fluidisation (—) 

molar flow rate of ethanol at reactor inlet (mol s~') 

gas interchange coefficient for component j between bubble 
phase and emulsion phase per unit vclume of bubble phase in 
compartment n (s °) 

coefficients defined in Table 2 (various units) 

gravitational constant (ms ~) 

distance from gas distributor to middle of compartment n (m) 
height of distributor region (m) 

dimensionless bed height (—) 

distance from gas distrubitor to top of the bed (m) 

bed height at minimum fluidisation (m) 

distance between the bottom and top of compartment n (m) 
kinetic rate constant for reaction } (mols~' kg~') 

(mols~' kg‘ Pa~’) 

kinetic adsorption coefficient for ethanol in reaction j (m* N 
compartment number, also used as a subscript (—) 
compartment where flow reversal first occurs in emulsion phase 
(—) 

partial pressure of component j (Nm 

dimensionless partial pressure of j (—) 

partial pressure of ethanol at reactor inlet (Nn 

universal gas constant (kJ kmol~' K ~’) 

rate of formation of component j (mols g-') 

cross-flow between bubble and emulsion phase in compartment 
n(ms~') 

time that the catalyst has been subjected to reaction conditions 
(s) 

reaction temperature (K) 

superficial gas velocity (ms~') 

superficial gas velocity in bubble phase of compartment n 
(ms ') 

superficial gas velocity in emulsion phase of compartment n 
(ms~') 

relative rise velocity of bubble in compartment n (ms~') 
absolute rise velocity of bubble in compartment n (ms~°) 
minimum superficial fluidisation velocity (m s~‘) 

volume of bubble phase in compartment n including clouds 
(m°) 

volume of bubble phase in compartment 
(m°) 


1 excluding clouds 
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volume of emulsion phase in compartment n excluding clouds 
(m°*) 

WwW mass of catalyst in reactor (kg) 

W.., mass of catalyst effectively utilised (kg) 


Greek symbols 


B coefficients in equation (6) defined in Table | (various units) 

coefficients in equation (13) defined in Table 2 (various units) 
@ parameter in equation (9) for interphase gas transfer (m s~') 
p. density of emulsion phase (kg m~*) 


Subscripts 


ethanol 

bubble phase 
emulsion phase 
compartment phase 
ethylene 

diethyl ether 

side products 
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EVALUATION OF THE POWER CONSUMPTION 

IN AGITATION OF VISCOUS NEWTONIAN OR 
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ANCHOR OR GATE AGITATORS 
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In this paper, the power consumed by plane-agitators is predicted, using numerical analysis. The agitators studied are 
two-bladed impellers, anchors and gate-agitators. The fluids are highly viscous pseudoplastic liquids, the rheology of which 
is represented by the Ostwald de Waele model or by the Carreau model. The results are compared with experimental data 
provided by experiments in a 200 liter tank: a rather good agreement is obtained. The results are summarized in a general 


correlation for plane-agitators. 


INTRODUCTION 
In the case of some agitators of simple geometry, such 
as blade agitators, anchors or gates (see Figure 1) and 
of laminar agitation of viscous liquids, it has been 


possible to solve numerically the differential continuity , 


and motion equations to obtain very detailed informa- 
tion on the velocity and stress component profiles in the 
vessel. The corresponding methods and results have 
already been presented in detail elsewhere'’. In this 
paper, attention has been focussed on the power con- 
sumption problem. Use has been made of the numerical 
method to economically treat a lot of system geometries 
and of rheological properties of liquids; a small number 
of experimental comparisons have been performed. 
Correlations of large validity range have then been 
derived which will be of interest to the design engineer. 


GENERALITIES 
Geometrical Conditions 

The main geometrical characteristics of the agitation 
systems numerically studied are presented in Figure | 
and in Table 1. The systems which are also experi- 
mentally studied are noted in this Table. 

The vessel is cylindrical and flat bottomed with a 
height of liquid equal to its diameter. The height of the 
agitators is, at least, equal to that of the liquid in the 
vessel. 


Numerical Method 


The numerical method will not be presented in detail 
here. It can briefly be recalled that the equations to be 
solved are the continuity, motion and rheology equa- 
tions, either the Newton, Ostwald de Waele or Carreau 
models. 

For the three agitators considered here, the flow is 
only horizontal: all planes are identical and the axial 
velocity is equal to zero. So, the problem to be solved is 
only two-dimensional. The equations have been written 


in terms of the stream and vorticity functions and 
apparent viscosity: 


wo = —V*w 


] Ow, mm) 
Re =nVom +f(n) (2) 

r O(r, 6) 
For a Newtonian fluid, 7 is known in every point. For 
pseudoplastic fluid, the rheology of which is represented 
by the Ostwald de Waele model, 9 is written as: 

n =m(1/2y:y)]}? (3) 
For a pseudoplastic fluid represented by the Carreau 
model, 

n= {1+A7[1/2Ay:y)]} 


) 


The shear rate y is given by 


(1 Ow 1 ow ) 2 


1/2(y:7) = 4 ae _ 
roroé r oé 


Table 1. Geometries studied 


Agitator Dimensions 


Two-bladed D Py 
impeller 7 7 
0.336 

*().508 

0.656 

0.828 


0.0417 


Anchor 


0.0417 


Gate-agitator 


0.631 0.312 
*0).656 0.0417 0.337 
0.730 
0.828 


0.484 
0.509 
0.410 0.582 
0.509 0.681 


*Experimentally studied 
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These equations are solved with the following boundary 
conditions: 


shaft: 
y =0 


yw 
oe (7) 
or? 


—for an Ostwald de Waele fluid, 7 = |w|"~' (8) 

—for a Carreau fluid, n = (1 + 22m?) (9) 
tank wall: 

vy =P (10) 

@o=1- a 

or? 

—for an Ostwald de Waele fluid, 

n=|m+2\|""'! 
—for a Carreau fluid, 

n=|1+A4%@ +2)|"> 


impeller blades: 


(14) 


—for an Ostwald de Waele fluid, 


o 
n = |w|*-' (15) 


for a Carreau fluid, 


n=\|1+ wm? |" (16) 


D\ 
y= 0( two-bladed impeller: A <r< = (17) 


D —2w 
W = val anchor: — <r< (18) 


: Dyo ~ ) 
y= dol gate-agitator: “_ <? (19) 


\ 
. Dy 
YW = Wa gate-agitator: — <r< 2 (20) 
T ig 

The constants Wp, W,, W, and wW, are determined, by 
writing the conservation of angular momentum. 

Finally the product power number-Reynolds number 
is obtained: 


for a Newtonian fluid: 


Pr | 
NpRe =C, | y:¥ 
w* 


vow 


(22) 
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for a Carreau fluid: 


mke Gf fiee 
V ‘ 


with 
ND? 
Re = . 
No 


The constant C, 
geometry. 


is characteristic of the system 


Experimental Conditions 

The experimental tank is 200 liters in volume. The 
selected fluids have been a viscous oil (newtonian) and 
a carbopol solution {pseudoplastic liquid), the rheology 
of which can be represented by both models considered 
here. Measurements of velocity components were carried 
out by hot film anemometry: the probe was rotating with 
the impeller. At every point in the tank, the three velocity 
components were obtained: it was shown that the axial 
velocity component was negligible. The radial and tan- 
gential velocity components were in good agreement 
with the ones obtained by the numerical procedure. 

Then the power consumption P was determined by 
torque measurement on the shaft. 


RESULTS FOR NEWTONIAN FLUIDS 
Two-Bladed Impeller 
The range of Reynolds number _ has _ been 
0.08 < Re < 45. Results are presented in Figure 2, in the 
case of the ratio D/T = 0.508. In logarithmic coordi- 
nates, the variation of the power number versus the 
Reynolds number is linear, showing that, for small 
Reynolds numbers (Re < 1), the product N, Re is con- 
stant; the corresponding value is N,Re =175. For 


NAME 

EXPER IMENTAL 
NUER ICAL 
NAGATA ET AL 








Figure 2: Two-bladed impeller, D/T = 0.508. Newtonian liquids 
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= 


higher Reynolds numbers (Re > 1), the N, Re product 
increases with Re. Numerical and experimental! data are 
in good agreement. 

This type of impeller has been experimentally studied 
by Nagata e7 al.’ Their results are also reported in Figure 
2; they agree well with our values, being always higher 
than ours, but only very slightly. 


Anchor 


The Reynolds numbers varied from 0.26 to 20. The 
results are plotted on Figure 3. N, is a linear function of 
Re, and so the product N, Re appears to be constant for 
small Reynolds numbers, 


N,, Re = 149 (24) 


As in the previous case, experimental and numerical 
values are in good agreement with only a slight 
difference at high Re where the numerical values are 
lower than the experimental ones. However, the anchor 
experimentally studied needs a horizontal arm in order 
to join both blades; the rotation of this arm needs energy 
which is not taken into account in the numerical mode. 
Such an anchor has been studied by Sawinsky et al.*, 
Schilo® and Takahashi et al.° Their results are presented 
on the same Figure and are in good agreement with 
those obtained in this work. 


Gate-Agitator 


This type of agitator has not been studied previously 


and no comparison with other authors has been possible. 
In this work, the range of numerical conditions covered 
was 0.1 < Re < 20. The results are presented on Figure 
4. The variations are linear showing that the product 
N,Re is constant for Reynolds number values lower than 
5 (N, Re = 169). As in both previous cases, experimental 
and numerical values are in very good agreement. 








Figure 3: Anchor Newtonian liquids 
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Figure 4: Gate agitator, D/T = 0.656. Newtonian liquids. 


RESULTS FOR NON-NEWTONIAN FLUIDS 
An alternative form of equations (22) and (23) was 
suggested by Metzner and Otto’. Their theory states 
that, for a fluid which is represented by the Ostwald de 
Waele’s law, the product N, Re can be written as: 
N, Re = A(B)* 
and for a fluid which follows the Carreau model, as 
N, Re = A(1 + /?B?y'> (26) 
with B’ = B/2n 
A, B, and B’ depend only on the agitator geometry. 
In this work, the results are summarized, using 
Metzner and Otto’s theory. 


Two-bladed impellers 

The ranges of variations were, for an Ostwald de 
Waele fluid: 0.1 < Re < 10 and n2>0.7; for a Carreau 
fluid: Re < 0.4 and 0.4<n<1 

Results are given in Table 2; the following correlation 
is obtained: 


N,Re = 175(7.3)°~' (27) 


Anchor 

The range of flow behaviour indices was 0.75 <n< 1, 
that is to say a smaller range than for the two-bladed 
impeller. As the agitator geometry becomes more com- 
plex, the numerical convergence problems are more 
difficult to solve with small flow behaviour indices. 


Table 2. Power number for an 
Ostwald de Waele fluid Two-bladed 
impeller 


Table 3. Power num- 
ber for a Carreau 
fluids = 1; Re = 0.26 


n N ‘ 


0.75 450.1 
0.8 477.0 
0.9 653.2 


Results are given in Table 3 for Re = 0.26 and jor a 
Carreau fluid. Metzner and Otto’s theory leads to equa- 
tions (28) and (29): 

N, Re = 149(16)" (28) 
and 

N, Re = 1491 + 6.527) > (29) 


Gate -agitator 
The correlation obtained for an Ostwald de Waele 
fluid is: 


N,, Re = 169(12.7)"~' (30) 


ANALYSIS 

A general theoretical rule has been established’ which 
provides the power consumed by a newtonian fluid 
between two rotating coaxial cylinders: 

124 

D/T —(D/Ty 
The same rule can summarize the power consumed by 
planes agitators: 


N, Re = (31) 


Cc. 
D/T —(D/Ty 
Values of C, are given in Table 4. The mean variation 
is less than 10°,. So, the correlation (32) seems to be 
useful in industrial applications. 


N,Re = (32) 


CONCLUSION 

The good agreement between experimental, literature 
and numerical results demonstrates that the numerical 
procedure developed in this work provides reliable re- 
sults, for the agitators studied here. It must be noted that 
this procedure gives very detailed results: velocity fields, 
viscous dissipation, and so on... It is a very convenient 
technique, rapid and cheap, which avoids the major part 
of experimental work. 

This procedure will be extended to other types of 
agitators used in the chemical industry. 


Table 4. Values of C, [Equation (32)] 


Agitator Variation (°,) 


Two-bladed 


4.5 
impeller 


Anchor ).7 < 0.926 


Gate-agitator 
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LIST OF SYMBOLS 


polar coordinates 

agitator diameter (m) 

function of the derivatives of the apparent viscosity 
consistency index for an Ostwald de Waele fluia 
(kgm~'s"~?) 

flow behaviour index 

power number (N, = P/p N°D*) 

rotational speed (s~') 

power consumption (kg m?’s~*) 

tank diameter (m) 

tank volume (m°) 

shear rate (s~') 

stream function (m?s~') 

particular values of the stream function (m’s 
apparent viscosity (kg m~'s~') 

viscosity at rest for a Carreau fluid (kg m~'s~') 
characteristic time (s) 

fluid density (kg m*) 


l 
) 
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of comparing dryers and for control of paper drying 
processes but it seems to miss out on post-1986 literature 
when surely the increased availability of computers must 
have made an impact on modelling 

Two chapters (2 and 4) deal with grain drying. 
Chapter 2 by P. Richard and G. S. V. Raghavan 
summarises information concerning drying and pro- 
cessing by immersion in a heated particulate medium like 
sand or salt, of the grain products mainly rice, corn, 
wheat etc. This technique has only been investigated and 
developed in the last decade and claims to achieve fast 
drying rates with high thermal efficiencies. The authors 
discuss the background, technical aspects like mixing, 
heat and mass transfer and published practical results on 
specific dryer’s performance. It also has a comprehensive 
list of References (118). 

Chapter 4 by S. Sokhansanj examines energy con- 
servation and corn quality by means of mathematical 
modelling of the drying process. Theoretical and 
empirical models are reviewed, from analyses of single 
particle drying to stationary and moving beds with direct 
air recycling, heat exchanger and heat pumps. On the 
quality effects, hydrothermal stress and grain cracking 
are examined ending with several simulation applica- 
tions to different dryers showing the great variety of 
systems which have been examined in the literature (72 
references). 

Two chapters also refer to spray drying. Chapter 3 by 
C. Judson King, T. G. Kieckbusch and C. G. Greenwald 
deals with product quality factors in the spray drying of 
food products. It starts with a summary review of spray 
drying in general followed by a detailed discussion of the 
factors affecting product quality like volatiles retention, 
particle morphology, product degradation by thermal 
and other means, agglomeration and how feed and 
drying conditions affect these factors. The authors finally 
summarise the progress made in the understanding of 
the topic and point out which areas still need research 
(129 references). 

Chapter 5 by I. Filkova and P. Cedik is concerned 
with nozzle atomisation in spray drying. This is a good 
review of the performance of mechanical and pressure 
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nozzle atomizers with theoretical analyses and empirical 
design equations for non-Newtonian liquids and slurries 
Work on the prediction of droplet size for pneumatic 
nozzles is also summarised with experimental results for 
Newtonian and non-Newtonian liquids (26 references) 

Freeze dryers are not left in the cold and A. I. Liapis 
and J. M. Marchello review 46 References showing the 
advances in modelling and control of freeze drying. A 
brief description of freeze drying and the proposed 
models is followed by a discussion and comparison 
between the uniformly retreating ice front (URIF) and 
the sorption-sublimation models. Control strategies in 
freeze drying have been given much attention recently, 
the purpose being to minimise drying times and maxi- 
mise utilisation of equipment. The review of proposed 
optimisation procedures is critically evaluated and its 
limitations are shown. 

A thorough presentation of the theory and applica- 
tions of vibrated beds and vibrated fluid beds for drying 
is given by Z. Pakowski, A. S. Mujumdar and C 
Strumillo (with 135 references). Mathematical models 
describing bed behaviour and experimental results on 
aerodynamics of beds undergoing vibration, mixing, 
flow properties and material transport in the dryer are 
all discussed with a wealth of references to Russian, 
East-European and Japanese work. Heat and Mass 
Transfer correlations for contact and convective drying 
are presented and the drying of granular products 
described, concluding with a brief design guide. 

The last chapter by D. Basmadjian is a “state of the 
art’”’ summary on the topic of adsorption drying of gases 
and liquids. This is not a topic usually considered as part 
of drying but is gaining interest from research workers 
In fact not enough knowledge exists of the regeneration 
step which includes removal of residual solvent from the 
adsorbent (drying?). Equilibrium Isotherms for vapour- 
solid and liquid-solid systems and experimental work on 
mass transfer between particles are discussed, together 
with available design methods for fixed beds. Finally an 
example is presented to illustrate the various procedures 
discussed (108 references). 
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SHORTER COMMUNICATION 


TEARING ALGORITHM FOR RECYCLE 
PROCESS NETWORKS 


By P. OLLERO 


Dpto de Ingenieria Quimica, ETS Ingenieros Industriales, Universidad de Sevilla, Spain 


This paper describes a simple and efficient algorithm for the tearing or recycle process networks. It is a partially heuristic 
method which searches for the minimum number of tear streams. Applied to complex examples, such as those where previously 
published probability algorithms often fail, it has always given a correct result. It is easy to program and large storage capacity 


is not required. 


INTRODUCTION 

In a recent paper’ we described a simple and fast 
algorithm for the decomposition of recycle process net- 
works. This algorithm resolved the tearing problem by 
a straightforward two-step procedure of non-essential 
and essential reduction of stream nodes in the signal flow 
graph. When it was applied to well-known examples 
taken from previous works, it yielded tear sets contain- 
ing a minimum number of streams. 

In the earlier paper we included another example 
consisting of the tearing of the signal flow graph shown 
in Figure 1. This case is particularly difficult as all the 
nodes have a minimum of three inputs and three outputs 
and no two way edge elements. In this case our algo- 
rithm yielded several tearing sets of four elements. 
Analysing this example later we found that there were 
two tearing sets with only three elements. 

This shorter communication is a further development 
of the previousiy published algorithm, through which it 
is possible to resolve complex decomposition problems 
such as the one mentioned above. 

The principal ideas on which the new algorithm is 
based, such as non-essential and essential stream node 
reduction, are essentially the same as before. The only 
new idea introduced is the exploitation of the mag- 
nitudes of the diagonal elements of the powers of the 
adjacency matrix for selection of tear streams. 


GRAPH THEORY 

The signal flow graph is a digraph whose nodes 
(“stream nodes’’) are the streams or edges of the flow 
sheet and whose edges correspond to the process trans- 
formations. Associated with each digraph is an adja- 
cency matrix A which is a square matrix with m rows and 
columns where m is the number of nodes. If there exists 
an edge from node i to node /, the value of a; is unity. 
Otherwise the value of the element is zero. 

By taking the /th power of A and using ordinary 
matrix algebra, it is easy to show that if the value of 


element a; is p, there exist p paths, / steps long, from 
node / to node j in the graph. Thereby, by taking the sum 
of all powers of A, up to and including the nth power, 
we obtain a matrix B, that represents all paths of length 
n or less between nodes 


B=) A’ 


It is obvious that if we do not use Boolean Algebra we 
shall not count the number of steps correctly. For 
example, if nodes | and 2 form a two way edge element 
two paths of three steps would appear in A*, from 1 to 
2 (l--2-—+1->2) and another from 2 to 1 
(2—+ |-» 2-+1). But apparently, at least, this does not 
affect the efficacy of our algorithm. 


DESCRIPTION OF THE 
ALGORITHM 
The proposed algorithm is a simplification technique 
which seeks to reduce a signal flow graph to an empty 























= 





Figure | 
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graph by systematically eliminating stream nodes in a 
manner such that the problem solution is unchanged. 
Only two simple graph operations are necessary: non- 
essential and essential stream node reduction. 

Non-essential reduction of node i means deleting node 
i from the signal flow graph and joining the set of its 
predecessors to the set of its successors by directed edges 
originating from the predecessors and terminating at the 
successors. 

Essential reduction of node i means treating node i as 
a tear stream and deleting node i and all the edges 
connecting to it from the signal flow graph. 

The proposed algorithm consists basically in the re- 
peated application of two phases. The first phase is 
essentially equal to the BTA algorithm’ when the latter 
is applied to a signal flow graph with unit weightings. 
This first part identifies and eliminates the ineligible 
streams by means of the non-essential reduction. The 
repeated elimination of ineligible stream nodes results in 
the appearance of nodes with a self loop which are 
deleted by means of the essential stream node reduction. 

Any residual graph which is not reducible in this first 
phase must be further analyzed in the second phase 
which is a probability method where the tearing streams 
are located according to some assumption that gives a 
large probability that the tearing point will be chosen 
such that one tear will cut a maximum number of 
internal cycles. 

The second phase is based on the matrices 

i= 2 If along the diagonal of matrix B, 
there is an element of maximum value, it is clear, as was 
said before, that if we select the corresponding stream 
node as a tear stream we will cut a maximum number of 
internal cycles of length n or less. Hence, at level B, the 
said node is the best choice as a tear stream. But at what 
level, that is, in what matrix B, do we seek the max- 
imum? In order to answer this question we recall that if 
in the graph there is only one self-loop a maximum value 
of | will appear on the diagonal of B, and the said node 
will necessarily belong to the tear set. We also recall that 
if in the graph there is a pair of two-way edge elements 
with a common node, a maximum value of 2 will appear 
on the diagonal of B, corresponding to the common 
node. which must also necessarily belong to the tear set. 
From all this we learn that it is a useful procedure to 
begin with B, (the self-loops are eliminated in the first 
phase of the algorithm), followed by B,, etc., until a 
matrix is found which exhibits a maximum along the 
diagonal. The corresponding element is treated as a tear 
stream and is subject to essential reduction. Normally 
the first phase reduces the original graph to a sufficient 
extent so that the second phase—which requires the 
calculation of the powers of the adjacency matrix-does 
not involve much computationa! effort. 


THE ALGORITHM 
Now we are ready to state an algorithm which will 
reduce a signal flow graph to an empty graph by 
systematically eliminating stream nodes. 
(1) Set graph G equal to the signal flow graph of the 
process flow sheet and set n = 2. 
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(2) Examine one by one all the nodes of the graph G 
in the following manner 
(a) If stream node n; has either no input or no 
output edges remove n, and their con- 
necting edges and go to step (d); otherwise 
proceed to the next step. 
If stream node n, has a self-loop declare n 
as a tear stream; delete it from the graph 
by means of the essential stream node 
reduction and go to step (d); otherwise 
proceed to the next step 
If stream node n, has either one input or 
one output delete nm, by means of the 
non-essential stream node reduction and 
go to step (d); otherwise go to step (3) 
(d) Ig Gis empty, STOP; otherwise proceed to 
the next step. 
If all nodes have been examined go to step (4); 
otherwise continue picking up another node and 
going to step (a). 
If at least one node has been removed in steps (b) 
or (c) set graph G equal to the simplified (re- 
duced) graph and go to step (2); otherwise pro- 
ceed to the next step 
Calculate 


B, as B,= >} A 


where A is the adjacency matrix of the simplified 
graph G. 
If all the diagonal elements of B, are equal and 
nonzero, declare any one of the stream nodes as 
a tear stream, delete it by means of the essential 
stream node reduction and go to step (9); other- 
wise proceed to the next step 
If there is a maximum along the diagonal of B 
declare the corresponding stream node as a tear 
stream, deleie it from the graph by means of the 
essential stream node reduction and go to step 
(9); otherwise proceed to the next step 

(8) Set n =n +1 and go to step (5) 

(9) Set graph G equal to the simplified graph, set 
n = 2 and return to step (2) 


In all the applications of this algorithm so far, no 
value of n has been found to be greater than 4 

The tear-set obtained by the proposed algorithm is not 
unique. Sometimes an alternative tear-set to the set 
actually found may prove to be more desirable. This can 
be achieved by the present procedure in the following 
way. At the outset of applying the algorithm the un 
wanted tear stream node is deleted by means of the 
non-essential stream node reduction. The presented pro- 
cedure will then try to seek an alternative tear-set with 
the same number of elements. If this is not possible the 
algorithm will automatically generate a tear-set which is 
not minimal as to the number of elements 


APPLICATION OF THE ALGORITHM 
Table | shows well-known examples taken from pre 
vious works that are successfully solved by our algo- 
rithm. Another application of the algorithm is the 
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Table 1. Examples taken from previous works 


Authors Tear-set by our algorithm 


Christensen and Rudd (No 13, 16, 31 
hristensen and Rudd (No 12, 35, 40 
Sargent and Westerberg’ 6, 8, 20, 25, 28, 31 
Barkley and Motard (sulfuric acid plant)’ 4, 31, 47, 58, 60 
Pho and Lapidus (counter-example of 


Christenser 


; : 6,18 
1 and Rudd’s algorithm) 


*The stream node numbers given in the tear-sets correspond to those 


ised by the original authors 


tearing of the signal flow graph shown in Figure 1. The 
algorithm of Barkley and Motard® applied to this case 
would begin by treating stream node 2 as a tear as it is 
the node with the largest number of output edges. With 
node 2 essentially eliminated, there would remain four 
4,5, 6,8, 
output edges. However, the only correct choice is, as we 
shall see later, node 6. Consequently, for this case, that 
algorithm has a success rate of only 25°,. For this case 
the steps in the application of the proposed algorithm 
will be illustrated in list format rather than graphically. 


nodes 


No stream node with either one input or one 
output edge in the original graph. 

All the diagonal elements of B, are zero. 

The diagonal elements (1,1) of B, is a maximum; 
thereby the corresponding stream node | is 
subject to essential reduction. 

Same as step (1) but for the simplified graph. 
Same as step (2). 

The diagonal element (1,1) of B; is a maximum; 
thereby the corresponding stream node (stream 
node 2 because node | was previously elimi- 
nated) is subject to essential reduction. 

The stream node 7 has only one output edge: 
thereby it is subject to non-essential stream node 
reduction. 

The stream node 8 has only one input edge; 
thereby it is subject to non-essential reduction. 
Same as step (7) for node 3. 

Same as step (7) for node 4. 


with equal maximum number of 


(11) Same as step (7) for node 5. 

(12) The stream node 6 has a self-loop and it is 
deleted by means of the essential stream node 
reduction. 


The tearing set is {1,2,6}. If stream node 2 is an 
unwanted tear stream then the algorithm generates the 
unique alternative tear set {1, 3,7}. Note that node | is 
the only node common to the two tear sets and is 
precisely the node which our algorithm produces first. 


CONCLUSIONS 

The decomposition algorithm presented in this work 
is a partially heuristic algorithm based on the graph 
simplification of the signal flow graph of a flow sheet. 
Applied to complex examples it has always given tear 
sets containing a minimum number of streams. 

Although the algorithm requires operations with ma- 
trices, this does not involve a great deal of com- 
putational effort, as they are performed on a previously 
reduced graph. 

The algorithm is easy to program. 
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As part of the recent literature aimed at placing drying 
in the right spot amongst unit operations, this volume is 
a welcome addition. It will allow readers to quickly 
update their knowledge on the specific topics reviewed. 


It will be of interest to those involved in research, design 
and operation of dryers. 


C. L. Lopez-Cacicedo 
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EXPERIMENTAL STUDIES TO DETERMINE 
THE OPTIMUM FLOW RATIO IN A 
WATER-LITHIUM BROMIDE ABSORPTION 
COOLER FOR HIGH ABSORBER 
TEMPERATURES 
By M. A. R. EISA, M. G. SANE, S. DEVOTTA and 


F. A. HOLLAND (FELLOW) 


Department of Chemical and Gas Engineering, University of Salford, UK 


Crystallisation can cause operating problems in absorption heat pumps and coolers. It is therefore necessary to determine the 
optimum flow ratio which will avoid crystallisation and provide the minimum decrease in coefficient of performance. 
Experimental data have been obtained for absorber temperatures in the range 35.2 to 48.7°C. The flow ratios were varied from 
18.4 to 51.7. Although high flow ratios enable an absorption cooling system to be operated with relatively high absorber 
temperatures and relatively low generator temperatures and concentrations, these experiments have shown that there is no 
significant advantage in operating the system with flow ratios in excess of 50. 


INTRODUCTION 


Conventional absorption coolers consist of four basic 
components; an evaporator, a condenser, a generator 
and an absorber. In addition an economiser heat ex- 
changer is placed between the generator and the ab- 
sorber as shown in Figure |. The secondary circuit 
comprising the absorber and the generator takes the 
place of the compressor used in a conventional mechan- 
ical vapour compression system. 

Heat driven absorption coolers are an attractive way 
of using the relatively low temperature thermal energy 
available from waste streams, geothermal fluids, solar 
collectors etc. The lower the temperature of the heat 
input required by the generator of an absorption cooler, 
the greater the use that can be made of low grade heat. 
In order to avoid crystallisation in the generator, it is 
necessary to operate an aqueous lithium bromide ab- 
sorption cooler with generator temperatures only mar- 


ginally greater than 80°C. However, the coefficient of 


performance of an absorption cooler also decreases with 
increasing flow ratio. It is therefore desirable to deter- 
mine the optimum flow ratio which will avoid crys- 
tallisation and provide the minimum 
coefficient of performance. 

In an absorption cooler, heat is rejected from the 
condenser and the absorber and is carried away in the 
coolant. In hot and dry countries where cooling water is 
not readily available, it is often necessary to use the 
warm ambient air as a coolant. In order to do this, the 
condenser and absorber temperatures must be relatively 
high. Landauro-Parades et al’ have demonstrated that 
an aqueous lithium bromide absorption cooler can be 


decrease in 


operated with absorber temperatures in excess of 40 ¢ 
They established the possibility of using ambient air to 
cool the condenser and absorber for an aqueous lithium 
bromide absorption cooler in tropical countries where 
the ambient temperature is generally in excess of 30 ¢ 
Landauro-Parades et al* operated with lithium bro- 
mide concentrations in the generator close to 65 
weight. This concentration is in the vicinity of 
crystallisation zone and increases the risk of crystallisa- 
tion in the colder parts of the system. The objective of 
the present work is to study the possibility of operating 
with lower generator concentrations, while at the same 
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Figure |. Simplified block flow diagran 
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time maintaining the absorber at a relatively high 
temperature. 


THEORETICAL AND PRACTICAL 
CONSIDERATIONS 
The coefficient of performance of an absorption cool- 
ing system is defined as the ratio of the heat energy 
extracted in the evaporator Qyy to produce the desired 
cooling to the heat energy supplied to the generator Q¢: 
(COP) xe, = (1) 
GI 
The flow ratio (FR) has been identified as an im- 
portant optimising parameter’. It is essentially the ratio 
of the mass flow rate of solution in the secondary circuit 
linking the generator and absorber to the mass flow rate 
of pure working fluid or refrigerant in the primary circuit 
linking the condenser and evaporator. It can be defined 
in terms of either the mass flow rate of solution from the 
generator te the absorber M,, or the mass flow rate of 
solution from the absorber to the generator M,,. 
In the first case 


Mor 
(FR), = 
M, 
which can also be rewritten in terms of concentrations 
as 
Xap 
(FR), = = - (3) 
Xr —A AB 
In the second case 
M 
(FR )o = — (4) 
My 
which can also be rewritten in terms of concentrations 


as 


fd - 
(FR), == (D) 
; Xt a 


In this work, the data have been correlated using 
equations (4) and (5). 

It can be seen from equation (3) that for a fixed 
absorber concentration X,,, the generator concentration 
X cp will decrease when the flow ratio (FR) is increased. 
For a marginal percentage change in the generator 
concentration the change in the differential 
(Xcor — Xap) will be significant. 

The performance of the absorber depends on the 
following factors: 


Xce> 


(i) the temperature in the absorber 7,,, 
(ii) the concentration in the absorber Xp, 
(iii) the total pressure in the absorber P, 


and 
(iv) the operating flow ratio in the system (FR). 


For the water-lithium bromide system, the interaction 
of these parameters and the operational limits are deter- 
mined by the crystallisation characteristics of the system. 
Figure 2 shows the absorption cycle on an equilibrium 
chart for water-lithium bromide solutions. The points on 
the cycle correspond to the numbered positions in 
Figure |. Points 5, 6, 7 and 8 represent the solution cycle. 
For an absorber concentration of 0.62 weight fraction, 
if low flow ratios are used the generator concentration 
will be more than 0.65 weight fraction. Such a concen- 
trated solution may crystallise in some parts of the 
system if the temperature falls below 50°C. 

If a relatively high flow ratio is used, the solution to 
be handled will be relatively less concentrated with less 
risk of crystallisation. However, higher values of (FR) 
can result in higher heat losses and possibly higher 
absorber temperatures 7,,. At relatively high flow ratios 
(FR), the coefficient of performance (COP),-, will also 
decrease’. It is therefore necessary to operate the system 
at an optimum flow ratio which is sufficiently high to 
avoid crystallisation but will provide the minimum de- 
crease in the coefficient of performance (COP),-,. 
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Absorption cycle on an equilibrium chart for water 
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Figure 3. Performance characteristics as a function of flow ratio for 


50 C and X,, ~ 0.627 weight fraction 


RESULTS AND DISCUSSION 

Details of the equipment and the operating techniques 
have been reported in earlier papers'*. Experiments have 
been carried out to study the effect of flow ratio on the 
performance of an absorption cooling system for two 
ranges of absorber temperatures. These were 35.2 to 
42.5°C with flow ratios from 18.4 to 51.7 and 42.5 to 
48.7 C with flow ratios from 20.2 to 48.4. Some typical 
performance characteristics are presented in Figure 3 for 
an absorber concentration X,, = 0.627 and a conden- 
sation temperature 7,, = 50°C. Although the (COP),-, 
values decreased with increasing flow ratio, the decrease 
was only marginal for the lower range of absorber 
temperatures. The generator temperature decreased with 
increasing flow ratio and the corresponding evaporator 
temperature increased slightly. The generator concen- 
tration decreased with increasing flow ratio but the rate 
of decrease was higher for the lower range of absorber 
temperatures. 

Figures 4 and 5 are plots of heat loads against flow 
ratio for the lower and higher ranges of absorber 
temperature respectively. The generator and absorber 
heat loads increased and the condenser heat load de- 
creased with increasing flow ratio whilst the evaporator 
heat load remained almost constant. The decrease in 
condenser heat load was greater for the higher range of 
absorber temperatures. 

In general the rates of heat losses were higher at higher 
flow ratios. For the lower absorber temperature range 
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Figure 5. Heat loads as a function of flow r 
fraction, 7, 50 C and 42.5°C < T,,- 


the heat losses based on heat input were between 4.8 to 
10.6°%, for the lowest to the highest flow ratio (15.8 to 
33.7%, based on evaporator load) respectively, while for 
the higher absorber temperature range, the heat losses 
were between 8.3 to 15.3°, based on heat input (23.3 to 
37.6°,, based on evaporator load) 


CONCLUSION 


The experiments have shown that an aqueous lithium 
bromide cooler can be operated with relatively high 
absorber temperatures and relatively low generator tem- 
peratures and concentrations. Although high flow ratios 
enable the system to be operated with lower generator 


temperatures, there is no significant advantage in oper- 
ating at flow ratios in excess of about fifty 
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12TH ANNUAL RESEARCH MEETING 


Combustion and the Use of Microcomputers in 
Chemical Engineering Research Laboratories 


P. J. HEGGS (FELLOW) 


Department of Chemical Engineering, University of Leed 
S. P. WALDRAM (MEMBER) 

Department of Chemical and Biochemical Engineering, Universit ollege, Londor 
The 12th Annual Research Meeting of the Institution of 
Chemical Engineers was held at The City University, 
London, on 18th April 1985 as part of Multi-Stream °85, 

The Subject Groups Symposium. The topics covered 
were Combustion and the Use of Microcomputers in the 
Chemical Engineering Research Laboratories and a total 

of 13 papers were presented. 


USE OF MICROCOMPUTERS IN CHEMICAL 
ENGINEERING RESEARCH LABORATORIES 


In opening the morning session, the chairman, S. P. 
Waldram (University College London), urged that there 
should be greater support for the meeting from industry 
and stressed that presentations by young research work- 
ers from industry would be welcome and could add a 
valuable extra dimension to the meeting. 

The first paper concerned “Microcomputer control 
of a protein recovery plant” and was presented by 
P. Sentance (University College of Swansea). A pilot 
plant to recover Bovine serum albumin was controlled 
using an expanded BBC based system with digital out- 
puts being used to initiate various sequential control 
actions including the regular back flushing of an 
ultrafiltration unit: analogue outputs controlled the 
three main feed pumps. This system enabled the plant to 
run reliably and continuously with minimal operator 
attention. 

The second paper was given by B. H. Cooke of 
Edinburgh University and described how a micro- 
computer had been used to control a thermal energy 
storage system. A proprietary phase change material 
(“Calotherm 58°) encapsulated in bundles of poly- 
propylene tubes was thermally charged and discharged 
using water as a transfer medium: this system would 
enable a conventional heat pump to be operated only at 
times when cheap off peak electricity was available or 
during periods when high ambient temperature would 
ensure an acceptable heat pump efficiency. A PET 4032 
was used for measurement and control of temperatures 
and pressures as well as for data logging and per- 
formance evaluation during, for instance, ASHRAE 
standard temperature load changes. 


lhe first part of the morning session concluded with 
a related paper titled “A microcomputer-based data 
acquisition and control system for heat pump research 
in which C. I 
discussed the 


Pritchard (University of Edinburgh) 
advantages of avoiding the normal 
thermostatically triggered on/off control of heat pumps 
Measurement of pressure and temperature at various 
points in the heat pump thermodynamic cycle were used 
to calculate refrigerant properties directly from Down 
ings equations and both expansion valve position and 
compressor speed were controlied directly. Further work 
to control these variables so as to obtain optimal heat 
pump operation is planned 

In the next paper, “Computer control of an experi 
mental thermal regenerator”, D. Burns (University of 
Leeds) discussed the use of a Minstrel microcomputer 
for data logging and control. The Minstrel formed the 
“front end” of a flexible system of computers providing 
essentially unlimited processing and storage capabilities 
The AMX multitasking, real time operating system was 
used to develop the software in the high level “¢ 
language and resulting control of the regenerator proved 
more accurate, reliable and efficient than that obtained 
by either manual or remote minicomputer means 

A. M. Ikponmwosa then presented a second paper 
from the Chemical Engineering Department at Leeds 
University, “Computer data acquisition and control of 
a fixed bed catalytic reactor for heat transfer studies 
In this work the objective was to control the flow rate 
temperature and pressure within a packed catalytic 
reactor and then to measure point temperatures and flow 
rates. Programming was again in “C” language, on a 
PDP 11/44 minicomputer, which was then cross com 
piled and down loaded to produce an executable Z80 
version. The hierarchical data acquisition system used 
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enabled efficient and reliable experimental evaluation of 


heat transfer parameters. 

In the next contribution to the meeting, L. Patel 
(University of Aston) described the preliminary work 
undertaken to develop a computer based control system 
for simultaneous sequential and continuous control 
functions on a batch reactor process for producing 
butylated formaldehyde melamine. In this case five 
temperatures, five pressures and four flow rates were 
measured using a SEED 19 microcomputer with OS 9 as 
the multitasking, multiuser real-time operating system. 
Software was written in Basic 09 and tested in the form 
of independent modules: full computer control was in 
the process of being implemented. 

The final paper in the morning session, “Interfacing 
laboratory equipment to a microcomputer” was 
presented by K. E. McKell (University of Leeds). The 
preliminary planning associated with linking a fer- 
mentation process to a microprocessor was discussed 
and in particular the cost, accuracy and calibration 
procedures associated with measuring flow rates, power 
inputs, temperatures and dissolved oxygen contents were 
examined in detail. 


COMBUSTION 


This session was chaired by P. J. Heggs (Leeds 
University) and in the first paper M. Y. Wu (University 
College London) considered “The devolatilization of 
wood in a fluidised bed” in a small electrically heated, 
air fluidised bed of alumina, or coal ash at a temperature 
of 1043 K. The predicted devolatilization time calculated 
from internal heat transfer considerations was in good 
agreement with experimental observations for single 
hard and soft wood cubes in the size range of 5 to 
12mm. The air flow had no effect on the burning times 
for single or multi-particle charges. The second paper 
was presented by M. Mohamed (Leeds University) and 
was concerned with **Fluidised bed gasification/pyrolysis 
of woodchips” for the manufacture of low grade fuel 
gas. The fluidised gasifier was 154 mm diameter and the 
sand particles were 0.53 mm in diameter. For tempera- 
tures greater than 1000 K and feed rates greater than 4 
times stoichiometric, a fuel gas with calorific values in 
excess of 4-5 MJ/SCM can be produced. The experi- 
mental measurements of “Oxygen levels in a fluidized 
bed combustor” were reported by X-W. Ni (Leeds 
University) in the third presentation. Two yttria sta- 
bilised zircona oxygen cells were placed horizontally 
within the 0.305m square fluidised bed combustor. A 
bituminous coal sized 10 to 16mm was fed to the bed 
surface and the bed material was silica sand sized from 


0.6 to 1 mm. The measurements revealed that the bubble 
phase oxygen levels are several orders of magnitude 
higher than those in the particulate phase. Turbulence 
and gas mean velocity profiles were reported in the next 
paper to elucidate the “Structure of flow in the freeboard 
of a gas fluidised bed” by I. W. P. Lang (Edinburgh 
University). The total freeboard height available was up 
to 0.47 m in a 75 mm square apparatus over a fluidised 
bed of 440-530 um glass beads and the fluidising 
medium was air. Readings of velocity and turbulence 
level were made using the Malvern 6200 Laser Doppler 
Anemometer in the forward scattering mode. The ex- 
perimental work revealed inat not merely turbulence but 
also principal mean velocity in the freeboard space near 
the bed surface is largely a function of the bubbling 
properties of the bed surface. 

“Ignition of single droplets of multicomponent fuels” 
was described in the next presentation by N. H. Malik 
(University College London). Experimental data were 
reported on ignition delay times for five fuel oils using 
two different single droplet techniques, namely: sus- 
pended droplets and free droplets. Although free and 
suspended droplets exhibit qualitatively similar ignition 
behaviour there is a large difference in the ignition times 
measured by the two techniques. These differences are 
explained by the relative heat and mass transfer rates 
and temperature differences in each method and the 
presence of active species in the flames used in the free 
droplet experiments. 

The final paper considered “The structure of sooting 
methane flames” and was presented by V. M. J. Rozkres 
(University College London). A coupled molecular 
beam mass spectrometric technique was used to analyse 
neutral species (atoms, radicals and molecules) present in 
fuel-rich methane—oxygen premixed flat flames stabilised 
under reduced pressure (80 torr). It is likely that the 
survival of acetylene in the flames is the most important 
factor in a series of events which eventually lead, prob- 
ably through benzene, to the formation of the first soot 
particles. 

V. M. J. Rozkres (Department of Chemical and 
Biochemical Engineering, University College London) 
was awarded the Annual Research Meeting Prize for the 
best presentation by a registered research student at this 
meeting. 

The 13th Annual Research Meeting will take place 
on 14/15 April 1986 at the University of Bradford 
and the following topics will form the basis of the 
ARM: Separation Processes, Process Dynamics & 
Control and Non-Newtonian Processing. Further details 
may be obtained from Dr. H. Stitt, Schools of Chemical 
Engineering, University of Bradford, West Yorkshire, 
BD7 1DP. 
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This issue contains eight papers covering a range of 
topics and most chemical engineers should find some- 
thing of interest to them. The first paper (‘Rapid Chem- 
ical Reactions in a Centrifugal Pump’ by O. Bolzern and 
J. R. Bourne) reports measurements on the performance 
of a centrifugal pump when used as a chemical reactor. 
This is a very interesting concept since pumps area 
standard item in process plants and would have to be 
instalied in any case in many applications. The use of the 
pump as a reactor, therefore, can be economically very 
attractive. The effectiveness of the pump as a reactor 
depends on it having a sufficient turbulent energy dissi- 
pation rate to provide the required mixing and a 
sufficient volume to give a complete conversion. For 
many reactions, the centrifugal pump can give the 
required criteria and this is confirmed by the authors’ 
measurements. The results are consistent with other 
measurements made by the authors. 

The second paper (‘High Pressure Volumetric Proper- 
ties of Ethene-Carbon Dioxide-Propane at 294K and 
311K’ by S. K. Ashcroft and R. B. Shearn) presents 
archival data for the binary pairs C,H,/CO, and 
CH, /C,H, and for the ternary system C,H,/CO,/C,H, at 
pressures up to 120 bar. Physical property data is of 
fundamental importance in chemical engineering design 
and accurate data is expensive to obtain. Archival 
publication of such data is, therefore, very important. 

In some circumstances, it is convenient to transport 
natural gas in compressed form in cylinders but an 
important limiting question is whether water may accu- 
mulate within the cylinders leading to stress corrosion 
cracking or hydrogen embrittlement and possible sub- 
sequent explosive failure of the cylinders; an accident 
ascribed to this cause took place in Kentucky, USA in 
1977. The third paper in this issue (‘Moisture Evacuation 
during Compressed Natural Gas Discharge’ by C. P. 
Vijayan, J. C. Fontaine, E. Ghali, S. Kaliaguine and A. 
Galibois) considers the conditions under which moisture 
may be deposited in a liquid or solid (ice) form in 
cylinders and concludes that, for the maximum permis- 
sable water contents specified by the US Standards, there 
is no danger of water/ice accumulation unless the tem- 
perature of the environment falls below 36°C. For 
non-isothermal operation, the temperatures could be 
somewhat higher. 

Environmental pressures and the increasing costs of 
disposing of industrial wastes to sewers have led to 
interest in developing improved waste treatment sys- 
tems. These include new forms of anaerobic fluidised bed 
reactors and the next paper in this issue (‘Use of an 
Anaerobic Expanded Bed Reactor for the Treatment of 
a Strong Confectionary Waste Water’ by J. S. Rockey 
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and C. F. Forster) describes investigations of such a 
reactor in the treatment of an organic waste stream. The 
results are highly encouraging. 

The next paper (‘On the Frequency Dependence of 
Electrically Enhanced Emulsion Separation’ by F. M 
Joos and R. W. L. Snaddon) addresses a problem of 
increasing importance, namely the separation of emul- 
sions. One of the most important cases where such 
separation is required is that of water-in-oil emulsions 
produced in oil recovery. The use of electrical fields to 
enhance emulsion separation has met with a great deal 
of interest in recent years but the interpretation of the 
physical mechanism for enhancement is still the subject 
of considerable controversy. The authors of this paper 
suggest that the enhancement is due to the mean field 
applied and is not linked to the modulation frequency of 
the field, as had been suggested in earlier studies 

The calculation of distillation towers has been a 
classical task for the chemical engineer. Murphree point 
efficiencies are often used to describe the efficiency of the 
trays within the tower, these efficiencies being measured 
or estimated from correlations. The next paper (‘Model 
for Prediction of Point Efficiencies for Multi- 
Component Distillation’ by R. Krishna) considers the 
estimation of Murphree point efficiencies from a more 
fundamental point of view. The paper extends the 
Krishna/Standart multi-component matrix diffusion 
models to the case of a distillation system. The complex 
interactions revealed in these models, coupled with the 
complexities of the hydrodynamics on the plates them- 
selves can explain many of the disparate results ob- 
tained. The authors suggest that this more fundamental 
approach could lead to better methodologies for design 

The next paper (‘Bubble Characteristics in Gas 
Fluidised Beds’ by P. K. Agarwal) presents a new model 
for the development of bubbles in fluidised beds. 
Although it contains a number of heuristic assumptions, 
the model does appear to give a reasonable represent- 
ation of the bubble characteristics and may be a useful 
basis for more detailed modelling of heat and mass 
transfer and chemical reactions in fluidised beds 

The final paper in this issue (“Effect of Mass Transport 
and Catalyst Deactivation on the Kinetics of Ethanol 
Dehydration on Zeolite 13X° by R. H. Birk, W. J 
Thomas and P. L. Yue) reports measurements on both 
stirred and fixed bed gas-solid reactors. The deactivation 
of the zeolite catalyst was found to occur exponentially 
with time and inter-crystalline diffusion began to affect 
the reaction at the highest temperature levels studied 


G. F. Hewitt 
Honorary Editor 
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Editorial Policy and Standards 

1. Papers published in the Journal will be original con- 
tributions to chemical engineering knowledge, not previously 
published. In particular, the Editorial Board encourages the 
submission of papers which show how the results of research 
may be used in chemical engineering design. Such implications 
for design should be brought out clearly in the paper and its 
summary. 

Accounts of research work of an experimental or theoretical 
nature which throw new light on established principles, which 
identify problems not yet solved, or indicate practical areas to 
which research effort may usefully be applied are also invited. 
Reports from industry and from research establishments are 
particularly welcome. 

Papers may also deal with new developments of plant or 
processes if these developments are related to underlying 
principles and can be given quantitative expression. 

2. Authors need not be members of the Institution. Papers 
must be in English and should normally be of 2500 to 5000 
words, including Appendices. Figures should also be included 
in this count, each being estimated as equivalent to 250 words. 


3. The Editorial Board will, however, also welcome Shorter 
Communications (less than 2500 words) for consideration for 
publication; these would describe, for example, novel research 
techniques, new analyses of previous work, or interesting 
aspects of work still in progress. A faster refereeing procedure 
has been arranged for such short Papers. 

4. The Journal also publishes a limited number of longer 
Review Papers, which are critical assessments of previously 
published work in a selected area of chemical engineering. In 
conformity with editorial policy, Reviews should show how the 
results of research can be used in the design of plant and 
equipment. 

Most Reviews are specially commissioned by the Editorial 
Board, but authors are also invited to offer Reviews for 
consideration for publication. In view of the substantial effort 
required, authors are advised to communicate with the Editor 
before embarking on a Review. 

5. It is the policy of The Institution to publish only papers 
of the highest quality. To help maintain these standards all 
papers submitted are sent to referees familiar with the branch 
of chemical engineering covered. They advise as to whether the 
paper is acceptable or not and, in addition, indicate to the 
author possible ways in which, in their opinion, the paper 
might be improved. The final decision on publication is taken 
by the Editor in light of this advice. 


Manuscript Requirements 

i. The text should be typewritten, using one side of the 
paper only, double-spaced and with adequate margins to allow 
for revision and copy preparation marks. A summary, pre- 
ceding the text, should briefly describe the essential original 
contents of the paper. 
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RAPID CHEMICAL REACTIONS IN A 
CENTRIFUGAL PUMP 


By O. BOLZERN and J. R. BOURNE (FELLOW) 


Technisch-Chemisches Laboratorium, ETH, CH-8092 Zurich, Switzerland 


The literature contains no information about centrifugal pumps as reactors. The mean residence time in a pump is of order 
1s and pumps are suitable for mixing reagent streams prior to rapid reaction. Measured residence time distributions were 
insensitive to pump speed, throughput and viscosity, and exhibited tailing. The product distribution from two rapid, competitive, 
consecutive azo couplings together with a micromixing model permitted the rate of energy dissipation in the reaction zone to 
be determined. Reaction took place mainly over a section of the pump spiral, where the dissipation rate increased by a factor 
of roughly five from the beginning te the end of the spiral. Although the average hydraulic losses in the impeller channels and 
spiral can be predicted from the pump literature, a new method had to be developed to obtain the average rate of turbulent 
energy dissipation. Although this did not allow for the measured local variations, it gave a value which was in good agreement 
with that deduced from the rapid azo couplings, when running the pump near its nominal conditions. Rates of turbulent energy 
dissipation in the pump were comparable to those in stirred tanks, and sufficient information is provided to allow the evaluation 


of 2 pump as a mixer fer rapid reactions. 


INTRODUCTION 


The rates of rapid chemical reactions depend not only on 
the classical factors of chemical kinetics (temperature, 
concentration, solvent, catalysts etc.), but also on those 
hydrodynamic factors which influence the rate of mixing 
on the molecular scale (micromixing). The ha'f-lifetime 
of this mixing step is approximately given by'*: 


ty = 2(v/e)'?are sinh(0.05 Sc) (1) 


With typical values for turbulent aqueous solution 
(v=10°°m’s"', e¢=1Wkg"' and Sc=1000) 
ty = 10 ms. Chemical reactions whose half-lives t, are 
comparable with fp are termed rapid (or fast), whilst 
slow and instantaneous reactions are characterized by 
tp > tp and fp < fp respectively. 

Considering first a single, second-order reaction, 
whose reagents are initially present in separate, miscible 
feed streams, insufficiently rapid mixing (fg < fp) de- 
creases the observable reaction rate and calls for more 
reactor volume than that calculable from kinetics alone. 
This effect is, however, often fairly small and not of high 
economic significance. With some multiple reactions, 
however, insufficient mixing promotes a change in the 
distribution of reaction products, relative to the slow 
regime. (This frequently wastes raw materials and com- 
plicates product separation and purification). Examples 
include copolymerization*’*, polymerization’, auto- 
catalytic reactions®’, competitive brominations* and 
nitrations’ and competitive, consecutive reactions like 
nitrations'’'', brominations’*"*, azo couplings'*'’ and 
iodinations'*'’, which under certain experimental condi- 
tions occur in the fast regime. 

A reactor, suitable for such fast reactions, should 
provide: 


16,17 


(a) a sufficient rate of energy dissipation ¢ to give the 
required diffusional mixing time /p: equation (1); 

(b) sufficient volume (within which ¢ is adequate) to give 
essentially complete conversion. 


Reaction times in turbulent, low viscosity solvents 
tend to be less than 1s. Standard centrifugal pumps 
provide this order of mean residence time. The present 
contribution provides information on rates of energy 
dissipation and micromixing in pumps. They are 
frequently installed in any case and the circumstances 
under which they can also serve as reactors for rapid 
reactions need to be clarified. Apart from our earlier 
paper’, the literature contains no information on these 
matters. In particular that part of the pump losses which 
corresponds to the deformation of small fluid elements, 
bringing about micromixing, cannot be deduced from 
the otherwise extensive pump literature. The combined 
application of fast test reactions and a model of micro- 
mixing provides this information. 


EXPERIMENTAL METHOD 
A small centrifugal pump, conforming to ISO 2858 
and with the characteristics given in Table 1, was 
employed. Its main features are shown in Figures 1-3 
The main flow enters through the suction-side flange 
(Figure 1) and passes outwards through the impeller 


Table |. Pump characteristics and dimensions 


Design impeller speed 1450 rpm 
Design flow rate 73 L/min 
Design head 4.3m 
Volumes 

total 320 cm 

impeller 62 cm 

impeller channels . = 46cm 

spiral 195 cm 
Dimensions (see Figures 2 and 4) 

D 0.041 m 

D, = 0.045 m 

D,=0.124m 

Z=6 

|, = 0.0007 m 


0.0080 m 
0.0065 m 
0.0045 m 


© Institution of Chemical Engineers 
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igure 1. Section through centrifugal pump 
Pressure side flange 5 Gap 
Diffusor 6 Suction side flange 
3 Spiral 7 Bearing 
Impeller 


Figure 2. Impeller with blades 


Figure 3. Section showing spiral 


channels (Figure 2) into the spiral (Figure 3), whose 
cross-section gradually increases towards the outlet 
flange to secure pressure recovery. Figures 2 and 4 show 
some of the quantities in Table 1. 

The azo coupling between |-naphthol (A) and diazo- 
tised sulphanilic acid (B) in dilute, alkaline, aqueous 
solution at room temperature”’ was the test reaction. It 
conformed stoichiometrically and kinetically to the 
scheme: 


A+B—R R+B-2+8S (2) 


and the fraction of the limiting reagent (B) finally 
present in the secondary product (S) was given by: 


X =2S/(R + 2S) (3) 


where R and S are the final concentrations of the two 
dyes (determined spectrophotometrically). Details of 
typical applications of these azo couplings to studying 
micromixing are available’. 

Micromixing has been described mathematically as 
unsteady-state diffusion in shrinking laminae within 
energy-dissipating vortices'*’. X should then depend 
upon the following dimensicnless groups: 


X =f (k,/k>; Nao /Ngo Teactor type; 
Sc; V,/V_; M) (4) 
assuming that the diffusivities of A, B and R have a 
common value. Here k, /k, = 3860"; the initial stoichio- 
Metric ratio May /Mgo = 1.05; three reactor flow patterns 
were used (Figure 5); Sc ranged from 570 (40°C) to 1430 
(20°C); the volumetric ratio of the feeds V,/V, varied 
from 10 to 100. The mixing modulus M was defined by: 
M =k, B62 D (5) 


where B, = concentration of diazotised sulphanilic acid 
in the B-feed stream, and 6, = half the initial thickness 
of a lamina. 6) was estimated to be A, /2: 

dy = (v? /e)!" (6) 
where 4, is the Kolmogoroff microscale, and so 6,, M 


and ultimately the product distribution Y¥ depend upon 
the rate of energy dissipation ¢ in the reaction zone. 

















LAS 


Figure 4. Section through impeller. 
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Figure 5. Operating modes of pump 


ENERGY LOSSES IN 
A CENTRIFUGAL PUMP 

A substantial part of the energy input to a pump is 
usefully transformed into the kinetic energy of the 
flowing medium and especially into the pressure rise. The 
rest is dissipated (“lost”), although only a small, gener- 
ally unknown part is accounted for by the turbulent 
dissipation, ¢. 

Energy losses in centrifugal pumps are divided into: 


(a) Mechanical losses e.g. friction in the bearings. 

(b) Disc friction losses: caused by shearing the liquid 
between the impeller and the casing. 

(c) Gap losses: fluid leaks from the delivery side of the 
impeller through the gap between the casing and the 
impeller rings to the suction side of the impeller. 

(d) Hydraulic losses: these are all other losses in the fluid 
within the impeller and the spiral. 

(a) and (b) contribute little to fluid deformation and thus 
to micromixing. (c) is a mechanism for backmixing. Only 
hydraulic losses include a component of micromixing, as 
will be shown later in detail. They can be estimated as 
follows”'”’. 


Total energy loss in impeller channels and spiral 
The theoretical head is given by: 
ON t 


g 5 bog tan B, t, — 82, 


‘U3 


A, =n! 


where the 


slip factor yu is calculated according to”. 


j a [ 
im ) 1+ y (1 
Ss, = s/sin p, 
D,/D,=0.5 if D,/D,< 0.5 


B, 2 
+- 
6) i —(D,/D,)P{ 


a = 0.85 for small pump with a spiral 
Hydraulic losses are formally divided into a friction H, 
and a shock head loss H,,. i is the flow coefficient for 
shock-free entry into the impeller: 
¥ D, b, u, tan B, t, — s, 
° -«-RDIBN, it 


N, is the impeller speed (rpm) for maximum efficiency 


(9) 
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(a) Plug flow. (b) Semi-batch. (c) Continuous, backmixed 


The corresponding head H, is taken from the manu- 
facturer’s pump characteristic. The hydraulic efficiency is 
thus given by: 


No = Hy/ Hao (10) 


At other operating speeds H,(N) varies according to 


Hy (N) = Hy( No (N/No) (11) 


The friction head loss is calculated from 


H, = (1 — no Ayo (W Woy (12) 


The shock head loss may be determined from*’** 
m~D;N 
H,, =€ | 


2g 


(13) 


and € =90.7 if 


losses 


where € = 0.5 if Ww >w vw <w,. The 
calculation of the other is described in detail 
elsewhere~’. The total hydraulic power loss can thus be 
estimated for any flow coefficient y from 


P,, = pgQ(H; + Hy) (14) 


The average rate of energy dissipation in the impeller 
channels and the spiral is then given by 


(15) 


Estimation of turbulent energy dissipation 


The micromixing model’*” incorporates fluid defor- 
mation at scales on the order of the Batchelor microscale 
(around | um in turbulent water) and in any case less 
than the Kolmogoroff microscale (10-100 um 1n turbu- 
lent water). At such scales local isotropy and energy 
dissipation due to turbulent velocity fluctuations U’ may 
be assumed. ® in equation (15) expresses, however, also 
energy dissipation due to gradients in the local mean 
flow velocity U. Using the Reynolds decomposition 
U=0+U’, the total dissipation @ may be split into 
direct dissipation FE, due to gradients in mean flow, 
together with turbulent dissipation e¢, due to 
fluctuations:*°?’”? 


®/p =E +: 


local 


(16) 


In a centrifugal pump (and in contrast to a large 
stirred tank) the ratio of wall area to fluid volume is 
sufficiently high for direct dissipation in the boundary 
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layers (especially in the viscous sub-layer) to become 
large i.e. ¢ is much smaller than ®@/p in a pump, and thus 
cannot be found from equation (15). 

Experiments, to be described later, suggest that rapid 
chemical reaction occurred in the channels of the im- 
peller, but especially in the spiral, which had an expan- 
ding cross-section. Thus ¢ will be estimated here from 
equations relating to the core zone of turbulent pipe flow 
and then subsequently compared with experiments. In 
isotropic turbulence ¢ is related to the root mean square 
velocity fluctuation uw’ and Taylor’s microscale 4, by”*: 


e= 1S v(u'/Ary (17) 


Correlations in terms of pipe diameter d, mean flow 
velocity ”@ and wall friction velocity u* for the core 
region of turbulent pipe flow are: 


u’ = ku* (18) 

Ay = 0.72 du*/ku (19) 
Substituting into equation (17) then gives: 

é = 28.94 vk*(u/dy (20) 


Although k ~ 0.78*, equation (20) was applied to the 
results of some diazo couplings in a tubular reactor’ to 
evaluate k. Diazonium salt solution (B) was introduced 
on the centre-line of a tube where alkaline 1-naphthol 
(A) solution was flowing. Linear flow velocities were 
equal: the ratio of the volumetric flows V,/V, was 10. 
Temperatures were 293 and 303 K. The product distribu- 
tion after completion of reaction was measured from a 
sample, giving X. The function f in equation (4) was 
determined by integrating the model'”’ for a tubular 
reactor >. Thus M was found from X (measured) and the 
model (computed). 6, foliowed from equation (5) and ¢ 
from equation (6). Typical results at 303K for three 
linear flow rates are given in Table 2. When these and 
other e-values were fitted to equation (20), k was found 
to be 0.91. This is some 14°% higher than the literature 
value”, which was deduced from physical measurements. 
The difference was probably caused by the radial dis- 
persion of the jet of B-solution, which moved gradually 
off the centre-line of the tubular reactor into zones where 
é was higher. k = 0.91 was subsequently used. That the 
here chemically determined value of k (0.91) agrees quite 
well with that (0.78) determined physically lends support 
to the micromixing model. The agreement between this 
model and the measurements at the two temperatures is 
shown in Figure 6. 

Table 2 also gives the total dissipation @/p calculated 
through the Blasius equation for the pressure drop in a 
smooth tube (equation 21): 


@/p =E +e =0.158 u-'*y'4q-54 (21) 
Clearly in the tube only a small fraction of the total 
dissipation is effective for micromixing. 


Table 2. Energy dissipation and mixing moduli versus linear velocity 
(30°C) 


i (m/s) M e (Wkg E+e(Wkg™') 


1.8. 0.059 1.99 
1.36 0.033 0.88 
0.95 0.016 0.33 


20 

Figure 6. Product distributions obtained in tubular reactor. 
Computed from model at two values of Sc (« = 10) 

© Measured at 293K 

@ Measured at 303K and c,, = 0.578 mol m~* 

@ Measured at 303 K and c,, = 0.289 mo! m 


Assuming for the centrifugal pump that the ratio of 
the turbulent to the total dissipation may be estimated 
from equations (20) and (21), which apply to pipe flow, 


(22 


where ®/p is given by equation (15). d can be estimated 
by the equivalent hydraulic diameter 2,/d,b,/Z. The 
mean velocity is set equal to the real relative velocity at 
the impeller discharge w5, which is a characteristic 
velocity in the pump evaluated at the same position as 
d. It can be calculated from the velocity triangle for the 
discharge*'****, giving: 


l= w; > —-—] +e? (23) 


where 


EXPERIMENTAL RESULTS 
Residence time distribution 
Using a Dirac pulse of concentrated dye just inside the 
suction-side flange and a photocell, connected to a 
storage oscilloscope, at the delivery flange, residence 
time distributions for the whole pump were measured at 
two flow rates, two pump speeds and two viscosities. 
Table 3 records the measured mean residence times, as 


Table 3. RTD measurements. 
N = 1000 rpm N = 1450 rpm 
1.0 cP 5.6 cP 1.0 cP 
13 


1.1 
3.7 
2.5 


Q (Lmin“') 
40.3 


90.2 
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Figure 7. Residence time distribution 
Q = 90.2 Lmin™', N = 1450 rpm, v = | cP 


well as the Peclet number and the equivalent number of 
tanks in series, as two measures of axial dispersion. 
Figure 7 shows a typical experimental result. Back- 
mixing in the pump was insensitive to operating condi- 
tions and was substantial, as indicated by the tailing in 
Figure 7. 


Micromixing under nominal pump load 
Aqueous solutions of 1-naphthol (A) and diazotised 
sulphanilic acid were fed isokinetically through two 
concentric tubes, which ended a few mm before the 


impeller hub. The design speed (N = 1450rpm), a 
constant throughput (Q = 1.5Ls~') and a constant 
stoichiometric ratio (Ma /Mgo = 1.05) were employed. 
With plug-flow operation (Fig. 5), the variables were: 
(a) initial volume ratio (2 =10 and 100), (b) initial 


concentrations (Cay and Cg), and (c) temperature 
(T = 293, 303 and 313 K), and therefore also Sc. With 
constant throughput and impeller speed, none of these 
variables should have affected the energy dissipation rate 
e. It was determined from the measured product distri- 
bution ¥ =9.5+0.4% when T = 303K, « = 100 and 
Cao = 0.578 mol m~* and from the model which predicts 
this X¥-value when M = 22.6. Thus from equations (5) 
and (6) ¢ = 1.26 W kg" '. Figures 8 and 9 retain this value 
and illustrate how well the model then accounts for 
the effects of two other temperatures, another volume 
ratio and other initial concentrations. Equation (14) 
predicts hydraulic losses of P,, = 17.3 W and thus (Table 
1 and equation 15) E+e=72Wkg™'. Equations 
(22-24) with d=0.0231m and w,;=4.25ms"' then 
predicts ¢ = 1.39 Wkg™'. The values of ¢ (1.26 Wkg™! 
from the azo couplings and 1.39 Wkg™' from energy 
equations for the pump) agree well. 

With semi-batch operation (Figure 5), the A-solution 
was initially in the tank and the B-solution was fed at 
a constant rate and with constant concentration into the 
pump. Since the concentration of A in the solution 
re-circulated to the pump steadily falls, the molar flux 
N* of A to the pump can fall below that of B, so that 
the formation of S would be promoted, even in the 
absence of partial segregation (refer equation 2). In 
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Figure 10 this happens when ¢ = ¢, and continues until 
t=t,. This effect, which is analysed in detail else- 
where'***, can be avoided by suitably raising either the 
rate of circulation from the tank to the pump or the 


Figure 8. Product distributions: Plug flow operation of pump 
Q = 90.2 Lmin~', N = 1450 rpm, « = 100 
Computed from model at three values of Si 
© Measured at 313K 
@ Measured at 303K 
Measured at 293 K 


Figure 9. Product distributions: Plug flow operation of pump 
Q = 90.2 Lmin™', N = 1450 rpm, « = 10 
Computed from model at two values of S< 
@ Measured at 303K 
Measured at 293 K 





Figure 10. Molar flux of A and B into the pump during semi-batch 


operation. f, = critical time when NX = N§, t, = end of reaction 
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% of B added 


Figure 11. Increase of X due to stoichiometric imbalance in pump. 
Vs Oz 68 os 
Theory” 
Measured immediately after pump 


Figure 12. Product distributions: Semi-batch and continuous 
operation of pump. Q=90.2Lmin™', N=1450rpm, « = 10, 
T 303 K. cy 0.578 mol m 

Computed from model for continuous and for semi-batch 
operation 


* Measured 


initial stoichiometric ratio Na» /Mgo. It occurred under 
the conditions given in Figure 11, but was avoided in the 
results for semi-batch runs in Figure 12. 

In continuous, fully backmixed operation (Figure 5), 
stoichiometric imbalance is again possible, as is a simple, 
steady-state calculation of conditions to avoid it”. The 
energy dissipation e = 1.26 W kg™' from plug flow runs 
was used in Figure 12 for the semi-batch and continuous 
experiments. The agreement with the micromixing model 
(full curves) is excellent for the semi-batch case. The 
higher calculated values for continuous reaction can be 
explained by less than complete backmixing (Figure 7 


and Table 3). Nevertheless there was sufficient back- 
mixing for the X-values in continuous runs to fall 
above those in plug flow and semi-batch operations 
(Figure 12). 


Micromixing with variable pump speed and throughput 

Speeds and throughputs above and below the values 
referred to in the last section were also employed. 
Samples taken at various points along the spiral showed 
that the B-solution was not uniformly distributed over 
all impeller channels. This was caused by the pre- 
rotation imparted to the fresh feeds by the rotation 
of the impeller. The concentrated B-stream was so 
deflected that it flowed asymmetrically through the 
channels and the position where most of the still un- 
reacted B is ejected into the spiral depends on through- 
put Q and pump speed N. The exit angle y relative to 
Q=0° (Figure 3) will subsequently be given. 

By feeding B directly into the spiral, the X-values 
indicated an increase in ¢ by a factor of roughly 5 as Q 
(Figure 3) increased. The flow pattern in the spiral’* 
offers an explanation. With increasing angle Q, the 
helical flow pattern, which is the vector sum of the flow 
along the spiral and the flow from the impeller, 
intensifies (Figure 13) and ¢ increases. The agreement 
between the ¢-value deduced from azo couplings and the 
average ¢-value for the impeller channels and the spiral, 
noted in the last section, was somewhat fortuitous. The 
angular position where B arrives in the spiral is also of 
some importance. By replacing a quarter of the casing 
with a transparent section, it was confirmed that the 


reaction is not far advanced upon entry into the spiral 
(¢ is low in the impeller channels, the residence time there 
is short (Table 1) compared to the spiral and the blades 
hinder macroscopic distribution of the reagents). 


Some exit angles y at various Q and N are given in 
Table 4. Figure 14 shows some product distributions 
when Q is constant (40.3 L min~') whereby with rising 
impeller speed X decreases. This is accounted for by a 


Figure 13. Flow pattern in the spiral. 
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Table 4. Values of exit angle y (>). 
N (rpm) Q(Lmin“') = 25.0 40.3 75.6 90.2 
1700 344 314 316 311 
i450 193 220 326 279 


1200 42 126 
1000 281 51 


rise in the average rate of energy dissipation, but also by 

increasing values of y whereby the B-solution was 

ejected into a part of the spiral with a locally higher level 

of turbulence (i.e. ¢) (Table 4). With a constant through- 

put of 25 L min~', however, Figure 15 shows first poorer 

and then better micromixing as the pump speed rose. 

Although the average energy dissipation rate must have 

increased with rising pump speed, the decisive factor 

seems to have been the local value, characterised by the Figure 16. Product distribution as function of throughput 
y-value in Table 4. The local e-value was smallest N = 1450 rpm, a = 100 

(y = 42°) when N had an intermediate value (1200 rpm) AONIOS Gt IDK, Coq = 0.209 nel 


; : ; ; Sa @ Measured at 293 K, « 0.578 mol m 
and here X was highest. The differences in XY (Figure 15) Measured at 303 K. c..= 0.578 mol m 


and therefore in local ¢ between 1000 and 1450 rpm were 
small (and the entry angles were similar—Table 4), 
despite a substantial increase in the power consumption 
of the pump. With nominal pump speed (1450 rpm), 
Figure 16 shows the effect of throughput on product 
distribution. Most of the results indicate fast micro- 
mixing (lowest X, highest ¢) when Q ~ 60-70 L min 
which correlates well with the highest entry angle (Table 
4) and thus the highest local ¢ in the spiral 


CONCLUSIONS 
The residence time distributions (Figure 7 and Table 
3)'*25 appear to be the only ones available for a centrif- 
ugal pump. They indicated substantia! backmixing (es- 
Figure 14. Product distribution as function of impeller speed pecially tailing) in the region between the inlet and outlet 
Q = 40.3 Lmin™', T = 303 K, ca) = 0.578 mol m~*, plug flow flanges (impeller, spiral, diffusor etc.). Because rapid 
Measured: @ x = 100 O «= 10 reaction was localised, they are, however, not directly 
applicable to the flow field in the reaction zone 
An analysis of the various energy losses suggests that 
part of the hydraulic losses in the impeller channels and 
in the spiral is likely to be important for micromixing 
and therefore for fast reactions. The averate rate of 
energy dissipation in these regions can be predicted from 
equation (15) and the preceding relationships. Experi- 
ments (Table 2 and Figure 6) as well as theoretical 
considerations of losses in boundary layers show clearly, 
however, that the turbulent energy dissipation é will be 
much smaller than the total dissipation (¢ + E). Equa- 
tion (20) was developed by analogy with pipe flow and 
applied in the form of equation (22) to predict ¢ for 
a centrifugal pump. A prediction (1.4W kg~') agreed 
well with the value deduced from rapid reactions 
(1.3 W kg~'). However, ¢ also depends upon the position 
in the spiral and increases by a factor of roughly 5 
Figure 15. Product distribution as function of impeller speed. between its start and end. This variation could be used 
det eae ee eee ee to interpret the change in product distribution of rapid 
W ~ cr “ 703K 10 < N° = 0.578 mol m-? azo couplings (and therefore in the rate of micromixing) 
® Measured at 293K, x = 100, cay = 0.578 mol m~* as pump speed and throughput were varied (Table 4, 
@ Measured at 303K, 100, C49 = 0.578 mol m~* Figures 14~16). 
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Keeping a constant hydrodynamic situation (constant 
Q, N, and «), the micromixing model'” predicted well 
the effects on product distribution of ratio of volume (or 
volumetric flow rates) of reagent solutions, temperature, 
initial concentrations and operating mode (Figures 8, 9 
and 12). 

The rates of turbulent energy dissipation in the centrif- 
ugal pump were of the same order (1 W kg~') as can be 
attained in a stirred tank reactor’. The mean residence 
times (~ 1s) in the pump permitted complete reaction 
for the rapid azo couplings employed in the micromixing 
tests. The centrifugal pump was an effective and rela- 
tively cheap mixer when dealing with substantial flows of 
rapidly reacting materials. 


SYMBOLS USED 


1-Naphthol 

Diazotised sulphanilic acid 
Concentration 

Pipe diameter 
, See Figures 2 and 4 

Diffusion coefficient 

Direct energy dissipation 
Acceleration due to gravity 
Head 

Rate constants 

Gap width 

Mixing modulus 

Quantity of substances 
Impeller speed 

Power 

Flow rate 

Monoazo dyestuff 

Bisazo dyestuff 

Blade thickness 

Schmidt number 

Time 

Blade spacing (7D,/Z) 
Temperature 

Circumferential velocity 

Fluid velocity 

Volume and volumetric flow rate of reagents 
Measure of product distribution 
Number of blades on impeller 

Greek letters 

Volume ratio V,/V, 

Blade angles 

Exit angle 

Turbulent energy dissipation 
Slip factor 

Viscosity 

Density 

Flow coefficient = Q/(n?D3b,N) 
Total energy dissipation per unit volume 


€ Coefficient in equation (13) 
T Mean residence time 

® Spiral angle 

Subscripts 

l Root of impeller blade 


> 


2 Tip of impeller blade 
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HIGH PRESSURE VOLUMETRIC PROPERTIES 
OF ETHENE-CARBON DIOXIDE-PROPANE AT 
294 K AND 311 K 


S. J. ASHCROFT and R. B. SHEARN 


Department of Chemical Engineering, University of Exeter 


Molar volumes of the binary systems ethene-carbon dioxide and ethene-propane, and of the ternary system ethene—carbon 
dioxide—propane have been measured at 294.26 K and 310.93 K at pressures up to about 126 bar. The data refer predominantly 
to single phase conditions. Representation of the data has been tested with the Peng-Robinson, Soave, Zudkevitch-Joffe, and 
Starling equations of state. The best correlation is afforded by the Zudkevitch-Joffe equation. 


INTRODUCTION 
Experimental high-pressure volumetric data on 
hydrocarbon-carbon dioxide mixtures are valuable for 
investigating the non-ideality of such systems. In view of 
the importance of carbon dioxide as a possible solvent 
in tertiary oil recovery the data may be of direct 
relevance in the validation of equations of state used in 
the computer simulation of reservoir processes, particu- 
larly undersaturated reservoirs. It is common practice to 
perform equation of state calculations for these single 
phase reservoirs using constants and interaction param- 
eters developed from two-phase data. One of the aims of 
this work was to study the validity of such a procedure. 

In an earlier paper' an equilibrium cell was described 
in which phase compositions and volumetric mea- 
surements could be made. The current paper deals with 
a variable volume, windowless celi which is designed for 
volumetric properties over a range of pressures at con- 
stant temperature. Volumetric data are generally scarce, 
none having apparently been reported on the system 
ethene-carbon dioxide-propane which is the subject of 
this paper. The data were obtained at two temperatures 
294.26 K (70 °F) and 310.93 K (100 °F) at pressures up 
to about 120 bar. Under these conditions the ternary 
system is predominant!y in the homogenous single phase 
region. Also reported are some data on two of the 
constituent binary systems. 

Mollerup” has summarised the extensive 
vapour-liquid data availabie in the literature on the 
ethane—carbon dioxide binary system. Volumetric data 
include the measurements of Haselden et al’ on the 
two-phase region and those of Dodge et al** on the 
single phase region. The latter are at temperatures of 
373 K and above, higher than those used in this paper. 
By interpolation it appears that at 294K _ this system 
would be expected to exhibit a small two-phase region 
extending from pure carbon dioxide to x(C,H,) ~ 0.22, 
with a critical pressure of around 66 bar. At 311 K no 
two-phase region exists. The compositions of the binary 
data in this report are such that all data refer to the 
homogeneous region. 


Data on the ethene-propane system appear to be 
limited to a vapour-liquid study by Elshayal and Lu’, 
ranging from 200 K to 273 K. The single binary system 
in the present paper is of such a composition that it 
enters the two-phase region at 294 K but is single-phase 
at 311K. 

Data on the carbon dioxide-propane binary system 
have recently been reviewed by Acosta et al’. A few 
volumetric measurements have been reported’. No 
further investigation of this system was made 

During the experiments on the ternary system the 
ratio of the moles of ethene to the moles of propane was 
held constant at 4.769 over a range of carbon dioxide 
compositions. 


EXPERIMENTAL 
Equilibrium Cell 

The equilibrium cell was machined from stainless steel 
of ultimate tensile strength 828 N mm~? at 20 °C. It was 
designed to operate at a maximum pressure of 208 bar 
and was tested hydraulically to 517 bar. The cylindrical 
cell (A), for which approximate dimensions are shown in 
Figure 1, had a length of 69 cm and a maximum internal 
volume of 906 cm’. The screwed end caps (B) were sealed 
using Gaco ‘O’ rings. A brass piston (C) equipped with 
Gaco ‘O’ rings and an indicator rod (D) was mounted 
in the cell. A ‘U’ ring seal was used at the point where 
the indicator rod passed through the end cap. The 
working stroke of the indicator rod was 53cm. 

Volumetric calibration of the cell was carried out by 
direct displacement of air into a gas burette. The volume 
of the contents of the cell could be measured to + 0.4 cm 
using a vernier scale on the indicator rod. The minimum 
volume used in the measurements was 36cm’ giving a 
maximum uncertainty of +1.1% 

Figure 2 is a diagram of the experimental layout 
showing the cell in relation to the temperature and 
pressure measuring equipment. The cell (A) was enclosed 
in a cylindrical, thermostatted water bath (B) of approx- 
imate volume 85 dm’, equipped with a stirrer, electrical 
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Figure |. High pressure stainless steel cell. A—cell body, B—end caps, 
C—piston, D—indicator rod 


heater and thermometer. Temperature control was to 
better than +0.1 K and was read by mercury-in-glass 
thermometers placed in the water bath. The ther- 
mometers could be read to + 0.02 K and were calibrated 
by the National Physical Laboratory. No temperature 
gradients could be detected in the water bath. The 
complete unit could be rocked through 180 degrees to 
enable the contents of the cell to be thoroughly mixed. 
The materials in the cell were contained by a known 
amount of mercury in the capillary line (C) leading from 
the cell to a specially built U-tube separator (D) in which 
the mercury level could be detected using electrical 
contacts. Hydraulic oil, in contact with the mercury in 
the separator, transmitted the pressure to a Budenberg 
dead weight pressure gauge (E). The mercury was always 
brought to the same position in the separator by oper- 
ating the displacement pump on the dead weight gauge. 
The claimed accuracy of the dead weight gauge was 


+0.04°, but the limiting factor for pressure mea- 
surement was the accuracy with which the balance could 
be detected in the separator. This was found by experi- 
ment to be + 0.07 bar giving a maximum uncertainty of 
about +1% at the lower pressures. An allowance was 
made for the gravitational effect on the mercury height 
in the separator relative to the base of the cell. 


Materials 

Research grade gases were used without further 
purification. At the time that this work was carried out 
gas chromatographic analytical equipment was not 
available and the purities were checked by comparison 
of measured physical properties with literature data as 
follows. For carbon dioxide the molar volume was 
measured at 298.15K for the gas phase at twenty 
pressures from 33 bar to the vapour pressure. The 
vapour pressure was measured as 64.52 + 0.07 bar which 
compares well with 64.5002 bar calculated from the 
equation of state given by Angus et al’. The mean 
deviation between experimental molar volumes and 
those calculated from the equation of state was 1.50%. 
For ethene the molar volume was measured at 298.15 K 
at fifteen pressures in the range 11 bar to 55 bar. The 
mean deviation of these values from those calculated 
from the equation of state of McCarty and Jacobsen" 
was |.12°,. No measurements were made on propane for 
which a purity of 99.9 mole °% was claimed. 


Composition of Mixtures 
The quantity of material present in the cell was 


determined from the viral equation by a method pre- 
viously used by Shearn"’ but not published hitherto. The 
viral equation may be written in terms of total cell 
volume V,, at constant temperature T, as 


(PV. px = Ay + By/V.+C,/V2... 
At zero pressure this becomes 
(PV. )p ot = Ay =nRT 


from which n, the number of moles, may be calculated. 
The procedure was to fit the experiment P,V, data to the 
virial equation by a third order least squares method in 
order to determine the value of A;. One of the pure 
component gases was injected into the cell and the 
number of moles determined as described. Typically 
about ten pairs of P, V, measurements were used at 
pressures in the range of about 12 bar to about 35 bar. 
The viral equation represented the data with a mean 
deviation of typically 0.035°,. The error associated with 
A, and with n was calculated to be of comparable order 
to the errors in the measurements themselves, that is up 
to about +1°%. A further component was then injected 
and the total number of moles determined by the same 
method. The number of moles of the second gas fol- 
lowed by difference, and hence the composition was 
calculated. 


Procedure 
A diagram of the experimental equipment is given in 
Figure 2. The cell was first evacuated then filled with the 
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Figure 2. Experimental equipment layout. A—cell, B 


materials through the connections at the base. The 
contents of the cell were pressurised by water supplied 
above the piston by a hand-operated force pump (F). 
The materials were contained in the cell by a known 
amount of mercury in the capillary line (C) leading from 
the bottom of the cell to the U-tube separator, as 
described earlier. 

Materials were added to the cell and the system was 
allowed to rock for at least two hours to enable the 
temperature and compositions to stabilise. After a fur- 
ther period with no rocking, volume and pressure read- 
ings were monitored until steady values were obtained. 
Measurements were started at maximum pressure and 
subsequent values were obtained by reducing the pres- 
sure by bleeding small amounts of water from above the 


piston. The cell was rocked again between each set of 


pressure-volume readings. Full details of the apparatus 
and procedure are given by Shearn''. 


RESULTS 


Volumetric measurements on five binary mixtures of 


ethene and carbon dioxide are given in Table | at 294K 
and in Table 2 at 311 K. The results for a single mixture 
of ethene and propane are given in Table 3. 

Three ternary systems were investigated at 294 K and 
at 311 K, the results being presented in Tables 4 and 5. 
For these systems the mole ratio of ethene to propane 
was held constant at 4.769. 


DISCUSSION 


Numerous equations of state are available, many of 


them based on the cubic Redlich-K wong equation. Some 
of them have been developed specifically for hydro- 
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capillary line, D—separator, E—dead weight gauge, F—force pump 


carbon systems. It is common practice in oil reservoir 
simulation calculations to employ equation constants 
and interaction parameters determined from binary 
vapour-liquid equilibrium data even when calculating 
single phase properties. One of the aims of the work 
reported in this paper was to test the applicability of four 
equations of state to the present, predominantly single 
phase data. 

The Peng-Robinson (PR)* and Soave-Redlich- 
Kwong (SRK)"* equations both have constants a and 4 
determined from system temperature together with val- 
ues of critical temperature, critical pressure and acentric 
factor for each component. The Zudkevitch-Joffe (ZJ)"* 
equation, on the other hand, has the same form as the 
SRK equation but the constants are determined from 
critical data only when the system temperature is at, or 
above, the critical temperature of a component. Below 
this temperature the approach used in this paper was to 
adjust the constants to match the calculated and experi- 
mental pure component saturated liquid densities and 
vapour pressures. The experimental saturated liquid 
densities were obtained from the equations of Gunn and 
Yamada” and the vapour pressures from the equation 
of Riedel”. 

In addition to the cubic equations the eleven-constant 
equation of Starling (ST)'’ was also tried. The author 
gives two sets of constants, the first for individual pure 
components and the second, in equation form, in terms 
of critical properties and acentric factor. The latter set 
was used here since it gave a marginally better cor- 
relation of the ternary data. In view of the complicated 
nature of this equation, and the consequently greater 
computing time required for its solution, it is of interest 
to see whether its use is justifiable in preference to one 
of the simpler cubic equations. 
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. Molar volumes for ethene-carbon dioxide at 294.26 K 


86.37°, 
13.63°, 
V/cm? mol 


78.97% CH, 
5 eg A co, 
‘lcm’ mol~! P/bar 
95.5 68.7 97.52 
100.5 3.45 71.2 80.28 
109.2 76.62 
126.7 .O8 74.00 
162.2 67 72.48 
215.4 70.55 
268.4 69.52 
339.0 68.62 
427.6 67.86 
515.7 33 66.34 
604.3 64.76 
692.3 63.03 
869.0 61.10 
1045.7 59.17 
1222.3 53.9: 57.24 
1399.0 55.38 
1575.7 317.8 53.38 
1752.3 50.76 
1929.0 45.93 
2105.7 39.45 
34.48 
30.55 
27.38 
24.83 
22.69 
20.90 
19.31 
17.93 
16.83 
15.79 
14.90 


Compositions in mo!%,. 


For all three cubic equations mixtures were treated by 
the following summations 


a=) J) x,x,(1—46,) (aa) 


1 


b=) xb, 


where a; and 5, are the constants of the equations for 
component i, and 6; is a binary interaction parameter 
found either by regression on binary equilibrium data or 
from correlations. The latter procedure was used here 
giving the values in Table 6. The correlation of Kato et 
al'* was used for the PR equation, notwithstanding some 
critical comments from Chappelear’? who pointed out 
that Kato et al used inaccurate acentric factors. A test 
of the effect of changing the acentric factors as suggested 
by Chappelear resulted in only minor differences in the 
systems studied here. Table 7 lists the critical constants 
and acentric factors” used in this study. For the SRK 
equation the interaction parameters were taken from 
Reid et al’', whilst for the ZJ equation the parameters 
were taken from Yarborough”. Mixing rules for use 
with the ST equation have been given by Starling'’ and 


V/cm? mol 


58.13% C,H, 
41.87% co, 
P/bar 


103.52 68.0 


39.60%, CH, 
60.40%, co, 62.72%, 
Vicm? mol-' P/bar V/cm’ mol@! 


92.73 69.9 
89.45 71.8 78.94 77.4 
82.07 74.9 72.39 85.5 
78.00 78.0 69.71 93.0 
75.03 81.2 68.19 100.5 
72.62 84.9 67.59 

71.31 88.0 66.74 

69.59 94.3 65.84 

68.28 100.5 63.91 

67.45 113.6 59.78 

66.69 126.7 52.26 

65.93 139.8 45.16 

65.10 152.9 39.99 

64.00 36.06 

62.28 32.47 

60.34 29.58 

58.48 27.13 

56.83 25.03 

53.52 : 23.24 

50.41 21.72 

45.24 20.34 

40.41 ] 19.17 

36.76 18.06 

33.66 

30.97 

28.96 

26.62 

24.90 

23.38 

22.00 

20.83 

19.79 

18.76 

17.86 

17.10 

16.34 


37.28% 


the interaction parameters, taken from the same source, 
are listed in Table 6. 

For each set of data the mean percentage relative 
deviation, D, between the calculated and measured 
molar volumes 


D= = y | Veate — Vexp 


i 


at each pressure is listed, for each of the equations of 
state, in Table 8. 

Except when applied to the ethene-propane binary 
system the ZJ equation is clearly superior to the other 
two cubic equations, and marginally better than the ST 
equation, at representing the volumetric data. The SRK 
equation gives the least satisfactory representation. In 
comparison with the ST equation, the ZJ equation 
requires less computing time for its solution. 

It should be pointed out that the use of interaction 
parameters obtained from vapour-liquid rather than 
volumetric data constitutes a fairly severe test of these 
equations when they are applied to the correlation of 
volumetric measurements, particularly when much of 
the data relate to single phase conditions. It would be 
expected that some improvement in the performance of 


Chem Eng Res Des, Vol. 63, September 1985 





HIGH PRESSURE VOLUMETRIC PROPERTIES OF C,H,—CO,—C,H, 


Table 2. Molar volumes for ethene-carbon dioxide at 310.93 K 


86.37% CH, 
13.63% Co, 
Vicm’mol~'! P/bar 


18.97% CH, 
21.73°/ Co, 
Vicm’ mol-' P/bar 
95.5 102.59 84.3 
100.5 98.59 86.8 
109.2 94.80 91.1 
126.7 91.15 97.4 
162.3 87.91 103.6 
215.4 85.49 110.5 
268.4 81.50 123.0 
339.0 78.39 136.1 
427.6 73.43 162.3 
515.7 69.36 187.9 
604.3 65.84 214.1 
692.3 62.88 239.7 
869.0 58.40 279.1 
1045.7 54.26 317.8 
1222.3 49.37 369.6 
1399.0 44.20 434.5 
1585.7 39.92 498.8 
1572.3 36.40 563.1 
1929.0 33.44 628.6 
2105.7 28.68 758.5 
25.17 887.7 

22.34 1017.6 

20.14 1146.8 

18.28 1276.6 

16.76 1406.5 

15.38 1535.7 

14.4] 1665.6 

13.44 1794.8 

12.62 1924.6 


105.79 
100.00 
96.48 
91.52 
84.97 
80.28 
76.69 
73.31 
70.55 
68.14 
65.72 
63.24 
60.90 
55.38 
50.69 
42.97 
37.24 
32.76 
29.31 
26.45 
24.14 
22.14 
20.48 
19.03 
17.79 
16.69 


15.72 


“Compositions in mol”, 


all these equations could be obtained by fine tuning of 
the interaction parameters. 

Comparison of the ethene-carbon dioxide systems 
with the ethene-carbon dioxide-propane system show 
that the representation of the former by the equations of 
state is the less satisfactory. This may be an indication 
that the combination of polar carbon dioxide with 
non-polar ethene is not well treated by these equations. 
The presence of another hydrocarbon, propane, in the 
ternary systems might be expected to dilute the effect of 
the carbon dioxide. 

A closer inspection of the deviations between calcu- 
lated and experimental volumes indicates that the agree- 
ment is extremely good at low pressures but becomes 
poorer as high pressures are approached. This is not 
apparent from the overall deviations in Table 8 but is 
illustrated in Figure 3 for one particular example of the 
ternary system, other mixtures showing similar trends. 
This may in part reflect the larger errors associated with 
the volume measurements at high pressure, where the 
voiume is relatively small, but a major effect is probably 
due to deficiencies in the proximity of the equations of 
state when representing data in the two-phase region. 
Figure 4 shows pressure-volume data for the ethene- 
carbon dioxide binary system at 294K and 311K in 
comparison with the ZJ predictions. The agreement is 
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V/cm’ mol 


58.13% C,H, 
41.87% co, 
P /bar 


101.31 81.2 
98.34 84.9 
96.28 88.0 64.74 
93.10 94.3 61.50 
107.4 57.71 
120.5 49.92 
133.6 43.85 
146.7 38.89 
159.2 34.96 
172 31.61 
28.89 
26.61 
24.68 
22.99 
21.48 
20.20 


19.10 


39.60% CH, 
60.40% CO 
V/cm?’ mol P /bar 
74.46 
69.57 


37.28%, 
62.72% 

V/cm’ mol 
176.7 
207.3 
245.3 
268.4 
299.0 
375.2 
451.4 
527.5 
603.7 
679.8 
756.0 
832.0 
908.9 
985.1 
1061.3 
1137.4 
1213.6 


Nm hN 


“SIWwnNnwnN WwW 


IAN eo — 


” ’ 
10 Ww wONN 


I1—-nA—oa 
Ww Ww ‘ 
feo oOoOooK UA 


NmMNM we 


20.00 
19.03 
18.14 
17.38 


acceptable but is noticeably better at the higher tem- 
perature. In Figure 5, pressure-volume data are plotted 
for the ternary system at the two temperatures. Here the 
representation by the ZJ equation is much improved 





percentage deviation (Veale-Vexp)/Veale 





pressure/bar 








4 


Figure 3. Variation of mean percentage relative deviation with pressure 
for different equations of state. The data refer to the ternary system 
C3H, 63.14 mol%, CO, 23.62 mol, C,H, 13.24 mol at 311 K 
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Table 3. Molar volumes for ethene-propane at 1600 
294.26 K and 310.93K 


C,H, 82.67 mol®, CH, 17.33 mol®% 
T = 294.26 K T = 310.93K 
P/bar V/cm’ mol P/bar V/cm mol”! 





-1 


52.95 91.1 74.60 91.1 
50.47 96.1 68.40 96.1 
49.78 104.9 64.53 104.9 
49.09 121.7 60.95 121.7 
48.40 138 58.81 138.6 
47.71 57.16 155.4 
47.09 i 54.33 189.2 
46.47 : 52.88 206.0 
45.78 

45 

43 

42.33 

40.5 


mol 


’ 


molar volume/cm 
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Figure 5. Pressure-volume data for ethene-carbon dioxide-propane at 
294K and 311 K in comparison with the ZJ equation. Data refer to 
C,H, 33.15 mol®,, CO, 59.90 mol®,, C,H, 6.95 mol®%. 
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4. Molar volumes for ethene-carbon dioxide-propane at 
294.26 K 


74.9 132.72 : 106.66 68.1 
79.9 95.49  % 96.87 69.9 
86.2 87.98 i]. 89.22 71.8 
93.0 81.01 : 72.39 78.7 
99.3 32. 66.60 86.2 
105.5 95 8 ' 93.0 
112.4 : ‘3 0S 99.9 
131.7 : 107.4 
157.3 2 3. 121.1 
182.9 2.05 5.5 . 135.5 
221.6 a : 170.4 
247.8 A . 59.2: 206.0 
273.4 ‘ 5 241.0 
312.1 58.: 167.: 53.5 276.6 
376.4 347.1 
441.4 417.0 
7 487.6 
558.1 
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Figure 4. Pressure-volume data for ethene-carbon dioxide at 294 K and 
311 K in comparison with the ZJ equation. Data at 294 K refer to C,H, 
39.60 mol®,, and at 311 K to C,H, 78.97 mol®% ‘Compositions in mol°, 
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Table 


CH? 
Co, 
C,H, 


P /bar 


106.87 


18.00 
16.55 


a 


63.14°%% 
23.62% 
13.24% 
V/cm? mol 
79.9 
86.2 
93.0 
105.5 
118.6 
131.7 
157.3 
182.9 
221.6 
247.8 
286.5 
325.2 
376.4 
441.4 
505.7 
634.9 
764.1 
892.7 
1021.9 
1151.2 
1280.4 
1409.0 
1538.2 
1667.4 
1796.0 
1925. 
2054.5 
2183. 
2312.3 
2441.6 
2570.8 
2700.0 


HIGH PRESSURE VOLUMETRIC PROPERTIES OF C,H,—CO,—C,H, 


80.60 
75.50 
72.40 
69.36 
66.67 
62.88 
60.12 
54.26 
47.23 
40.47 
35.23 
31.16 
27.85 
25.23 
23.03 
21.17 
19.58 
18.27 
17.03 
16.00 
15.10 
14.27 
13.51 
12.86 
12.27 


11.72 


“Compositions in mol®,. 


10.19%, 


V jem? me 
74.3 
81.2 
86.2 
91.1 
101.1 
111.1 
131.1 
151.1 
170.4 
190.4 

220.4 
250.3 
309.6 
388.9 
490.1 
588.1 
687.3 
785.6 
885.9 
985.1 
1084.4 
1183.6 
1282.9 
1382 
1481. 
1580 
1680.6 
1779.8 
1879.1 
1978.3 
2077.6 


ile 
co, 
CH, 
P /bar 
115.21 
106.32 
97.08 
87.98 
80.60 


i 


24.00 
22.34 
20.96 
19.68 
18.58 


Molar volumes for ethene-carbon dioxide-propane at 
310.93 K 


48.59° 


33.15% 
59.90%, 
6.95% 
V/cm’ mol 
86.8 
90.5 
96.1 
103.6 
119.9 
135.5 
151.1 
174.8 
198.5 
229.7 
269.1 
308.4 
347.7 


Table 6. Interaction parameters 0, for ethene (1)- 
carbon dioxide (2)-propane (3) 


Equation 


Table 7 


0.15 0 
0.15 0O 
0.10 O 
0.048 


Component 


ethene 


carbon dioxide 


propane 


0.0031 


oO oO 


Reference 


0.13 
0.15 
0.13 


Critical constants and 
factors~” used with the cubic equations of 


state 
T/K 
282.4 
304.1 
369.8 


0.045 


P. bar 2) 
50.32 
73.75 


42.49 


0.0856 


0.1454 


acentric 


0.2250 


Table 8. Mean relative percentage deviations, D, be- 
tween experimental and predicted molar volumes 


System 
C,H,—CO, 
C,;H,—C,H, 


C,H, 


CO,—C,H, 


Equation of state 


Temp/K PR 


294 
311 
294 
311 
294 
311 


16.1 
11.0 
8.2 
7.0 


9.4 


79 


SRK 2ZJ 
19.5 
14.3 


12.0 
10.0 


8.8 
10.7 


9.3 


11.6 
10.1 


ST 
13.9 
10.6 

9.8 
12.6 

7.6 
6.4 
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The existence of a two-phase region is difficult to 
detect from observation of the pressure-volume plots. 
The data on the ternary system and on_ the 
ethene—carbon dioxide binary system apparently are all 
in the single-phase region. This interpretation is based 
on evidence provided by the equations of state. The 
ethene-propane binary system, on the other hand, exists 
as liquid and vapour equilibrium phases at certain 
pressures at 294K. The dew and bubble points for this 
system are not clearly identifiable from the P-V data, but 
may be estimated by recourse to an equation of state. 
The ZJ equation predicts that this system becomes 
two-phase between 50.0 bar and 37.3 bar at 294K. All 
four equations give an adequate correlation of this 
binary system, and all the equations predict the existence 
of the two-phase region at 294 K. It is interesting that the 
PR equation appears to describe this system best, both 
at 294K and 311 K. 


CONCLUSIONS 

The high-pressure cell described in this paper has been 
used to make pressure-volume measurements, at con- 
stant temperature, on the systems ethene-carbon diox- 
ide, ethene-propane and ethene-carbon dioxide-propane 
The correlation of the results by several equations of 
state has been compared. Although the results refer 
mainly to single-phase systems the interaction parame- 
ters for the equations of state have been obtained from 
two-phase data. The equations represent the data ade- 
quately, with the Zudkevitch-Joffe equation being the 
most accurate. 


SYMBOLS USED 


constant in the virial equation 
constant in the virial equation 
constant in the virial equation 
mean between 


relative deviatior 


experimental molar volumes 


percentage Caiculated 
number of experimental points 
pressure 

gas constant 

temperature 

molar volume 

constant in cubic equations of state 
constant in cubic equations of state 
mole fraction 

interaction parameter 

acentric factor 


Subscripts 


C critical property 

1 component 

] component 

t subscript to V to indicate total volume 
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BOOK REVIEWS 


Catalysis Science and Technology Vols 4 & 5 
Editors J. R. Anderson and M. Boudart 
Springer-Verlag 1983 and 1984 

pp. 291 and 281. $56.90 and $51.30 


This series is now well launched and these two volumes 
follow the pattern of the earlier ones, each containing a 
few well referenced and authoritative articles on diverse 
aspects of catalysis ranging from specialised research 
under careful defined laboratory conditions to accounts 
of technical practice and the modelling of industrial 
processes. 

In Volume 4, P. N. Rylander, who published a useful 
text on catalytic hydrogenation in 1979, gives 
paragraph-long accounts on catalyst type and conditions 
in an article on ‘Catalytic Processes in Organic Con- 
version’. These survey some thirty processes in the areas 
such as hydrogenation, oxidation, oxychlorination and 
amply illustrate the use of catalysts in industrial syn- 
thesis. 

Quite different is the next paper by Boehm and 
Knozinger which surveys the ‘Nature and Estimation of 
Functional Groups on Solid Surfaces’, by some dozen 
spectroscopies as well as discussing the reactions and 
modification of surfaces with attached or inherent 
groups such as oxide carbonyl, hydroxide and halogens 
and many more. This article with its references (812) is 
informative and condensed. The final article discusses 
‘Kinetics of Chemical Processes on Well-defined Sur- 
faces’ by G. Ertl. It surveys three basic catalytic reac- 
tions, carbon monoxide, hydrogen oxidation and ammo- 
nia synthesis from the standpoint of the surface scientist. 
These elegant studies on single crystals under ultra high 
vacuum (UHV) are giving fundamental insights under 
specific conditions but much remains to be done before 
the pressure gap (some 10'* orders of magnitude!) is 
bridged and the relation between UHV studies at 
10-" Torr and working catalysts at several bar is 
clarified. 

In Volume 5, papers on Catalytic Steam Reforming 


(J. R. Rostrup-Nielsen); Automobile Catalytic Con- 
verters (K. Taylor); Infra-red Spectroscopy in Catalytic 
Research, (J. B. Perc); and X-ray Techniques in Cataly- 
sis (P. Gallezot), provide a mixture of topics which 
because of their diversity underline the reference nature 
of the series. The articles themselves however, are up to 
date and informative. The two on spectroscopy provide 
useful information on its range and scope as well as 
comparing the potential of recent modifications in tech- 
niques. 

The two ‘reactor articles’ similarly balance their dis- 
cussion of practical applications with an examination of 
the relevant catalytic chemistry and each provides a 
readable case study of the development of Catalyst 
Technology. 

At some fifty dollars a volume, the series will largely 
find its place in the reference libraries but will be well 
used in institutes working on catalytic problems. 


C. N. Kenney 


Frontiers in Chemical Reaction Engineering, Vols 1 & 2 
L. K. Doraiswamy and R. A. Mashelkar (Editors) 
Wiley, 1984 

pp. 679 and 463, £22.90 each. 


Frontiers is an ambitious description of two hefty vol- 
umes totalling about a thousand pages. The two volumes 
comprise the proceedings of a symposium held in India 
in January 1984 at which almost every research group in 
chemical reaction engineering was represented. The 
Symposium was held at the Indian National Chemical 
Laboratory and was intended to complement the ISCRE 
7 (in Boston) and ISCRE 8 (in Edinburgh) meetings. 
Judging by the contents of the proceedings, the Sym- 
posium was significantly successful in its aims and being 
held in Asia, resulted in a much more ‘international’ 
gathering than is achieved at equivalent meetings in 
Europe or the USA. 

Book reviews continue on page 299 
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MOISTURE EVACUATION DURING COMPRESSED 
NATURAL GAS DISCHARGE 


By C. P. VIJAYAN*, J. C. FONTAINEt, E. GHALI+, S. KALIAGUINE? and 
A. GALIBOIS* 


*Industrial Materials Research Institute (NRCC), Montréal and + Laval University, Québec, Canada 


Possibility of water accumulation within cylinders used for transporting compressed natural gas is evaluated through two 
complementary approaches. Both methods calculate the water vapour pressure at gas/solid equilibrium which yields the 
maximum allowable partial pressure of water. A comparison of the limiting temperatures calculated with the dew points for 
different gas moisture levels indicates clearly the necessity of such detailed evaluations for setting the limiting operational 


conditions. 


INTRODUCTION 

Transportation of compressed natural gas is preferred in 
situations where transportation of liquefied gas is not 
used for economic reasons. The former method, which 
calls for smaller investments than the latter is selected 
when the quantities as well as the distances involved in 
the operation are limited. In cases where the proven gas 
reserves are small, the compressed gas is transported in 
cylinders rather than in pipelines in order to further 
reduce the investment costs. 

One of the major problems inherent to this mode of 
transportation is the possible accumulation of water 
within the cylinders. The water vapour is still present as 
traces in natural gas even after dehydration. Under some 
particular conditions, this accumulation can lead to 
corrosion reactions and consequent stress corrosion 
cracking or hydrogen embrittlement. 

In 1977, an accident took place in Kentucky, U.S.A., 
in which the explosion of a gas cylinder used for the 
transportation of compressed natural gas was involved. 
The related enquiry' revealed that the presence of liquid 
water and hydrogen sulphide within the cylinder was the 
principal cause of the accident. This underlines clearly 
the significance of the presence of liquid water within gas 
cylinders. 

The purpose of the study reported herein is to evaluate 
the possibility of water accumulation within gas cylin- 
ders making use of two different methods for calculating 
the water vapour pressure in gas mixtures. The first 
calculation is performed using the concept of com- 
pressibility factor alone. As this method may deviate 
from the real behaviour as the pressure increases, a more 
elaborate type of calculation involving the fugacity 
coefficients of components in solution is carried out in 
order to test the validity of the simpler approach. 
Furthermore, the influence of the cooling effect linked 
with the gas expansion within the cylinders during the 
discharge upon the minimum operating temperature for 
no water/ice accumulation is also considered. 

In order to assess the influence of the calculation 
method upon the minimum temperature above which no 
water accumulation is possible, one has to rely on a 


given set of operating conditions. Hence, we have selec- 
ted, for calculation purposes, those used by SOQUIP 
(Société Québécoise d’Initiatives Pétroliéres, a Quebec 
Government-owned company) for the transportation of 
compressed natural gas. 


TYPICAL OPERATING CONDITIONS 


SOQUIP is the only company in Canada which was 
granted special permission for the transportation and 
storage of compressed natural gas in cylinders at a 
maximum absolute pressure of 16.54 MPa and 293K 
Twelve steel cylinders approximately 0.5 m in diameter 
and 10m in length, each having a useful volume of 
2.227 m’, are fixed on a trailer. Their rear ends are 
connected with the tubes, valves and gauges necessary 
for charging and discharging purposes. 

The natural gas (analysis in Table I) is charged into 
cylinders and is transported to the consumer’s premises, 
where the outlets from the cylinders are linked to a gas 
discharge system through a manifold. During the dis- 
charge, the pressure in the cylinders decreases from its 
maximum value to 1 MPa. This operation lasts approxi- 
mately nine hours. Meanwhile, the pressure is constantly 
maintained at 0.14MPa at the outlet of the pressure 
reduction unit to meet the consumer’s requirements. The 
levels of dehydration considered at 8.59 and 1.72 kg 
water vapour/10° NCM (normal cubic meters). Those 
values correspond respectively to the American and 
Canadian (Quebec) actual maximum permissible water 
contents. 


Table \. Gas analysis (Dry basis) 


Methane 94.57 mole 
Ethane, propane & butane 2.78 mole 
Nitrogen 

Carbon dioxide 
Hydrogen 

Oxygen 

Hydrogen sulphide 


2.36 mole 
1800 ppm 
300 ppm 
100 ppm 
C.6 ppm 
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THEORETICAL CALCULATIONS OF 
POSSIBLE WATER/ICE ACCUMULATION 
IN ISOTHERMAL-SITUATION 

The quantities of water/ice that can accumulate within 
a cylinder after one operation cycle are evaluated here- 
after. This evaluation is at first carried out accounting 
for the compressibility factor alone and subsequently for 
the fugacity coefficient also. 


Section I—Evaluation of the lowest temperature for no 
water/ice accumulation at the end of discharge considering 
the compressibility factor alone 

In this section, the natural gas will be considered as a 
mixture of methane and water vapour exclusively. This 
assumption allows the mole fraction of water in the 
vapour phase (yy,.) to be expressed as follows: 


Ny.o 


Vu30 = 


(1) 


Ny,o + Ncu, 
where: 


Ny.o = number of moles of water vapour 
Ncy, = number of moles of methane 


The behaviour of each component i may be written as: 
p,V =n,Z,RT (2) 
where 


= partial pressure of component 1 

total volume 

partial compressibility factor of component i 
= gas constant 
= absolute temperature 


Assuming equilibrium between water vapour and 
water/ice within the cylinder, py,o is equal to p}y_> which 
is the saturation pressure of water at temperature T. Due 
to the small values of pj... at the temperatures consid- 
ered, it is reasonable to assume that Z,,. equals unity. 
Therefore, from equations (1) and (2) one finds that: 


S » 
PH,0°=CHy 
S - 
Pu,0°2ZcH, + Pcu, 
Note that the denominator is approximately equal to P, 
the total pressure within the cylinder (pj,.o<Ppcu,)- 
Hence, 


Vu,0 = 


(3) 


= 
_  _ PH,0°2cH, 
VuH,.0 = oa 


Before the discharge, the approximate number of 
moles of water vapour within the cylinder is given by 
Yu,o Multiplied by ney, (SINCE NyoKNcy,). Let us now 
presume that a small quantity of methane (dicy,) is 
discharged during which period the concentration stays 
constant. In such a case, the number of moles of water 
vapour likely to escape (dQ) with the discharged meth- 
ane is given by: 


dQ = Yy,0° dn, Hy (5) 


From equations (2), (4) and (5), one obtains: 


5 — 
Pu,0°2cH P J 

dQ = so .4(—-} 

g r Zcu, RT, 


(4) 


Table I. Limit conditions at various temperatures 
—50°C -—40°C —30°C 


Phir (Pa) 3.94 12.90 38.10 103.50 
P.,(MPa) 8.540 9.612 10.773 11.996 
P;,(MPa) 1.00 1.00 1.00 1.00 
Zcu,in* 0.547 0.589 0.633 0.677 
Zou, ft* 0.952 0.958 0.964 0.970 


—20°C 


* Engineering Data Book, Natural Gas Processors 
Suppliers Association, Tulsa, Oklahoma, 1967, p. 162. 


and after integration of equation (6) at constant tem- 
perature: 


a Pin Zengi 
mae ph ied ae 7 
Q RT P,0 E Z. ae | (/) 
where the subscript “in” refers to initial conditions and 
“fi”, to final conditions. It is noted that the calculation 
assumes equilibrium between water vapour and 
water/ice within the cylinder. Using the data of Table II 
and a cylinder volume of 2.227 m7’, it is possible to 
evaluate the quantity of water evacuated during the 
discharge. A material balance for water enables the 
evaluation of the water/ice quantity likely to remain 
within the cylinder, for a given cycle: 


QN+n=9+4qi+ 92 (8) 
where 


q; = mass of water/ice present within the cylinder before 
the discharge. 
q,= mass of water vapour in equilibrium in the gas 
before the discharge. 
mass of water vapour evacuated during the dis- 
charge under equilibrium conditions. 
= mass of water/ice that remains within the cylinder 
after the discharge 
>=mass of water vapour in equilibrium in the 
cylinder after the discharge 


Table III shows the determination of the mass of 
water/ice that is likely to remain within the cylinder at 
the end of the first cycle, as evaluated from the material 
balance, considering the left term of equation (8), equal 
to the total amount of water loaded in the cylinder. 
Figure | is a plot of g; as a function of 7. The 
temperatures at which there would be neither accumu- 
lation nor sublimation are obtained as —27.5, and 
— 44°C for the dehydration levels of 8.59 and 1.72 kg of 
water per million normal cubic meters respectively. 
Those values are the theoretical lower limits of operation 
under the given simplified assumption. 


Section II—Evaluation of the lowest temperature for no 
water/ice accumulation at the end of discharge taking into 
consideration the fugacity coefficient of water in gas 
mixtures 

In high pressure gas systems, where the deviation 
from the ideal situation becomes significant, the use of 
fugacity coefficients yields a more realistic evaluation. 
Their contributions are taken care of in the following 
evaluation. Different methods of estimation of the 
fugacity coefficient of a component in a mixture of gases 
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8,59 kg Hp0/10°MCN 
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Figure |. Quantity of ice that can be accumulated after the discharge 
for a given cycle (q{) as a function of environmental temperature (7) 





have been reported in literature*-. When equilibrium 
distribution of the subliming component “i” is obtained, 
its fugacities in the solid and gas phases are cqual. The 
development of the fugacity equations expresses the 
sublimation equilibrium in terms of an enhancement 
factor (E,) defined as: 
fF _ oF VAP-p) 
p> ORT 
The exponential factor in equation (9) is called the 
Poynting correction and is not greatly different from | 
for the pressure range considered. The fugacity 
coefficient @° is also close to unity due to the low vapour 
pressure of the component “i” in the temperature range 
studied. Then: 


(9) 


(10) 
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In order to estimate @, (the fugacity coefficient of 
component “‘i’’), the generalized thermodynamic proper- 
ties of pure fluids and Kay’s pseudocritical parameters” 
are commonly employed. Such an estimation of the 
fugacity coefficient of a constituent “i” in a gas mixture 
under pressure can thus be made through the re- 
lationship: 


In @, = 


(11) 


—~}+Ind'(n w) 
P 


= fugacity coefficient of gas mixture 


; = reduced temperature of gas mixture 
enthalpy deviation 


= pseudocritical temperature of gas mixture 
critical temperature of component “‘i”’ 
compressibility factor of gas mixture 
pseudocritical pressure of gas mixture 

= critical pressure of component “i” 

= fugacity correction 
acentricity factor of gas mixture 

= acentricity factor of component “i” 


Given equation (10) and the values of E,, P and p>, 
(expressed as mole fraction) can be determined. It is 
noted that “i” corresponds to H,O here 

Table IV shows the evaluation of y,_. and the number 
of moles of gas (n) for various system pressures during 
the discharge at — 50°C, considering the composition of 
natural gas as presented in Table I. Similar evaluation 
have been carried out for —40, — 30, 20°C. The 
results are shown in Figure 2 


and 

Since the water concentration in the cylinder as a 
function of the gas quantity does not decrease mono- 
tonically in this second method of calculation, and since 
the initial gas contains less water vapour than that 
corresponding to the equilibrium conditions (see point 
A’ versus A in Figure 3), the integration of the whole 
surface under the equilibrium curve ACE (Figure 3) 
would yield an overestimation of the total amount of 


Table I11. Calculation of the quantity of ice likely to remain within the cylinder at the 
end of the discharge for gas initially dehydrated to 8.59 kg water vapour/10° NCM 
(level 1) or to 1.72 kg water vapour/10° NCM (level II) 


q, + q? 

Gas dried* 

to level to level 
Temperature I II 
CC) (g) (g) 


50 3.611 
40 3.611 
30 3.611 
20 3.611 


0.723 


0.723 
0.723 


0.723 


Gas dried* 


0.230 0.085 3 
0.737 0.267 2.607 
2.114 0.754 


5.603 1.970 —3.962**** 


q 


Gas dried Gas dried 
to level to level 

"bed q *** l Il 

(g) (g) (g) (g) 

296 0.408 


0 28] **** 
0.743 2.145**** 


6.850**** 


* This quantity is evaluated by the multiplication of the total number of moles by 


the moisture concentration. 
** From equation (7) 


*** From equation (1!) at final pressure 


**** The negative values indicate possibility of sublimation of ice formed during 


earlier cycles 
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Table IV. Calculation of yy,o at 
account the fugacity coefficient (p}i,o 


Ew,o° 
16.108 7.57 


50°C taking into 
3.94 Pa). 


Vu.0” (ppm) 7” (kmol) 
18.921 
17.532 


13.964 
10.835 


Paps z 
8.382 
8.0 
7.6 
6.0 
5.0 
4.0 
3.0 
2.0 


1.0 


0.532 
0.548 
0.602 
0.665 
0.730 
0.792 
0.849 
0.903 
0.955 


BNNNNWED 


(1) Calculated from table in ref. 2. 

(2) Calculated from equation (11) and the recipro- 
city relationship between E, and ¢;. 

(3) Calculated from equation (10) 
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water evacuated. Effectively, for an initial water content 
of 4ppm for example, there are three segments of the 
curve (Figure 3) to be considered for integrating the 
surface: A‘B, BCD and DE. For the first segment A’B, 
i.e. between 19 and 12 kmol, the evacuated gas contains 
the constant level of 4ppm of water vapour. For the 
second segment BCD, i.e. between 12 and 1.6 kmoi, the 
water content of the evacuated gas is defined by the 
equilibrium curve which indicates the condensation of a 
certain quantity of water. For the third segment DE, i.e., 
between = 1.6 and 1.3 kmol, the evacuated water vapour 
concentration corresponds to the equilibrium curve until 
the ice formed between B and D is completely sub- 
limated. In other words, if the surface BCD is equal to 
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Figure 2. Concentration of water vapour in gas (¥y,9) shown as a function of the quantity of gas in a cylinder () taking into consideration the 
fugacity coefficient in isothermal situation. 
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Figure 3. € oncentration of water vapour in gas (¥y,9) shown as a function of the quantity of gas in a cylinder (n) for a temperature of —50°C 
taking into consideration the fugacity coefficient in isothermal situation. 
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or less than the surface DEF (Figure 3), there will be no 
ice accumulation. For the particular case of 4 ppm, both 
surfaces will be equal at approximately —48°C which 
corresponds to the lower temperature for no ice accumu- 
lation after the first cycle. 

Since the initial quantity of moisture to be used in the 
material balance equation would be slightly different 
from the second cycle onwards due to a higher than 
initial content of water vapour at E (see Figure 3), an 
iterative calculation is necessary to arrive at the tem- 
perature of no ice accumulation on a steady state basis. 
However, the resulting shift in that temperature would 
only be marginal and hence the iteration is not worth 
doing. 

As a simplified estimation, one can consider that for 
all initial moisture contents equal to or less than the 
minimum of the equilibrium curve for a particular 
isotherm considered, there will be no ice accumulation. 
This method of estimation has two advantages: first, it 
permits a direct reading from Figure 2 of the minimum 
operating temperature for no ice accumulation and 
secondly assures that even transient ice formation is not 
probable. The improbability of even transient ice/water 
formation, precludes any possibility of formation of 
hydrates because this phenomenon cannot be initiated 
unless water is present in the liquid state*°. For the case 
of 4 ppm, this simplified method indicates a minimum 
temperature of — 46°C on a steady state basis compared 
to —48°C for the first cycle. 

The above procedure has been repeated for different 
water contents in order to trace a curve which allows 
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Figure 4. Initial moisture content as a function of environmental 
temperature for zero ice accumulation during isothermal discharge 
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rapid determination of the limiting temperature for no 
ice accumulation for any specific initial moisture level 
within the range studied (see Figure 4). 

For the two particular levels of moisture considered 
i.e., 8.59 and 1.72 kg water vapour/10° NCM, the mini- 
mum operating temperatures for no ice accumulation 
are found to be —36 and —52°C respectively. These 
temperatures are much lower than those found in section 
I for the same level of dehydration, where the values 
were —27.5 and —44°C respectively. 


Theoretical calculations of possible water/ice accumu- 
lation in non-isothermal situation (Real case) 

In practical situations, the discharge is almost always 
non-isothermal. The experimental measurements, in the 
particular case of SOQUIP, indicate a maximum drop of 
15°C in gas temperature within the cylinders during the 
discharge which lasts approximately nine hours. The 
influence of this cooling on the temperature limit for no 
water/ice accumulation will now be studied 

The origin of the temperature drop has to be ascribed 
to the gas expansion within the cylinders. Considering 
the classical pressure-enthalpy diagram®’ for methane, 
one recognizes indeed that there is an amount of energy 
that should be provided to the gas for an isothermal 
expansion. If the surrounding atmosphere cannot pro- 
vide the required amount of energy, the gas temperature 
will drop accordingly. The typical plot of pressure and 
temperature variations shown in Figure 5 illustrates the 
last statement. Furthermore, in the present application, 
the amount of energy to be supplied per unit pressure 
drop decreases as the pressure is reduced in the system*’ 
This explains the trend of the temperature curve up to 
480 minutes. The last portion (480-600 minutes) might 
be related to an increase in gas movement within the 
cylinder, thus contributing to an improvement in the 
temperature response. Any interruption of the discharge 
causes a fairly immediate increase in the gas tem- 
perature due to the heat transfer from the surrounding 
atmosphere to the cylinders. 

To assess the influence of the gas cooling within the 
cylinders upon the minimum temperature for no 
water/ice accumulation, the more appropriate method 
(i.e. with fugacity coefficients) is used. The drop in gas 


Table V. Gas temperature 7,, number of 

moles of gas in the cylinder, n, pressure P 

and compressibility factor, Z as a function 

of discharging time at an ambient tem 
perature of — 30°C 


Time - n P 
(hrs) (CC) (k-mol) (MPa) Z 


30.0 18.933 10.768 0.627 
35.0 16.966 9.333 0.619 
38.0 14,999 8.284 0.629 
40.5 13.032 7.407 0.655 
41.5 11.065 0.688 
42.5 9 098 5 0.728 
43.0 7.131 : 0.777 
43.5 5.164 3 0.831 
44.5 3.197 ? 0.892 
45.0 1.230 0.955 
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Figure 5. Typical plot of pressure and temperature variations expressed as a function of time elapsed during discharge. 


temperature measured on SOQUIP’s cylinders is consid- 
ered to be a typical illustration of the phenomenon. The 
assumption that the gas outflow is constant is made for 
the particular case considered. 

As an example, Table V presents the values of the gas 
temperature 7, and the number of moles of gas still in 
the cylinder for a discharge duration of nine hours and 


400 


an ambient temperature T of —30°C. The gas tem- 
perature given in column 2 is obtained directly from 
experimental data. The value of n at time zero is fixed 
at 18.933 k-mol due to the loading conditions. Since, in 
this particular case, the gas temperature is — 45°C at the 
end of discharge and since the pressure is always 1 MPa 
at that moment regardless of the temperature, it is 
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Figure 6. Concentration of water vapour in gas ()y,.) shown as a function of the quantity of gas in a cylinder (m) in non isothermal situation. 
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Figure 7. Concentration of water vapour in gas (yy...) shown as a function of the quantity of gas in a cylinder (m) in non 
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Environmental temperature range: 16 to —30°C. 


possible to evaluate n through equation (2) using the 
value of z corresponding to these conditions (—45°C; 
1 MPa); one finds then n equal to 1.230 kmol. As the 
flow rate is assumed to be constant, one can determine 
the intermediate values of n (column 3, Table V). The 
values of P and Z presented respectively in columns 4 
and 5 are obtained by iterative calculation of equation 


40 


j 
i2 13 14 15 16 17 18 19 20 


isothermal situation 


(2) using the generalized thermodynamic properties of 
pure fluids? to evaluate the Z corresponding to the p 
calculated. With equations (10) and (11), one can evalu- 
ate Vy,9 values after different elapsed time of discharge 
It is important to note that p},._ in equation (10} has to 
be evaluated at the actual gas temperature during the 
discharge. 
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Figure 8. Concentration of water vapour in gas (yy,9) shown as a function of the quantity of gas in a cylinder (m) in non isothermal 


Environmental temperature range: 32 to —44°C. 
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This calculation method is relatively long and tedious 
to manipulate if there are some variations either in the 
rate of temperature drop. or in the gas flow. An 
alternative method to draw the yy.,. curves as a function 
of the gas content n, taking into account the self cooling 
phenomenon, may be obtained directly by the use of the 
isothermal curves previously derived. In fact, for the 
specific condition given in column 3 of Table V, it is 
possible to find the corresponding value of yy,. on the 
isothermal curve corresponding to the gas temperature 
indicated in column 2 of the same table. Through this 
technique, it was particularly easy to draw the new 
curves Of yy. as a function of n for various ambient 
temperatures (that is the gas temperature at the begin- 
ning of the discharge). The results are presented in 
Figures 6, 7 and 8. 

In Figure 9, one can find the minimum operating 
temperature to avoid water/ice accumulation as a func- 
tion of the initial moisture content taking into account 
a drop in gas temperature of the order of 15°C. This 
figure was drawn on the same basis as that of Figure 4 
(i.e. the minimum moisture content at a given ambient 
temperature). Using Figure 9, one finds that the min- 
imum ambient temperature for no water/ice accumu- 
lation are —23 and —38°C for gas containing re- 
spectively 8.59 kg (10.7 ppm) and 1.72 kg (2.14 ppm) of 
water per million normal cubic meters. If one compares 
these to the corresponding temperatures in the iso- 
thermal case, that is —36°C and —52°C, it is immedi- 
ately noticeable that the increase of 13 and 14°C in the 
minimum operating temperature is very close to the total 
measured drop in temperature of 15°C. 
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Figure 9. Initial moisture content as a function of the environmental 
temperature for no ice accumulation in the non isothermal case 
considered 


CONCLUSIONS 


Calculations regarding the possibility of water/ice 
accumulation within compressed natural gas cylinders at 
the end of a series of charge/discharge operations have 
been made using the available thermodynamic data and 
assuming that equilibrium is reached within the system 
for the discharge conditions considered. These calcu- 
lations show that there is a significant difference between 
the results obtained using the simplified method illus- 
trated in Section I (compressibility factor alone), and the 
more rigorous approach of Section II (fugacity 
coefficients), thus demonstrating the necessity to use the 
concept of the enhancement factor. 

The results for isothermal operations indicate that for 
a level of dehydration of 8.59 kg water vapour/million 
normal cubic meters, there is no danger of water/ice 
accumulation unless the temperature of the environment 
falls below — 36°C. Similarly, for a gas dehydrated to 
1.72 kg water vapour/million normal cubic meters, no 
danger appears to exist unless the temperature falls 
below — 52°C. 

In the non-isothermal situation, the results indicate 
that for a level of dehydration of 8.59kg water 
vapour/million normal cubic meters, there is no danger 
of water/ice accumulation unless the ambient tem- 
perature falls below —23°C considering a drop in gas 
temperature of 15°C. Similarly for a gas dehydrated to 
1.72 kg water vapour/million normal cubic meters, no 
danger appears to exist unless the temperature falls 
below — 38°C. 

A comparison of the above values with the dew points 
(—13°C and —29°C respectively for the two levels of 
dehydration) indicates clearly that the thorough evalu- 
ation realized in this study to determine the limiting 
temperature for safe operation was obligatory and is 
recommended for similar situations. 
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Book reviews continued from page 290 


Many might suppose that the research scene in chem- 
ical reaction engineering would be fully covered by the 
pre- and post ISCRE gatherings. However, it must be 
said that the two volumes of ‘Frontiers’ contain many 
distinctive contributions in a number of research areas 
which currently practising researchers ought really to be 
aware of. 

Altogether there are some eight papers, of which 
fourteen were plenary lectures ranging through every 
aspect of chemical reactors. Several of these are highly 
readable, elegantly compact and precise overviews which 
provide an easy and convenient means of keeping in 
touch with a still rapidly evolving set of specialisms. The 
plenary dealing with adsorption on heterogeneous sur- 
faces is especially wide ranging and thorough. One on 
liquid-liquid reactions highlights the remarkable creative 
potential which is available to reaction engineers but 
which remains so far largely unexploited. 

The sixty-five remaining contributions deal with 
multi-phase reactors (20), biochemical reactors (6), poly- 
merisation (5), gas-solid catalytic and non-catalytic (22), 
dynamics (8) and fluid beds (4). An additional paper 
examines opportunities for intensification of chemical 
reactors. 

The section on multi-phase reactors (which completes 
Vol I) has a large proportion of papers devoted to 
3-phase slurry reactors, including a detailed description 
of a gas-liquid-solid gradientless reactor utilising a cata- 
lyst impregnated on the reactor wall. Whilst many 
papers do have a reasonably academic emphasis, two 
which deal with the hydrolysis of fats and the complex 
reaction kinetics of alkylation do have practical aspects. 

Gas-solid reactors are as usual well represented. The 
impact of adsorption on catalytic reaction kinetics con- 
tinues to be of potentially great importance to realising 
the commercial benefits available from control of surface 
chemical reactions. Random patch theories of surface 
heterogeneity demonstrate that there are serious pitfalls 


in predicting surface catalytic rates on the basis of 


isotherms measured under no reaction conditions. Other 
distinctive contributions deal with the effect of com- 
pacting pressure on pellet effective diffusity and the effect 
of void distribution on mass transfer around a carbon 
particle burning in a bed of limestone. A survey of the 
‘a priori’ design of fixed bed reactors should prove very 
useful to those struggling with the design of reactors 
from laboratory data. 

Several other papers are distinguished by their con- 


nection with industrial applications. An examination of 


a flow cycling/reversal proposal for operating contact 
catalyst beds in sulphuric acid production is both a novel 
and innovative aspect of reactor dynamics. The replace- 
ment of Claus alumina catalyst in Alberta costs some $5 
million per year due to sulphation, carbon/sulphur depo- 
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sition and surface area loss, so that reactivation and 
subsequent stability of the regenerated catalyst is of 
commercial importance. Vibrated fluid beds are capable 
of dealing with those particles which are difficult to 
fluidise due to stickiness, polydispersivity, agglomeration 
and/or extreme friability and there is a useful survey of 
the relevant, almost entirely foreign literature. 

In conclusion, the two volumes can lay a reasonable 
claim to be at the frontier. Most of the papers are 
completely up-to-date and several are unique. Un- 
fortunately the two volumes are very bulky and would 
have been better published in AS format reduced from 
the original A4. Nevertheless, the quality is such that 
‘Frontiers’ should occupy a lasting place in the reaction 
engineering literature and ought to be available in every 
chemical engineering library. 


R. Mann 


NBS/NRC Steam tables 

L. Haar, J. S. Gallagher and G. S. Kell 
Hemisphere, 1984 

pp. 320, £14.95 


Produced at the National Bureau of Standards, Wash- 
ington D.C., with the support of the Office of Standard 
Reference Data and contributions from the National 
Research Council of Canada, these tables have been 
accepted as the Provisional IAPS (International Associ- 
ation for the Properties of Steam) Formulation 1982 for 
the Thermodynamic Properties of Ordinary Water Sub- 
stance. Specific approval is granted for the temperature 
range 273.15 < T < 1273.15 K, where for T > 423.15K 
the maximum pressure is 15000bar and for 
T <423.1SK this decrease linearly to 5000bar at 
273.15 K. A small region near the critical point (+1K 
and +30% of the critical density) is excluded. The 
equations from which the property values are generated 
have a much wider useful range, namely up to 2500 K 
and 30000 bar which comfortably exceeds the ranges of 
formulations hitherto. 

Numerical tables are presented in a clear way and 
include isochores in the critical region, constant pressure 
specific heat capacity, speed of sound, viscosity, thermal 
conductivity, Prandtl number, dielectric constant and 
surface tension in addition to the usual properties. Clear 
explanations of the equations of state and base func- 
tions, including the data used to evaluate coefficients and 
the method of fitting, are given together with a critical 
discussion of calculated values compared with original 
data. Listings of a number of FORTRAN programs 
used to evaluate the thermodynamic properties are also 
included. 
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USE OF AN ANAEROBIC EXPANDED BED REACTOR 
FOR THE TREATMENT OF A STRONG 
CONFECTIONERY WASTE WATER 


J. S. ROCKEY and C. F. FORSTER (FELLOW) 


Department of Civil Engineering, University of Birmingham, England 


The performance of an anaerobic expanded bed reactor treating a high strength confectionery waste was investigated. The 
results obtained indicate that such a reactor can treat the waste effectively even at high organic loading rates 
(24kg COD m~*d~'). In addition, the process was found to be very robust, tolerating shock loading, and the introduction 


of oxygen. 


INTRODUCTION 

Anaerobic digestion, as a unit process, has been used 
since the early 19th century. However, with the wors- 
ening energy situation and the increasing costs of dis- 
charging industrial wastes to sewers, new interest has 
developed in the design of new anaerobic reactors that 
can treat industrial wastes at high organic loading rates 
and short hydraulic retention times. One of these reac- 
tors is the anaerobic expanded bed (AEB). An intro- 
duction to the design and advantages of these systems 
has been reported previously’. 

AEB reactors have been used previously to treat both 
low and high strength wastes'*’. Some of the earliest 


results’ reported the treatment of a low strength syn- 
thetic waste and settled domestic sewage the strength 
of which was constant for long periods (COD < 


600 mg] ~ '). These indicated that the AEB reactor was an 
acceptable alternative method for the treatment of these 
types of waste when compared to the conventional 
aerobic processes. However, subsequent work' using 
domestic sewage as a feed source indicated that the AEB 
treatment could only be described as a roughing process 
and was probably not a suitable method for complete 
treatment for dilute wastes with large fluctuations in 
strength and composition such as domestic sewage. 

Other work has shown that higher strength wastes 
(COD > 1000 mg1~') can be treated effectively by the 
AEB reactor whilst operating at high organic loading 
rates (OLR) (up to 25kg COD m~*d~') and producing 
large quantities of biogas. The wastes investigated have 
originated from dairies, and meat and food processing 
plants>>. 

However, in any comparison between data it is essen- 
tial that the reactor volume is defined in a similar 
manner for all the processes being compared. Different 
workers do use different definitions. In this study, the 
total operating volume of the reactors (i.e. that volume 
which defines the retention time) has been used and all 
data reported elsewhere have been adjusted to allow 
proper comparisons to be made. 

This paper discusses the development of performance 
relationships for an AEB treating a confectionery waste 
with particular reference to process stability under con- 


ditions of high loading and the presence of inhibitory 
material. 


METHODOLOGY 
Reactor design 

The AEB reactor used to treat the confectionery waste 
was the same as that described previously’. It consisted 
of a perspex column which was filled with support 
material (sand having a approximate diameter of 
0.3mm) and was maintained at 37°C by means of a 
surrounding water jacket (Figure 1). The sand was 
expanded 20° by the flow of recycled liquors. The 
addition of feed together with effluent removal were 
effected by a mixing box (250 ml) located on the recycle 
line. Biogas production was recorded by a wet gas-meter. 
The total operating volume of the system was 780 ml. 


Reactor Operation 

The reactor start-up was accomplished by adding 
screened (<1.0mm) digested sludge (250ml) to the 
system. The sludge was obtained from Bromsgrove 
Sewage Treatment Works and had a volatile suspended 
solids concentration of 12 gl~'. On the first day, the 
sludge/sand mixture were left static. Confectionery waste 
was then added to fill the reactor and the fluid/sludge 
circulated round the system, with a bed expansion of 20 
percent, for two days. On the fourth day, substrate feed 
was started at a rate of 0.5kg TOC m~*d~'! and con- 
tinued until ‘steady-state’ had been reached as indicated 
by a constant percentage removal of TOC. The loading 
rate was then increased. This step-wise process was 
repeated until a loading rate of 5kgm~*d~' had been 
reached. This process took, in total, a period of 120 days 
and is essentially the same as that used previously for the 
evaluation of the reactor’s ability to treat settled 
sewage’. Based on previous experience, the reactor was 
considered to be fully stabilized at this stage and the 
main evaluation was commenced. The organic loading 
rates that were used ranged from 0.5 to 10kg 
TOC m~*d~' and the hydraulic retention times from 0.2 
to 2.0 days. 
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Figure i. Schematic diagram of the AEB system: (A) Feed reservoir: 
(B) Feed pump; (C) Mixing box; (D) Recycle pump; (E) Expanded bed; 
(F) Recycling liquid; (G) Gas outlet: (H) Water jacket outlet; (I) Water 
jacket inlet; (J) Treated effluent 


Analytical Methods 


The total organic carbon (TOC) concentrations were 
measured with a Beckman 915 system. All other analyses 
were done by “standard methods’. 

The confectionery waste investigated was supplied 
twice or three times per week by Cadbury-Sweppes Ltd. 
(Bournville, Birmingham). Samples were collected auto- 
matically on site from the main discharge sewer over a 
24 hour period. This method of sampling was used to 
attempt to provide a representative sample of the waste 
under study. The average concentration of the trade 
effluent throughout this study was found to be 
1216mg!~' TOC, which corresponded to a concen- 
tration of 2937mg1~' COD. The waste was strongly 
acidic and pH values varying from 3.2 to 3.8 were 
recorded. Fresh samples of confectionery waste were put 
into the feed reservoir daily. Due to the acidity of the 
waste, the pH was manually adjusted to a value between 
7.2 and 7.6 by the addition of aqueous sodium hydroxide 
(1.0 M). 

All the relationships reported in this study were 
obtained by statistical analysis using a micro-computer. 


Linear, exponential, hyperbolic and geometric re- 


( %) 


\ 


REMOVAL 





lationships were examined and the one having the 
highest coefficient of determination (R*) was used 


RESULTS 

For ease of analysis, during what was an extended 
study, the organic strength was defined in terms of TOC 
However, to enable comparisons to be made with earlier 
work, COD values were needed. In the initial stages of 
this study therefore, TOC:COD ratios were established 
for both the influent (1:2.415) and for the reactor effluent 
(1:1.235). These ratios were then used later in the study 
to calculate COD-equivalents from TOC values. 

The removal efficiency of the reactor was examined at 
organic loading rates (OLR’s) ranging from 0.5 to 10 kg 
TOC m~*d~' (1.2 to 24.2kg CODm~°d~'). The re- 
sults (Figure 2) show that at OLR’s of below 2.0 kg TOC 
m~ °d~', removal efficiencies in excess of 70°, TOC were 
recorded, with efficiencies of as high as 90° being 
obtained at an OLR of 0.5kg TOC m~°d~'. The graph 
also indicates that as the OLR was increased, the 
percentage removal decreased. Thus at an OLR of 5.0 kg 
TOC m~’ d~‘ the average °, removal was 72°, (obtained 
from the best fit regression line): with actual values 
ranging from 62 to 76%; while at the highest OLR 
investigated (10 kg TOC m ~° d~') a removal in excess of 
55°, was achieved, the average value being 62°,. These 
results indicate that the AEB reactor is stable whilst 
operating, even at very high OLR’s. These data can also 
be expressed in terms of the rate of organic carbon 
removal. Thus, at OLR’s of 2.0, 5.0 and 10.0 the removal 
rates were 1.53, 3.61 and 6.88kg TOC m-°d 
respectively. 

As would be expected, the biogas (methane and 
carbon dioxide) production improved as the OLR was 
increased from 0.5kg TOC m~°d to 10kg TOC 
m~*d~' (Figure 3). At the lower values (< 1.0 kg TOC 
m~°d~') approximately 0.8 m° m~°d~' of biogas were 
recorded. This value increased to approximately 
49m>m~*d-' at an OLR of 5.0kg TOC m-‘d 
From the data recorded, the rate of increase of biogas 
production decreased with OLR’s above 7.0kg TO 
m~*d~' where approximately 7.1 m’m~’*d~' of biogas 
were recorded. However, this is not represented by the 
best fit regression line. Content of the methane gas 
produced during this study was, on average 70! 





Figure 2. The variation of removal efficiency with OLR 
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Figure 3. The variation of biogas production with OLR. 


The theoretical amount of biogas that should be 
produced for every kilogram of organic carbon removed 
is 1.87 m’*. Figure 4 demonstrates the effect that vari- 
ations in the OLR had upon the volume of biogas 
produced per kilogram of organic carbon removed. The 
results indicate that up to an OLR of 1.0kg TOC 
m~*d~' the specific biogas production increased to 
about 1.2 and between 1.0kg TOC m~*d~' and 4kg 
TOC m~*d~' this value increased further and in some 
cases values in excess of the theoretical amount were 
recorded. As the OLR increased above 4.0kg TOC 
m~*d~', the volume of biogas appeared to decrease to 
approximately 1.4m* biogas per kilogram of organic 
carbon removed at an OLR of 7.0kg TOC m~*d~' and 
approximately 1.2m* biogas per kilogram of organic 
carbon removed at a loading rate of 10.0kg TOC 
m~*d7' 

This data therefore shows that to obtain maximum 
gas production OLR’s of between 3.5kg TOC m~*d7~' 
and 4.5kg TOC m~*d~' should be maintained within 
the reactor. At this OLR, 72% to 75° removal (obtained 
from regression line) would be achieved producing an 
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effluent containing values ranging from 200 mg1~' TOC 
to 600 mg 1~' TOC. Throughout these investigations the 
DH of the final effluent fluctuated between 7.1 and 7.8 
during periods of normal operation. The volatile fatty 
acid (VFA) concentration varied from 100 mg1~' at low 
OLR’s (<l1kg TOC m-*d~') to a maximum of 
600 mg1~' at higher OLR’s. When the reactor was 
suddenly overloaded, to evaluate the effect of shock 
loading, high VFA _ concentrations (approximately 
2000 mg 1~') and a pH of 4.2 were observed. However, 
the data show (Figure 5) that this effect can be overcome 
within 48 hours if the OLR is reduced and buffering 
capacity is supplied by the addition of sodium hydrogen 
carbonate. 

As it often the case when peristaltic pumps are being 
used, the tubing split on several occasions. This had the 
effect both of allowing oxygen to enter the system and 
of starving the microbial flora in the reactor. However, 
as can be seen from the data in Figure 6, which is typical 
of all such occurrences, the process was able to re- 
stabilize itself very quickly. 


DISCUSSION 


The results obtained in this study enable a number of 
points to be made about the anaerobic expanded bed 
reactor. As a process it is certainly efficient in terms of 
the removal of carbonaceous pollutants from strong 
waste water. Moreover this degree of efficiency can be 
achieved at OLR’s which tend to be higher than those 
available from other reactor types. A comparison of 
performance data is presented in Table |. As discussed 
previously, these have been calculated on the basis of the 
operational volume of the various reactors. This ap- 
proach is consistent with the recommendations made by 
Colins et al’. The data in Table 1 also show that the 
quality of performance being achieved does depend on 
the strength of the waste being fed to the reactor; the 
efficiency achieved with the confectionery waste being 
significantly better (for a given OLR) than with domestic 
sewage. 





Figure 4. Specific biogas yields in relation to OLR. 
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Figure 5. The effect of organic overload on the standard control 
parameters. 


However, the removal of carbon is not the only 
yardstick for judging a process. For anaerobic reactors, 
the other criteria which must be considered are the 
specific gas yield and the quality of the fina! effluent. The 
variation in specific gas yield (Figure 4) follows a pattern 
similar to that reported previously for a sludge blanket 
reactor'' and indicates that the optimum performance 
will be achieved at OLR’s of between 2.5 and 4.5 kg 
TOC m-*d~-'! (6-11 kg COD m~*d~'). At first sight 
this would appear to conflict with a previous report’? 
that anaerobic expanded beds are unstable at loadings of 
more than 6kg COD m~*d~'. However, it must be 
recognised that this earlier work was done with a milk 
waste and that these wastes tend to cause problems 
whatever the type of treatment. These differences in 
optimal loading rates can also be thought of as high- 
lighting the dangers of extrapolating between the per- 
formance data obtained for different wastes. 

The quality of the final effluent produced by any 
process will depend both on the strength of the influent 
and the removal efficiency. In this present study a strong 
influent was used (COD = 3000 mg!1~') and removal 
efficiencies of 70—-95° were achieved. This means that at 
best, the final effluent would have a residual COD of 
around 200 mg!~'. For industrial wastes therefore, the 
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Figure 6. The effect on the AEB performance of introducing oxygen 
into the reactor OLR: 
@ Biogas production 


Removal efficiency 


expanded bed system cannot be thought of as one able 
to provide a complete treatment. However, it is one 
which can offer an industrialist a compact means of 
reducing his costs for sewer discharge, a potential benefit 
in the form of biogas and a process unlikely to generate 
significant solids disposal costs’. 

There are two reasons for evaluating the treatability 
of an effluent in a laboratory-scale unit. The first is to 
determine whether the particular waste is capable of 
being treated by the particular process. The second is to 
derive performance data which may be used to design 
larger reactors. Scale-up calculations can be based on 
kinetic data and mathematical methods, but for waste 
water treatment processes, which involve a multiplicity 
of microbial species, a variable substrate and unsteady 
State conditions, models must be suspect. In addition, 
the values for the kinetic constant for expanded bed 
reactors are extremely limited’*. The effect of different 
substrates on performance has already been discussed 
and it is for this reason that these authors prefer the use 
of performance envelopes rather than a precise per- 
formance relationship. An envelope of this type has been 
reported previously for a range of anaerobic reactors 
(contact; filters; sludge blankets and expanded beds) 
This was based on laboratory units treating a variety of 
industrial wastes. Figure 7 compares this envelope with 
the rather limited data available from large-scale 
reactors’*. This would seem to indicate that laboratory 
units seriously underestimate the performance that can 
be achieved from large scale reactors. However, if the 
data from this current study are superimposed upon the 


Table |. Comparative performance data for anaerobic reactors 
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COD OLR 
System (g1~*) (kgm~°d~') 
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reactors; filters; W contact digesters; —A— this study. 


two envelopes, it can be seen that they would be quite 
adequate for use in scale-up calculations. 

The stability of any process being proposed for indus- 
trial use is of paramount importance. This current work 
has shown that the AEB process is robust and able to 
recover quickly from the adverse effects of overload, 
starvation and the introduction of oxygen. This type of 
resilience has been reported previously’. 


CONCLUSIONS 

The results obtained in this study confirm the poten- 
tial of the anaerobic expanded bed process for treating 
high strength industrial effluents at high loading rates 
and short hydraulic retention times. The process has also 
been shown to have the ability of recovering easily from 
the effects of adverse conditions. The performance of the 
small scale reactor, measured in terms of organic carbon 
removal, compares well with the limited data available 
from full-scale anaerobic reactors in general. 
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ON THE FREQUENCY DEPENDENCE OF 
ELECTRICALLY ENHANCED EMULSION 
SEPARATION 


By F. M. JOOS and R. W. L. SNADDON 
General Electric Co. CRD, Schenectady, NY 12301, U.S.A 


Bailes and Larkai'? have presented data for electrical separation of a water-in-oil type emulsion in which they observe that 
the frequency of the applied modulated high voltage fields had an important effect on separation. In this paper, we propose 
that this dependency results from the dynamic response of the associated electrical circuit and the way this influences the 
magnitude of the electric field appearing in the emulsion. Their electrical circuit and liquid cell are modelled as a 
resistor-capacity network, a power supply and a switch. We compare their measurements with the model and discuss seme 
discrepancies between them. Finally, we show that the enhanced separation rate can be explained as a dependence of the 
coalescence rate on the mean value of the square of the electric field in the liquid. 


INTRODUCTION 

In recent papers Bailes and Larkai'? present some 
experiments where a water-in-oil type emulsion is passed 
through an electrostatic coalescer and then into a gravity 
settler. The settling rate is measured in terms of a 
‘coalescence parameter’ for different modulated high 
voltage direct current signals applied to the coalescer. 
Apart from trends that higher applied voltages yield 
higher separation rates, the investigators find that the 
frequency of the applied voltage signal plays a very 
important role in the settling rates. They try to explain 
the frequency dependence phenomenologically, sug- 
gesting that, at the right frequency, droplet chains are 
formed which enhance coalescence; at higher frequencies 
the chains cannot be formed and at lower frequencies the 
droplet chains produce current leakage. 

It is generally accepted that electrically enhanced 
separation rates result from the action of electrical forces 
which increase the rate of droplet coalescence. Although 
several different models’ * have been proposed for the 
electrical forces at work in a suspension of droplets, the 
magnitude of the forces is always dependent on the 
magnitude of the applied electric field. In this paper we 
propose an alternative explanation for the frequency 
dependence observed by Bailes and Larkai. We argue 
that it is simply an average field strength effect, indepen- 
dent of the field’s frequency. This is done by examining 
an equivalent network of the electrical system, where the 
coalescer and associated circuitry are modelled as a set 
of capacitor-resistor components. The validity of the 
modelling technique is examined. For varying frequency, 
we show that the average of the square of the calculated 
field in the liquid in the coalescer can correlate fairly well 
with Bailes and Larkai’s coalescence parameter. How- 
ever, agreement between the measured and calculated 
currents and maximum fields through and across the 
coalescer is not good. Careful examination suggests that 
these discrepancies may result from difficulties in per- 
forming experimental measurements, a problem fre- 
quently encountered in the experimental study of liquid 
dielectric sysiems. 


( 
C.E.R.D. 63/5—« 


In this study we only deal with the square form pulses 
used by Bailes and Larkai as they are numerically simple 
and the most complete set of data published is for this 
pulse shape 


The Circuit Model 

In reference’ the investigators describe the electrical 
amplifier they used. It consists of a high voltage D.¢ 
power supply attached through a 100 MQ resistor to the 
anode plate of a triode high voltage valve. The valve’s 
cathode is grounded and its grid is connected to ground 
through a low voltage function generator in parallel with 
a 1 MQ resistor. The top high voltage electrode of the 
coalescer is connected to the valve’s anode plate. Be- 
tween the electrode and the flowing dispersion is a layer 
of acrylic. The bottom electrode is formed by a layer of 
the denser settled water phase grounded through the 
coalescer steel outlet pipe. 

Figure 1 shows the equivalent electrical network 
which models the experiment. The D.C. voltage supply 
is symbolized by V,; their 100 MQ series resistor is R;; 
the signal modulator circuitry (valve, | MQ resistor and 
signal generator) is replaced by the switch S(t) for the 
square pulses we examine here; the coalescer’s acrylic 
layer is represented by the resistor-capacitor subnetwork 
R, — C,; the R,—C, parallel combination replaces the 
emulsion that is between the acrylic layer and ground 
Voltages V,, V>, V3; are, respectively, the potential 
differences across the high voltage D.C. power supply, 
the acrylic layer and the emulsion. In the following 
paragraphs we justify the replacement of the physical 
components in Bailes and Larkai’s experimental setup 
by the electrical network of Figure | 

We found that the output impedance of the high 
voltage power supply they used was negligible compared 
to the 100 MQ series resistor, and thus the high voltage 
power supply can be replaced by the idealized power 
source V,. In the appendix we justify the repiacement of 
the signal modulator by a switch to ground 

Given a slab of homogeneous material of uniform 
thickness 6, dielectric constant ¢ and conductivity o, to 


Institution of Chemical Engineers 





AND SNADDON 


poe 





] R2 2 
Vv. | 
| ag te, |v 


Figure 1. Equivalent circuit for Bailes and Larkai’s coalescer 
experiment 








which a spatially uniform field V/6 is applied, it can be 
rigorously shown that its voltage drop-current charac- 
teristics are identical to that of a parallel resistor- 
capacitor circuit where 


R =6/(aA), C =&A/6 (1) 


and where A is the area of the slab over which the field 
is applied. Therefore, we are justified in modelling the 
acrylic coating of the coalescer’s high voltage electrode 
as a parallel resistor-capacitor circuit, R,-C,. Modelling 
the flowing emulsion as an equivalent R-C circuit is not 
simple®. For these calculations we will adopt an analogy 
assuming that the flowing emulsion behaves electrically 
as a Slab with electrical properties of the continuous 
organic phase and a thickness proportional to the or- 
ganic phase volume fraction; the equivalent resistor and 
capacitor components are identified as R, and C,. In this 
interpretation, the aqueous phase in the coalescer is a 
separated layer and acts as a short circuit. This analogy 
may be somewhat inaccurate; however, we will adopt it 
because of its simplicity, because we expect its predic- 
tions to be qualitatively acceptable, and because it is 
consistent with Bailes and Larkai’s interpretation as they 


use this model to estimate the ‘optimum frequency’ of 


applied voltage in reference’. In this paper we do not 
intend to solve the complex problem of the emulsion’s 
current-voltage characteristics. We will discuss the emul- 
sion circuit analogy later. 

Values of the equivalent resistors and capacitors used 
are those in Table 1. All numbers are either supplied or 
deduced directly from references'*. We chose the or- 
ganic liquid layer thickness to be 10 mm, in accordance 
with their suggestion’. 


Table 1. R-C Network Com- 
ponent Values, inferred from'- 


i R(GQ) 
l 0.1 

2 599 

3 0.0789 


C(nF) 


0.1634 
0.03689 


Analysis of the Electrical Circuit 


Solution of the circuit in Figure 1 depends on the 
position of the switch S(t). For half a period the switch 
is open, and for the next half it is closed. Kirchoff’s laws 
applied to the circuit are: 


V,+V,=0, 2nt <t <(2n+1)t (4b) 


Equation 2 applies the current rule at position 2 in 
Figure |, equation 4a applies the current rule at position 
1 when the switch is open, and equations 3 and 4b apply 
the potential rule around different loops. This leads to 
two sets of equations, namely (a) when the switch is 
open, (2n — 1)t <t <2nt; and (b), when the switch is 
closed, 2nt < ¢ <(2n+ 1)t. The number of degrees of 
freedom in the set of equations (a) and (b) is two and 
one, respectively. We reduce the number of independent 
variables by eliminating V, in both sets of equations, and 
V, in set (b). This results in matrix equations of the type 


b+[RC]~'v =a (5) 


where, for set (a) 


,| V2 
=r] 
V; 


r 


i C,(1/R, + 1/R,) 


1/(C;R, 


1/C, 
= ] R,| | 
] Cc 


and for set (b) 


1/(C,R)) 
1/C,(1/R, + 1/R3) | 


Pas ee 
v = V/V, [RC] =( + a WMC2 + Gs), a=0 (6b) 
\R, Ry 
Because we are interested in the periodic solution of 
these equations, it is sufficient to solve them in the period 
-t <t<t (i.e., n= 0) with appropriate matching con- 
ditions. When the switch opens, at time ¢ = +7, the 
temporal continuity of the potential drops must be 
required. The new imposition of equation 4a at time 
t = —t, is satisfied by a change in slope of the potential 
drops. 
lim V(t) = lim V(t) for 1 <i<3 (7) 
i am f——7 * 
The matching conditions when the switch closes, at time 
t = 0, are more complex. The new requirement, equation 
4b, demands a discontinuity in the potential drops 
(V,+ V,). For equation 3 to remain valid, V, must also 
be discontinuous. 
VO) =V, (8a) 


To maintain the current law at node 2, equation 2 
requires that the total current be infinite. Noticing that 

just after the switch closes the resistive terms in equation 
2 are negligible compared to the capacitative terms and 

combining with equation 4b: 

v0 a aie (0°) (8b) 
5 C,+C, 


and 


_ V0" )—C,V0-) 


V(07) (8c) 


Comparison of the Analytical and Experimental Results 


Figures 2—4 show the calculated normalized voltage 
drops across the coaelscer and across the liquid in the 
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Figure 2. Calculated potential drops across the emulsion (V,) and 
across the coalescer (V, + V,) over a period for a | Hz switching cycle 


coalescer during a period for different frequencies, 
f = 1/(2t), in the experimental range. The shapes of the 
voltage across the coalescer compare well with the one 
provided in reference’. We cannot compare magnitudes 
because these were not supplied. 

A most significant prediction is the difference in shape 
and magnitude of of the voltage V, applied across the 
liquid when compared to the voltage V,+ V, applied 
across the coalescer and when compared to itself (V;) at 
different frequencies. At the lowest frequency, Figure 2, 
it appears that the field in the liquid is virtually negligible 
except immediately after a change in switch position has 
occurred. At higher frequencies the effect is attenuated: 
when the switch is closed the peak is reduced 
significantly and the signal at intermediate times is 
significant. In addition, the maximum voltage peak is in 
the opposite direciton to the externally imposed poten- 
tiai and its magnitude changes with frequency. This is in 
contradiction with Bailes and Larkai’s findings that the 
maximum field peak was invariant with applied 
frequency”. 

Physical interpretation of the voltage predictions is as 
follows. At low frequencies, such as in Figure 2, the 


Capacitative (i.e. displacement) currents are important 


DIMENSIONLESS VOLTAGE V/V, 





-0.5 
DIMENSIONLESS TIME t/2r 
Figure 3. Calcuiated potential drops across the emulsion (V,;) and 
across the coalescer (V,+ V;) over a period for a 20 Hz switching 
cycle. 
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Figure 4. Calculated potential drops across the emulsion (V,) and 
across a coalescer (_V, + V,) over a period for a 60 Hz switching cycle 


only immediately after the switching has occurred. At 
other times within a period, resistive currents dominate. 
Because the equivalent resistance of the emulsion is 
negligible compared to that of the acrylic layer (see 
Table 1), the voltage drop across the liquid is negligible 
compared to the applied potential source V, during most 
of a cycle. At moderate and higher frequencies the 
equivalent capacitative current components correspond- 
ing to the coalescer remain important throughout the 
cycle and thus the magnitudes of the voltage applied 
across the box, V,+ V;, and across the emuision itself, 
V,, are comparable. However, for constant voltage 
source V,, the voltage applied across the box diminishes 
with increasing frequency because an increasing fraction 
of the applied voltage V, drops across the series resistor 
R,. 

Figure 5 shows the average normalized voltage drop 
across the liquid as a function of applied frequency 
According to the model, the average current through the 
liquid is defined as: 

Bs V, 
T=— | (GVi+5 di (9) 
where the superscribing bar denotes average over a 
period. As the transient is periodic in nature, no net 
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Figure 5. Calculated dimensionless average potential drop acr 
emulsion in terms of switching frequency 
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ire 6. Calculated mean square of the dimensionless potential drop 
} 


across the emulsion in terms of frequency 


current is passed through the capacitor, thus 


(10) 


Therefore the average current is proportional to the 
normalized average voltage of Figure 5. Contrasting 
with the experimental results, there is no maximum 
average current near 8 Hz. Furthermore, the computed 
currents are two or three orders of magnitude smaller 
than the experimentai ones. 

In Figure 6 we present the average of the square of the 
normalized potential drop across the liquid as a function 
of frequency. Here we find a maximum peak near 22 Hz 
and that the curve bears some similarities to that of the 
measured coalescence parameter vs. frequency”. 


Experimental Measurement Difficulties 

Our experience is that accurate electrical measure- 
ments in dielectric fluids are extremely difficult to make. 
Hence, in examining some of the discrepancies between 
the electrical parameters predicted by the model and 
those measured in the experiment, it is worth considering 
potential sources of experimental error. Potential errors 
due to the model idealizations will be discussed later. 

With regard to the electric field values, it is expected 
that the average or maximum field strengths in the liquid 
would vary with excitation frequency assuming the 
electrical set up can be represented by a network of 
resistor—capacitor components. The investigators found 
that the maximum field varied with applied voltage but 
not with frequency; the fields having been calculated 
from potential drop measurements across two probes 
aligned perpendicularly between the electrodes. Even 
though the potential for measurement error was recog- 
nized, it should be pointed out that the probes behave 
as a Capacitor in the system and even very small currents 
and induced charges can result in large distortions to the 
neighboring fields and the measurement itself. Further- 
more, accurate measurement of time varying quantities 
requires matching of the electrical time constant of the 
measuring circuit to the characteristic times of the 
parameters under investigation. 


With regard to current flow, Bailes and Larkai mea- 
sured the charge passing through a Keithley 610C 
electrometer between the ground electrode and ground. 
Average currents were estimated as the overall slope of 
the charge-time history taken with a strip chart recorder. 
The electrometer measures essentially the current given 
by the integrand of equation 9 and integrates it over 
time. As indicated earlier, the displacement currents can 
be very large, when the valve goes into the short circuit 
mode. The time taken for the liquid capacitor to re- 
charge is limited by the maximum current that can be 
passed by the valve (see the appendix) or by the valve’s 
characteristic times. In either case, this time is of the 
order of 10ns. The electrometer they used cannot 
measure the large currents going through the liquid 
{perhaps 2mA) in such a short time. Because the 
electrometer would measure the liquid displacement and 
the liquid conduction currents, the perceived currents 
would be much larger. This may explain the order of 
magnitude discrepancy between the experimental and 
calculated currents. Additionally, it may be questionable 
whether the response time of their strip chart recorder 
was small enough to record this peak faithfully or even 
to provide a reasonable average value. 

A second problem arising from the current mea- 
surement is that the coalescer may not be isolated 
electrically from the rest of the system. (This is extremely 
difficult to do.) Therefore, there are probably many 
electrical paths from the liquid to ground, such as 
pumps, metallic piping and conducting surfaces. 
Through all these paths current can fiow from the liquid 
to ground. This problem would suggest, though, that the 
actual current is larger than actually measured, contrary 
to our prediction. 


Validity of the Emulsion Electrical Analog 

In a survey on the dielectric properties of hetero- 
geneous media. Jones® indicates the upper and lower 
limits for the effective dielectric constant of a media such 
as ours. These Wiener limits are found by assuming that 
the liquid phases in the cell have been separated and 
form two slabs that distribute themselves in one of the 
following ways: (a) each slab covers the entire cross 
section of the cell and the slabs contact each other and 
one electrode: (b) each slab contacts both electrodes. 
These are, respectively, the lower limit with the slabs in 
series and the upper limit with the slabs in parallel. These 
are also the upper and lower limits, respectively, of the 
liquid’s conductance. Within these limits, the behavior of 
the heterogeneous media can be quite complicated. 
Jones® indicates that often the values of the effective 
resistance and capacitance will vary with frequency and 
field strength for solid-gas systems and often should be 
modeled by more complex networks. In our case, as the 
drops can coalesce, the size of the discrete droplets can 
also affect the resistance-capacitance properties of the 
liquid. 

Our electrical model of the liquid closely resembles the 
series model where the water phase is neglected because 
of its very low resistance (about 4Q). In the parallel 
limit, the capacitance would be 0.45 nF and resistance 
4Q compared to the 37 pF and 79 MQ, respectively, for 
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the series limit. Such a wide range in the values of the 
analogous electric component for the liquid suggests that 
our choice of values is quite arbitrary. Despite its defects, 
the analogy is very instructive: the fact that the emulsion 
conductance is so much greater than that of the acrylic 
layer ensures that the potential drop across the liquid 
will be negligible compared to the applied potential 
across the coalescer during most of a cycle for low 
applied frequencies; and that for high applied fre- 
quencies, a large part of the applied voltage will be 
dropped across the resistor R, instead of the coalescer. 


Relating Field Strength to Settling Rate 

As already stated, it is accepted knowledge that the 
increased settling rate produced by imposing an electric 
field across a water-in-oil type emulsion is due to droplet 
coalescence. Settling rates are proportional to the set- 
tling velocity of these droplets which in turn is propor- 
tional to the square of the droplet diameter. (The force 
promoting the droplet motion is buoyancy 
proportional to the droplet volume—which is balanced 
by viscous drag—proportional to the droplet size and 
velocity at low Reynolds numbers.) Thus, the coalesced 
droplets will settle more rapidly. 

The mechanisms promoting dreplet coalescence by 
electric fields are not well understood. It is accepted that 
fields produce coalescing forces on the droplets in this 
kind of emulsion. Sometimes conflicting models propose 
to relate the force with field strength, and geometric and 
liquid properties. References'* survey some of these 
models. Many models predict that the force is propor- 
tional to the field strength or its square. Higher forces 
imply larger coalescence rates, which in turn produce 
higher settling rates. Thus for steady D.C. conditions the 
settling rate should be monotonically increasing function 
of field strength or its square. For time varying situ- 
ations, it is necessary to identify the important time 
constants of the systems. A time can be determined 
characterizing the typical period between two con- 
secutives coalescences of a typical drop. if this co- 
alescence is much larger than the circuit’s period, then 
the coalescing and settling rates will be monotonically 
increasing functions of the average field strength or its 
square. 

The experimental results’ show a unique maximum 
settling rate should be a monotonically increasing 
function of field strength or its square. For time varying 
situations, it is necessary to identify the important time 
not show this behavior, however the average of the 
square (i.e. the mean square) of the potential drop in 
Figure 6 shows a similar behavior. The noticeable 
difference is that in Figure 6 of the maximum is at about 
22 Hz. A fundamental reason for the shift in the main 
peak could be the over-simplicity of our circuit model for 
the liquid. 

During their experiments, Bailes and Larkai measured 
a coalescence parameter P against frequency for 
different input voltages V,. Then, by using the Figure | 
model, the voltage drop across the liquid (and thus the 
electric field in the liquid), can be estimated. If the 
coalescence rate was independent of frequency but de- 
pendent on the average of the square of the electric field, 
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COALESCENCE PARAMETER P 


DIMENSIONLESS MEAN SQUARE VOLTAGE 


Figure Experimental coalescence parameter P plotted against the 
corresponding calculated mean square potential drop 


emulsion 


across the 


their data for the coalescence parameter P for different 
frequencies and applied voltages should lie on a single 
line when plotted against the average of the squared 
voltage drop across the liquid 

Figure 7 is a plot of the experimental coalescence 
parameter as a function of the average of the square of 
the calculated potential drop across the liquid. The data 
was extracted from a graph in reference giving the 
coalescence parameter in terms of frequency of the 
modulated signal for different high voltages V,. Given 
the frequency and the supply voltage V,, we estimated 
the average of the square of the potential drop across the 
liquid by applying the calculated relation shown in 
Figure 6. The correlation shown in Figure 7 is not good 
Reasons for this may be the inaccuracy of the equivalent 
resistor-capacitor components for the liquid 

Given the uncertainty in the modelling of the emul- 
sion’s electric analog, it is appropriate to examine if the 
predictions of Figures 6 and 7 can be improved by some 
simple modification in the magnitudes of the emulsion 
electrical components. Figure 8 shows the mean square 
of the potential drop across the liquid in terms of 
frequency, when the liquid equivalent resistor and capac- 
itor are increased by a factor of five. Figure 9 presents 


(V./V_) 


DIMENSIONLESS MEAN SQUARE VOLTAGE 


FREQUENCY (Hz 


Figure 8. Calculated mean square of the dimensionless potential d 
across the emulsion in terms of frequency for R, and C, five time 
larger than given in Table | 
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Symbol Applied Voltage 
4 kV 
2 kV 
0.4 kV 
. 0.2 kV 


COALESCENCE PARAMETER P 


10° 104 10° 
DIMENSIONLESS MEAN SQUARE VOLTAGE (V3/Vo) 
Figure 9. Experimental coalescence parameter P plotted against the 


corresponding calculated mean square potential drop across the 
emulsion for R, and C; five times larger than given in Table 1. 


Bailes and Larkai’s data plotted against the liquid mean 
square voltage drop for its new assumed properties. The 
correlation is better but not very good; probable reasons 
for the discrepancies may lie in the experimental error 
and, as already indicated, in the oversimplicity of the 
emulsion capacitor—resistance model. 


Conclusion 

In this paper we have proposed an alternative expla- 
nation for Bailes and Larkai’s'” settling rate data for 
emulsions subjected to modulated D.C. voltages of 
different frequency. The actual effect of the different 
frequencies is to modify fields in unexpected ways and 
the different settling rates can be explained in terms of 
the mean square field appearing in the emulsion. Thus, 
for systems where the characteristic coalescence time is 
much longer than the period of the applied modulation, 
it can be argued that there is no inherent dependence of 
settling rate with frequency. 

Also, we have drawn attention to some of the serious 
difficulties encountered while making electrical mea- 
surements in liquids. 


APPENDIX 
The Periodic Response of the Valve 


Figure A-1 is a schematic of a triode valve’s plate 
characteristics. The current / is determined by the plate 
or anode potential V,( = V;+ V,) and the grid voltage 
V, which is provided by the low voltage funct.on gener- 
ator. When the square waveform is applied the current- 
voltage will be on one of two abscissa, say 1 and 2 in 
Figure A-i. When the input pulse is negative, 
(2n — 1)t <7? < 2nt, the anode voltage and current lie on 
1, and the current leaking to ground is negligible for any 
plate voltage V,. Just after time ¢ = 2nt, the input pulse 
becomes zero or positive and the anode characteristics 
are on 2. The anode voltage V, will be the same but the 
current becomes large. Because of the nature of the 
circuit, the large current draws down the plate voltage 
very rapidly (about 10 ns) which in turn reduces the 


/ 
i jie 


ye 
) 1] / 
8 ZAL |; 


| 
t 
Vo>—et=(2n-1ph* 9 


Figure A-|. Schematic of a triode valve’s plate characteristics. 


current. The cycle is completed when the input pulse 
turns negative and the plate characteristics lie again on 
1. Thus, for the half period 2nt <¢ <(2n+1)r the 
voltage across the valve is negligible most of the time and 
for the half period (2n—1)t <¢ <2nt the current 
through the valve is negligible. In the limit, the valve can 
be pictured as a_ switch that is open during 
(2n — 1)t <¢ <2nt and closed during the rest of the 
cycle. 


SYMBOLS USED 


cross sectional area of slab, equation | [m*] 
forcing vector function of equation 5 [s~ '] 
capacitance [F] 
current [A] 

n positive integer [ — ] 

R resistance [Q] 

t time [s] 

} potential difference [V] 

t vectorial representation of V, equation 6 [V] 


Greek Symbols 


slab thickness, equation | [m] 
dielectric constant of the material, equation | [Fm 
conductivity [(Q~'m~'] 

T half period [s] 


Subscripts 


Input supply 

Element in the equivalent circuit 
anode 

grid 

array 


Superscripts 
_ average 

partial differentiation with respect to time [s~ '] 
positive, negative limit 
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Book reviews continued from page 299 


Engineers carrying out calculations in the supercritical 
and very high pressure regions will find these tables of 
great value and they form an essential part of the 
physical property section of all technical libraries. They 
are exceptionally well bound with a quality of cover 
rarely seen these days. When a 20 page soft cover set of 
student steam tables now costs £1.60, the price is not 
exorbitant. 


P. N. Snowdon 


Process Variables in Biotechnology 

Members of the Working Party ‘Bioreactor Per- 
formance’ of European Federation of Biotechnology 
DECHEMA, Frankfurt am Main, 1984 

pp. 135 (price not given) 


The Working Party on ‘Bioreactor Performance’ of the 
European Federation of Biotechnology have prepared a 
collection of twenty-one essays on the operational and 
control parameters of biological reactors, under the title, 
‘Process Variables in Biotechnology’. The stated aims of 


the working party were to determine the significant 


parameters that characterise bioreactors and _ fer- 
mentation processes, and then to consider the theoretical 
bases and the technical application of these parameters 
to bioreactor systems with respect to the biochemistry, 
microbiology and engineering of the system. 

The content of the 135 pages of the soft backed, AS 
text, meets this aim. The topics or parameters of bio- 
reactor systems are first summarised within the context 
of the operation of a fermenter system, with reference to 
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the fundamental problems of mixing and mass transfer 
in such heterogeneous systems. Thereafter the articles, 
contributed by the authors from the countries associated 
with the European Federation of Biotechnology, can be 
considered under two headings: firstly, measurement and 
control of a biological reactor comprising temperature; 
biomass; stirrer speed; power input; liquid level, volume 
and weight; gas holdup; gas flow rate; dissolved oxygen, 
oxygen transfer and k, a; enzyme electrodes; monitoring 
by mass spectrometry and gas exchange analysis. Sec- 
ondly, operation of a biological reactor comprising 
foaming and foam control; addition of feedstocks; steril- 
ity and sterilization; rheological properties and shear 
effects; mixing times and scale up 

The presentation of each of the twenty-one topics is 
brief and to the point, but it provides a basic reference 
list, so that this small handbook is both an aide-memoire 
on known subjects and a good starting point for infor- 
mation on less familiar subject material. For the student 
in these disciplines it provides an excellent synopsis of 
the subjects covered in most biochemical engineering 
and biotechnology courses. The only omission in this 
most useful little book is on heat transfer 

Nevertheless, Process Variables in Biotechnology is to 
be recommended for bringing together in a condensed 
form so much practical information, and is therefore a 
worthwhile addition to the collection of such day to day 
reference books of science dictionaries, data books, 
Roget’s Thesaurus etc. that are always handy to have 
within arm’s reach. 


A. J. Knights 





MODEL FOR PREDICTION OF POINT EFFICIENCIES 
FOR MULTICOMPONENT DISTILLATION 


By R. KRISHNA (MEMBER) 


Indian Institute of Petroleum, Dehra Dun 248005, India 


This paper presents a model for the calculation of Murphree point efficiencies in distillation on non-ideal multicomponent fluid 
mixtures from information on tray hydrodynamics and diffusivity data for the constituent binary pairs in the mixture. A 
two-zone model is used to describe the hydrodynamic behaviour of the tray. Zone I consists of a formation zone, just above 
the tray floor, with the gas issuing as a cylindrical gas jet through the perforations. Above this zone is the bulk froth zone, 
Zone Il, where the gas is dispersed in the form of rigid spherical bubbles of varying size populations. The interfacial mass 
transfer rate relations are based on the generalized Maxwell-Stefan diffusion equations and take proper account of differences 
in the binary pair Maxwell-Stefan diffusion coefficients in the vapour and liquid phases. Non-equimolar transfer effects are 
taken into account by invoking an energy balance at the vapour—liquid interface. 

Calculations based on the model are used to demonstrate the strong influence of froth hydrodynamics (bubble sizes, size 
distributions and rise velocities) on the relative values of the component efficiencies. Using a particular example for distillation 
of ethanol—tert butanol—water, it is shown depending on the bubble size and residence time, the efficiency of tert butanol, 
could attain efficiency values in the range —20% to +50%. Channelling of the gas phase via fast-rising bubbles is also shuwn 
to have an effect on the extent of diffusional coupling experienced in the system. 

The medel developed in this paper could form the basis of an a priori method for the estimation of multicomponent distillation 


efficiencies. 


INTRODUCTION 
Though distillation occupies a position of pre-eminence 
amongst industrially used separation processes, there is 
still a lack of fundamental understanding concerning the 
interphase mass transfer behaviour on distillation trays. 
Industrially used design procedures usually proceed via 


the equilibrium stage calculations and departures from 
equilibrium are later incorporated by the use of an 
overall column efficiency; witness the recently expressed 
industrial view point by McEwan and Darton’. Such a 
procedure has little fundamental basis because for multi- 
component distillation the mass transfer efficiencies of 


individual components, on any given tray, will be 
different from one another and these values will vary 
from one tray to the next*. In fact, to the author's 
knowledge the first published realisation of multi- 
component distillation behavior dates back to 1941 
when Walter and Sherwood’, on the basis of an extensive 
experimental study of Murphree vapour and liquid plate 
efficiencies for absorption, desorption and rectification 
operations, concluded that “the results indicate that 
different efficiencies should be used for each component 
in the design of absorbers for natural gasoline and 
refinery gases”. 

Toor***’ was amongst the first to provide a theor- 
etically based model for calculation of multicomponent 
distillation efficiencies. In an interesting computational 
study, Toor and Burchard’ showed with the aid of a 
sample design problem with the system methanol-—iso- 
propanol—water that neglect of differences in component 
efficiencies could lead to severe underdesign. Toor’s 
work served to kindle experimental and theoretical 
interest in this area and confirmation has been obtained 
on many of the theoretical predictions, see the fairly 
complete literature surveys of Krishna**. The most 
dramatic experimental results, in the opinion of the 
author, are with the system ethanol-—tert butanol—water’ 


for which it was observed that the component point 
efficiency of tert butanol exhibited efficiency values, 
under similar hydrodynamic conditions, ES" > 100°, and 
ES’ < 0°. This bizarre, un-binary like, behaviour of tert 
butanol could be rationalized on the basis of multi- 
component mass transfer formulations based on the 
Maxwell-Stefan diffusion equations’. It is interesting to 
remark that the un-binary iike behaviour of the system 
ethanol-tert butanol—water was also observed during 
distillation in a completely different apparatus: a wetted- 
wail column’, lending unequivocal confirmation of the 
interphase mass transfer models. 

The analyses of multicomponent mass transfer on 
distillation trays have thus far concentrated on the 
setting up of the interphase mass transfer rate relations, 
using grossly simplified “black-box” type models for the 
tray hydrodynamics; see for example the recent paper by 
Burghardt et al.'°. In recent years considerable progress 
has been made on understanding the influence of hydro- 
dynamics on the efficiency of binary mixtures; see for 
example the recent papers by Lockett et al.'° '*. In 
particular, the influence of bubble size distribution and 
gas channelling on binary tray efficiency has been noted 
as being of paramount importance'''. It would perhaps 
not be out of place to point out that the deleterious effect 
of bubble size distribution on the mass transfer per- 
formance of bubble columns and gas fluidized beds, 
especially operating in the churn-turbulent regime, has 
long been appreciated and have been modeled with the 
help of the “two-phase” theory'®'’'* in which the fast- 
rising bubble population is considered as the “dilute” 
phase. Tray hydrodynamics has not yet been tackled 
with the “two-phase” theory. 

In the present communication we focus attention on 
the influence of tray hydrodynamics on the component 
efficiencies in multicomponent distillation. The analysis 
is restricted to the free-bubbling regime of operation of 
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tray columns. Work is in progress to extend the treat- 
ment to the spray regime of operation. It is in the free 
bubbling regime that the analogy with the churn- 
turbulent flow of fluid beds is particularly striking. 
The ensuing analysis is limited to the determination of 
point efficiencies in non-ideal n-component mixtures; 
liquid mixing effects, liquid channelling, liquid entrain- 
ment and vapour mixing effects are not considered. 


INTERPHASE MASS TRANSFER RATE 
RELATIONS 

Consider the mass transfer process between the 
vapour and liquid phases at any given position within 
the vapour-liquid dispersion (froth) on the tray. In this 
section we shall develop the proper form of the rate 
relations, postponing to the next section, the question of 
the estimation of the appropriate transfer coefficients. 

The diffusion process is most conveniently described 
by the generalized Maxwell-Stefan diffusion equations. 
Consider first the diffusion within the non-ideal liquid 
phase. The Maxwell-diffusion equations for the n- 
component mixture’ can be written as 
" xN — x\N; 
— 


] y 
+ 


Xx; . 
RT V T pHi - 


Due to the Gibbs-Duhem relationship 


> x V7.4 =0 (2) 
l 


only n — | of the equations (1) are independent and so 
to determine the n interfacial fluxes N; we need to 
supplement equation (1) with an additional relationship. 
This additional relationship is provided by an energy 


balance at the interface”’*', which simplifies to 
Y N\A =0 (3) 
l 


for the case where temperature equilibration is rapid, as 
is the case for distillation tray operations. When the 
molar latent heats of vaporization of the individual 
species: 

4=HA‘-—H', i : (4) 
are equal to one another the relation (3) degenerates to 
the requirement of equimolar counter transfer: 


N, = 2 N, = 0, 


a condition almost always implicitly assumed in text- 
book treatments of the subject of distillation mass 
transfer; see for example King”. It has been pointed out 
that the approximation (5) could lead to large errors in 
some cases of multicomponent transfers”*'; we therefore 
recommend the routine use of the more general re- 
lationship (3). 

The energy balance relation (3) enables us to “elimi- 
nate” the nth flux N, from the relations (1) and the 
further analysis is facilitated if we express the n — | 
independent equations (1) in m — | dimensional matrix 
notation: 


(N) = —c[B)[B)'IF](Vx) (6) 
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where we introduce three separate coefficient matrices, 
each of dimension n — | x n — 1 as follows: 
(1) a bootstrap matrix [f], with elements 


B; = 0, | “ 2 . ij= (7) 
y x A; 


This matrix portrays the non-equimolar transfer char- 
acter of the process considered. When the constituent 
molar latent heats of vaporization are close to one 
another, the bootstrap matrix [8] degenerates to the 
identity matrix [I]: 


[6] = [1] 


(2) the matrix [B] of the inverted Maxwell-Stefan 
diffusion coefficients with the elements 


(equimolar transfer) (8) 


5 ok oo Se 1 (10) 
(i FJ) 


D Dp. 


which are calculable from information on the pair 
diffusivities B,. For ideal vapour mixtures the B, are 
identical to the Fickian binary diffusion coefficient in 
the binary mixture i —/ and can be estimated from the 
semi-empirical models based on the kinetic theory of 
gases’. It is interesting to note that for ideal vapour 
mixtures while the binary pair diffusivities are indepen- 
dent of composition, use of the formulation (6) for 
n-component transfer, renders the multicomponent 
diffusion coefficient matrix [B]~' composition dependent 
For non-ideal liquid mixtures the pair diffusivities DB 
are composition dependent, even for binary mixtures 
For binary mixtures, the 8; show a much simpler 
dependence on the composition than the corresponding 
Fickian diffusivity, as shown by Vignes“, who suggested 
the following rule for the prediction of DB, from the two 
infinite dilution coefficients BD! and D 


D,=(P)))°(P5)" (binary mixture) (11) 


The infinite dilution coefficients DB’ and P° can be 
estimated by the methods discussed in Reid et al 

For n-component mixtures, the methods for predic- 
tion 2, are still under development; see for example the 
references (25-27). In the absence of reliable prediction 
procedures we recommend the foilowing generalization 
of the Vignes relationship: 


PD. = (DP, )ss'"75"(D 7) 
ij= l (12) 


Our unpublished calculations indicate that the above 
relationship (12) is of adequate accuracy for engineering 
design purposes. 

Let us now examine some limiting forms of the matrix 
[B]. When the components making up the mixture are 
similar in size and nature and the mixture is nearly 
thermodynamically ideal, then the pair diffusivities DB 
become nearly equal to one another and the matrix [B] 
degenerates to the form: 


[B])= D-'[I] (13) 
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which will be a good engineering approximation for 
close-boiling hydrocarbon mixtures. Indeed, measure- 
ments of the diffusion coefficients in the ternary system 
toluene—chlorobenzene—bromobenzene* show that the 
diffusion process can be characterized by one character- 
istic diffusion coefficient ®. For non-ideal mixtures 
made up of components of differing size, nature, polarity 
and hydrogen bonding characteristics the pair 9, 
typically vary by a factor of four. We do not therefore 
recommend the use of a single diffusivity to describe the 
transfer behaviour in either fluid phase. 

Another limiting case of interest is when one com- 
ponent, say component |, in the mixture is present in 
vanishingly small concentrations. In this case the re- 
lations (6), (9) and (10) reduce to 


N, = —c¢,B;)' Vx, (14) 


where B,, is calculated from the infinite dilution 


coefficients as follows: 
B, a 0 v hod es aes 0 
Di, BD); D 


In 


(15) 


(3) The last of the three coefficient matrices is [I], the 
matrix of thermodynamic factors with elements 


(16) 
The elements I, can be calculated from the non-ideal 
solution model used to describe the vapour-liquid equi- 
librium data, for example the models of Wilson, NRTL 
and UNIQUAC could be used for this purpose”’. In the 
absence of experimental data on the Wilson, NRTL or 
UNIQUAC parameters, the UNIFAC group contribu- 
tion method could be used to provide estimates of I;,*”. 
For thermodynamically ideal systems the matrix [T] 
degenerates to the identity matrix: 


(T] = 


We see from the above that the interphase mass 
transfer process in multicomponent systems is character- 
ized by three coefficient matrices: [f], [B] and [IT], 
reflecting, in turn, non-equimolar transfer behaviour, 
differences in constituent binary pair diffusivities 9D ; and 
departures from thermodynamic ideality. For the triply 
special case of equimolar transfer in an ideal gas mixture 
made up of species of similar size and nature we see that 
the relations (6) degenerate to 


N, = —c, B Vx; 


(thermodynamically ideal mixture) (17) 


(very special case) (18) 


which is the simplest form of Fick’s law generalized to 
multicomponent mixtures. The thrust of the present 
communication is to analyse the many practical situ- 
ations where the simple relation (18) is not adequate 
even for gross engineering design purposes. The general 
analysis will help to identify situations where departure 
from (18) can be expected to be serious. 
The solution of the constitutive relations (6) together 
with equations of continuity 
| 
aiinaashe : (19) 
rf 


c 


to obtain the composition profiles and fluxes N, is a 


formidable problem. An exact solution is possible for 
steady-state diffusion of ideal gas mixtures across a 
“film’’*'. Krishna® has suggested a generalization of the 
ideal gas film model to other situations of practical 
interest. This is the latter approach we recommend and 
summary of the procedure for the estimation of the 
interfacial fluxes N; is given below. 

Firstly, it is assumed that for the hydrodynamic 
description of the particular phase under consideration, 
the diffusion equations can be solved for the correspond- 
ing situation in a binary mixture under the conditions of 
equimolar transfer, a few such solutions are discussed in 
the next section. For example, for diffusion in the liquid 
phase on a tray the penetration model solution for 
binary mass transfer is given by 


k =2D'?/(xt)!'? (20) 


where k is time-averaged binary mass transfer coefficient 
and ¢ is the vapour-—liquid contact time. The binary 
solution (20) can be used to calculate the pair mass 
transfer coefficient Ak; in a multicomponent mixture, 
thus: 


k,=2DiP?(nt)'", ij (21) 


where we use the Maxwell-Stefan pair diffusivity 9 in 
place of the Fickian binary diffusivity in the binary 
solution (20). 

Once the binary pair mass transfer coefficients have 
been estimated the next step is to calculate the matrix of 
inverted mass transfer coefficients [R] whose elements 
are given by 


where xX, denotes an average composition (say the arith- 
metic average) between the bulk fluid phase (x,) and the 
interface (x,.). 

The interfacial fluxes N, (i = 1, 2,...,m — 1) are then 
given by 


(N) = cP UR Py — x.) (24) 


where the superscript | is introduced to distinguish the 
liquid phase. The matrices [B] and [I] are evaluated 
using equations (7) and (16) at the average compositions 
X,. Equation (24) represents an approximate solution to 
the generalized Maxwell-Stefan equations and has 
proved to be of good accuracy for the problem of 
distillation mass transfer****. The use of the approxi- 
mation (24) also avoids the trial-and-error solution 
required for the exact model”. 

Equation (24) describes the transfer process in the 
liquid phase (N, is considered positive for transfer from 
bulk liquid phase to the vapour-—liquid interface). Fol- 
lowing an exactly parallel development for the vapour 
phase we may derive the following relationship 


(N)=c{[-—B~}[R‘)'O. - y) (24) 
where y, and y,. denote the vapour phase compositions 
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in the bulk and interface respectively. In deriving (24) we 
have taken [I] = [I]. 

In distillation operations only the bulk phase com- 
positions x, and y, are accessible via material balance 
relationships. We need to eliminate the unknown inter- 
facial compositions x, and y,. To achieve this we 
proceed as follows. 

Firstly, the vapour—liquid equilibrium relationship 
requires to be linearized over the composition range of 
interest. We write 


—— x, + 5,, 
| OX, 
From the definition of activity coefficients y,, we have 
yF=yxXpi/pP. i= (26) 
Differentiating equation (26) with respect to x, we 
obtain after some manipulations 
(27) 
where KS is the K-value: 
KS = y#/x= Vil. i= (28) 
It is interesting to note that the thermodynamic 
factors T',, whose elements are given by equation (16) 
arise naturally in two entirely different contexts: descrip- 
tion of non-ideal diffusion and of (linearized) vapour 
liquid equilibrium. 
Combining equations (25) and (27) we obtain the 
linearized vapour-liquid relationship in the usable form 


(vy*) =[K“][F"](x) + (6) (29) 


where [K“‘] is a diagonal matrix of equilibrium K-values. 
y* is the composition in equilibrium with the bulk liquid 
phase of composition x;. At the interface we have the 
equilibrium relationship 


(v.) = [K] [PF] (x) + (6) (30) 


Equations (29) and (30) are required to eliminate the 
interface compositions and derive the addition of resist- 
ances formula for multicomponent systems. It is how- 
ever necessary to proceed with more caution than with 
the corresponding binary mass transfer problem so as 
not to violate the rules of matrix algebra. 

Equation (24) is re-written in the form 


(x —x) =(PP RB) Wye! (31) 


Pre-multiplying equation (31) by [K“ [I] and intro- 
ducing the equations (29) and (30) we obtain 
O*—y) =(KS[PP) RUB TW et (32) 
which relation can be further simplified because 
Pr) =O 
It is interesting to note the cancellation of the matrix of 
thermodynamic factors{I"]. Any errors inherent in the 
linearization of [I] by calculation at the average com- 
position X, are not critical because of the cancelling 
effect. This simplification only results if the approxi- 
mation suggested by Krishna” * is adopted. It is to be 


stressed here that the above simplification will not be 
obtained if the linearized theory of Toor®’ or Stewart 


(32a) 
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and Prober® is adopted. The latter theories involve 
diagonalization of the matrix [B]~'[I'] and require the 
calculation of 0y*/0x, using equation (27). Our recom- 
mended procedure given above requires evaluation of 
the equilibrium K-value, K‘4, for the composition range 
of interest, a much simpler task. 
Introducing (32a) into equation (32) we get 

(y* ye) = [K*][R'}[B'} '(N) c! (33) 
Writing equation (24) in the form 

(y.—y)=(RYB TV ' WN )/c} (34) 
and adding equations (33) and (34) we obtain 


(y*—y)= (RY + (KIRBY BY BTN ye} 
, (35) 


Let us now define the overall matrix of inverted vapour 
phase mass transfer coefficients [R°’] by 


[Ro]=(R1 + (KUR IBY BY (36) 


With the definition (36) we can calculate the interfacial 
fluxes N, from 


(N)=c\[BY[R")"'(v* -—y) (37) 


Equations (36) and (37) are the working relations for 
the calculation of the fluxes N;. We take up next the 
question of the estimation of the pair mass transfer 
coefficients K;, required in the calculation of the matrices 
[R'] and [R"] using equations (22) and (23) 


Tray Hydrodynamics and Estimation of 
Mass Transfer Coefficients 

In order to estimate the pair mass transfer coefficients 
k, in both vapour and liquid phases, to allow calculation 
of [R°’], we first need to model the tray hydrodynamics 
The vapour-—liquid dispersion on the tray is described by 
a two-zone model. In Zone I, just above the tray floor, 
is the bubble formation zone and is represented by 
cylindrical gas jets issuing from the holes in the tray 
Above this Zone I, is the bulk froth zone in which the 
vapour is dispersed in the form of rigid spherical bubbles 
in various size populations. Above this Zone II, will in 
practice be a splash zone but the interfacial area for mass 
transfer must be expected to be an order of magnitude 
lower than in Zones I and II and therefore excluded in 
the present treatment. We now consider the mass trans- 

fer processes in the two zones I and II, in turn. 


Zone I: Formation Zone 

At the level of attack in this paper we consider the 
liquid phase to be well mixed in the vertical direction and 
in Zone I, this liquid phase will be in contact with a gas 
jet in the form of a cylindrical jet. The transient diffusion 
equation for a binary mixture under conditions of 
equimolar transfer, can be solved analytically and the 
solution is available in Crank®. In the vapour phase the 
time-average mass transfer coefficient k\ is given by 


2 4 D 
k: , In} ¥ —ex Fo, — j?, (38) 
. a 1h |= Jim ‘ P| ” f) ref P. | 
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where j,, represents the roots of the Bessel function 
Jj.) = 0. The Fourier number Fo, is defined by 


4 D ref! 


Fo, = ; 
aj 


(39) 
where d, is the diameter of the cylindrical gas jet and 4, 
is the gas residence time: 


(40) 


h, is the height of the formation zone and U, represents 
the (absolute) velocity of the vapour in the jet. 

We have used a reference diffusivity D,., in the 
definition of the Fourier number because as we shall see 
later this number describes the hydrodynamic influence 
on the mass transfer in the gas phase in a convenient 
manner. The parameter a; represents the interfacial area 
per unit volume of (dispersed) gas and is given by 


a; = 4/d,. (41) 


Specification of the diameter of the gas jet, d,, the 
height of the formation zone, /,, and the absolute vapour 
velocity of the vapour through the jet, U), serves to 
describe the vapour phase mass transfer completely. 

Let us now turn to the liquid phase transfer process 
in the surrounding (well-mixed) liquid phase. In this case 
the penetration model applies and the time averaged 
mass transfer coefficient kj; is given by equation (21) with 
the contact time ¢, as given by equation (40). 


Zone II. Bulk Froth Zone 
Actually this zone will contain bubbles of a range of 


sizes. In our model we sha!l assume that the bubble size 
distributions can be represented by discrete populations, 
each population having bubbles of uniform size and 
assumed to be rigid spherical bodies. Consider a bubble 
of diameter d,, in the kth population. The transient 
diffusion equation for equimolar binary mass transfer 
can be solved for this bubble and the time averaged mass 
transfer coefficient k\, in the vapour phase, is given by 
(36) 


| 


ail 


il.k 
S . J eee Dp, 
x Inj — ¥ —exp( —12?m?Fo,, : } (42) 
gpl D ref 
where the Fourier number Fo,,, for the kth bubble size 
population in Zone II is 
4 DB ref 11 . 
di, k 
The gas residence time ¢,,, is calculable from the height 


of the bulk froth zone /,, and the bubble rise velocity 
Ui 


Foy, = (43) 


y hy, 
">, * 

l II.k 
Specification of the bubble diameter, d,,,, the bubble 
rise velocity, U;,,, and the height of the bulk froth zone, 
hy, serves to describe the hydrodynamics of the kth 
bubble size population, after equations (42)—(44) are 
supplemented with the following expression for the 


(44) 


interfacial area per unit volume of (dispersed) gas: 
6 
ay , = (45) 
di 
As for the case of Zone I, the liquid phase transfer 
coefficient is adequately described by the penetration 
model, with the time averaged mass transfer coefficient 
given by equation (21) using the contact time 4), as 
calculated from equation (44). 


Material Balance Relations and Calculation 
of Point Efficiencies 

Having established the interfacial mass transfer rate 
relations and chosen a hydrodynamic model to allow the 
calculation of the transfer coefficients in either fluid 
phase, it now remains to combine the derived relations 
with the material balance equations. We consider the 
mass transfer process within the vertical slice pictured in 
Figure |. The bulk liquid phase is considered to be well 
mixed within this slice. If G, represents the molar flow of 
component i in the vapour phase, the material balance 
relationship can be written for plug flow of the vapour 
phase as 


(46) 


where / represents the distance above the tray floor, a is 
the interfacial area per unit volume of froth and A is the 
active tray bubbling area. Introducing the superficial 
vapour velocity, U,, based on the active bubbling area, 
we may rewrite equation (46) as 
a a (47) 
dh 


Only n — | of the equations (47) are independent and 
further analysis is conveniently carried out if we express 
(47) in n — 1 dimensional matrix notation and combine 





| = i 


——— ae em ee ew ee eee 











Figure |. Schematic diagram of distillation tray. (y),; is the vector of 
compositions of vapour entering the vertical slice; (y), is vector of 
compositions of vapour leaving the vertical slice. The liquid is assumed 
to be well mixed within the slice considered 
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with the rate relations (37) to obtain 
d(U,y) 
dh 
which differential equation has to be integrated along the 
dispersion height to yield the composition of the vapour 
leaving the zone. For Zone I, the boundary conditions 
are 


[BY[R°) '(v* —y)a (48) 


h =0, 
h=h, 


(v)=(r)e; (v* - (y*—y), (49) 


(y)=O)30v* —y)=0*—-y) (50) 


where (vy), represents the vector of entering vapour 
phase compositions; (y*) is the composition in equi- 
librium with the bulk liquid phase composition (x) and 
(y), is the composition of the vapour phase leaving Zone 
I and entering the bulk froth Zone II. The mass transfer 
resistance matrix in Zone I is [R}*] and is to be calculated 
from equations (36) and (38)—(41), using the following 


expression for the interfacial area per unit volume of 


dispersion: 
a=ajé (51) 


where ¢, represents the hold-up of the vapour phase in 
Zone I. In the general case numerical integration of the 
differential equation (48) will be required. 

The composition of the vapour entering the kth 
bubble size population in Zone II is given by 


h=h, (y)=(y) k= (52) 


We need to set up the differential equation for each of 


the individual bubble size populations as follows 
(Ui Vinx) 
dh 


= [Bi J [Ril (y* = vinx (53) 
which requires to be integrated between the entering 
condition (52) and the condition at the exit of the kth 
population zone II: 


The composition of component j in the vapour mixture 
exiting zone II is the weighted average of the individual 
populations 


Va = YidLk.L> i.) ot aa (55) 


YAY 


A l 


where f, is the fraction of the total vapour entering Zone 
Il which passes up the froth via the kth bubble size 
population. This fraction f, is given by 
fi _ l ae (56) 
U, 

where é,,, is the gas hold-up of kth population in Zone 
II. It is clear from equation (56) that the major portion 
of the gas will be transported through the dispersion by 
the fast rising bubble populations, leading to gas chan- 
nelling and a deleterious effect on the tray efficiency''" 
Once the exiting vapour compositions y,, leaving 


Zone II, are calculated the Murphree point efficiencies of 


the individual components can be determined 


. ( y . — Sih 


E” =1- ‘ 
(y* 4 yj br 


(57) 
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In the general case of non-equimolar transfer the 
differential equations (48) and (53) have to be solved 
numerically, but a convenient analytic relationship can 
be derived for the case of equimolar transfer with the 
further assumption of constant [R°’] in each of the two 
zones. The analytical solution can be best expressed in 
the form 


(yv*—y). =(Q]Q* -—y); (58) 


where the nm — | x nm — | dimensional square matrix [Q] 
is constructed from the individual zone contributions 


[Q]= y AlQusJ(Qu- (59) 


The Zone I contribution is given by 
[O,] = exp[—[RP']"' aja) (60) 
The contribution of the kth population in Zone II is 
(Quix) = exp [—[Rii] 


The matrix exponentials in equations (60) and (61) can 
be evaluated by the use of Sylvester's theorem’. Due to 
differences in the pair mass transfer coefficients k,, in 
either fluid phase, the matrices [R°] will have non-zero 
off-diagonal elements and as a consequence the matrix 
[Q] will have non-zero off-diagonal elements. The con- 
sequence of these off-diagonal elements can best be 
appreciated by considering the simple example of a 
ternary system and writing equation (58) in the form 


Ayi, = Q), Avie + Q)2 Aya (62) 
Aya, = Q>, Ayig + Ox Avy (63) 


Anti) (61) 


The Murphree point efficiency for components | and 
2 are then expressible in the form 


Ay;3 
Ay, 
Ay, 
Ay»: 


The point efficiency of component 3 is related to E 
and E%": 


(64) 


(65) 


Ay - Ey’ + Ay» E 
: Ayip + Aya 


For mixtures made up of components of similar size 
and nature, the matrix [R°’] will reduce to the form of 
a scalar times the identity matrix (cf. discussions follow- 
ing equation (17)). In such cases the matrix [Q] will also 
reduce to the form Q [I] and it follows from equations 
(64)—(66) that E}’ = ES’ = In the general case with 
non-zero off-diagonal elements in [Q], the component 
efficiencies E°* will be different from one another. It is 
also interesting to note the direct influence of the ratio 
Ay,,-/Ay., on the values of the component efficiencies 
The ratio Ay,,;/Ay,, is determined by the operating 
conditions and the vapour-—liquid equilibrium relation- 
ship; the ratio can be large or small, positive or negative 
Let us examine some of the interesting possibilities 
Suppose Q,, and Q,, are both negative in sign (this is the 
case for the system ethanol—tert butanol—water to be 
analysed later); the coefficients Q,, and Q,, will always 
be of positive sign. For large positive values of Ay, 


(66) 
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Ay2,, the efficiency of component 2, £3", could attain 
values exceeding unity, i.e. greater than 100°. On the 
other hand for large negative values of Ay,;/Ay, ES 
could assume very small values and under sufficiently 
extreme conditions negative values could be obtained. 
The unboundedness of component efficiencies in multi- 
component systems is in sharp contrast to the corre- 
sponding behaviour of binary mixtures for which the 
component point efficiency (equal for both components) 
must lie between 0 and 1. 

In order to demonstrate the utility of the above model 
we carry out some calculations for the point efficiencies 


Ov rr 
E°’ = Murphree point efficiency 


0% 





r . ro 
etmandi, c, 


for the system ethanol (1)—tert butanol (2)—water (3). 
The composition of the vapour entering the tray is taken 
to be y\, = 0.5558, yx = 0.1353. The composition of the 
vapour in equilibrium with the bulk liquid phase leaving 
the tray is (y* = 6.6040, y¥ = 0.1335. The ratio Ayi_ 
Ay, is calculated to be —26.8 and from the discussion 
following equation (66) we should expect the efficiency 
of tert butanol to be very small, even negative. 

We assume that the tray operates in bubbling 
regime; the molecular diffusivities in the vapour and 
liquid phases are estimated as shown in an earlier 
communication’. 





05 


= 
Fo, > POurer number 





Figure 2. Murphree point efficiencies for the system ethanol (1)—tert butanol (2)—water (3) as a function of the Fourier number Fo,, in the bulk 
froth zone. The chosen conditions correspond to Run M46 of Krishna et al*. Mass transfer process is assumed to be gas phase controlled. 


PD ..=20mm’s 
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Figure 3. Variation of —Q,,/Q,, and Q,, (elements of matrix [Q]) as function of the Fourier number Fo, in the bulk froth zone. The chosen 
conditions correspond to Run M46 of [2]. The mass transfer process is assumed to be gas phase controlled. A ,., 


The molar latent heats of vaporization of the three 
species are found to be /, = 38.7 kJ/mol, 2, = 39 kJ/mol, 
4; = 40.6 kJ/mol. These values are so close to each other 
that the bootstrap matrices [f*] and [f'] could be approx- 
imated by the identity matrix [I]. In the calculations to 
be presented the assumption of equimolar transfer was 
therefore adopted and the analytic relations (58)—(61) 
were used in the determination of the point efficiencies 
Eo. 

It is anticipated that most of the transfer process takes 
place in the bulk froth zone. Before attempting to use the 
complete two zone model, we shall first demonstrate 
some interesting features concerning the influence of the 
bubble sizes on the values of the component efficiencies. 
To do this we initially assume that the formation zone 
is of negligible importance and that the bulk froth zone 
consists of uniformly sized spherical bubbles. Further, 
anticipating the results to be presented later, we assume 
that the mass transfer process is completely controlled 
by the resistance in the vapour phase, i.e. [R°’] =[R"]. 
With the above set of assumptions, examination of the 
equations (42) and (61), shows that the component 
efficiencies are unique functions of Fo,,. Figure 2 shows 
the variation of E%’ with Fo,,. The components ethanol 
(1) and water (2) behave “‘normally” and the component 
efficiencies of these species increases with increasing Fo,,. 
The component tert butanol (2) on the other hand shows 
a completely different behaviour. As Fo, is increased 
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20 mm s 


from 0.01 to 0.03, the efficiency ES’ decreases to a value 
of —0.15. Increase in Fo, beyond 0.03 increases ES" tll 
at Fo,, = 0.135, the value of E$’ = 0. Beyond Fo, = 0.135 
the value of ES" is positive and further increase in the 
Fourier number results in “normal” behaviour for tert 
butanol. At large values of Fo,,, equilibrium is attained 
and all the component efficiency values reach unity 
values. We see that even with the simplified model we are 
able to rationalize the observed negative ES’. The de- 
crease in E$‘ between Fo, of 0.01 and 0.03, however, 
deserves special comment and explanation. For small 
values of Fo,,, the mass transfer coefficient k* shows a 
square root dependence on the diffusivity. With in- 
creasing Fo,,, the dependence of k* on 9; approaches 
the linear (or “film model’) limit. In other words, an 
increase in Fo, results in an increasing dependence of the 
transfer coefficients on the pair ,; the differences in the 
pair ), therefore become increasingly important and 
the off-diagonal elements Q,,, Q,, should show a corre- 
sponding increase, relative to the main diagonal ele- 
ments Q,, and Q,,. Examination of equation (65) shows 
that an increase in the magnitude of Q,,, relative to Q,,, 
should decrease E$"; this is in fact observed in Figure 2 
To quantify the above explanation we plot — Q,,/Q,, vs 
Fo,, in Figure 3 and note the increase in this ratio with 
increasing Fo,,. We are thus able to explain the behav- 
iour exhibited below Fo, = 0.03, for tert butanol. Why 
does ES" increase beyond Fo, = 0.03? The answer to this 
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Figure 4. Influence of liquid phase mass transfer resistance on component efficiencies E>" 


question is also to be found in Figure 3. As Fo, is 
increased beyond 0.03, though — Q,,/Q,, increases, there 
is a simultaneous decrease in Q,,. By a detailed exami- 
nation of the values of Q,, and —Q,,/Q,, it is found that 
the increase in —Q,,/Q,, is slower than the correspond- 
ing decrease in Q,,. The efficiency E$’ therefore increases 
beyond Fo, =0.03. At Fo,=0.135 the efficiency 
ES’ = 0, a manifestation of the phenomenon of diffusion 
barrier**. Below Fo, = 0.135, tert butanol may be said 
to exhibit the phenomenon of reverse diffusion**®. For 
increasing values of Fo,,, the matrix [Q] tends to the null 
matrix [0] and all the efficiencies will tend to unity; 


os 1.0 


Fo. , Fourier number 


Simulation of Run M46. 9... 





= 20 mm? s 


differences in component efficiencies become insignifi- 
cant. Summarizing the conclusions of Figure 2, the 
influence of Fo, on E%" is characterized by two regimes; 
in the first regime, 0.01 < Fo, < 0.03, coupling effects 
increase in importance and the value of E$’ becomes 
increasingly negative. Beyond Fo, = 0.03, the influence 
of coupling gradually decreases and tert butanol tends to 
exhibit “normal’’, binary-like behaviour. 

Let us now examine two typical bubble size popu- 
lations: (1) small bubbles of 5mm diameter with a rise 
velocity of 0.3ms~' and (2) large bubbles of 12.5 mm 
diameter with a rise velocity of 1.5ms~'. For a dis- 
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persion height 4, = 75mm (estimated value for the 
experimental conditions), the corresponding Fourier 
numbers (taking the reference diffusivity value DB, = 
20 mm’ s~') are 0.8 and 0.026 respectively. From Figure 
2 it can be seen that the coupling effects will be minimal 
in a system consisting of small 5mm bubbles, while for 
the 12.5 mm bubble size dispersion a negative efficiency 
will be experienced. To the knowledge of the author, this 
influence of bubble hydrodynamics has not thus far been 
appreciated in the chemical engineering literature. In 
actual practice there will be a bubble size distribution 
and the contributions of the individual bubble popu- 
lations have to be weighted with the factors given by 
equation (56). The fast-rising bubble population will 
dominate the mass transfer characteristics of the system; 
typically this population transports 90° of the vapour 
mixture across the tray'':'®. The small bubble population 
(say in the 2-5 mm range) do not contribute to the gas 
hold-up (and interfacial area) on the tray but this con- 
tribution is not wholly effective because this population 
transports only about 10° of the vapour mixture across 
the tray. This concept of “passive” and “active” gas 
hold-ups is also applicable to the description of bubble 
columns operating in the churn-turbulent regime'*”’ and 
the two-phase theory of fluidized beds'® can be used to 
model such systems. 

In the foregoing analysis we had assumed that the 
transfer process was completely controlled by the re- 
sistance in the vapour phase. Let us now examine the 
influence of the liquid side resistance on the component 
efficiencies, still considering only Zone II with uniform 
bubble sizes. The liquid phase mass transfer coefficient 
is calculated using equation (21). Since the contact time 
ty, is dependent on the rise velocity of the bubbles (cf. 
equation (44)), the liquid resistance is dependent on the 
particular bubble population assumed. Figure 4 sum- 
marises the results of the calculations for E{’ and E$" for 
the small and large bubbles, 5 and 12.5 mm respectively. 
The influence of liquid resistance on the efficiency of 
ethanol, EF", follows our normal expectation; there is a 
slight resistance offered by 5mm bubbles and a some- 
what larger one offered by 12.5mm bubbles. In both 
cases the efficiency EY’ is lowered due to the additional 
resistance considered. The situation is quite different 
when we consider the effect on tert butanol; for 
Fo, < 0.15, the influence of the liquid resistance is to 
increase the efficiency of tert butanol. This un-binary like 
effect is due to the fact that in this particular Fourier 
regime, coupling effects reduce ES’ to low, negative, 
values and the effect of the liquid of the consideration of 
an additional mass transfer resistance in the liquid phase 
is to reduce the coupling effect (there are smaller 
differences in the pair 9 ;; in the liquid phase than in the 
corresponding vapour phase #*). The net result of 
reduced coupling, quantified by a smaller —Q,,/Q,,, is 
to increase ES’. Beyond Fo, = 0.2, tert butanol exhibits 
“normal” behaviour and the liquid resistance serves to 
reduce the component efficiency 


Concluding Remarks 


We have developed a model for the calculation of 
point efficiencies in multicomponent distillation from 
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basic froth properties and diffusivity data on the binary 
pairs in the mixture. Some interesting differences be- 
tween the transfer behaviour of multicomponent systems 
and a simple binary system have been underlined; such 
differences have hitherto not been mentioned in the 
chemical engineering literature. In the discussions we 
have pointed out the strong influence of the froth 
hydrodynamics on the extent of diffusional coupling 
exhibited by the system. We strongly believe that multi- 
component distillation efficiencies can only be reason- 
ably predicted on the basis of a proper hydrodynamic 
picture of the tray behaviour; in this connection we 
would suggest that “black box” type mass transfer 
models are unlikely to be adequate. 

Though the model development has catered for non- 
equimolar transfer possibilities, caused by differences 
in component molar latent heats of vaporization, this 
aspect of the model has not been tested against experi- 
mental data; the system studied: ethanol-tert butanol 
water displays equimolar transfer behaviour. Our pre- 
vious calculations’ have indicated that non-equimolar 
contributions could be important in some cases 

McEwan and Darton’ state in their survey article 
“There is an extensive theoretical and academic litera- 
ture on multi-component efficiency, and the gap between 
this and practicable design methods is one which 
urgently needs bridging.”’ With the present publication, 
we have tried to bridge this “gap” and hope that the 
encouraging results obtained will spur the further devel- 
opment of the models and incorporation into routine 
design procedures for industrial columns 


SYMBOLS USED 


interfacial area per unit volume of froth [m*m~’] 
interfacial area per unit volume of dispersed gas [m*m 
active bubbling area of tray [m*] 

“intercepts” in the linearized vapour-—liquid equilibrium 
relationship [—] 

number of bubble size pepulations [—] 

inverted matrix of diffusion coefficients with elements B 
given by equations (9) and (10) [m~~s] 

mixture molar density [kmol m~°] 
diameter of gas jet of spherical bubble [m] 
Maxweil-Stefan diffusion coefficient of pair i-j in multi 
component mixture [m*s~‘] 

reference value of Maxwell-Stefan diffusivity; taken as 
20 mm*s~' in the calculations for the system ethanol-tert 
butanol—water [m~s~‘] 

Murphree point efficiency (vapour phase) for component 
[—] 

fraction of vapour entering bulk froth free zone which is 
transported by the kth bubble size population [—] 
Fourier number [—] 

molar flow rate of component j in the 
{kmol s— 1] 

distance parameter measured from tray floor [m] 
height of formation zone [m] 

height of bulk froth zone [m] 

partial molar enthalpy of component i [J kmol~'] 
identity matrix with elements 6, [—] 

roots of J (}..) 0 [ | 

zero order Bessel function 


vapour phase 


mass transfer coefficient of pair i 
mixture [ms~‘] 

Diagonal matrix of equilibrium K-values [—] 

number of components in multicomponent mixture [—] 
molar flux of component i across vapour-—liquid interface 
{kmol m~-s~'] 


j in multicomponent 





Greek 


ll 


Matrix 
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mixture molar flux across vapour-liquid interface [kmol 
mer 

vapour pressure of component i [Pa] 

total system pressure [Pa] 

matrix defined by equations (59)—(61) [—] 

gas constant [8314.4J kmol~' K~'] 

matrix of inverted mass transfer coefficients [m~' s] 
contact time between vapour and liquid phases [s] 
absolute temperature [K] 

superficial vapour velocity based on active bubbling area 
{m S$ ] 

absolute velocity of gas in jet in Zone I [ms~‘] 

bubble rise velocity of kth population in Zone II [ms~‘] 
mole fraction of component j in bulk liquid [—] 

mole fraction of component i at the interface in the liquid 
phase [—] 

mole fraction of component j in bulk vapour [—] 

mole fraction of component i at the interface in the vapour 
phase [—] 

vapour composition in equilibrium with the bulk liquid 
phase [—] 

composition of vapour entering tray [—] 

composition of vapour leaving tray [—] 

compesition driving force = y* 

composition driving force 


Letters 


bootstrap matrix with elements given by equation (7) [—] 
activity coefficient of component i in liquid phase [—] 
matrix of thermodynamic factors defined by equation (16) 
| 

Kronecker delta [—] 

gas hold-up, i.e. fraction of dispersion occupied by gas [—]} 
molar latent heat of vaporization of component i [J kmol~'] 
molar chemical potential of species i [J kmol~’] 


Notation 


n — | dimensional column matrix 
| x n — 1 dimensional square matrix 
inverted matrix 


referring to Zone I 

referring to Zone II 

referring to the kth bubble population in Zone II 
referring to the interface 

entering vapour mixture 

vapour mixture leaving tray 

nth component 

gradient evaluated at constant temperature and pressure 
referring to total mixture 


Superscript 


liquid phase 

vapour phase 

overall vapour phase parameter 

infinite dilution parameter 

overbar refers to composition averaged property 
equilibrium value 
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The detailed modelling of chemical reactions and transport phenomena in fluidized beds requires knowledge of both the lateral 
as well as vertical variations in bubble characteristics. In this paper, the population balance equation is used with collisions 
assumed to depend on the velocity difference between coalescing bubbles. Analytical expressions are obtained for density 
distributions of bubble characteristics such as velocity, diameter and volume. The distributions are used to obtain the average 
characteristics as well as a theoretical expression for point frequency. The effect of the distributor is taken into account in 
the interpretation of model variables. The model is also extended to derive expressions for the level frequency, and in conjunction 
with the two phase theory, for number concentration of bubbles and bed expansion. The model constants evaluated from one 
set of data are found to be valid for other data reported in the literature. The expressions obtained underscore the importance 
of distributor characteristics in determining the average bubble properties. The model is expected to be of use in the more 


detailed modelling of fluidized bed phenomena. 


INTRODUCTION 


The importance of the characteristics of gas bubbles in 
determining the extent of the heat/mass transfer and 
chemical reactions in a fluidized bed is well known. 
Though some of the earlier models for fluidized beds 
employed parameters which were not related to the 
bubble size, the degree of sophistication of the more 
recent models appears to depend primarily on how the 
bubble sizes are treated’. The behaviour of single 
bubbles in fluidized beds has been investigated exten- 
sively. However, the single bubble analyses cannot be 
applied directly to the swarms of bubbles which form at 
the distributor and grow (mainly due to coalescence) as 
they rise through the bed. Coalescence of bubble pairs 
has also been analysed for both two as well as three 
dimensional cases’ °. The results of these analyses have 
been extended to model bubble growth in vertically 
aligned chains®’ as well as for more realistic bubble 
groups’ ''. As pointed out by Yoshida et al’, the 
detailed analyses require almost prohibitively large 
amount of computer time and effort to calculate the 
spatial distribution of bubble sizes. Consequently, 
several researchers have proposed semi-empirical 
correlations for the estimation of the variation of the 
mean bubble diameter with bed height'* *'. The proposed 
expressions have been’ tabulated’ recently by 
Viswanathan and Subbarao~. These semi-empirical 
studies neglect the lateral size distribution of bubbles”. 
Lateral distribution in bubble sizes has also been 
considered* **, however as pointed out by Rowe and 
Yacono”, usually the choice of distribution functions is 
arbitrary. 

The population balance approach”’ appears to be the 
most reasonable technique for describing the bubble 
growth behaviour in fluidized beds. Argyriou et al*, 
recognizing this, assumed that the number of collisions 
between bubbles was proportional to the mean projected 
area of the two bubbles. The approximate solution 
resulted in a Gamma distribution of bubble volumes. No 


attempt was made to obtain a theoretical expression for 
bubble frequency. Yoshida et al’- pointed out that the 
coalescence of bubbles was not the result of a random 
walk but due to the vertical velocity difference between 
the bubbles. The amended equations, with velocity 
difference included in the coalescence kernel, were 
however solved using a finite difference technique 

The modelling of various fluidized bed phenomena 
would be greatly facilitated by the availability of ana- 
lytical expressions for describing the bubble character- 
istics. In this paper, the population balance technique is 
used to obtain these distributions which in turn are used 
to calculate the mean bubble characteristics. The effect 
of the finite bubble size at the distributor plate is taken 
into account in the interpretation of the model variables 
Model constants estimated from one set of data provide 
good agreement with other data. The model is alsc 
extended to derive expressions for the point frequency, 
level frequency, number concentration and bed expan- 
sion. The constants are applicable to the estimation of 
these characteristics as well. Additionally, the two phase 
theory is seen to be adequate for describing the number 
concentration and bed expansion data reported in the 
literature. A possible reason for the previously reported 
inconsistencies is suggested. The model is expected to be 
valid for a wide range of operating conditions (barring 
Group A as defined by Geldart~’ where bubble splitting 
may also be important along with coalescence) 


THE MODEL 
Model Development 


Following the development of the population balance 
equation given by Hulburt and Katz~’, the state of the 
bubble in the fluidized bed will be specified by the 
external coordinate Z representing the location (height) 
and internal coordinate p = 1/v where v is the velocity of 
the bubble. The product of the coordinates represents a 
measure of the residence time of the bubble in the bed 
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Then, neglecting all 
coalescence, 


growth mechanisms except 


Cf l Of 
—+-—=h (la) 
OT p¢ Z 
where f(Z,p.t) is the number of bubbles at time t with 
coordinates in the range Z +dZ/2 and p+ dp/2 and 
h(Z,p.t) is the rate of bubbles introduction (with co- 
ordinates Z + dZ/2 and p + dp/2) at time t. 
At steady state equation (la) may be written as 
1 Of 
-—=h (1b) 
pcZ 
h(Z,p,t) is obtained from the summation of the rate of 


formation, r,;, and the rate of destruction, rz, of bubbles. 
Then 


h=r+rg (2a) 


Pulvermacher and Ruckenstein*’, in their study of 
the asymptotic solutions for population balances for 
spatially homogeneous coagulation systems, have sug- 
gested that the formation term may usually be neglected 
in comparison with the destruction term. This approxi- 
mation adopted here is expected to become more accu- 
rate with increasing residence time of the bubbles in the 
bed. Thus 


a 


h=—| B(pp)f(p)f(pap (2b) 


where f(p.p) is the coalescence kernel denoting the 
collision frequency between bubbles with internal co- 
ordinates p and p. The coalescence kernel will be 
assumed to depend on the velocity of the bubble as well 
as its location (height) in the bed according to 


Bir.p)= (4-2) 


he 


pt ps 
where k, is a constant. 
Now consider the function 
f(p.Z) =k, p™Z"e~*3P2 
where k, and k, are constants. 
Then 
1 ef 


- k, m Zn 
pcoZ ad 


le kap'Z [n 


—sk,p'Z| 


nm + yr 7m + l/r 


(m+ 1 ; [m— 
[e(t2)- marr 


r 


where k, = —k,. 


Then equating the right hand sides of equations (5) 
and (6), as required by equation (1b), and simplifying 


k,k,Z*"p™ q 
Z' rk@ +1) r 7m + Dir 


)-revenr(tt') 


Comparison of terms involving p in equation (7) 
suggests that g = 1 =r. Then 





Zz Ss l [n a k,p'Z] _ 


k,k,Z*"°T(m) ; 
Fipmri game y UM — pksZ"] (8) 





Z*~'[n —sk,pZ\= 


The choice of g = | is also justified on the basis that 
the collisions between bubbles have been noted to de- 
pend on the velocity difference between them. Further 
simplification of equation (8) suggests that the function 


f(p,Z) chosen in equation (4) would satisfy the popu- 


lation balance equation (1b) for 


t=l-s (9a) 
n=ms (9b) 
and 


k,k,T' (m) 
S= Teh (9c) 


Distributions of Bubble Characteristics 
Thus 


f(p.Z) = ky p™Z™e bz (10) 


There are four undetermined constants k,, k,, k, and 
m. The evaluation of these constants is discussed in a 
later section. 

The corresponding density function is given by 


km +1 


= = —- a + 
(m+ 1y/ 
) 


Since 


a 
} 


PI (p,Z)dp = — 


0 
. 


Equation (lla) may be rewritten as 


; (mn + 1)" *' m . 
f(p.Z) =— - —P e-mti (llc) 
I (m + 1) p™ 


The density function for other bubble characteristics 
may now be derived as illustrated in the Appendix. 


With p =1/v, the bubble velocity density function 
may be shown to be 


(m + 1)™*! 


“(v) =~ —___ = 
J Pim + 1)p™*!v 


(12a) 
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(12b) 


mt 


=e ¢ (12c) 


LO)= Tint Do 


Similarly with v = k d}”, the density function for the 
bubble diameter may be derived as 


] mmatDegm+! 


20 (m+ 1) k™ + gim+372 





f'(d,) = (13a) 


Also 


» 


mo? (m — 1) k? F 
ie a __ z» 
I'(m + 1) k? m(m — 1)k? 





Substituting equation (13b) in (13a) 


m4 10 (m + 1)™ ne ge + or Tim + 1) 4d, 
f (d,) = —e€e T(m — 1) dy, 


a o- cory ers (13c) 
20 (m — 1" * "det" 


The bubble volume density function may also be 
derived as 


fW) 


(- +1)V\]'" 
ree A fe nl ie ll 
aie: T'(m — 5) 7) 


where the mean bubble volume V is given by 


» 8s _ Fim + 1P - 
V =—I(m — 5) ——— 7>o%>%17, 
6 (m —1y 


Bubble Point Frequency 
An expression for point bubble frequency may be 


obtained by considering the collision of bubbles of 


different sizes with the probe assumed to be a stationary 
bubble. Since the probe measuring the point frequency 
would be half of this collision rate. Thus 


S & \ 
= }pnz™e MP2 dp (15) 
\P, 


Combining equation (15) with equations (9a) and (9c) 


s «, 


h= 357i > (16) 


Level Frequency of Bubbles 
Geldart” has shown that the level frequency of 
bubbles may be obtained as the ratio of the point 
frequency and the bubble detection area. Taking the 
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distribution of bubble sizes into account 


' f, 
f(Z)=-— 
* def (ddd 
rt. h by t 


. 


Using equation (13c), 


. 4(m - 


2)(m — 3)f, 


1) da? 


mm (m 


Number Concentration of Bubbles 


The number of bubbles, at any height within the bed, 
may be found by using the two phase theory as 


l 
N(Z)= 


Bl 
Using equation (14b) 


U,,;) 7 (m — 1) 


N(Z 6( U, 
J )= er ; = 
5) (m + 1y¥ d3i 


mI(m 


Bed Expansion 


An expression for bed expansion may be obtained as 


(HH 


N(Z) V dZ (19a) 


Using equation (18a) 


EFFECT OF THE TYPE OF DISTRIBUTOR 
The equations and distributions derived in the pre- 
vious section do not take into account the fact that 
bubbles formed at the distributor (or above the distri- 
butor in the case of jet penetration into the bed) have a 
finite non-zero size. Neither do the equations take into 
account the possibility of a maximum stable bubble 
size’’. Incorporation of these aspects with the model 
equations would necessitate the use of cumbersome 
incomplete Gamma functions. To take into account the 
effect of the type of distributor, it is assumed that the 

actual velocity v’ of the bubble may be defined as 


U, (20a) 


where v is the velocity used in the model development 
section and corresponds notionally to the case where 
the initial diameter of the bubble would have been zero 
Vy is the velocity corresponding to the actual initial 
bubbie diameter. 

Using equation (20a) and (12c) it may be shown that 


m™* "(0 Vy)" 
fw) 


(20b) 


Pim + 1) a” 


where 0’ =0 +1 
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Thus the effect of the distributor results in the same 
density distribution for bubble velocity; however, the 
average actual velocity is shifted by an amount vp. 

The velocity, U,, of a bubble of diameter d, may be 
obtained from the correlation proposed by Davidson 
and Harrison” (in cgs units) 


U, = (Uy — Um) + 22.26 dy” (21) 


For a porous distributor, the initial bubble diameter 
is obtained from the expression proposed by Miwa et al? 


d,, = 0.00376 (Uy — Uns)? (22a) 
Substituting equation (22a) into equation (21), for a 
porous plate, 


v, = 2.365 (U, — Uns) (22b) 


For a perforated plate, the initial bubble diameter is 
given by the correlation of Miwa et al, 


U.45)/Mq\?"" (23a) 


5 


Equation (23a) had also been used by Geldart’®, 
written in a different form, for estimating the initial 
bubble diameter for porous as well as multiorifice dis- 
tributors. 

Combining equations (23a) and (21) 

= (U, — Ung) + 13.11 {A,(U 9 — Unng)/ngt'? = (23) 

To take into account the effect of jet penetration into 

the fluidized bed we define the actual height Z’ as 


Z’=Z+Z2 (24) 


where Z corresponds to the height used in the model 
development and corresponds notionally to the case 
where the bubble formation takes place right at the 
distributor. Z, is the jet penetration length. 

For a porous plate 


Ye (25) 


For a perforated distributor the correlation proposed 
by Merry” may be used 


Z pd, |? AY 7 
= 5.2 1.3 — 1.0 2 
d. Fal \ oa} : | sie 


It is also necessary to consider the effect of the 
distributor on other variables like bubble diameter and 
volume. 

To consider the effect of the distributor on the bubble 
diameter density function, d{ is defined as the actual 
bubble diameter and d, is the bubble diameter used in 
the model development section corresponding notionally 
to the case where the initial bubble diameter would have 
been zero. Then equation (20a) may be rewritten as 


ii? 4. Gi (27a) 
Using equations (27a) and (13c) it may be shown that 


f (d’) 10 (m+ :(- 1/2 -m+t foicdadicd x sii 
i r > ~@ [Fim—-1)] y 2 
20 (im —1p*’’ y**- Ane | ( ) 


F \ 1/2 
di, = d,+ d,, +(4" - dd}, (27e) 
m 
Now since k in the equation v = kd}* corresponds 
notionally to the case where the initial bubble diameter 
could have been zero hence k = 22.26. Then equations 
(27e) and (13b) may be combined and rewritten as 


. k. (ke 2 
1, = d,, + ——— (Z’ — Z,)'dy? ee 
alia 113m ‘ yay +\ 59 26) m(m — 1) 


(27f) 


This equation clearly indicates the lasting effect of the 
type of distributor on the average bubble size. A similar 
conclusion regarding the importance of the distributor 
was reached by Geldart'®. 

Similarly, the bubble volume density function, with 
the effect of the distributor taken into account may be 
derived as 


hw he he 


x T 


Ne 7° | 


(28) 


er (im + 1)\!? / 
x™t' exp] — . 
i Fae (- 


Ta % tne +2 


where V, is the bubble volume corresponding to the 
initial bubble diameter. 


EVALUATION OF MODEL CONSTANTS 


As mentioned in a previous section, the model has 
four independent parameters—k,, k,, k, and m—which 
have to be determined from experimental data. It is 
interesting to note that the mean bubble characteristics 
and the density distributions actually require 
specification of only three parameters—A;, m and s. 
Furthermore, given the mean bubble characteristic, 
the density function depends only on the choice of a 
single parameter m. It will be shown that the model 
constants evaluated from one set of data are applicable 
to other data as well resulting in explicit analytical 
expressions which do not appear to require any further 
readjustments. 

The values of k,. m and s were found by trial and error 
using the data on volumetric mean bubble width for 
glass bed particles (U,,, == 5.5cm s~', porous distributor) 
reported by Rowe and Everett and the data on bubble 
diameter density function reported by Rowe and 
Yacono*” using silicon carbide (U,,;=5.2cms~', 
U,/Un= 1.3, porous distributor, Z’=60cm) _ bed 
particles. 
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Symbol Ug-U mg 


(cm/s) 
° 4-13 
A 6-88 
Vv 9-63 


Figure !. Comparison of model predictions ( 


Rowe and Everett™ correlated the experimental volu- 
metric mean bubble width for several types of bed 
particles using the empirical equation 


d, == A, +> A,Z a A,(U, Uns) 


+ AyZ’(Uo/ Uns) + A,( M (29) 


Assuming hemispherical bubbles, the volumeric mean 
bubble width is equivalent to the mean frontal diameter, 
d;. The equivalent spherical mean bubble diameter d, 
may then be calculated” using d; = 1.26 d{. The con- 
stants reported for glass’ (A,=3.1, A,=0.110, 
A, = 1.78, A,;=A;=0.0) were used to calculate dj. 
The initial bubble diameter for the porous plate was 
determined from equation (22a). 

Comparison of the experimental mean bubble di- 
ameter data“ with model predictions using k, = 82.0, 
m = 10 and s = 0.4 is shown in Figure 1, and for the 
bubble diameter density function” is shown in Figure 2a. 
Rowe and Yacono” have suggested that the bubble 
volume density function may provide a more rigorous 
test due to increased sensitivity. In Figure 2b, their 
experimental data*® for the bubble volume density 
function is compared with the model predictions. 


COMPARISON WITH EXPERIMENTAL DATA 


In the following the model constants, obtained by data 
fitting in the previous section, are used to simulate the 
experimental data for different bubble characteristics 
reported in the literature. 


Mean Bubble Diameter 
With the evaluation of model constants, the expres- 
sion for the actual average bubble diameter (equation 
27f) becomes 


di, = diy + 0.74(Z’ — Z,)4 d}? +0.15(Z’ — Z,)°* (30) 
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) with average bubble diameter data” for glass (l 5.5cms 


=— >: = 


porous distridutor) Ded particles 


Besides glass bed particles, Rowe and Everett” have 
also reported the mean volumetric bubble width for 
alumina, quartz, carbon and ballotini bed particles 
Using the procedure outlined in the previous section 
with appropriate values of constants” in equation (29) 
the reported data was converted to the actual average 
bubble diameter, d{, and compared with the predictions 
of equation (30). The results are shown in Figures 3a—d 
and are seen to be in good agreement for quartz, carbon 
and ballotini bed particles. For alumina, good agree- 
ment is obtained only for the highest value of U)/l 
(=2.5) employed. It may be noted that the data for 
alumina was considered to be anomolous by Darton 
et al*’. 

In Figure 4, model predictions are compared with the 
quartz sand (U,,,= 1.35cms~') data in a large diameter 
bed with a porous distributor reported by Werther”. The 
model is seen to predict the data within about + 25%, of 
the experimental values. The largest deviation is seen to 
be for U, = 20cms~' at lower bed heights 

It may be noted that the effect of the excess gas 
velocity on the average bubble diameter is reflected only 
due to the dependence of d, on ( Un). Though 
equations (22a) and (23a) are expected to be reasonable 
estimates, their range of validity has to be examined in 
detail. For example, considering the data reported by 
Werther” (quartz sand, U,,=1.35cms~'), the initial 
bubble diameter corresponding to U, = 30 cms’ is esti- 
mated from equation (22a) as 3.09 cm which appears to 
be large. 


Bubble Point Frequency 
Substituting the value of the determined constants in 
equation (16) 
f, = 16.4(Z’ — Z,)-” (31) 


This equation is plotted in Figure 5 (with Z, =0) 
along with experimental correlations reviewed in 
literature” and data reported more recently. The expres- 
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Figure 2a. Comparison of model predictions ( 


carbide (U_,= 5.2 cms~', porous distributor) bed particles 


U.- Umg = 1:56 cm/s 
z' = 60cm 





) for bubble diameter density distribution with experimental data*® (QO) obtained using silicon 





Figure 2b. Comparison of model predictions ( 


carbide (U,,,= 5.2 cms~', porous distributor) bed particles 


sion for bubble point frequency is seen to be in good 
agreement with the data reported for both small*!***’ as 
well as large* particles. It is interesting to note that 
in the experiments with large particles reported by 
Cranfield and Geldart®*, the bubble formation takes 
place about 5cm above the distributor. If this is taken 
into account, the agreement between their data and the 
model predictions would be better. 


Level Frequency 
Replacing d, by d; to take into account the effect of 
the distirbutor and substituting equation (31) in equa- 


U,~ Ung - 1.56 cm/s 
Z‘ = 60cm 


) for bubble volume density distribution with experimental data*® (©) obtained using silicon 


tion (17b) with m = 10 yields 


f(Z") = oe (32) 
— ~ AZ’ — Z,j°* iiss 


Werther has reported experimental for the level 
frequency of bubbles in a large diameter bed with quartz 
sand (U,,;= 1.35 cms~') and a porous plate distributor. 
The data were correlated by the equation 


l 
—* 0.039 Z’ + 0.57 


Sh 


(33a) 
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Equation (33a) is compared with the predictions of the 
present model (equation 32) in Figure 6. The model 
equation appears to be in approximate agreement with 
the theoretical development of Werther* suggesting that 


= const, Z’ + const, 


~ f 
Vv 


(33b) 


The slope of the linear equation obtained experi- 
mentally is of the same order as the predictions of the 
present model. However, the present model predicts a 
much stronger dependence on (U, — U,,;) than obtained 
experimentally. Once again, part of the discrepancy is 
expected to lie in the estimation of d,,, for higher values 
of the excess gas velocity, from equation (22a) 

To a near approximation, equation (30) may be 
rewritten as 


di, = (dt? + 0.37(Z’ i ry (34) 
With Z, assumed to be negligible, equation (34) may 
be differentiated with respect to Z’ and rearranged to 

yield: 
, df, 0.6f, 


¢ 
— dj? = < 1.37 + 


dz z”*) 


{\/ 
by | (35a) 


Z| 


Neglecting the term involving d, and further manipu- 
lation leads to 


d! ~ 0.062 f7d? 


Bel (35b) 


Ue 
Rowe and Matsuno” have correlated the results of ten 


different experimental investigations using a 
empirical equation of the form 


semi- 


, af 


q/\/2 
™ dZ 


= Cy fd 1/2)y¢ (36) 


The values of the constants obtained by them, using 
the method of least squares, were C, = 0.0972, C, = 1.04 
and C, = 1.635. Comparison of equations (35b) and (36) 
indicates the similarity between the functional forms; the 
numerical constants predicted by the present model are 
C, = 0.062, C, = 1.5 and C, = 2. 


Number Concentration of Bubbles 


Inserting the value of the determined constant, m, and 
taking into account the effect of the distributor, equation 
(18b) may be rewritten as 


a Uns) (37) 


/ 


Rowe and Everett** measured the number concen- 
tration of bubbles, for different types of bed particles, 
and correlated their results empirically with the equation 

N(Z’) Z’2(U, — Uns) = Kp (38) 
where the value of Kp was found to depend on the type 
of particle being fluidized. 
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In a subsequent paper, Rowe” reanalysed the data 
and used the following expression for bubble number 
concentration 


N(Z’) = 13.3 (Ug — Ung)’ (Z’ + hy) 74 (39) 


where fy is a constant depending on the type of distri- 
butor (A, = 0 for a porous distributor). 

In Figures 7a—d, the predictions of the present model 
(equation 37) are compared with experimental values 
(obtained from equation (38) with appropriate values of 
K,™* for different types of bed particles) and equation 
(39). The model predictions are seen to be as good or 
better than the empirical correlation (equation 39). 

This agreement between the data and the model 
predictions supports the applicability of the two phase 
theory. It may be noted that Rowe and Everett”, in 
testing the applicability of the two phase theory to their 
experimental results, found that the number concen- 
tration was over predicted leading to the conclusion that 
the visible bubble flow was much lower. However, their 
result is attributed directly to their use of the volume 
corresponding to the average of the bubble diameter 
distribution rather than the average of the bubble 
volume distribution 


BED EXPANSION 


With the effect of the distributor taken into account, 
equation (19b) may be rewritten as 


"HH dZ 
(40a) 


This expression is the same as derived by Xavier et al* 
from a slightly different perspective 
(20c) and (12b) for 
to yield: 


H — H.,,= 0.012 (l oth Ve 


Using equations 
, equation (40a) may be integrated 


(40b) 


In Figure 8, model predictions are compared with the 
bed expansion data reported by Geldart* for a fluidised 
bed employing a perforated plate distributor and sand as 
bed particles. The values of v, were calculated from 
equation (23a). The agreement is good for lower values 
of H,,,, however, the bed expansion is overpredicted for 
higher values of H,,, for larger excess gas velocities 

The model predictions are also compared with the 
much more extensive data of Xavier et al*' covering a 
much larger range of excess gas velocity using a 610 mm 
square unit. The results, shown in Figure 9, are seen to 
be in good agreement for the entire range of experi- 
mental data. It may be noted that the bed expansion 
expressions of Geldart*'*’ and Xavier et al*' overpredict 
the data. 
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Once the expression for bed expansion is available it 
also becomes possible to compare the frontal bubble 
diameter data of Geldart*! who reported the data as a 
function of H,,;. The model predictions—with d; (equa- 
tion 30) converted to d, using d;=1.26d; under the 
assumption of hemispherical bubbles”—are in good 
agreement with the data for U,—U,;>2cems~'. In 
Figure 10, results have been shown only for excess gas 
velocities of 2, 4, 6 and 8cms~'. This agreement which 
involves calculation of the bed expansion and the sub- 
sequent calculation of bubble diameter appears to be a 
definite indication of the validity of the model structure. 


DISCUSSION 


The model thus appears to provide reasonable agree- 
ment with the data for average bubble size, bubble size 
and volume, density distributions, point frequency, level 
frequency, number concentration and bed expansion 
with minimum adjustable parameters. The model as 
developed here applies to unconstrained growth and the 
effect of bed walls and internals has not been considered. 
Nor have the possibilities of a maximum stable bubble 
size and slugging been taken into account. Some of these 
aspects are presently under consideration. 
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Figure 3. Comparison of model predictions ( ) with average bubble diameter data™ for different types of bed part 
§ i I 


a Ballotin (L 
Quartz (U, 75cms~') 


s.0cms ‘) 
Pa 
Carbon (U,,=8.0cms~‘) 
=) 


Alumina (l Scms~') 


The analytical expressions also permit the derivation Chiba et al*’, in their study of two dimensional beds, 
of some other interesting aspects. The density functions found that the average and the most frequent bubble 
for the bubble characteristics may be differentiated to diameter are in fact different. Also 
obtain their most frequent values. For bubble ciameters, 
the most frequent diameter d? is given by d, max — (),47 d, (41) 

m(m — 1) As d, increases with height (d,«(Z’ — Z,)°*), the 
ay = ~ d, = 0.53d, difference between the average bubble diameter and the 
(m + 3/y : ; ate 
most frequent bubble diameter increases. This is in 
qualitative agreement with the experimental obser- 
vations of Chiba et al~°. Existing fluidized bed models 
are based on the average bubble diameter. It is felt that 
the difference between the average and the most frequent 
bubble diameter also needs to be considered in these 
models. 
The variance of the size distribution, d}“", may also be 
calculated as 


(42) 


Since d, varies with height, the variance of the size 
distribution is also expected to vary with height in 
agreement with the observations of Rowe and Yacono 
It may be noted that Werther“, on the other hand, 
found no height dependence for the variance of the size 
distribution—however the range of heights considered 
was small’*. For two-dimensional beds, Chiba et al 
found that the bubble diameter variance varied with the 
volume of the average bubble i.e. di" 0 dj 

Combining equations (30) and (34), it is also possible 

. _ ee | to obtain a relation between bubble diameter and the 
40 


, 30 point bubble frequency, 
z,com 





Figure 4. Comparison of model predictions ( ) with the average 4.8 d! 
bubble diameter data’ for quartz sand (U,,=1.35cms~', porous s= a + — 
distributor) bed particles. iF 
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Figure 5. Comparison of model predictions ( 


and large particles 


Geldart” has also derived an equation relating bubble 
diameter and point frequency from different consider- 
ations 


_ 1.6 (Uy — Uns) 


4 


In 


d, (30) 


Equations (43) and (44) are quite different from one 
ancther. It may be noted that equation (44) does not 
contain any distributor term and is expected to have 
limited applicability. 

Equation (43) may be rearranged to obtain point 
frequency in terms of bubble diameter. 


.69 


en od 
e (4 — dy" 


(45) 


Since bubble diameters may be easier to measure, this 
equation could be used to calculate frequency. Sample 
calculations are shown based on the mean frontal bubble 
diameter data in a three-dimensional bed reported by 
Geldart*'. Equation (45) was used to calculate the point 
frequency and the results are presented in Table 1. The 
calculated point frequency (represented by ©) is also 
compared with the experimental point frequency (repre- 
sented by ©) and equation (31) in Figure 11. Since 
Geldart reported the data as a function of H,,, the bed 
expansion expression obtained earlier (equation 40b) 
was used to calculate the actual heights Z’ in Figure 11. 
The calculated and experimental point frequencies may 
be seen to fall within about a range of + 20% of equation 
(31). 

The importance of the distributor cannot be under- 
estimated. Equations for the average bubble diameter 
depend on the estimate of the initial bubble diameter. As 
mentioned earlier, the range of validity of the available 
expressions for estimating the initial bubble diameter 
must be examined in greater detail. Several data have 
been reported using bubble cap distributors'**°*. Since the 


) for bubble point frequency with experimental data: 
reviewed by Kunii and Levenspiel**. Z Data reviewed by Kunii and Levenspiei”*. — -- 


Data from various investigators 
Data of Tomita and Adachi’’. Data for small 


bubbles would issue radially, the initial diameter could 
be much smaller than the diameter predicted by the use 
of a multi orifice equation. 

Several researchers'*'* have measured bubble eruption 
diameters at the bed surface and then converted these to 
frontal diameters. The height reported in these experi- 
ments is the unexpanded bed height at minimum 
fluidization, H,,,. In the average bubble diameter equa- 
tion, this may introduce an error (of the order of H/H,,,). 
It is felt that correlations and comparisons with data in 
which height is interpreted as the unexpanded bed height 
should be viewed with caution. 

It may be noted that the two phase theory has been 
used in the derivation of the expressions for number 








‘ 
Z,om 

Figure 6. Comparison of model predictions with experimental data for 
quartz sand (U,,,= 1.35cms~', porous distributor) 

A Empirical correlation, equation (33a) 

B_ Present model, U, = 5cms 

C Present model, U, = 10cms 

D Present model, U, = 20cms 
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Figure 8. Comparison of bed expansion data of Geldart* with 

model predictions, perforated plate distributor, A,/n, = 0.31, sand 
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predictions 
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H.., = 16.45 cm 


H 21.95 cm 


concentration and bed expansion. The consistently 
reasonable results obtained suggest the validity of the 
two phase theory in terms of the visible bubble flow rate 
at least for the operating conditions tested so far. 


Reported inconsistencies may be due to the use of 


volume corresponding to the average of the bubble 
diameter distribution rather than the more appropriate 
average of the bubble volume distribution. Similarly, the 
average of the bubble area distribution should be used 
in the derivation of level frequency instead of the area 
corresponding to the average of the bubble diameter 
distribution. 

The model appears to be promising as it provides a 
consistent base and set of parameters correlating distri- 
butions and other bubble characteristics in a fluidized 
bed. More extensive data comparison is currently being 
done to determine the range of applicability of the 
model. Further work is also being planned to consider 
the effect of bed walls, internals and slugging. It is 
expected that the model would be useful in making 
possible more detailed modelling of transport and 
reaction in fluidized beds. 





Hf = 25cm 
Hing . 4 cm 
Data of Xavier et ai *! 





— 1 
4 


U.- Um » cm/s 


Figure 9. Comparison of bed expansion data of Xavier et al*', 


61cm square bed without rod inserts, perforated plate distributor, 
A /n, = 4.31 


CONCLUSIONS 
The model provides analytical expressions for distri- 
butions and average of bubble characteristics in fluidized 
beds. The model parameters estimated from one set of 
data provided good agreement with other data on 
vertical and lateral distribution of bubble sizes as well as 





dy (experimental ) ,cm 


dr (predicted) , cm 


Figure 10. Comparison of the average frontal bubble diameter data of 
Geldart”' (perforated plate distributor, A,/n, = 0.31, sand) with model 
predictions. 
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> 1. Point frequency calculations using bubble diameter data’ APPENDIX 


Experimental"! Calculated Since the bubble characteristics are monotonic, the 


Rot, <4 f. d, d ; density distribution for the various characteristics” may 
(cms~') (cm) (sec~1 (cm) (cm) ze be derived using 
2.4 ihe 
3.3 5 f( 
f (a)= 


onkhnN 


where « and y are the variables of the distributions. 
Starting with the distribution for p, the distribution for 
v = |/p will be derived here. Other distributions may be 
obtained analogously. 


oak h 


oe ed 


oo 


(m+ 1)" y* 
f ‘(p)- ll 
P'(m + 1) p'™* 


onhn 


(m+ 1) 


= 
re eZ 


Oh N 


| 
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Since p = 


oo 


ant N 


dp 
ad 


oo 


Then using equation (A.1) and 


(m+ 1)™*! ] 


bubble characteristics like point frequency, level fre- f‘(v)== —— 
quency, number concentration and bed expansion. The in + lp 


model predicts that the most frequently observed bubble 

diameter is different from the average bubble diameter 

and that the variance of size disiribution wouid depend 

on height. The distributor design is expected to have a d= | v.f ‘(v)dt 
great influence on bubble characteristics. The two phase J0 

theory appears to be valid in the estimation of number 
concentration of bubbles and bed expansion. The model 
is expected to be of use in more detailed modelling of As 
heat/mass transfer and chemical reaction in fluidized r'(m + 1)= | a™e~* da 
beds. 


and the definition of Gamma function 


0-6 
16-4./ 2! 


calculsted fp» Table 1 
experimental fp , Table 1 


Figure 11. Calculation of point frequency from bubble diameter data*'; comparison with experimental point frequency data”’ and equation (31) 
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A.7 


Substitution of equation (A.7) in equation (A.4) gives 


—* 


m + mi 


A.8 


SYMBOLS USED 
dummy variable of integration 
empirical constants in equation 28 
cross-sectional area of the bed, cm? 
constants 
bubble diameter, cm 
average of bubble diameter distribution, cm 
diameter of the bubble formed at the distributor, cm 
orifice diameter, cm 
actual bubble diameter with the effect of the distributor 
taken into account, cm 
average bubble diameter with the effect of the distri- 
butor taken into account, cm 
most frequently observed bubble diameter, cm 
variance of the bubble diameter distribution 
frontal diameter, cm 
mean bed particle diameter, cm 
volumetric mean bubble width, cm 
distribution function 
level frequency of bubbles, cm~-s 
bubble point frequency, sec 
density function of the bubble characteristic 
acceleration due to gravity, cm* sec 
constant depending on distributor type 
bed height, cm 
‘ed height at minimum fluidization, cm 
rate of bubble introduction 
constants 
constant 
constant 
constant 
constant 
total number of orifices in the distributor 
number concentration of bubbles, cm 
l/v, internal coordinate of the bubble, sec cm 
variable of :ntegration 
average of the density function of p, seccm 
constant 
constant 
rate of bubble formation 
rate of bubble destruction 
constant 
constant 
superficial gas velocity, cm sec 
minimum fluidisation velocity, cm sec 
bubble velocity, cm sec 
bubble volume, cm 
average of the bubble volume density function, cm 
bubble velocity, cm sec 
actual bubble velocity with the effect of the distributor 
taken into account, cm sec 
average of the velocity density function, cm sec 
average bubble velocity with the effect of distributor 
taken into account, cm sec 
velocity corresponding to the initial bubble diameter at 
the distributor, cm sec 
dummy variable defined in equation (27c) 
dummy variable defined in equation (27d) 
height of the bubble in the fluidized bed, cm 
height above the distributor, cm 
jet penetration length into the fluidized bed, cm 


Greek Symbols 


x 


Ps 


Pp 


eH) 


I'im) 


. Nguyen, T. H., Johnson, J. E., 


. Sitnai, O., 


2. Yoshida, K., Nakajima 


3. Yasui, G. and Johanson, L. N.., 


dummy variable of the density function 
coalescence kernel! 

dummy variable of the density function 
fluidizing gas density, gm cm~* 

bed particle density, gm cm~? 

time, sec 

variable defined in equation (40b) 
Gamma function 
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EFFECT OF MASS TRANSPORT AND 
CATALYST DEACTIVATION ON THE 
KINETICS OF ETHANOL DEHYDRATION ON 
ZEOLITE 13X 


By R. H. BIRK, W. J. THOMAS (FELLOW) and P. L. YUE 


School of Chemical Engineering, University of Bath, England 


The catalytic dehydration of ethanol was studied both in a continuously stirred gas-solid reactor and a fixed bed micro-reactor. 
Rate data were obtained for the temperature range 325-375°C and partial pressures of ethanol up to 80 kPa. The rates of 
formation of ethylene and ether are affected by catalyst deactivation, which is accounted for by a simple exponentia! decay 
model. Intracrystalline transport effects also influence the chemical dehydration kinetics which may be represented by a surface 


reaction controlled mechanism. 


INTRODUCTION 

The catalytic dehydration of ethanol is still considered 
as a commercially viable route for the production of 
ethylene in special situations.'* All industrial processes 
are based on the vapour phase dehydration reaction 
over solid catalysts at high temperature. Both fixed 
and fluidised bed processes have been developed, the 
preferred catalysts being activated alumina and phos- 
phoric acid on a suitable support.*® Conversions re- 
ported are usually high, but product selectivity varies 
Gepending on the catalyst, reactor configuration and 
operating conditions. 

Synthetic zeolites are alternative catalysts for the 
dehydration of ethanol. Their molecular sieving proper- 
ties offer enhanced product selectivity and often lower 
reaction temperatures are feasible leading to energy 
savings. A comprehensive study of the dehydration of 
ethanol on a commercial (Laporte) 13X zeolite has been 
undertaken employing both an experimental con- 
tinuously stirred gas-solid reactor and a fixed bed micro- 
reactor. Results and conclusions drawn from this work 
are reported in this paper, while an investigation em- 
ploying a larger scale fluidised bed reactor is reported 
separately.’ The particular experimental techniques and 
operating conditions, adopted when using the smaller 
experimental scale reactors, were designed to examine 
the effects of intracrystalline diffusion and catalyst deac- 
tivation on the kinetics of reaction. Intracrystalline 
diffusion is an impertant mode of transport for reactants 
and products within zeolites and is due to the surface 
migration of adsorbed molecules within the cavities of 
the crystalline structure through well defined channels 
and windows. Catalyst deactivation, another factor 
influencing reacton rate measurements, may only be 
excluded from consideration when the rate of deacti- 
vation is negligible in comparison with the rate of 
conversion of reactants into products, or if the activity 
remains constant over a long period of use. As commer- 
cial catalysts are designed for continuous operation over 
substantial periods of time, the kinetic experiments 


reported in this paper were conducted in such a way as 
to enable an assessment of deactivation rate. 


EXPERIMENTAL 

Experiments were performed with either a well stirred 
gas-solid reactor (SGSR) or a fixed bed tubular micro- 
reactor (FBTR). Inconel 600 and type 321 stainless steel 
were the primary materials of construction for the 
SGSR, which permitted operation up to 400°C and 
2.1 MPa. 4.0 g of the zeolite catalyst was placed in the 
stainless steel gauze cruciform basket for each experi- 
ment. The basket could contain particles between 0.80 
and 6.35 mm size could be rotated up to 6000 revolutions 
per minute. Experiments with particles of a size greater 
than 6.35 mm were performed in the FBTR, which was 
constructed from 12.7mm nominal diameter carbon 
steel tube with removable stainless steel sintered discs 
fitted a short distance into the tube from inlet and exit. 
A 325 mesh screen was laid on top of the 4.0 g of catalyst 
and the void space above this was filled with ceramic and 
glass wool packing to prevent small catalyst particles 
from fluidising or being entrained in the upward flowing 
gas stream. The FBTR could be operated up to 500°C 
and 2.1 MPa. 

All of the equipment was designed for continual 
operation over many weeks and was therefore compre- 
hensively instrumented so that operating conditions 
could be controlled, product analysis initiated at any 
desired time and output of data monitored and recorded. 
Figure | is a diagram of the equipment arrangement and 
the caption includes a key to the symbols employed. 
Liquid ethanol was gravity fed to a metering pump and 
subsequently vaporised before being mixed with the 
desired amount of dry nitrogen gas fed from a separately 
controlled and monitored supply. An ethanol-nitrogen 
gas mixture of any desired composition and at a selected 
vapour flow could thus be fed to either the SGSR or the 
FBTR, the temperature of which could be controlled 
and recorded. Pressures and temperatures were mon- 
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Figure |. Process flow diagram of experiment arrangement 
Key drier 

ethanol cooler 
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preheater for reactor R} 
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ethanol filter 

flow control valve 

flow indicator 

nitrogen cylinder 

insulation for furnace 

liquid feed tanks 


itored at various points in the gas and vapour supply 
lines as indicated, while mass flow control valves ensured 
the required supply and mixing of feed gases to the 
reactors. 

Samples of the product gases from the reactors could 
be taken at any desired time (frequently and regularly) 
by operating a four-way valve which diverted the prod- 
uct gases from the bypass line into a 5 ml sample loop. 
The sample taken could then be swept into a chro- 
matographic column by means of a metered supply of 
argon gas acting as an inert carrier gas for the sample. 
The chromatographic column was contained in a tem- 
perature controlled oven and packed with Porapak Q. 
Effluent vapours from the chromatographic column 
were identified and quantified with a flame ionisation 
detector operating in conjunction with a peak area 
integrator coupled to a computer. The identification of 
some of the chromatographic peaks (for example, acet- 
aldehyde) was confirmed by means of a nuclear magnetic 
resonance spectrometer. Calibration of the chromato- 
grams obtained could be effected by passing argon gas 
through a constant temperature saturator containing a 
speciaily prepared liquid test mixture of known com- 
position, the vapours of which flowed through the 
chromatographic column and thence to the detector. 


Frequent checks were made to ensure the repro- 
ducibility of results within a short time period when 
using the catalyst. Blank experiments in the absence of 
catalyst were also performed to determine the extent 
of reaction occurring either thermally or as a result of 
catalysis by the materials comprising the reactors. 
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RESULTS AND DISCUSSIONS 


Catalytic Wall Effect of the Reactors 

The major product of reaction from the reactors 
operated without any zeolite catalyst present was acet- 
aldehyde which was produced by the dehydrogenation of 
ethanol. Rates of formation of ethylene were very much 
smaller and only trace quantities of ether were observed 
Much higher rates of acetaldehyde formation were 
recorded using the SGSR than the FBTR. As the SGSR 
was constructed of material containing over 70°, Ni, 
whereas the FBTR contained none, except for the end 
fittings of the reactor, it is concluded that the products 
formed in the empty reactors are due to the catalytic 
effect of Ni contained in the wall of the reactors. 

A series of experiments at different temperatures 
employing both reactors in turn with and without the 
zeolite catalysts enabled rates of formation of products 
to be compared. Defining the gross rate of formation of 
a component of the product as the rate observed in the 
reactor loaded with catalyst (when both wall effects and 
zeolite catalysis are recorded) and the wall rate as the 
rate in the absence of catalyst, the net rate of formation 
of a component is obtained by subtracting the wall rate 
from the gross rate. The ratio of wall rate to gross rate 
is small for ethylene and ether formation but is much 
higher for acetaldehyde formation. In most cases, the net 
rate of dehydrogenation was less than 1°, of the net rate 
of dehydration. It is therefore concluded that the extent 
of wall effects are small and that acetaldehyde is formed 
at a comparatively low rate by ethanol dehydrogenation 
catalysed only by the reactor wall. 
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Catalyst Deactivation 

The time variation of zeolite 13X activity was deter- 
mined from product rate measurements employing the 
SGSR at temperatures ranging from 250 to 375°C. 
Previous studies* on alcohol dehydration over zeolite 
catalysts, including Laporte 13X, have shown that cata- 
lyst deactivation was negligible over an experimental 
duration of 3 hours. During the present experiments the 
catalyst was exposed to the reactant at different reaction 
temperatures for various periods of time up to 40 days 
of continuous operation. At 300°C the reaction rates for 
the formation of both ethylene and ether declined lin- 
early by about 60°, during the first 10 days the catalyst 
was on stream. Measured over a shorter time scale, the 
rates declined by about 0.25°, at 300°C and by 0.5% per 
hour at 350°C. At 375°C, however, the reduction in the 
rate of formation of ethylene remained at about 0.5% per 
hour, whereas the fall-off in the rate of formation of 
ether was only 0.25°, per hour. The present results show 
that although the effect of catalyst deactivation on 
reaction kinetics is not significant over a short duration 
of time, this is not true when the catalyst is subjected to 
long periods of continuous operation. 

Levenspiel,”’”’ in an illuminating paper, and also Szepe 
and Levenspiel,'' showed that, in some circumstances, 
the effects of catalyst deactivation could be uncoupled 
from the chemical kinetics of reaction by employing an 
SGSR to record the experimental data. More recently, 
Butt et al’? have shown that the concept by which 
reaction kinetics and deactivation are separable has been 
justified, especially for fouling reactions. For the work 
reported in this paper, it was assumed initially that 
catalyst deactivation is independent of reactant and 
product concentration. The catalyst activity was then 
determined as a function to time. Defining the catalyst 
activity according to Levenspiel,”'’ as the net rate of 
formation of ethylene at a particular time for which the 
catalyst has been on stream to the corresponding net rate 
measured using fresh catalyst, typical catalyst activity 
for both ethylene and ether formation is seen from 
Figures 2a and 2b to be an exponentially decaying 
function of time. This form of catalyst deactivation is 
described by a first order power law deactivation rate 
expression which upon integration gives: 

a =exp(—k,t) (1) 
in which a is the catalyst activity, ¢ the time the catalyst 
has been on stream, and k, is a decay constant. The 
implication is that the decline in zeolite activity is indeed 
concentration independent and furthermore occurs as a 
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Figure 2. Catalyst activity at 300°C in an unstirred SGSR 


A experimentai data theoretical correlation 


{equation (1)} 
(a) for ethylene formation 
(b) for ether formation 


result of parallel deactivation in which the reactant itself, 
or a product of a side reaction, is responsible for 
deactivation. Table 1 gives the values of the decay 
constants found with respect to ethylene and ether 
formation. It should however be pointed out that the 


Table 1. Values of parameters in equations (2) & (3) 


Values at 325°C 


Parameter Linear regression 


kas 1.42 x 10~° 
k, mols” ' kg 4.83 x 10 
K,, Pa 6.88 x 10~° 
R* or Residual mean square 96.5% 
k.58 1.49 x 1075 
k,mols~'kg~' Pa 1.06 x 10 
K,,Pa 1.14 =x 10-4 
R~ or Residual mean square 99.1° 


Non-linear regression 


Values at 375°C 
Linear regression Non-linear regression 
10~ Az ' 47 x 107° 
10-° : .25 x 10 
10-* 1.3% 33 x 10 


10-3 . 3 10 


10 a . oe 10 
10-* 2, 30.5 x 107 
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form of activity decay was linear when only the first 10 
days of operation were considered. Although there is a 
certain degree of scatter of data (the standard deviations 
were 21 and 17% for ethylene and ether respectively), 
equation (1) is adequate for use in the modelling of 
reaction kinetics. Even an error of 20° in the value of 
k, will only have an effect of less than 5°, on the reaction 
rate. 

Church and Joshi'® and Frankaerts and Froment' 
dehydrogenated ethanol to produce acetaldehyde using 
a copper catalyst. The latter researchers concluded that 


catalyst deactivation was due to the polymerisation of 


the acetaldehyde product at the catalyst surface. In other 
studies,'* '’ when no products of dehydrogenation were 
detected, catalyst activity remained constant. Miller and 
Kirk'* who noted that dehydrogenation occurred as well 
as dehydration when ethanol was passed over a silica- 
alumina catalyst, obtained fairly constant levels of cata- 
lyst activity by regenerating the catalyst at daily inter- 
vals. Alternate experiments were performed at reference 
conditions so that they were able to correct for the effect 
of catalyst deactivation and show that there was a linear 
decline in catalyst activity over relatively short periods 
(ca. 6h) of time. The data of Church and Joshi,'’ whose 
experiments lasted for periods of 25-100 h, are repre- 
sented by an exponential decay function. It seems likely, 
therefore, that the catalyst deactivation observed in this 
investigation for zeolite 13X during the experiments on 
ethanol dehydration using an SGSR can be explained by 
the catalytic dehydrogenation of ethanol to acetaldehyde 
occasioned by the materials of construction of the 
SGSR, the acetaldehyde formed affecting the zeolite 
activity. 


Inter- and Intra-particle Transport 
Effects 


The effect of interphase mass transport between gas 
and solid was assessed by varying the speed of rotation 
of the SGSR catalyst container. Particles of 1-2 mm 
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Figure 3. Effect of stirrer speed on interphase transport 
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Figure 4. Effect of catalyst particle size on average 
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diameter were used for this purpose and over forty 
experiments were performed with fresh and regenerated 
catalyst at temperatures ranging from 275-375°C and a 
reactor pressure of 0.2 MPa. Results of these experi- 
ments are displayed in Figure 3, which shows how the 
transport factor ny (defined as the reaction rate mea- 
sured in the SGSR at a given rotational speed compared 
to the rate measured when the SGSR is stationary) for 
ethylene and ether formation varies. The results show 
that speeds of rotation of the catalyst of 2000 rpm or 
more are adequate to eliminate interphase mass transfer 
limitation. Interphase transport effects in the FBTR 
were found to be negligible when the gas velocity 
exceeded 10-*ms~'. These results are consistent with 
those of Bryant and Kranich” and Butt, Bliss and 
Walker.” 

The effect of intercrystalline mass transport processes 
(analogues to intraparticle diffusion in the macropores 
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and micropores of amorphous porous solids) was stud- 
ied by comparing reaction rates on different particle 
sizes. Experiments recorded in Figure 4 are results 
obtained in the FBTR in the temperature range 
275-375°C and follow a similar trend to results obtained 
by Allan and Voorhies"’ for the dehydrogenation and 
isomerisation of cyclohexane on a platinum-mordenite 
catalyst. Figure 4 demonstrates that, for ethanol dehy- 
dration in the temperature range 275—375°C, inter- 
crystalline diffusion is not the rate controlling process 
for zeolite particles less than 2 mm diameter. This con- 
clusion is consistent with studies of ethanol dehydration 
on alumina particles.'’ A close examination of Figure 4 
reveals that at 275°C reaction rates decrease significantly 
when the particle size is increased from 2 mm to 8.5 mm. 
The data plotted in Figure 4 represent average rates 
obtained from multiple experiments with standard devi- 
ations much less than those corresponding to the fall-off 
in reaction rate observed at 275°C. At 375°C it appears 
that there is little change in reaction rate as the particle 
size is increased by the same amount. The observed 
decrease in reaction rate with increase in particle size at 
a low, rather than high, temperature is in apparent 
conflict with macropore transport effects in amorphous 
porous solids.'**’ As the decrease in reaction rate at 
275°C should have been even more prominent at 375°C 
if intercrystalline diffusion were the only dominant fac- 
tor, another rate process must be masking the expected 
decrease in rate. The most likely candidate is the process 
of intracrystalline diffusion describing the transport of 
reactants and products through the well defined inter- 
connecting channels within each zeolite crystal. Unlike 
conventional intraparticle diffusion, varying particle 
diameter has no effect on intracrystalline diffusion be- 
cause the crystalline cavity sizes are not affected by 
catalyst particle size.?! It should be noted that intra- 
crystalline diffusion is significant only when appreciable 
adsorption occurs. There is some evidence in the 
literature~ to suggest that intracrystalline diffusion is not 
rate controlling at temperatures less than 320°C. How- 
ever, at high enough temperatures, because the rate of 
intracrystalline diffusion decreases due to a diminished 
adsorption capacity, it can become the rate limiting step. 
It may therefore be assumed that the observed experi- 
mental behaviour in reaction rate with particle size and 
temperature (Figure 4) is due to intracrystalline diffusion 
becoming a significant resistance to transport when the 
temperature reaches 375°C. At the lower temperature of 
275°C, it is possible that intercrystalline diffusion may 
have an influence on the measured rates for particles of 
diameter larger than 2 mm. 

Further examination of the effect of temperature on 
the transport factor y; indicates (Figure 5) that it is 
1.3 for ethylene between 275°C and 350°C, but decreases 
to 1.2 at 375°C. Similarly for ether 7; decreases from 
about 1.33 at 325°C to about 1.15 above 350°C. Now 
either interphase nor intercrystalline transport resistance 
can be responsible for the observed decrease in the value 
of the transport factor with increase in temperature, 
because the experimental conditions precluded these 
effects. The only other resistance to consider is intra- 
crystalline diffusion. The influence of temperature on the 
observed reaction rate must therefore be attributed to 
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Figure 5. Effect of temperature on interphase transport 
A ethylene formation { ether formation 


the onset of an intracrystalline diffusion resistance just 
below 375°C. The fall-off in the value of 4; for ether at 
a slightly lower temperature than for ethylene may be 
explained by the larger molecular size of ether compared 
to ethylene. It is of course also true that the nature of 
the rate controlling process is reflected by the value of 
the experimentally observed activation energy. It is 
shown in the following section of this paper that the 
observed activation energy is, indeed, consistent with 
the hypothesis that, in the higher temperature range, 
intracrystalline diffusion dominates the physical rate 
processes affecting the overall rate of conversion. 


Kinetic Model 

Several power law and Hougen-Watson kinetic 
models consistent with the observed overall reaction 
orders for the formation of ethylene and ether were 
critically examined. The two rate expressions which best 
fit the data are based on the dual site adsorption of 
ethanol followed by a monomolecular rate controlling 
surface reaction to form ethylene or a bimolecular rate 
controlling surface reaction to form ether. The rate 
expressions corresponding to these mechanisms are: 

ak, Ky\Pa 


~ (I + Kipay 


ak, Ky>pr 


~ (1+ Kapa) 


respectively, with the term for the reverse surface reac- 
tion (in which ether is formed) omitted on the grounds 
of its relatively small magnitude. Values of the kinetic 
and adsorption parameters in the above equations were 
extracted from the standard linear and non-linear re- 
gression techniques employed to select the best fits to the 
experimental data. The regression methods used were 
based on a minimisation of the squares of the difference 
between experimentally observed and predicted results. 
Values of the parameters found in this way are listed in 


Chem Eng Res Des, Vol. 63, September 1985 





MASS TRANSPORT AND CATALYST DEACTIVATION 





Reaction rate (mol/hkg) 











Reactant partial pressure (kPa) 


Figure 6. Effect of reactant partial pressure on rate of formation of 
ethylene 
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Table 1. Figures 6 and 7 compare the experimental rates 
of formation of ethylene and ether at ethanol partial 
pressures up to 80 kPa with those predicted from equa- 
tions (2) and (3). The average deviation between all the 
experimental data points and predicted values is 11.3°%. 
Discrepancies tend to be largest at the lowest ethanol 
partial pressures because of the larger experimental 
errors involved in measuring the lower reaction rates. 
Figure 8 compares experimental values of the catalytic 
selectivity with those predicted from equations (2) and 


(3). The selectivity is defined as the ratio of the rate of 


formation of ethylene to the rate of formation of ether 
at steady state conditions. Agreement between the ex- 
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Figure 7. Effect of reactant partial pressure on rate of formation of 
ether 
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Figure 8. Effect of reactant partial pressure on reaction selectivity 


A A 375°C B 350°C ¢ 325°C 
Points correspond to experimental data 
full lines correspond to the ratio of equations (2) and (3) 


perimental points and predicted values is good. The 
selectivity falls off with increase in ethanol partial pres- 
sure because of the form of equations (2) and (3), the 


bimolecular surface process exerting more influence with 
increase in higher partial pressures. These results are 
consistent with those observed for other zeolites and 
alcohols." 

The temperature dependence of the experimental rates 


of formation of ethylene and ether yield observed values, 
E,, of the activation energy which are consistent with 
values quoted in the literature and which are based upon 
the approximation: 


E, = 3(E + E,+A) (4) 


suggested by Miale, Chen and Weisz” as an appropriate 
relationship between the energies for chemical reaction, 
intracrystalline diffusion and adsorption. Table 2 com- 
pares the values of E, for ethylene and ether formation 
deduced from the values of FE, E, and 4 quoted in the 
literature'’'?** ~’ with the experimentally observed quan- 
tities estimated from the rate equations (2) and (3). The 
values of activation energies were determined from seven 
groups of experiments by constructing Arrhenius type 
plots. Each group of experiments was performed in the 
SGSR and/or FBTR at three to four temperatures. In 
the low temperature range (ca. 275°C to 325°C) there is 
reasonable agreement between the experimental data 
extracted from this study and literature values based 
upon the assumption that surface reaction is rate con- 
trolling for both ethylene and ether formation. In the 
high temperature range (ca. >325°C) the observed 
experimental activation energy is only 91 kJ mol 

for ethylene formation and 25 kJ mol™' for ether for- 
mation. For ether this is consistent with values estimated 
from equation (4) when the rate controlling step is 
surface migration through intracrystalline channels 
Taking account of the experimental errors involved in 
estimating E, in this study and the approximate nature 
of equation (4), the drop in value from 130kJ mol 
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Table 2. Comparison of observed and estimated activation energies 


Experimental temperature 
range ("C) 


Observed 


Estimated 


Surface chemical reaction 
Intercrystalline diffusion 
Intracrystalline migration 
Interphase transport 


to 91kJ mol~' for the activation energy of ethylene 
formation provides further evidence that, for ethylene, 
the onset of resistance to intracrystalline diffusion takes 
place just below 375°C. It is seen from Table 2 that 
rather smaller decreases in observed activation energy 
would be found if other transport processes were 
prevalent. 


CONCLUSION 


The dehydration of ethanol on Laporte 13X zeolite 
produces ethylene and ether. Their rates of formation 
can be represented by models based on the Hougen- 
Watson dual-site surface reaction mechanism. Acetalde- 
hyde is produced as a side-product due to the presence 
of nickel in the reactor wall. The zeolite deactivates 
exponentially with time {equation (1)}. 

The conditions for eliminating gas-solid interphase 
mass transport were 2000 rpm catalyst rotation speed 
for the SGSR and a linear velocity of 10-*ms~' for the 
FBTR. Intercrystalline (macropore and Knudsen) 
diffusion is absent when particles of less than 2 mm are 
used. Intracrystalline diffusion in 13X zeolite affects the 
reaction rates at high temperatures: > 375°C for ethylene 
and > 350°C for ether. 


SYMBOLS USED 
Catalyst activity 
chemical activation energy kJ mol 
kJ mol 
kJ mol 


first order mols 


observed activation energy 
activation energy for surface migration 
kinetic constant 
second order mols 
catalyst decay constant s 
equilibrium adsorption constant Pa 
rate of reaction mol s 
time catalyst is exposed to reactants 
/ heat of adsorption 


kJ mol 


Subs« ripts 
| refers to ethylene formation 


~ 


2 refers to ether formation 
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EDITORIAL 
A New Development for The Transactions 


Since I was appointed as Honorary Editor in December 
1984, I have been having extensive discussions with the 
Publications Committee and with the Editorial Board 
for the Transactions about how we should develop our 
Editorial policy for the future. As we saw it, the principal 
functions of the Transactions can be seen as follows: 


(1) To provide a medium for archival publication of 

new research over the whole field of chemical 
engineering. 
To provide chemical engineers, and in particular 
those associated with the Institution, with a means 
of keeping abreast of technical developments over 
the complete spectrum of technical topics of im- 
portance in the profession. 


Thus, the Transactions should be useful to both the 
specialist and also the generalist. The developments 
which have been in the editorial structure and pro- 
cedures have been aimed at serving both these interests. 
The main steps which have been taken are as follows: 


(1) By examination of publications, responsibilities, 
research topics etc., chemical engineering interests 
have been divided into twelve areas. For each of 
these areas, a specialist Subject Editor has been 
appointed who will take responsibility for en- 
suring that a reasonable flow of very high quality 
papers will be forthcoming in his area. With the 
help of the Subject Editors, we should be better 
able to make the appropriate contacts and also 
better able to judge the quality of the papers 
submitted. 

From this issue onwards, each issue of the Trans- 
actions will be devoted primarily to a given subject 
area. Since there are twelve subject areas, this 
means that there will be a subject-emphasised 
issue for a given area once every two years. Each 
subject-based issue will contain an overview 
and/or review of the subject area which is aimed 
at being intelligible to the general reader. Thus, by 
reading these overviews/reviews, professional 
chemical engineers should be able to keep up-to- 
date on the full range of chemical engineering 
technical topics. The subject-based issue will also 
contain a number of selected papers representing 
the more significant recent advances in the subject. 

Any division of technical topics of interest to the 

profession must be, to some extent, arbitrary and there 
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are inevitably overlaps and links between the areas. 
However, this is not, in my view, a reason for not 
attempting the division! I should also make clear that the 
creation of a scheme of subject-based issues does not 
imply a delay in the publication of papers on any topic 
submitted to the Transactions. We hope to improve our 
performance in the speed in which we deal with papers 
and, for each issue, space will be allocated to general 
papers outside the scope of the subject area being 
emphasised. However, we naturally hope that people 
working in various subject areas will try to schedule the 
submission of papers to be included in the subject-based 
issue for their own subject since this will clearly put the 
paper into a somewhat beiter context. Nevertheless, we 
wish to do nothing to damage the Transactions’ position 
and reputation as an archival journal. The subjects, 
editors and areas of responsibility are as follows: 


CHEMICAL REACTION ENGINEERING (Editor: Dr P. J. Heggs 
University of Leeds, Yorkshire) Catalysis, reaction vessel, fluidization, 
fluidized bed reactors and combustors, packed bed reactors, chemical 
kinetics 

BIOCHEMICAL ENGINEERING (Editor: Professor J. A. Howell 
University of Bath, Avon) Biochemical engineering, biotechnology, 
fermentation, biochemical separations, downstream processing 
ENERGY, RESOURCES AND PRODUCTION PLANNING AND 
MANAGEMENT (Editor: Mr D. W. Townsend ICI Petrochemicals 
& Plastics Division, Middlesborough) Energy management and con 
servation, process integration, combined heat and power, process 
synthesis, retrofit design, minimisation of capital cost, production 
networks, chemical route synthesis 

FLUID PROCESSING (Editor: Dr K. J. Carpenter ICI Organics 
Division, Manchester) Fluid separation, storage and handling of 
liquids and gases, other separation processes (osmosis, absorption, 
extraction), mixing, gas-liquid contacting. Fluid flow and rheology 
HEAT AND MASS TRANSFER (Editor: Dr P. B. Whalley University 
of Oxford, Oxfordshire) Heat transfer, mass transfer, evaporation 
distillation, combustion (including flames but not explosions), fouling 
simultaneous heat and mass transfer 

OIL AND NATURAL GAS PRODUCTION (Editor: Dr P. Eisenklam 
Imperial College, London) Design and operation of all 


aspects ol 
production systems including drilling, well 


completion, enhancing 
recovery techniques, artificial lift, wellhead separation and processing 
facilities, pipelines terminals, offshore loading systems etc 

SOLIDS PROCESSING (Editor: Dr D. Reay AERE Harwell, Ox 
fordshire) Storage and handling of solids, drying, crushing, grinding, 
size separation, filtration and centrifugation, size enlargement, particle 
formation, crystallization, mixing of solids 

CONTROL, SIMULATION AND INSTRUMENTATION (Editor: 
Professor R. W. H. Sargent Imperia! College, London) Process control, 
instrumentation, computer control systems, sensor development, plant 
simulation, process operability 

SAFETY AND LOSS PREVENTION (Editor: Prefessor F. P. Lees 
University of Technology, Loughborough) Safety and loss prevention, 
explosions, fire risks, fault detection, dust explosions, risk analysis 





PROCESS TECHNOLOGY (Editor: Mr O. Pugh Dounreay Nuclear 
Power Development Establishment, Thurso, Scotland) Chemical pro- 
cesses, nuclear processing, pharmaceuticals and toiletries, corrosion 
and materials of construction, electrochemistry, utilities and off-site 
facilities, alternative energy sources 

PROCESS DESIGN (Editor: Dr P. Winter Prosys Technology Ltd, 
Cambridge) Process design, CAD, project appraisal, economic evalu- 
ation, cost estimation and control, project planning and monitoring, 
mathematical modelling and optimization, process synthesis. 
ENVIRONMENTAL PROTECTION (Editor: Mr R. C. Clayton 
WRC Processes, Hertfordshire) Environmental and pollution control 
(covering solids, liquids and gases), water processing, effluent treat- 
ment, dispersion of pollutants 


Papers submitted tc the Transactions should be sent to the 
Publications Officer at Rugby and not to the Subject 
Editors. 

To encourage a wider range of international par- 
ticipation, we have extended the team of Associate 
Editors. The present team is as follows: 

Professor S. Banerjee 
U.S.A 


Professor J. R. Bourne 
Switzerland 


Professor G. J. Jameson 
Australia 


Professor R. B. Keey 
New Zealand 


Professor M. M. Sharma 
India 


Professor J. M. Smith 
Holland 


Professor L. W. Shemilt 


Canada 


Professor J. O. Wilkes 
U.S.A 


Papers arising in the various overseas geographic areas 
as indicated above can be submitted directly to the 


Associate Editors who will then process them and will 
liaise with Subject Editors and with the Institution as 
appropriate. 

The schedule for the subject issues is as follows: 


November 1985—Control, simulation, etc. 
January 1986—Fluids processing 
March 1986—Solids processing 
May 1986—Energy, resources, etc. 
July 1986—Chemical reaction eng. 
September 1986—Process design 
November 1986—Environment protection 
January 1987—Oil and natural gas 
March 1987—Heat transfer 
May 1987—Biochemical engineering 
July 1987—Safety & loss prevention 
September 1987—Process technclogy 


This cycle will be repeated every two years. Authors 
wishing to have their papers considered for the subject- 
based issue in their field should submit the paper not 
later than six months before the issue date to allow 
sufficient time for refereeing, modification, typesetting, 
proof reading and printing. Again, it should be empha- 
sized that the Institution welcomes the submission of 
papers at any time on subjects of interest to chemical 
engineers. Papers accepted will be published either in the 
appropriate Subject Issue or as General Papers in the 
first available issue. 

It is hoped that this new scheme will meet the objec- 
tives of serving both the specialists and the generalist and 
that the readership of the Transactions will continue to 
grow and that the Journal will continue to serve the best 
interests of the profession. 

In closing, I would like to thank the members of the 
Editorial Board and the Associate Editors for their 
cooperation in setting up the new scheme. I am particu- 
larly grateful to those Subject Editors who agreed to take 
the lead in the first few issues; theirs has clearly been the 
most difficult task! 

G. F. Hewitt 
Honorary Editor 
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SPECIAL TOPIC ISSUE 
Operability and Control 


selected by 
R. W. H. Sargent 


(Subject Editor: Control, Simulation and Instrumentation) 


TOPIC EDITORIAL 


At PSE’82, the first international symposium on Process 
Systems Engineering, the Chairman of the International 
Programme Committee, Professor Takamatsu, defined 
the subject as “an academic and technological field 
related to methodologies for chemical engineering deci- 
sions. ..indicating (i) how to plan (ii) how to design (iii) 
how to operate and (iv) how to control any kind of unit 
operation, chemical and other production process, and 
the chemical industries themselves”. The key word in 
this definition is “methodologies”, and in his address he 
emphasised the importance of developments in this field 
for the future of chemical engineering and the process 
industries, stressing in particular the need to direct effort 
to operational problems and the unification of meth- 
odologies for design and operation. 

The theme was taken up in the second international 
symposium PSE‘’85. held in Cambridge in April this 
year. in which two of the main themes were “Aids for 
Plant Operation” and “Operability Considerations at 
the Design Stage”. The full set of conference papers is 
published in the Institution's Symposium Series (No 
92). but the importance of the theme, and the vigour 
with which it has been taken up by academics and 
industrialists alike. make it very appropriate for this first 
“Special Topic” issue of the Transactions. 

Six papers have been selected. mainly from PSE’8S5. to 
illustrate new approaches and new lines of thought 
which should begin to have an effect on industrial 
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practice. The first paper is intended to set the scene. 
emphasizing the need for a broad view of process control 
functions as an integral part of the whole management 
system. The second paper, by Fisher, Doherty and 
Douglas, shows that control system design should begin 
with steady-state analysis, and for new designs even at 
the flowsheet development stage. The paper by Wong 
and Perkins shows that dynamic aspects of operability 
can also be taken into account at an early stage of 
process design, and points out the usefulness of the 
concept of “perfect contro!” as a guiding principle in 
control system design. The paper by Graham, Lee and 
Newell gives a case study comparing two multivariable 
control techniques. “dynamic matrix control” and 
“model-based control”. which have recently been ex 
citing great interest among industrial process control 
engineers. The paper by Andow tackles the area of fault 
diagnosis, and discusses a prototype “expert system to 
assist the operator. Finally Herman. Sullivan and 
Thomas describe software packages which together pro 
vide comprehensive tools for an integrated approach to 
design and operation 


‘ +} 
indicate the 


It is hoped that this small sample will 
rapid and exciting changes taking place 
the reader to delve more deeply into the t 
literature on this new subject area of 
engineering» 

R. W. H. Sargent 


Subject Editor 
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Editorial Policy and Standards 

1. Papers published in the Journal will be original con- 
tributions to chemical engineering knowledge, not previously 
published. In particular, the Editorial Board encourages the 
submission of papers which show how the results of research 
may be used in chemical engineering design. Such implications 
for design should be brought out clearly in the paper and its 
summary 

Accounts of research work of an experimental or theoretical 
nature which throw new light on established principles, which 
identify problems not yet solved, or indicate practical areas to 
which research effort may usefully be applied are also invited. 
Reports from industry and from research establishments are 
particularly welcome 

Papers may also deal with new developments of plant or 
processes if these developments are related to underlying 
principles and can be given quantitative expression. 


2. Authors need not be members of the Institution. Papers 
must be in English and should normally be of 2500 to 5000 
words, including Appendices. Figures should also be included 
in this count, each being estimated as equivalent to 250 words. 


3. The Editorial Board will, however, also welcome Shorter 
Communications (less than 2500 words) for consideration for 
publication; these would describe, for example, novel research 
techniques, new anaiyses of previous work, or interesting 
aspects of work still in progress. 


4. The Journal also publishes a limited number of longer 
Review Papers, which are critical assessments of previously 
published work in a selected area of chemical engineering. In 
conformity with editorial policy, Reviews should show how the 
results of research can be used in the design of plant and 
equipment. 

Most Reviews are specially commissioned by the Editorial 
Board, but authors are also invited to offer Reviews for 
consideration for publication. In view of the substantial effort 
required, authors are advised to communicate with the Editor 
before embarking on a Review. 


5. It is the policy of The Institution to publish only papers 
of the highest quality. To help maintain these standards all 
papers submitted are sent to referees familiar with the branch 
of chemical engineering covered. They advise as to whether the 
paper is acceptable or not and, in addition, indicate to the 
author possible ways in which, in their opinion, the paper 
might be improved. The final decision on publication is taken 
by the Editor in light of this advice 


Manuscript Requirements 

1. The text should be typewritten, using one side of the 
paper only, double-spaced and with adequate margins to allow 
for revision and copy preparation marks. A summary, pre- 
ceding the text, should briefly describe the essential original 
contents of the paper. 

2. Mathematical expressions can sometimes be more easily 
interpreted by the printer if carefully written by hand. Where 
many equations appear, a list of symbols used should be 
inserted at the end of the paper, before the references. SI units 
should a/ways be used; the negative index notation is preferred 
to the oblique stroke. 


3. References are listed in the order in which they are first 
cited in the text, where they are indicated by superscript 
numbers. They should give in order: Authors’ surnames and 
initials, Year, Title of book or journal, Volume, Issue, Page 


numbers , followed by name and town of publisher in the case 
of a book. 


4. Tables, drawings and photographs shouid be on separate 
sheets at the end of the manuscript and not interspersed in the 
text. Tabulated data should not duplicate values detailed in the 
text or on graphs. Drawings submitted should be clear and 
complete and preferably in a form suitable for direct re- 
production. Photographs should be restricted to the minimum 
necessary. 

5. Where limitations of space preclude publication of de- 
tailed results, mathematical derivations, etc, authors are in- 
vited to include in their paper a statement that this information 
is available from them on application. Authors may make an 
appropriate charge for supplying items requested in this way. 
Such material should be supplied with the paper when submit- 
ted to the Editor. 


Submission of Papers 

1. Three copies of the paper should be sent to: The Editor, 
Chemical Engineering Research and Design, Institution of 
Chemical Engineers, 165-171 Railway Terrace, Rugby, 
Warwickshire, CV21 3HQ, England. An overseas author may 
however choose to submit his paper via an Associate Editor in 
his part of the world, as follows: 


Australia: Professor G. J. Jameson, Department of Chemical 
Engineering, The University of Newcastle, New South Wales 
2308, Australia 


Canada: Professor L. W. Shemilt, Department of Chemical 
Engineering, McMaster University, Hamilton, Ontario, 
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Continental Europe: Professor J. R. Bourne, Technisch- 
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Continental Europe: Professor J. M. Smith, Laboratorium 
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India: Professor M. M. Sharma, Department of Chemical 


Technology, University of Bombay, Matunga Road, Bombay 
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New Zealand: Professor R. B. Keey. School of Engineering, 
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USA: Professor S. Banerjee, Chemical and Nuclear 
Engineering Department, University of California, Santa 
Barbara, Santa Barbara 93106, California, USA. 


USA: Professor J. O. Wilkes, Department of Chemical 
Engineering, University of Michigan, Ann Arbor, Michigan, 
48109, USA. 


2. A full address to which readers may send correspondence 
should be specified, including the post code. The address at 
which the work was carried out, if different, should also be 
indicated. Where there are several authors, one should be 
nominated to check proofs and to receive all correspondence. 


3. A proof will be sent to the nominated author, to be 
checked for possible typographical errors. Other alterations 
cannot be incorporated at this late stage without incurring 
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TRENDS IN THE DEVELOPMENT OF 
PROCESS CONTROL SYSTEMS 


By R. W. H. SARGENT (FELLOW) 


Imperial College, 


London 


The changing nature of the process industries will place greater demands on process control systems, and advances in technology 
are already providing the means to meet those demands. The paper emphasizes the need for the process control system to be 
seen as an integral part of the whole management system, including process and plant monitoring and higher level operations 
management. It examines briefly progress in the development of techniques to meet the various needs, and concludes that the 
role of the process engineer is fundamental since better performance can only be achieved by fuller exploitation of the knowledge 


and understanding of the process itself. 


INTRODUCTION 

Industrial process control is still almost universally 
based on the familiar PID (proportional-integral- 
derivative) controller, as it has been for the last fifty 
years. Digital computer based systems are now wide- 
spread, but their justification does not rest on the 
opportunities they provide for more sophisticated con- 
trol, but rather on their use as a data collection system 
and for the facilities they provide to the process 
operator. 

The vast majority of chemical processes do not pose 
serious control problems, and process control has been 
something which could be left to the instrument engineer 
and the process operator. Malfunctioning instruments 
and poor control performance have been tolerated as a 
fact of life, a nuisance or an inconvenience, but not 
something which warrants the serious attention of the 
plant manager—or for that matter the plant designer. 

But the process industries are changing as they face up 
to the cold economic climate of the eighties. The oil crisis 
of the seventies has already produced new energy 
efficient processes, and greater attention to the con- 
sumption and reutilization of energy. New processes 
involve fewer process steps, smaller inventories of mate- 
rials, tighter integration of functions, and more extensive 
heat integration. Shortages of raw materials, and uncer- 
tainty in their supply, are forcing us to envisage a wider 
range of feedstocks, and variations in demand in uncer- 
tain markets create a need for more flexible plant and 
processes. There will still be some staple chemicals for 
which the economies of scale dictate large, continuously 
operating plant, but plants will have to be designed to 
run economically at various levels of throughput, and a 
far wider range of products will be made in batch or 
semicontinuous plant. 

Nowadays too there are tighter external constraints 
on plant operation. Both liquid and gaseous effluents 
must be more closely monitored and controlled, and 
solid effluents must be safely disposed of. The Health 
and Safety at Work Act also prescribes more closely 
what is permissible within the plant boundaries. 


CONSEQUENCES FOR CONTROL 
Tighter profit margins and tighter performance limits 
mean less margin for tolerating inefficient processes and 


inefficient operation, so control systems and their per- 
formance will be subject to much more careful scrutiny 


than in the past. Fewer process steps, less intermediate 
storage, and less capacity within processing units add up 
to plant with much livelier response, creating oppor- 
tunities for much tighter control—and also for much 
poorer control if things are not done properly 

Greater energy and process integration implies greater 
interaction between process functions, and hence the 
need to treat the process as an interacting multi-input 
multi-output system, rather than in terms of isolated 
singie-loop controllers in which each controller responds 
to changes in a single measurement 

Variations in throughput, and variations in feed- 
stocks, product-mix and product specification mean that 
the control system cannot be designed once and for all 
to maintain a fixed set of desired operating conditions, 
on the assumption that variations from these will be 
small, and hence that an analysis based on linear theory 
will be adequate. 

Batch and semi-continuous operation introduce the 
need to combine scheduling of discrete operations with 
the continuous control strategies, and increasingly these 
modes of operaticn are becoming relevant to so-called 
continuously operating plant, which have to cope with 
sudden large changes of regime or even intermittent 
shut-down 

Not all changes are induced by the changing nature of 
the industry—those arising from new technology, above 
all from the impact of microelectronics, are equally 
dramatic. At last we are getting instrumentation and 
control systems whose reliability matches that of the 
process plant itself. Not only are solid-state devices 
intrinsically more reliable, but self-checking and redun- 
dancy increases this reliability, with the added bonus of 
instant warning of faults. This reliability extends to the 
communication system and the process control com- 
puter. Indeed microprocessors make it possible to pro- 
vide ‘intelligence’ at each measurement and control 
point, allowing communication via a common channel, 
from which each station can extract messages relevant to 
its function, acknowledge receipt and eventually report 
satisfactory execution or reasons for failure. If the sender 
receives no acknowledgement, or an error message, the 
information can be retransmitted or corrective action 
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taken. Similarly, if a station receives no instructions it 
can continue local control, or initiate emergency action 
as appropriate. Few present-day control systems fully 
exploit these new capabilities. 

Systems based on fibre-optics will give even higher 
transmission rates, and greater reliability, freedom from 
electromagnetic interference, and complete safety with 
inflammable substances. VLSI technology will shortly 
give us enormously increased computing power, re- 
moving much of our present day concern with com- 
puting efficiency. 


OVERALL PLANT CONTROL 

These new capabilities present us with the possibility 
of complementing process integration with integrated 
control. Indeed control system and computer manu- 
facturers are already offering comprehensive computer- 
based systems which will handle all aspects of operations 
management from high-level planning down to the 
on-line control of individual loops on the plant. It is easy 
to imagine the upward extension of these systems into a 
company-wide information and control system with the 
general structure indicated in Figure 1. 

Such an integrated system brings together several 
worlds which have been developing separately: the world 
of technological forecasting, the world of planning and 
large-scale mathematical programming, the business 
world of purchasing, sales, stocks and accounting, the 
world of word-processing and office systems, the en- 
gineer’s world of design and operation, instrumentation, 
controi and maintenance. The unification of all these 
into one integrated system is a long way off, but as noted 
above there are already systems on the market which 
claim to be capable of handling the operations manage- 
ment and process levels, and it is useful to keep 
the whole structure in mind when setting limits and 
objectives at each level. 

What is immediately evident is that it is no longer 
sensible to think of the control system as an autono- 
mous, automatic system which maintains the required 
process conditions in the face of disturbances. There are 
in fact very few “random” disturbances affecting a 
chemical process, and what appears as such is a complex 
response to a whole series of deterministic actions 
affecting different parts of the process. The effects of 
these are often largely predictable, and in an integrated 
system it makes sense to compensate for them by 


feed-forward action, rather than leaving it all to an 
unsuspecting feed-back system which can only respond 
after the effects of the changes become evident in the 
process measurements. 

This sounds Utopian, and in the early days of com- 
puter control many initially enthusiastic practitioners 
were disenchanted by the enormous effort required of 
skilled and experienced engineers to develop adequate 
predictive models. Often this meant months of experi- 
mental operation to gather the necessary data and prove 
the model, and more months of grappling with numer- 
ical|techniques and computer software to implement 
model-based computer control. 

But we have come a long way since those early days. 
We have much better numerical techniques, more power- 
ful ¢omputers, and many more computer software aids 
to help in the process. But more important than these 
is the realization that we do not need a single compre- 
hen$ive model to predict every facet of the process 
behaviour, or complete automation of every aspect of 
operation. 

It}is natural to divide the operations management into 
a hierarchy of tasks, with each level setting targets and 
constraints for the level below, taking due account of 
whalt is achievable. This does not mean decentralized 
control, for an integrated computer system means that 
all the information relevant to a particular decision can 
be made available, and the analysing power of the 
system must be used to make effective use of this 
information. At the lowest level the tasks are simple and 
the | information localized, and proceeding upwards 
thrdugh the levels, the information becomes more exten- 
sive, the decisions more complex, and the time-scales 
longer. On the other hand, the predictive models re- 
quised at the higher levels are likely to be much simpler 
than those directly concerned with the dynamics of plant 
and| processes. 





MODERN CONTROL TECHNIQUES 


t the lowest level too, much can be done with very 
simple models. To deal with the variability and uncer- 
tainty in operating conditions, there has recently been 
much activity in design techniques for “robust” control- 
lers, which will behave reasonably over a wide range of 
conditions. However, a controller which is insensitive to 
the values of the parameters in the process model 
cannot, by definition, exploit the knowledge of process 
behaviour inherent in the model to achieve high per- 
formance. What is really required is robustness with 
respect to the information supplied by the user—and this 
required information should be minimal. After all, the 
on-line computer can collect information about the 
process for itself, using plant measurements to fit par- 
ameters in the model, then itself designing the controller 
taking full account of the model. Since the model is 
continually updated, it need only be capable of repre- 
senting behaviour over a narrow range of conditions, 
and often a linear model will suffice, making it possible 
to use linear theory for the controller design. Recent 
work on adaptive parameter-estimators and simple con- 
troller designs has led to the development of very robust 
“self-tuning” regulators, and for single-input/single- 
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output systems this provides a black-box controller 
which outperforms the PID controller, particularly in 
difficult circumstances such as in the presence of time 
delays or inverse responses. 

However, as noted already, there will be an increasing 
need to take account of interactions within the process, 
and there is still much to do before we have an equally 
satisfactory multivariable controller. Attempts to pair 
inputs and outputs in some optimal way so that single- 
loop controllers can be used is certainly too limited an 
approach, for it is unlikely that strongly interacting 
systems can be decoupled in this way. Passive ‘de- 
coupling networks’ are also too simplistic an approach, 
and the multivariable problem must be tackled as such. 
The adaptive model approach described above can still 
be used, but then we encounter another problem, for the 
number of parameters required for a linear input-output 
model rises very rapidly as the number of inputs and 
outputs increases. Thus many measurements will be 
required to estimate them, and adjustment to changed 
conditions will inevitably be sluggish. The only prac- 
ticable solution seems to be to use a physically based 
model with a reasonable number of parameters, but such 
a modei will almost certainly be nonlinear and the 
parameter- estimation problem is then more difficult. 
This approach also precludes the possibility of a black- 
box multivariable controller—the price that has to be 
paid for high performance is that the process engineer 
must take the trouble to understand his process and 
produce a model for the controller to use. 

Even so, much can be done to alleviate the problems 
of interaction by other means. First, the problem is often 
made unnecessarily difficult by too tight a specification. 
It is rarely necessary for all “‘output variables” from a 
plant or unit to be closely controlled, and with the next 
higher level looking at broader objectives, it should be 
possible to set reasonable targets. Similarly, as we have 
seen, much of the interaction can be eliminated by 
feed-forward action at higher levels. Finally, there is 
scope for removing interaction, or alleviating other 
potential control problems, by proper attention to plant 
operability at the process design stage, and this has 
become a very active research area. 


OPERATIONS MANAGEMENT 

Many of the decisions at the higher levels will be taken 
by engineers and managers interacting with the com- 
puter system, but there is clearly scope for automating 
more of these activities as information is collected, 
experience grows, and understanding is developed. In 
the area of start-up and shut-down, initiation of batch 
operations, and generally the handling of discrete oper- 
ations, there are now highly developed automatic 
sequence-control systems, incorporating interlocks to 
prevent false manceuvres—and multi-task scheduling 
algorithms are increasingly being used to carry the 
automation of these processes one stage further. 

Almost from its inception, large-scale linear pro- 
gramming has been used for optimization at the plan- 
ning level, and the techniques have been refined over the 
years to deal with mixed discrete and continuous oper- 
ations. Large-scale nonlinear programming methods 
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have now reached the point where they can be used for 
similar purposes, allowing more detailed and more rea!- 
istic models—which also makes on-line process opti- 


mization at the technical level a practical proposition. 
Numerical methods for optimal control have also been 
developing, allowing true dynamic optimization. 


PROCESS AND PLANT MONITORING 


Figure | also makes the point that the process control 
system should not simply be concerned with normal 
operating conditions, but that it should also be moni- 
toring the operation to give warning of abnormal pro- 
cess conditions, and monitoring the condition of both 
plant and instrumentation to give warning of faults or 
potentially dangerous conditions. 

With today’s computing aids it really isn’t good 
enough for the system simply to indicate which mea- 
sured variables are near or outside ‘normal operating 
limits’ and sound alarms. The system itself should be 
able to trace the root cause of the abnormal situation 
In most cases it should also be able to trace the 
consequences, take appropriate action, and explain its 
actions to the operator. There may be situations where 
alternative actions are possible, having different con- 
sequences affecting higher level decisions, and in such 
cases the system should present its analysis, leaving the 
operator to initiate action or refer the problem to higher 
level. Similarly, the system may have to appeal to the 
operator if it cannot identify the cause or has inadequate 
means to deal with the problem. It should only sound an 
alarm if it cannot deal with a dangerous situation—in 
effect, an alarm is an urgent appeal to the operator for 
help, and the operator will not be alarmed if the system 
‘cries wolf’ too often. 

As already noted, the instrumentation and control 
system can now have extensive self-checking facilities, 
and there is a growing range of special instrumentation 
for detecting faults or plant malfunction of various 
kinds. However it is not possible to measure everything, 
and many faults or abnormal situations must be inferred 
from indirect measurements. 

An abnormal situation is one in which the plant does 
not behave as expected, so in practice detection means 
comparing predictions with actual measurement. The 
question then arises of whether the discrepancy is within 
normal experimental error, and if not, of whether the 
fault is in the plant or in the model used for prediction 
The question can in fact be turned round to ask how 
accurate the measurements and the model must be in 
order to detect a given fault, and hence provide a design 
tooi for the monitoring system. It is likely that fault- 
detection and condition-monitoring systems will require 
much more detailed and more accurate process models 
than those required for normal process control, but 
again the checks can be made over a longer time-scale 

The classical tools for tracing the consequences of a 
given fault, or of determining its root-cause, are fault- 
trees and event-trees. However, relations between events 
or situations often have a more complex structure which 
could be advantageously used, not only for tracing 
causes and consequences, but also in the detection 
process. Developments in pattern-recognition techniques 
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may provide more help in this area, but again it looks 
as if we shall have to rely on experienced engineers to 
provide the necessary knowledge. ‘Expert systems’ offer 
a means of codifying and using such knowledge in a 
computer system, and although we are only at the 
beginning this is already a research area of intense 
activity. Increasingly it is being recognized that expert 
knowledge alone is not enough, but must be supple- 
mented by testing hypotheses and checking conclusions 
using detailed dynamic simulations. 

Clearly the integrated computer system must provide 
the process engineer with simulation tools for this work, 
and these will be equally useful in exploring various 
possible production programmes at the operation plan- 
ning level. It must also provide tools for building and 
testing the various kinds of models required for the 
different functions. 


SUMMARY AND CONCLUSIONS 


Modern control and operations management uses 
ideas and techniques from a wide variety of disciplines, 
and the possibility of realizing integrated information 
and control systems opens up opportunities which can 
be immediately exploited, and also many research areas 
leading to further advances in the future. 

The major theme of this paper has been to set process 


control in this more general context, where it is seen to 
be an integral part of the whole management system. 
The control objectives are the process objectives; and the 
operations managers, specialist engineers and operators 
are as much a part of the control system as the process 
computer and the instrumentation. 

It has also been a recurring theme that better per- 
formance at most levels can only be achieved by fuller 
exploitation of the knowledge and understanding of the 
process itself. In some areas this will be manifested by 
building models which capture the essentials of the 
process behaviour relevant to the purpose in hand, 
without unnecessary or extraneous complication. In 
others it will be embodied in expert system ‘knowledge- 
bases’. 

There will no general ‘black-box’ solutions, and how- 
ever powerful the tools provided by the system to assist, 
it must in the end be the process engineer who plays the 
key role in translating general process knowledge and 
experience into exploitable form. 


ADDRESS 
Correspondence on this paper should be addressed to Professor R. W 
H. Sargent, Department of Chemical Engineering and Chemical 
Technology, Imperial College of Science and Technology, London 
SW7 2BY 
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STEADY-STATE CONTROL AS A PRELUDE TO 
DYNAMIC CONTROL 


By W. R. FISHER, M. F. DOHERTY (Grapuate) and J. M. DOUGLAS 


Chemical Engineering Departmeni, University of Massachusetts, Amherst, U.S.A 


Decisions made at the preliminary design stage greatly influence the ability of a control system to satisfy production 
rate and product purity constraints, ensure safe operation, and maintain process profitability. This paper reviews 
a steady-state analysis which specifies appropriate flowsheet and equipment design modifications to improve 
controllability. The desired goal of this analysis is to develop a preliminary control structure which provides a 


starting point for subsequent dynamic studies. 


INTRODUCTION 


Convention dictates that the purpose of process control 
is to improve the dynamic response of process units 
and/or complete plants. This conventional approach to 
control leads most practitioners to initiate all control 
studies by first building dynamic models of the unit or 
units under study (many of the control systems described 
by Shinskey, 1979, are notable exceptions). The purpose 
of this paper is to illustrate the advantages of initiating 
control studies with a steady-state analysis. With this 
approach, we often can eliminate the most important 
sources of uncontrollability quickly and efficiently. 
These sources of poor operation include: (1) not 
having a sufficient number of “significant” manipulated 
variables to accomplish our goals, (2) not having a 


sufficient amount of overdesign in certain pieces of 


equipment (the “final control elements” in the termi- 
nology of Rinard, 1982) to allow the desired control 
action, and (3) neglecting the interactions in recycle 
loops or other arrangements of coupled equipment. 
With a purely steady-state approach, we can undertake 
an initial operability and controllability analysis even at 
the preliminary stages of a process design. These early 


studies can then focus on how to modify the structure of 


the flowsheet in order to improve operability and con- 
trol, in contrast to the current state of affairs where 
design changes are considered only if satisfactory control 
appears to be impossible. 

Of course, a steady-state operability analysis is not 
sufficient for the design of a contro! system. A “perfect” 
steady-state control system might not even be satis- 
factcry in a dynamic environment. However, it is also 
true that if a dynamic control system does not provide 
satisfactory steady-state performance, it will seldom be 
implemented. Thus, we propose that there should be a 
hierarchical development of a control system, where the 
initial phase of the study is focused on steady-state 
control. 


PREVIOUS WORK 
If we consider a total flowsheet, rather than a single 
process unit, it seems as if there is still no acceptable 
procedure for selecting the “best” set of controlled 
variables (those state variables that it would be desirable 


to maintain at constant values) or how to select the 
manipulated variables that can be paired with these 
controlled variables. Govind and Powers (1982) have 
suggested a pairing scheme based on “cause-and-effect” 
diagrams. Morari, Arkun and Stephanopoulos (1980) 
describe an alternative approach based on structural 
controllability. Both of these approaches assume that the 
flowsheet has been fixed, although the analysis may 
indicate that modifications are needed. Grossman and 
coworkers (1982, 1983) have presented another ap- 
proach, where the optimum steady-state control prob- 
lem is imbedded in the problem of determining the 
optimum amount of overdesign needed to obtain a 
certain measure of process flexibility. Again, their ana- 
lysis assumes that the structure of the flowsheet has been 
fixed by the designer, although the results may indicate 
that the specified structure is not sufficiently flexible or 
that additional flexibility can be obtained at a small cost 


It would be useful to have a systematic procedure 
available that would indicate the appropriate set of 
controlled variables, the appropriate variable pairings, 
and the necessity for changes in the structure of a 
flowsheet (or the need to design away from process 


constraints) early in the development of a project. A 
procedure of this type would enable the designer to 
develop processes that were easier to control. Moreover, 
it would eliminate the situation that sometimes is en- 
countered in current practice where control engineers 
refuse to approve a design because they believe that it is 
inoperable 


SELECTION OF CONTROL 

STRUCTURE ELEMENTS 
In the (optimum) steady-state design of a process, it 
is assumed that the connections with the environment 
are fixed at some set of average values. These con- 
nections with the environment include production rate: 
composition, temperature and pressure of all feed and 
utility streams; catalyst deactivation; equipment fouling, 
etc. Anticipated changes in these variables correspond to 
the disturbances in a plant control study. The optimum 
steady-state control problem is to find the settings of the 
manipulated variables that minimize the total plant 
operating costs for any set of disturbances, while satis- 
fying any process constraints. Thus, for the optimum 
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steady-state control problem, in contrast to dynamic 
control, we never attempt to identify any “controlled” 
variables, other than the process constraints. 

One current approach to control of a complete plant 
is to solve the optimum steady-state control problem 
on-line, and then to use the results of this analysis to fix 
the set-points of a set of “selected” controlled variables. 
There is no procedure available for selecting this set of 
controlled variables, however. Hence, experience and 
intuition still play a major role in the design of control 
systems. 

An alternative approach that we recommend is to 
begin the control structure synthesis procedure with 
off-line studies of the optimum steady-state control 
problem. We decide which manipulated variables should 
be included in our final control structure by answering 
the following question: What is the effect of maintaining 
an available manipulated variable at some (sensible) 
value for all disturbances? In many cases, the optimum 
values will be constrained by equipment capacities, so 
the manipulated variables need not vary. On the other 
hand, if the process constraints cannot be satisfied 
or if the operating costs increase significantly, the 
manipulated variable should be included in our control 
structure. 

In order to maintain these remaining manipulated 
variables at their optimum values, we would have to 
measure every process disturbance and solve the opti- 
mum control problem on-line. As an alternative, we look 
for simple control policies for each manipulated variable 
that greatly reduce the cost of implementing the control 
system, while paying only small economic penalties with 
respect to optimum control. For example, we could fix 
the manipulated variable at its maximum required value. 
Also, we could consider different state variables to be 
economic controlled variables, maintaining them at 
nominal values for all disturbances. Hopefully, these 
new controlled variables will be less costly to measure 
and/or keep the manipulated variables closer to their 
optimum values. In other words, we look for approxi- 
mate solutions to the optimum steady-state control 
problem that correspond to control policies that are 
simple to implement. 

This selection procedure for manipulated and con- 
trolled variables may seem more tedious to apply than 
it actually is. We employ the approximate optimization 
procedure described by Fisher et al (1985), using only 
short-cut process and economic models. Also, we only 
calculate the dominant operating costs for each eco- 
nomic trade-off. A series of case studies based on the 
synthesis strategy described above are presented by 
Fisher (1985). 

Our experience with this approach is that normally we 
can identify a set of controlled variables and the variable 
pairings between manipulated variables and controlled 
variables that closely correspond to the optimum steady- 
state control of the total process. In addition, we find 
that we can often avoid costly composition measure- 
ments. Perhaps it needs to be re-emphasized that there 
is no guarantee that these control systems will provide 
a satisfactory dynamic performance, and in that case we 
would look for other approximate solutions to the 
optimum steady-state control problem. Thus, we can 


develop a systematic procedure for developing control 
systems, but the results are not unique and they are only 
valid at steady-state conditions. Nevertheless, they pro- 
vide a good starting point for a dynamic study. 


CONTROLLABILITY AND 
OPERABILITY ANALYSES 


Our discussion of the approximate optimum steady- 
state control system above implies that we have fixed the 
structure of the process flowsheet and that the optimum 
steady-state control problem is well defined. As we 
mentioned earlier, we desire to have a systematic pro- 
cedure available for synthesizing control systems that 
will also indicate when changes in the structure of the 
flowsheet or designing away from process constraints is 
required to improve the control of the process. In order 
to accomplish this goal, we undertake a controllability 
and operability study at the preliminary design stage. 
That is, we ensure that there are an adequate number of 
manipulated variables available to achieve both our 
economic and non-economic control objectives before 
we consider optimum steady-state control. Similarly, we 
ensure that there is an adequate amount of overdesign 
where it is needed to accomplish our control objectives. 

For both our controllability and operability studies we 
use the hierarchical decision procedure for inventing 
flowsheets and base-case designs described by Douglas 
(1985). That is, we consider the controllability and 
operability of the process at each of the following design 
decision levels: 


Batch vs. continuous 
Input—output structure of the flowsheet 


l. 
- 
3. Recycle structure of the flowsheet 
4 


. Separation system—general structure 
4a. Vapor recovery system 
4b. Liquid recovery system 
5. Heat exchanger network 


With this approach, we can examine controllability 
and operability as a design is being developed. Alterna- 
tively, for an existing process, we can use the procedure 
as a decomposition tool to simplify the analysis. The 
proposed steady-state analysis is outlined below (please 
see Fisher et al, 1984a, for additional details). 


STEADY-STATE CONTROLLABILITY 

At each of the levels of detail in the hierarchy we 
identify the degrees of freedom that are associated with 
the operation of the process. As a temporary measure, 
we associate with these degrees of freedom economic 
controlled variables which characterize the trade-offs for 
Steady-state control. However, these will not usually 
correspond to the final controlled variables we identify 
from our optimum steady-state control analysis. We also 
list the non-economic controlled variables, which corre- 
spond to any process constraints. The new inputs at each 
level are classified either as disturbances or as manipu- 
lated variables (those that can be adjusted with valves). 

Next we use short-cut procedures to examine the 
sensitivity of the operating costs at each level to changes 
in the disturbances and manipulated variables. We ne- 
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glect any insensitive variables from further consid- 
eration. Then, we attempt to pair the manipulated 
variables with the controlled variables, and we test the 
sensitivity of the pairings. At the preliminary design 
State, we often find that there exist more control objec- 
tives than operating degrees of freedom. In other words, 
the number of desired controlled variables is greater 
than the number of manipulated variables for the pro- 
cess. Unique pairings between the control structure 
elements would then be impossible. The goal of our 
steady-state analysis is to ensure controllability with the 
minimum economic penalty. 

If the process is uncontrollable at any level, we have 
several options: 


1. Introduce new manipulated variables by modifying 
the flowsheet (new types of equipment, by passes, 
auxiliary heaters or cooiers, introducing a purge 
stream, etc.) 

. Design away from constraints to eliminate non- 
economic controlled variables 
Ignore unimportant economic controlled variables 

4. Proceed to the next level of the analysis with the 
hope that an extra manipulated variable will be 
available (this often happens at earlier decision 
levels, but seldom near the end) 


This procedure provides a systematic way of going 
through a flowsheet and evaluating controllability. It 
indicates when changes in the flowsheet are required, 
and it provides a criterion for eliminating unimportant 
disturbance, manipulated, and controlled variables. Fur- 
thermore, it can be applied as the design is being 
developed. 


STEADY-STATE OPERABILITY 

During the operability analysis, we want to ensure 
that no process constraints are violated, no matter 
whether we are considering an existing plant or an 
optimum steady-state design. Using the hierarchical 
decision procedure, it is easy to identify these pieces of 
“bottlenecking”’ equipment. The appropriate degree of 
overdesign for each piece of equipment can then be 
calculated from the anticipated range of disturbances 
entering the process. In the terminology of Swaney and 
Grossman (1982), we guarantee that the process will 
have a flexibility index of unity. 


OPTIMUM EQUIPMENT OVERDESIGN 
POLICIES 


As pointed out by Grossman and co-workers (1982, 
1983), there must be an optimum degree of overdesign 
for each piece of equipment in the flowsheet. Of course, 
overdesign of non-bottlenecking equipment is not re- 
quired to ensure process operability. However, if we 
compare the economic trade-offs for the optimum design 
problem (which involves both capital and operating 
costs) with the trade-offs for the optimum control prob- 
lem (which involves only operating costs), we note that 
the optimum steady-state control problem is often con- 
strained. Thus, overdesign of non-bottlenecking equip- 
ment may allow operation closer to the minimum cost 
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conditions, reducing the expected operating costs for the 
process. 
In order to illustrate this point, let us consider the 
common reaction scheme: 
Desired 
Products 


Undesired 
Reactants — 
By-products 

Generally, as the conversion per pass of the reactant 
increases, the formation of undesired by-products in- 
creases. At the design stage, the optimum conversion 
(x) primarily trades-off these selectivity losses vs. the 
capital and operating costs associated with recycling 
unconverted reactant (see Figure 1). 

For steady-state control, the capital costs are fixed 
and are eliminated frum the optimization analysis. Now, 
the optimum conversion (x~) trades-off selectivity losses 
vs. recycle operating costs only. As shown in Figure 1, 
a common result is that x# < x (even at the nominal 
operating conditions). That is, there is a significant 
incentive to operate these processes at lower conversion 
levels than their optimum design values. Of course, 
operation at x*# would be unfeasable due to saturation 
of the recycle equipment. 

With the disturbances at their nominal (time- 
averaged) values, the optimum design just balances the 
process operating and capital costs. As the disturbances 
vary over their full range of anticipated values, we find 
that the optimum operating costs vary nonlinearly. This 
results in higher expected annual operating costs. Thus, 
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Figure 1. Comparison of the Design and Control Optimization Prob 
lems for Reactor Conversion 
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some equipment overdesign may be warranted even for 
non-bottlenecking equipment to offset the under- 
estimated operating costs. 

In order to specify nearly optimum overdesign factors 
for each piece of non-bottlenecking equipment, the 
following algorithm is proposed: 


|. Rank-order the economic controlled variables. 

2. Compare the economic trade-offs involved with the 
optimum design and control problems. Note the 
dominant equipment cost which is eliminated from 
the analysis. 

Identify a (sensible) ““worst-case”’ overdesign policy 
for this equipment type. 

. Compare the increase in capital cost for overdesign 
of this piece of equipment with the decrease in 
expected operating costs. 


It is our experience that the most significant economic 
controlled variables will pinpoint the most significant 
overdesign problems. The rank-order parameter defined 
by Fisher et al. (1985) provides a quantitative criterion 
for identifying these variables. Also, we have found that 
either “worst-case” or “base-case” overdesign will pro- 
vide an adequate estimate of the optimum overdesign 
policy. Obviously, if an equipment overdesign problem 
corresponds to an insignificant economic controlled 
variable, the optimum overdesign factor is not worth 
calculating. In this case, no overdesign is the recommen- 
ded policy. 

Generally, it is desirable to undertake the controll- 
ability and operability analyses simultaneously. Both 
can also be undertaken as a new design is being devel- 


oped with the hierarchical decision approach of Douglas 
(1985). By superimposing sensible overdesign policies 
on the optimum process design, we can be confident that 
the optimum steady-state control analysis will lead to 
meaningful results. 


HIERARCHY OF CONTROL SYSTEM 
SYNTHESIS 
The discussion above implies that there is a hier- 
archical procedure for the synthesis of control systems, 
which is analogous to the hierarchical procedure for 
synthesizing process flowsheets. The hierarchy we sug- 
gest is: 


Level 1—Steady-state considerations 

la. Controllability: to ensure that there are a sufficient 
number of manipulated variables to control the 
significant controlled variables 

lb. Operability: to provide adequate overdesign in 
“bottlenecking” equipment to satisfy process constraints 

lc. Optimum overdesign: to minimize the effect of 
disturbances on profitability 

ld. Approximate optimum steady-state control: to 
develop simple alternative control system structures 
which approach the optimum operating conditions in 
the face of disturbances 
Level 2—Normal dynamic operation 

2a. Inventory control: to assess whether the proposed 
Steady-state control structures will “close” the material 
and energy balances, and to evaluate the need for surge 
or storage equipment 


2b. Dynamic control: to include dynamic compen- 
sation in the control system and to test for robustness 
Level 3—Abnormal operation 

3a. Diagnostics and failure recovery 

3b. Start-up and shut-down 
Level 4—Implementation 

4a. Distributed control 

4b. Human/controller interface 


This hierarchy provides a “least commitment” strategy 
for control system synthesis. That is, if a control system 
is rejected at any of the earlier levels, there is no value 
in even considering the problems encountered at later 
levels. It would be desirable to have systematic pro- 
cedures available to solve all of these problems. Our 
recent efforts have concentrated only on the Level | 
(steady-state) procedures, which have been successfully 
applied to the case studies referenced above. 


CONCLUSIONS 

We have outlined a steady-state controllability anal- 
ysis which serves as a useful prelude to subsequent 
dynamic studies. This procedure eliminates the most 
important sources of uncontrollability, specifying neces- 
sary flowsheet structure or equipment design 
modifications in a systematic manner. This approach is 
applicable to either new designs or existing plants, 
although different solution procedures are required. 

For new designs, we recommend that the controll- 
ability and operability analyses be undertaken at the 
same time that the flowsheet structure is being devel- 
oped. Appropriate overdesign factors for bottlenecking 
equipment can be included during the design opti- 
mization. This guarantees that the base-case plant design 
can satisfy the process constraints for all disturbances. A 
systematic algorithm for selecting nearly optimum over- 
design factors for non-bottlenecking equipment has also 
been developed. 

For existing plants, flowsheet or equipment design 
modifications may be difficult (or unacceptable). In this 
case, our goal is to minimize the effect of disturbances 
or new operating conditions (production rates, product 
distributions, etc.). The hierarchical design procedure 
will then provide a decomposition scheme to character- 
ize the process. 

For both problem types, controlled variables are 
selected on a preliminary basis to represent either the 
process constraints or the significant economic trade- 
offs. Pairings between controlled and manipulated vari- 
ables introduced at each level are often possibie, provid- 
ing a preliminary control structure. Simplifications of 
this control system may then be appropriate (to reduce 
the number of control loops. to ease output mea- 
surements, etc.). This modified control structure is in- 
tended to provide a starting point for dynamic control 
studies, while ensuring that the steady-state operation of 
the process approaches optimum conditions. 
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BOOK REVIEWS 


Proceedings of Second International Conference on Foun- 
dations of Computer-Aided Process Design 

A. W. Westerberg & H. H. Chien (Editors) 

Elsevier, 1984 

pp. 960. Dfi 360 


Academic research and industrial development in com- 
puter aids for process design are now well-established 
areas in chemical engineering, and the number of special- 
ists and published articles is growing rapidly as the 
technology advances. In 1980, the first FOCAPD confer- 
ence was held in Henniker to give industrial and 
academic workers in the field the opportunity to meet 
together to review the state of the art and better under- 
stand one another’s problems. The Henniker conference 
was a great success and this second FOCAPD confer- 
ence at Snowmass was arranged to provide the oppor- 
tunity for an update. Indeed, plans are being made that 
there will be a series of FOCAPD conferences for many 
years to come. 

To quote from the introduction to the proceedings: 


“The goal for this Conference was to improve 
communication. However, since this Conference was 
intended for experts in the field, another mission was 
to review the state of the art to help set directions for 
future work in research, development and applica- 
tions. We wanted to provide a forum for research 
people to present their latest conclusions and for 
applications people to present their current and future 
needs in order that they might set new directions and 
activities for each other. We also wanted to encourage 
communications among research groups and among 


development and application groups at a level of 


detail not possible in formal papers or at large society 
meetings.” 


The attendees represented 12 countries, with an 
approximately equal number from industry and from 
academic institutions. There was a very strong emphasis 
on discussion—about 90 minutes of each session being 
set aside for the purpose. 

The major themes addressed included: 


— database applications 
- thermophysical properties for design 
— computational algorithms 
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non-sequential-modular flowsheeting 
design and scheduling of batch plants 
operability in design 


There were also a number of overview papers outlining 
the currently perceived challenges and constraints and a 
keynote address suggesting how Expert Systems might 
be useful in chemical engineering 

The book reprints the papers presented. It is now, of 
course, more than two years since the conference and 
some of the material has since been updated by 
the Process Systems Engineering °85 Conference in 
Cambridge (IChemE Symposium Series No. 92). How- 
ever, this book is especially valuable in that it contains 
written accounts of the discussion sessions and forms a 
valuable compendium of the work in progress and the 
perceived needs in industry. I strongly recommend it for 
specialist workers in the field of computer aids for 
process design. Non-specialists may find, as the editors 
suggest, that it is rather detailed! 


A. Perris 


Mathematical Methods in Engineering 
G. A. O. Davies (Editor) 

Wiley, 1984 

pp. 452. £19.95 


This work represents an ambitious attempt to cover a 
wide range or engineering topics. It involves 15 chapters 
written by distinguished authors under the general 
editorship of G. A. O. Davies. These chapters are: | 
Introduction, 2. Engineering Fluid Dynamics, 3. Bound- 
ary Layers, 4. Compressible Flow, 5. Free Surfaces and 
Waves, 6. Hydrology, Flow and Deformation in 
Solids, 8. Heat Transfer, 9. Chemical Engineering, 10 
Structural Mechanics, 11. Polymer Engineering, 12 
Nuclear Power, 13. Systems Engineering, 14. Control 
Engineering, 15. The Finite Element Method. 

What happened to Electrical Engineering? 

In general each chapter presents the basic physics 
associated with a particular topic but stops short of a 
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ASSESSING CONTROLLABILITY OF CHEMICAL 
PLANTS 


By J. D. PERKINS and M. P. F. WONG 


Department of Chemical Engineering, Imperial College, London 


This paper discusses the assessment of plant operability using the concept of functional controllability (Rosenbrock, 1970). 
A measure of the effect of time delays in multivariable systems on controllability is proposed, as well as a scale-invariant 
measure of the effect of modelling errors. The approach is tested on a case study of multiple-effect distillation (Tyreus and 


Luyben, 1975; Lenhoff and Morari, 1982). 


INTRODUCTION 

Tighter design margins and the search for process 
modifications to reduce running costs have resulted in 
increased concern to consider plant operability at all 
stages in design (Grossmann and Morari, 1983; Rinard, 
1983). One aspect of this, which is the subject of this 
paper, is the assessment of plant dynamics under con- 
trol. The approach of designing control systems, and 
simulation of the plant together with controls, has been 
shown to have severe disadvantages (Morari, 1983), not 
only in terms of the amount of effort involved, but also 
in that it is difficult to associate any properties so 
identified unambiguously with the plant rather than with 
the particular control system implemented. 

Morari (1983) suggests that perfect control be used as 
a target to assess plant controllability. Since it can be 
shown that a square perfect controller is an imple- 
mentation of the plant inverse, this approach naturally 
leads to a consideration of the invertibility of the plant 
transfer function matrix. Four fundamental limitations 
to control performance then result, because they prevent 
in various ways the use of the plant inverse as a 
controller. They are: bounds on control variables, the 
presence of right half plane transmission zeroes, the 
presence of time delays, and plant/model mismatch. 

This paper focusses on the last two limitations, and 
then presents the results of a case study typical of several 
performed by the authors (Wong, 1984). In the next 
section, an index of merit for multivariable systems 
involving time delays is proposed. Following that, scal- 
ing procedures for condition numbers (which have been 
suggested as measures of modelling error sensitivity) are 
discussed. The case study presented at the end of the 
paper compares the predictions of the theory with the 
simulated performance of a plant under feedback con- 
trol. 


ASSESSMENT OF THE EFFECT OF 
TIME DELAYS 


The presence of time delays in a process will prevent 
the achievement of perfect control. Unfortunately, time 
delays are very common in process control systems, so 
it is necessary to be able to rank systems on the basis of 
the effect of delays on control performance. For single- 


input single-output systems, the magnitude of the delay 
can be used to establish a ranking: the longer the delay 
the worse the degradation in control performance. How- 
ever, for multivariable systems the situation ts not so 
straightforward. For example, Grossmann and Morari 
(1983) present cases where increasing delays in elements 
of a transfer function matrix results in better control 
performance. 

Holt and Morari (1984) discuss the problem of assess- 
ing the controllability of multivariable time delay sys- 
tems, and have suggested two measures. For a system 
described by an m x m transfer function matrix, each 
measure is an m-vector of delay times. Whilst it cannot 
be denied that these measures are rich in information, 
they can be rather awkward to use as a way of ranking 
process alternatives, particularly alongside the other 
criteria listed in the previous section. Ideally, one would 
like a scalar measure of the impact of delays on control- 
lability. 

One possible source of such a measure is the theory of 
functional controllability (Rosenbrock, 1970). The idea 
underlying the theory is to investigate conditions under 
which a desired trajectory for the outputs from a plant 
may be specified, and inputs found which generate the 
desired trajectory. The relationship between this concepi 
and that of perfect control is obvious, and thus it should 
not be a surprise that conditions for functional conirol- 
lability are also related to the invertibility of the transfer 
function matrix. Here is a typical result taken from 
Rosenbrock (1970). The discrete time case is presented; 
similar results hold in continuous time. However, it is 
easier to deal with time delays using z—rather than 
Laplace transforms. 


Theorem 1 (Rosenbrock, 1970) 
Given a transfer function matrix G(z) with McMillan 
degree p, and a _ sequence of outputs 
= ere then there exists a sequence 
of inputs uo, u,,... which generates the output sequence 
given x, = 0 if and only if 
det(G(z)] #0. 


The theorem shows that a necessary and sufficient 
condition for functional controllability is that the trans- 
fer function matrix G(z) be invertible. Note that there 
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is a period of time p during which the output is 
not required to change. This period is an attempt by 
Rosenbrock to define the delay time of the multivariable 
system, that is the period that must be waited before the 
components of the output vector can be specified inde- 
pendently. It makes sense to use this scalar delay time as 
a figure of merit for multivariable processes involving 
time delays. It is exactly analogous to the delay time in 
the single input, single output case. Indeed, in such a case 
the minimum delay time defined above is just the delay 
between input and output. 

However, in using this approach, we should use the 
minimum delay which allows independent specification 
of outputs as the measure. The McMiilan degree is the 
degree of the monic least common denominator of all 
minors of all orders of the matrix. In general, this 
quantity will give a gross overestimate of the minimum 
necessary delay, as the following example illustrates 


Example 1 


/ 
/ 


G(z)=|_ 


For this case, p = 11, but feasible input sequence can be 


found for output sequences commencing after a delay of 


5. For example, 


yar (;) 


corresponds to a step increase in both outputs after 5 
units delay. This output sequence is generated by 


u=([G(z)} 'y 


which represents a physically realisable input sequence. 
The minimum necessary delay may be calculated using 
the results of the following theorem. 


Theorem 2 (Wong, 1984) 

For an m x m matrix whose elements represent pure 
delays only (i.e. each element is a monomial in £ =z ~'), 
the minimum necessary delay to allow independent 
specification of al] outputs may be computed as follows. 


(1) Compute the determinant of G, and express it as 
a polynomial in ¢. Let « be the order of the lowest order 
term in this polynomial. 

(2) Compute all (m—1) order minors of G, and 
express them as polynomials in ¢. Let # be the order of 
the lowest order term in these polynomials. 

(3) The minimum necessary delay is (x — f). 


Proof 
Suppose the desired output is 


We wish to establish the minimum value of d such that 
u is nonanticipative. Now, 
u=Gy=G"'C’) 


We may compute G “' as the adjoint of G divided by the 
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determinant of G. Therefore 


Both adj G and det G are polynomials in (, and therefore 
each element of u is of the form 


(Ao tal +al?+...) 


S 


bL*+bC**' +... 
where none of the a, is guaranteed to be non-zero. For 
realisability of a z-transform, it should be in the form 
C*(ag tail +a37 +...) 

bo +biC +b307 +... 
with aj, 5, #0 and d’>0. If we define B as in the 
theorem and choose d=a-—f, we guarantee real- 
isability of all the elements of u. Further, any smaller 


value of d will result in at least one element of u being 
unrealisable. 


QED 

The theorem only applies to the case of matrices of 
pure delays. However, for the purpose of calculating the 
minimum necessary delay, the delays in the elements can 
be isclated from the remaining components. Cases where 
this leads to an incorrect result are pathological (an 
example is given later). Exact cancellation during the 
calculation of the adjoint and determinant is necessary 
to cause an error, so that small perturbations in the 
parameters in the matrix would cause the delay to revert 
to the value predicted by Theorem 2. 

It is possible to devise an algorithm to compute the 
minimum delay which works generically, and can be 
used to establish some simple bounds on its value. The 
algorithm is as follows: 


Algorithm 

(0) Given an m x m transfer function matrix G con- 
taining time delays. 

(1) Construct a matrix D whose ij element is the value 
of the delay in the i, j element of G. (If G, = 0, then set 
D,, = o). 

(2) Construct a matrix A whose ij element is the cost 
of the minimum output set (treating the delay times as 
costs) for the submatrix of D, formed by deleting its ith 
row and /th column. 

(3) Calculate A* = A+ D. 

(4) Minimum necessary delay = min A* — minA 
Using this algorithm, the following properties of the 
minimum delay can be established. 


Theorem 3 
The minimum delay is bounded by the smallest and 
largest delays in the elements of the transfer function 
matrix. 
Proof 
By construction, 


(A+ D),>minA* forall (i,/) 
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Therefore, 


D,>min A* —A, for all (i, /). 

In particular we may choose that (i, /) (i*,/*) say, for 
which A, is a minimum. 

Then, for that particular (i, /) 


D..>min A* —minA 


The right hand side of this inequality is the minimum 
necessary delay, and we have found an element delay 
which dominates it. Thus, the minimum necessary delay 
is less than or equal to the largest delay in the transfer 
function. 

To establish the lower bound, we consider two cases. 


(i) D..« = min A* —minA 


In this case, there is an element delay equal to the 
minimum necessary delay, so the smallest element delay 


must be a lower bound. 
(ii) D.. > min A* — minA 


In this case, minimum 
Ay -- Amin K # 1,1 Fj 


necessary delay = D,,+ 


Now, A,, > Aji, by construction and therefore the mini- 
mum necessary delay must be greater than or equal to 


Dy. 
QED. 


However, as mentioned above there are pathological 
cases where cancellation causes the algorithm to give 
incorrect resulis. 


Example 2 
The following D matrix is based on an example first 
considered by Holt and Morari (1984) 
If 
6.8 
2.0 
6.4 


47 
4.4 6.8 
TA 4.4 


11.5 64 64 

A*=/ 64 11.5 13.5 

13.5 64 6.4) 
Therefore, min A* = 6.4, min A= 2.0 implying a mini- 

mum necessary delay of 4.4 units. 

However, a full calculation based on Theorem 2 gives 
a value of 9.5, which not only differs from the previous 
result but is a counterexample to Theorem 3! The 
discrepancy arises from the fact that the (2, 1) minor of 
G (assuming that G is made up of pure delays only) is 
identically zero, and thus makes no contribution if the 
determinant of G is calculated by expansion along its 
first column. Further, if any other column of G is used 


for expansion, terms giving a delay of 6.4 units cancel 
from the determinant. However, it is questionable 
whether such exact cancellations have physical 
significance. As mentioned before, infinitesimal changes 
in the gains associated with delays in G will cause the 6.4 
terms to reappear. Thus, we recommend the algorithm 
described above for practical purposes. 


Scale-invariant robustness measures 


The use of the condition number of G as a measure 
of the potential sensitivity of control performance to 
modelling error has been proposed by several workers 
(Doyle and Stein, 1981, Morari, 1983). Within the 
framework of functional controllability, the condition 
number also emerges as a natural measure of robustness, 
since for fixed outputs, it is necessary to solve 


Gu=y 


for u given y. Thus, given errors in G the standard 
estimate of implied errors in u can be used, viz: 
Ou 7 — dG 
< ||G ||: : : 
u G 


The condition number 
k(G)=||G||-|G 


gives the ‘constant of proportionality’ between relative 
errors in G, and the implied relative error in uw. 

There is a problem with the use of k, which is that its 
value is not scale invariant. Thus, in general, com- 
putation with a different set of physical units will result 
in different numerical values of k, i.e. 


k(G) #k(S,G S;') 


where the diagonal matrices S, and S, correspond to 
changes of scale of inputs and output respectively. 

In using k as a figure of merit to compare alternative 
designs for controllability, one needs to devise a method 
to remove the possible effects of scaling from the com- 
parison. The approach we advocate is to use the mini- 
mum achievable value of k under all possible choices of 
scale, i.e. to use 


Knin = min {k(S,G S; 
S 


52 


The problem of optimal scaling of a matrix has 
received some attention in the numerical analysis litera- 
ture [see Wong (1984) for a review of available results]. 
It turns out that the scaling problem has been completely 
solved for the following norms: 


-norm |G || =max } |G 


L,-norm |G\ =max) |G 

by Bauer (1963). Despite several efforts, a solution to the 
problem in the /,-norm, corresponding to the use of a 
ratio of singular values as k, has not been forthcoming. 
Thus, we recommend the use of the minimum /,- or 
/_-norm condition number to measure robustness, and 
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Configuration A 





Configuration B 


Configuration C 








Figure |. Configurations for double effect distillation of methanol 


the case study described in the next section is based on 
use of /,-norm. 


A Case Study 
This case study is based on the double-effect dis- 
tillation of a mixture of methanol and water to pure 
components, a technique proposed by Tyreus and 


Luyben (1975) for this system. Flowsheets for three 
possible configurations are shown in Figure 1. 

This example has been studied previously by Lenhoff 
and Morari (1982). They assessed the controllability of 
the different configurations by designing and optimally 
tuning control systems for them, using the optimal 


performance index as a controllability measure. Since 
they used different models to those used in the present 
study, a comparison of their results with our own should 
give some measure of the sensitivity of the present 
technique to modelling assumptions. 

In the present study, the columns were modelled using 
lumped sections, and the models were matched to the 
slowest eigenvalues of more rigorous models. A simple 
dynamic model was used for the heat exchanger, also 
devised based on matching of eigenvalues. For full 
details of the models consult Howell (1984). It should be 
noted that no time delays were included in these models, 
so that controllability will be assessed on the basis of the 
presence or absence of right-half plane zeroes, and on 
the sensitivity to modelling error. 

Since the analysis is based on properties of the process 
transfer function, it is necessary to choose inputs and 
outputs. Because the outputs should be related to con- 
trol objectives, we have chosen the compositions of both 
product streams for all cases. For illustrative purposes, 
we present results for each configuration with the reflux 
flow to each column as inputs. In addition, we give the 
results for configuration A with the reflux flow to the 
high pressure column replaced by the split ratio of the 
feed. This case is labelled Configuration A’ in all the 
results. Wong (1984) presents results for many other 
choices of input. 

The nonlinear models described above were used in 
conjunction with the SPEEDUP fiowsheeting system 
(Perkins and Sargent, 1982) to perform steady-state and 
dynamic simulations of the various designs. A separate 
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package, interfaced to SPEEDUP, was developed to 
linearise the nonlinear dynamic models, and to compute 
the transfer function matrix and its properties at various 
frequencies. The package, called SPEECON, is fully 
described by Wong (1984) 

Of the four configurations, A is the only one ex- 
hibiting a right-half plane zero, though at s = 445 it may 
be far enough into the right half plane to have a 
negligible effect on control performance (Holt and 
Morari, 1984). The minimum condition numbers are 
plotted in Figure 2 as a function of frequency 

The first feature of these curves we notice is that, with 
the exception of that for configuration A at high fre- 
quencies, there is less than a factor of 2 difference 
between the best and the worst cases. The ranking 
implied by the curves at low frequencies is first B, 
followed closely by C, then A, followed closely by A’. 
The difference between the two sets ‘B,C! on the one 
hand and }A, A’} on the other is larger than differences 
within the sets. Of course, the performance of A should 
be influenced by the presence of a zero, and by the large 
values of condition number at high frequencies 

To check whether the ranking implied by the analysis 
was borne out by performance of the designs under 
closed-loop control, two kinds of optimal controller 
were designed for each configuration, using linearised 
models. A quadratic performance index using output 
and input deviations from the desired steady-state was 
used in both cases. First, this performance index was 
minimized by solving the standard infinite time linear 











a 


Figure 2. Minimum condition number v. frequency for configurations 
A (—), A’ ( ), B(x x) and C ( ) 
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Table 1. Optimal performance indices 
Optimal Indices 


Configuration Using state feedback Miultiloop 
33 42 
27 29 
11 12 
14 16 


quadratic state feedback problem (Athans and Falb, 
1966). Second, optimal settings were chosen for single 
input, single output loops using a nonlinear optimisation 
package. Table 1 shows the resulting optimal per- 
formance indices for each case, corresponding to an 
initial perturbation in all the states of 5% of their 
steady-state values. 

It can be seen that the ranking implied by Figure 2 
also shows up in the ranking of closed loop performance. 
Also, small differences in performance index are reflected 
in small differences in condition number. To gauge the 
significance of the differences, responses of the methanol 
stream composition are plotted in Figure 3 for each 
configuration under multiloop control. 

It can be seen that there is a significant difference 
between {|A,A’} and {B,C}: the times to recover from 
the disturbance being about 30 minutes and 5 minutes 
respectively. Although there are differences between A 
and A’ and between B and C these are much less marked. 
These results, combined with those of other case studies 
described by Wong (1984), suggest that differences in 
condition number of about a factor of two do corre- 
spond to significantly different closed loop performance, 
under multiloop control. Perhaps this sensitivity is ex- 


plained by the fact that assuming a diagonal transfer 
function matrix is a gross modelling error for most 


process systems (i.e. || 6G || is large). 
The ranking A>C>B is at variance with Lenhoff 
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Figure 3. Change in methanol mole fraction v. time (minutes) for each 
configuration (same scales in each case) 


and Morari’s of A> B>C. However, as we have seen, 
the differences between B and C are small (Figure 3), so 
perhaps a more reasonable conclusion from our study is 
A>B=C. Nevertheless, Lenhoff and Morari found 
significant differences between configurations B and C, 
an effect we were unable to detect using our models. It 
seems that, whilst both the Wahl and Harriott model 
used by Lenhoff and Morari and lumped section models 
have been found to be adequate simplifications for many 
control purposes, they can give significantly different 
results when used for controllability analysis. The ques- 
tion of what characteristics of a model are important for 
controllability analysis is not yet answered, and further 
work is necessary on this important problem. 


CONCLUSIONS 

This paper has discussed the assessment of plant 
operability using the concept of functional control- 
lability (Rosenbrock, 1970). This concept is closely 
related to that of perfect control; the same limitations as 
identified by the latter approach also arise in the former. 
[See Rosenbrock (1966, 1970) for a discussion of right- 
half plane zeroes within the context of functional con- 
trollability]. However, the use of functional control- 
lability has permitted the identification of a new measure 
of the effect of time delays on controi performance. In 
addition, a scale-invariant measure of modelling error 
sensitivity has been proposed. 

The approach has been tested on a case study. Agree- 
ment between the predictions of the theory and closed 
loop performance is good using the same models in the 
controllability analysis as are used in the simulation of 
closed loop behaviour. Comparison with another study 
of the same example using different models has high- 
lighted the issue of necessary characteristics of a model 
to obtain reliable predictions from the theory. 
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SIMULATION OF MULTIVARIABLE CONTROL 
OF A CEMENT KILN 
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Department of Chemical Engineering, University of Queensland, St Lucia, Australia 


Previous multivariable control techniques have required a degree of mathematical sophistication in their design and 
implementation. This paper investigates the use of two multivariable control techniques, dynamic matrix control and 
model-based control, that employ methods readily understandable by a technical person who has a limited control background. 
The two techniques are compared in a simulation study of the control of a wet process cement kiln. 


INTRODUCTION 
The practical application of multivariable control 
schemes is still in its infancy. The standard procedure for 
implementing automatic control on a multivariable pro- 
cess is to reduce the process to a number of single 
input-single output loops, each of which can be con- 
trolled by using PID control. Such a procedure will 
provide less than optimal contro! when there is strong 
interaction between the variables of the process. A 
multivariable control scheme, on the other hand, will 
actually make use of the interactions between variables. 

However, most mul!tivariable controllers require an 
accurate mathematical model of the process for their 
design and implementation. Such a model is often not 
available. The control schemes are mathematically com- 
plex and not readily understandable by a technical 
person who has a limited control background. 

This paper investigates the use of two multivariable 
control techniques that largely overcome these prob- 
lems. They are dynamic matrix control and model-based 
control. The algorithms they employ are relatively sim- 
ple, and they rely only on plant step response data for 
their design and implementation. 

For the purpose of comparing the two techniques they 
are both used in a simulation study of the control of a 
wet process cement kiln. The control problem is to 
simultaneously drive the three measured variables to 
their respective setpoints. The cement kiln simulation 
exhibits strong interaction between the variables. 


THE CEMENT KILN PROCESS 


A wet process cement kiln produces cement in a 
nodule form known as clinker. The feed to the kiin is a 


slurry which is 40% water by weight and contains 
calcium carbonate, silica, alumina and iron oxide. The 
kiln itself is a long, slightly inclined, rotating cylinder 
typically 180 metres in length with a material transit time 
of about three hours (see Figure 1). The slurry is fed in 
one end and moves down the kiln passing through a 
chain or drying section, a calcining zone and a burning 
zone. The clinker is formed in the burning zone via a set 
of chemical reactions. The clinker finally passes to a 
cooler. 

The operation of the kiln essentially depends on only 
three measured variables (Peray and Waddell 1972)' i.e 


(a) the burning zone temperature (BZ in Figure 1), 


which is the dominant influence on the quality of the 
product, 

(b) the back-end temperature (BE), which is the 
principal control on operational stability, and 

(c) the percentage of oxygen in the exit gas (OX), 


which governs combustion 


efficiency. 


conditions and fuel 


Except under emergency or upset conditions these 
three variables can be maintained within reasonable 
limits through adjustment of three manipulated vari- 
ables, namely the kiln feedrate (KF), the fuel flowrate to 
the burner (BF), and the speed of the induced draught 
fan (FS) (see Figure 1). 

Even during normal operation of the kiln it will not 
operate indefinitely in a state of equilibrium at the 
set-points. Factors such as changes in the composition of 
the kiln feed will cause fluctuations to occur. Hence a 
control scheme, either manual or automatic, is required 
to maintain the operation of the kiin within acceptable 
limits. 


— 
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Figure 1. A wet process cement kiln 
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The simulation used in this study is a simple model 
relating changes in the three measured variables to 
changes in the three manipulated variables by the follow- 
ing transfer function: 


~0.111 | 


1 + 70s 
0.089 


1+ 70s 
0.010 
1+ 40s | 


(| [0.049 
ABZ | 
| 1 + 70s 


-~ 0.037 


1 + 70s 


0.024 


0.020 


1+ 70s 
- (0.0026 
1+ 40s 


ABE 


| AOX / 0.0 











This simulation, obtained by an empirical fit to plant 
data, describes the normal operation of the kiln around 
the required setpoints. It adequately characterises the 
interaction between variables that makes the use of 
individual control loops unsatisfactory. 


DYNAMIC MATRIX CONTROL (DMC) 


Dynamic matrix control, a multivariable control tech- 
nique, was developed by the Shell Oil Company and 
principally expounded in the literature by Cutler and his 
co-workers (Cutler and Ramaker 1980’; Prett and Gil- 
lette 1980°; Cutler 1981*). Marchetti et al (1981) also 
produced a comparison between DMC and model- 
algorithmic control which is closely related to DMC. For 
a detailed explanation of DMC the reader is referred to 
the above references and only a brief outline is given in 
this paper 

Dynamic matrix control is based on a convolution 
model of the process to be controlled. This model 
describes the dynamic response of the process outputs to 
changes in the inputs at fixed intervals of time. For a 
single input, single output process the model is of the 
form: 


00, =a,Al, 
00, = a, Al, + a, Al, 
60,=a Al +a,Al,+a Al, 


00, =a,Al, + a,_-,AlL+ 


Each AJ is a step change in the input at the beginning 
of the time interval given by the subscript j. Each output 
change 60, is the cumulative change in the output 
Starting from the time interval when the first input 
change was applied. This model is readily expressed in 
matrix notation: 


AO = 4 Al 


where the matrix of coefficients, A, is known as the 
“dynamic matrix”. This formulation is easily extended 
to the multiple input, multiple output case. 

The dynamic matrix controller uses the convolution 
model in the following manner: 


(i) initialise the output projection vector by setting all 
values equal to the observed values. After initialisation, 
and at the beginning of subsequent time intervals, shift 
the projection vector forward one time interval. 


(2) calculate the change in the inputs from the last time 
interval. 

(3) calculate the change in the output projection 
vector, AO, using the convolution model, and add this 
to the output projection vector to get the new projection. 

(4) calculate the error projection vector, E, by sub- 
tracting the output projection vector from the set-point. 
The desired vector of input changes, AJ, which will 
cancel this error is given by 
E=A Al 


(5) calculate the desired changes, AJ, by the least 
squares solution of the above equation: 


Al =(A'A) '4°& 
(6) go to step I. 


The choice of values for n, the number of future time 
steps, and m, the number of moves of the manipulated 
inputs, is a design and/or tuning decision discussed by 
Marchetti et al (1981)°. Although the method calculates 
values of the manipulated inputs n time steps into the 
future, in practice only the first step is calculated and 
applied to the plant. At the next sampling interval a 
further one-step calculation is made with an updated 
input vector. 

For the control of the cement kiln, which is a 3 
input—3 output system, we used projection vectors that 
predicted 5 time steps into the future, and involved 3 
moves in the manipulated inputs. This gave a dynamic 
matrix of dimensions 5 x 3 for each measured variable. 


MODEL-BASED CONTROL (MBC) 


The model-based controller implemented here is a 
simplification for the regulatory control problem of a 
more general technique developed by Hendy (Hendy 
1980)° for use in supervisory control. The control algo- 
rithm is essentially a decision-making mechanism for 
choosing between a finite number of predefined control 
actions at each control instant. The description given 
here is restricted to this current implementation. The 
reader is referred to the above reference for a description 
of the general model-based controller. 

The decision-making mechanism is required to decide 
which of the predefined control actions will most im- 
prove the overall performance of the process. This 
requires some kind of performance measure based on the 
state of the measured variables. In this implementation 
the performance for each of the measured variables is 
simply a linear function of its distance from the setpoint. 
The performance measures for each of the three vari- 
ables are shown diagramatically in Figure 2. An overall 
process performance is obtained simply by multiplying 
together the individual performances of the measured 
variables. 

The aim of the controller at each control instant is to 
choose, from a finite set of predefined control actions, 
the control action which will most improve the per- 
formance of the measured variables. In this multi- 
variable case a control action is a combination of 
changes in the manipulated variables. For this imple- 
mentation, five possible changes could be made to each 
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Figure 2. Process performance measure 


of the three manipulated variables, resulting in 125 

possible control actions to be considered at each control 

instant. The changes for each variable are as follows: 
Kiln feedrate (kg/hr): —225, —50, 0, 50, 225 
Burner fuel flowrate (kg/hr): — 120, 20, 0, 20, 120 
Fan speed (r.p.m.): —25, —5, 0, 5, 25 


It is probable that five is a reasonable number of 


possible changes in many implementations since it covers 
the no change, small change (+ /—) required, and large 
change (+/—) required options. It should be noted, 
however, that the number of possible changes is arbi- 
trary, and need not be the same for each manipulated 
variable in a multivariable system. 

The maximum magnitudes of the changes used here 
are representative of the available control actions on a 
cement kiln. The small changes are approximately 
twenty percent of the maximum changes. 

The controller applies each possible control action to 
an incremental model of the process. This model predicts 
the changes to the measured variables after a fixed time 
step due to changes in the manipulated variables at time 
zero. The model used in this implementation is simply 
the steady-state model of the process: 


ABZ oo 0.024 —0.11 1| 
ABE| = |—0.037 0.020 0.089 | 
AOX 0.0 —0.0026 0.010 | 


[AK F 
ABF 
AFS 
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For each control action, the predicted changes in the 
measured variables due to the control action are added 
to the current values of the measured variables. The 
performance of the control action is then defined to be 
the overall performance of these predicted values of the 
measured variables. The control action that gives the 
best performance is chosen at each control instant. 


RESULTS AND DISCUSSION 
Both the dynamic matrix controi and the model-based 
control of the cement kiln were simulated on a PDP 
11/44 computer. For the purpose of comparing the 
performance of the DMC with the MBC each simulation 


run was for a 24 hour period starting with the same 
initial kiln conditions 


Kiln feedrate 9070 kg/hr 

Burner fuel flowrate 4540 kg/hr 

Fan speed 1000 r.p.m 

Burning zone temperature 1538 deg. ¢ 
Back-end temperature 788 deg. ¢ 
Oxygen concentration 1.2 


The control problem was then to drive each of the 
three measured variables to their setpoints, which were 


Burning zone temperature 1514 deg. ¢ 

Back-end temperature 780 deg. ¢ 

Oxygen concentration 0.25° 

Both controllers were run using a number of different 
sample times. The results of the runs are shown in 
Figures 3 to 7. The figures show that both methods are 
capable of solving the control problem and handling the 
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Model-based control of cement kiln Modei-based control of cement kiln 
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SIMULATION OF MULTIVARIABLE CONTROL OF A CEMENT KILN 


Table |. Comparison of DMC and MBC performance 


Sample time Execution time Average absolute error per minute 


(minutes) (seconds) 


16 
8 
360 
74 
16 


variable interactions. A quantitative comparison of re- 
sults is given in Table |. This table contains the exe- 


cution time and the average absolute error per minute of 


each measured variable for each simulation run. 

The DMC shows considerable sensitivity to the sam- 
ple time employed. Its ability to control the oxygen 
concentration, whose first-order time constant is 40 
minutes, is greatly reduced when the sample time is 
increased to 10 minutes. The MBC, however, is relatively 


unaffected by the sample time, with adequate control of 


ali measured variables retained even with a sample time 
of one hour. Both controllers exhibit very similar behav- 
iour at a sample time of 2 minutes. 

The largest difference between the two methods lies in 
the number of calculations required at each control 
instant to produce a control action. A comparison of the 
total execution times for simulation runs reveals the 
difference. The execution time for the DMC with a 
sample time of 2 minutes was approximately 16 seconds 
for the 24 hour simulation run, whereas the equivalent 
MBC run took approximately 6 minutes. 

Though neither execution time is significant in com- 
parison with the 2 min. sample time, it is apparent that 
employing a MBC on a fast process may be a problem, 
with severe restrictions on the number of choices of 
control action being necessary to speed up the decision- 
making mechanism. It should be noted that this imple- 
mentation used only the relatively small number of 5 
possible changes for each measured variable. 

When controlling a real cement kiln the objective is to 
keep the measured variables consistently within a target 
range. It is desirable to return the process to setpoint as 
quickly as possible when a fluctuation occurs. However, 
speed of response is secondary to consistent operation. 
Therefore, the highly oscillatory responses produced by 
the control schemes with a sample time of 2 minutes may 
be less desirable on a real kiln than the more conser- 
vative response shown by the MBC with a sample time 
of one hour. 


CONCLUSIONS 


This work has examined the usefulness of two novel 
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BE BE OX TOTAL 


4.5 f 0.15 5.5 
5.0 0.9 
Si 5 0.05 
3.6 0.04 
3.8 0.05 


multivariable control techniques 
sions can be drawn, namely: 


A number of conclu- 


(1) both the DMC and MBC are simple multivariable 
control techniques that require only process step re- 
sponse data to be implemented 

(ii) both methods, however, are hampered by a lack of 
Stringent design criteria 

the choice of the tuning parameters in the DMC 
is largely trial and error 

the choice of control actions in the MBC is 
arbitrary 

(111) the DMC algorithm uses less processor time than 
the MBC algorithm 

(iv) the MBC is readily extendable to more complex 
problems than the regulatory control problem presented 
here. It is a simple matter to incorporate process goals, 
such as maximising the kiln feedrate, and minimising the 
fuel flowrate to the burner, into the decision-making 
mechanism. 


It must be remembered that the results presented here 
were obtained using a simple simulation of a cement 
kiln. The true worth of these control schemes can only 
be gauged by full plant verification 
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FAULT DIAGNOSIS USING INTELLIGENT 
KNOWLEDGE BASED SYSTEMS 


By P. K. ANDOW (MEMBER) 


Chemical Engineering Department, Loughborough University, U.K 


Fault diagnosis is an important component of the operator’s task. Intelligent Knowledge Based Systems (IKBS) provide a 
potential means fer improving the operator’s performance of this function. This paper briefly reviews the background of IKBS 
and then examines their use for process plant fault diagnosis. The real-time aspects of the diagnosis problem impose special 
constraints on the systems employed. The paper examines these constraints and describes a pilot trial system constructed using 
the PROLOG language. Particular attention is focused on the search mechanisms used. 


INTRODUCTION 

Automatic safety systems are often used to prevent 
serious events from occurring. There are however many 
event sequences which do zot have hazardous con- 
sequences but which may lead to plant shutdowns. This 
situation arises partly because there is an understandable 
desire to keep safety systems as simple as possible—for 
reliability reasons. An unintended consequence of this is 
that the safety systems cannot discriminate between 
genuinely hazardous events and others which do not 
require a shutdown. The designer may recognise this 
situation but relies on the operator to intervene when 
required. Marshall et al' have shown how Panel Diag- 
nosis Training can be used to improve the operators 
diagnostic performance. This is clearly worthwhile and 
deserves wider application. A further improvement 
might be gained by using IK BS techniques to provide an 
operator aid to assist in the diagnostic task. Recently 
there has been a surge of interest in IKBS in general and 
in Expert Systems in particular. Michie’ gives a general 
introduction to the concepts involved and describes the 
more well-known applications of Expert Systems. 
Bramer (see reference 2) has defined an expert system: 

“An expert system has been defined as a computing 
system which embodies organised knowledge concerning 
some specific area of human expertise, sufficient to 
perform as a skilful and cost effective consultant”. 

Such systems derive from work in the field of Artificial 
Intelligence (Al). Work in the AI field concerns topics 
such as problem-solving and pattern recognition—both 
of which have obvious and immediate relevance to 
process plant fault diagnosis. Another specific link with 
fault diagnosis is that one of the classic expert systems 
is MYCIN—a system for medical diagnosis. It is there- 
fore clear that IKBS techniques are strongly oriented to 
the problems of fault diagnosis. 


REAL TIME FAULT DIAGNOSIS 


Fault diagnosis is often found to be a difficult and 
confusing task. Alarm systems are provided on plants in 
order to draw the operators’ attention to fault conditions 
and to assist him in diagnosis. In practice alarm systems 
are often found to be unsuited to the requirements for 
effective diagnosis (see Kragt*’, Andow’*). This is often 


compounded by an apparent tack of a clear design 
philosophy for the alarm system—or, if such a philos- 
ophy does exist, it has not been properly implemented 
and built into operating instructions. An operating aid 
cannot properly compensate for poor design and so it is 
stressed that good design is an essential pre-requisite. 
Characteristic features of the diagnostic problem are: 


1. There may be many alternative interpretations of 
particular events. This implies that events should not be 
considered in isolation. Patterns of events must be 
recognised by the operator. 

2. The knowledge used in diagnosis often lends itself 
to expression in the form of rules rather than equations. 

3. Experienced operators use short-cut methods to 
quickly identify likely causes of failure. They do not 
consider all the alternatives. 


Many traditional IKBS applications (e.g. medical 
diagnosis and game playing) exhibit very similar fea- 
tures. On the other hand the problems of real-time 
process plant fault diagnosis are themselves significant: 


1. Not all plant states are observable. 

2. Instrument failures are common and often cause 
confusion. 

3. The analysis carried out must allow for the dynamic 
behaviour of the plant—the rules are not all static. 

4. The monitoring and display systems used by the 
operator may be difficult to use effectively for fault 
diagnosis—although they may be well-suited to normal 
operation. 


For these reasons it is clear that the use of IKBS 
techniques is not straightforward—-even though there is 
a good match between the requirements of the problem 
and the characteristics of IK BS. It was therefore decided 
to carry out an evaiuation of IKBS by means of a pilot 
project. The pilot project would not use data from a 
running plant but would aim to develop software that 
could form the basis of later real-time use. 


THE PILOT PROJECT 
The goals of the pilot project were: 


1. To define the structure of the knowledge-base 
representing the plant behaviour. 
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2. To investigate the various search mechanisms 
needed for diagnosis. 

3. To establish possible heuristics for cutting-down the 
size of the search space. 

4. To define the requirements of the operator inter- 
face. 


The work was carried out on a PDP 11/34 mini- 
computer running the RSX-11M operating system. The 
language to be used was PROLOG— although it was 
recognised from the outset that this was not ideal for all 
aspects of the work. 

There are many possible ways of representing the 
behaviour of a plant when failures occur. The 2 most 
well-known are probably the Fault Tree and the Cause- 
Consequence Diagram. Himmelblau’ contains examples 
of both methods. Figure | shows a small Cause- 
Consequence Diagram. It should be noted that the use 
of the Fault Tree or the Cause-Consequence Diagram is 
a short-cut way of representing a whole family of plant 
conditions in a simple form. Both methods also focus the 
user’s attention strongly on events that really matter. 
Without this kind of approach the task of fault diagnosis 
would be much more difficult. Herbert® draws attention 
to problems that may arise when either of these tech- 
niques are used. In particular there is a difficulty in 
ensuring that the a priori analyses required are complete 
and correct. For this reason it was decided to experiment 
with a method based on constructing the models in real 
time. In this way the model may be specifically tailored 
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cause-list (fevent(pipe-|1,break), event (pipe-1,block), event (pl, low)] 
event (fl, low)) 
cause-list ([event(pump-1,stop), event (pipe-1,break)], event (pl, low)) 


cause-list ([event(pump-1, off ), event (pump-1,fail)], event (pump-1,stop)) 


cause-list (([event (fi, low), event (f2, low)]], event (header-flow, low)) 


Figure 2b 


to match the prevailing plant conditions. The models 
would be built up from model ‘fragments’ into the form 
required. Figure 2a shows some model fragments in fault 
tree form. Figure 2b shows the same fragments repre- 
sented in PROLOG. The PROLOG code is not particu- 
larly elegant—it is merely a convenient means of repre- 
senting the model data. Square brackets delimit the list 
of possible alternative causes (1.e. OR logic). Nested 
square brackets delimit causes that must occur in combi- 
nation (i.e. AND logic)—as shown by comparison with 
the fault tree fragments in Figure 2a. The model frag- 
ments represent the state of plant variables. The full 
model built up from the fragments then gives a possible 
cause or a possible consequence of a particular plant 
variable. The operator cannot normally observe the 
variables directly. The overall model must therefore 
allow the indicated values to differ from the real variable 
values— depending on the condition of the measuring 
device used. Table | shows the sets of possible values for 
a measuring device with 4 states: 


. Working normally 
. Failed Low 

3. Failed High 
. Failed Normal 





ANDOW 


Table |. 


Device State (D) Parameter State (P) Indicated Value (I) 
Working Normally Low Low 
Normal Normal 
High High 
Failed Low Low 
Failed High High 


Failed Normal Normal 


Figure 3 shows a PROLOG clause that represents 
Table 1. The pilot project used this as the basis for 
matching the indicated plant values to consistent vari- 
able values. For any indicated value it is seen that there 
are always at least 2 possible alternative variable values. 
When the program executes PROLOG will explore these 
alternatives one by one—thereby producing a series of 
alternative explanations of a given pattern of indicated 
values. Space constraints do not permit a full description 
of the data base in this paper. Other parts of the data 
base include dummy “indicated values” and values for 
the likelihood of various plant faults. 

In practical use two contrasting modes of operation 
can be identified: 


1. The system is directed by the operator to focus on 
particular abnormal events. 

2. The system continuously monitors the plant state 
and offers advice to the operator when this is 
appropriate. 


It is clearly possible (and perhaps desirable) to design 
systems that lie between these 2 extremes. For the 
initial pilot project work it was however decided to use 
Mode |, i.e. an operator-driven system. The search is 
then based on looking for causes and consequences of 
operator—defined abnormal events. For some events the 
search space is smail and exhaustive search can be used. 
For other events there are large numbers of possible 
fault-propagation paths to be checked and, for these, the 
search mechanism needs to be more sophisticated if 
evaluation is to be acceptable in real time. A method of 
cutting down the search space is therefore needed. A 


Consistent-values (I, P, D):- 
{ 


(I = normal, ((P = normal, D = okay); (D = failed-normal)) 
(I = iow, ((P = low, D = okay); (D = failed-low)) ) 


(I = high, ((P = high, D = okay); (D = failed-high)) ) 
) 


This may be read as 


I, P and D are consistent if: 


[ is normal AND\(P is normal AND D is okay) OR (D is failed 
normal)| 


OR 
I is low 
OR 
I is high 
Figure 3 


common heurisitic in this situation is to rely on a 
probabilistic (or pseudo-probabilistic) line of reasoning. 
This recognises that multiple independent failures are 
less likely than single ones. Each causal path has one or 
more abnormal events associated with it. Each failure 
needed to explain the pattern of indicated values is 
assigned a penalty function so that the complete pattern 
can be assigned a measure of its probability. This gives 
a means of comparison and allows the search to be 
directed more rapidly towards plausible solutions. 

The Cause Consequence Diagram shown in Figure | 
can be used to illustrate the method of search. Exhaus- 
tive search is often ‘depth first’. If we are looking for 
causes of event C we would: 

1. Find the first cause of C—which is W. 

2. Find the cause of W—which is P AND Q. These are 
both basic events so this is the first solution found. 

3. There are no more causes of W so look for another 
cause of C—this is X. This is a basic event so this is the 
second solution found. 

The six possible causes (in the order found) are: 

P AND Q 


IAND J AND K 


This method of search is acceptable in a small tree 
with a low branching factor but might be useless in a 
large tree with long causal paths. 

An alternative is ‘Breadth first’ search. For this case 
the causes of C are found by: 


1. Find the first cause of C—which is W. 

2. Find the next cause of C—-which is X. This is a basic 
event and is the first solution found 

3. Find the next cause of C—which is Y. 

4. Find the next cause of C—which is Z. 

5. Now there are no more causes of C we start to look 
for causes of intermediate events like W. 

6. Find the first cause of W—which is P AND Q. 
etc. 

The six solutions (in the order found) are: 

x 

P AND Q 

S 

IAND J AND K 

U 

V 

Since the search is exhaustive we still get the same 
result but the order is changed. If short solution paths 
do exist then ‘breadth first’ will find them quickly. 

In general, knowledge of the search space can be used 
to decide which of these approaches is appropriate. For 
searching Cause Consequence Diagrams we can arrange 
the events in the tree so that the search would be more 
efficient. If we also use the penalty function method for 
evaluating paths before complete solutions are found 
then we can use a form of ‘best first’ search: 


1. Carry out a breadth-first search along causal paths 
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until either the path terminates or a measured variable 
is encountered. 

2. All the solutions found in step | are compared and 
only the ‘best’ ones retained in an ordered list. 

3. The best solutons are then searched to successively 
greater depth (using the pruning mechanism described in 
step 2) at each level of search. 


This is a fairly crude but effective search mechanism 
that mirrors the way that human experts often work. A 
slightly more complex version of the search mechanism 
works in the same basic way but retains all solutions 
until the number found reaches a previously defined 
limit. The set of possible solutions is then compared and 
orderd as before with the least plausible solutions again 
being discarded. 

When the causal search is complete the operator is 
presented with a display showing the most likely 
cause. He can also ‘step through’ the other solution 
candidates—in order of likelihood. It is quite clear that 
in practice there will be situations where the operator 
will be in a position to add further information not 
availabie via the sensors. This will obviously affect the 
evaluation of a particular solution. Provision has there- 
fore been made for the operator to be asked for informa- 
tion when necessary or to volunteer it. Figure 4 shows 
an experimental display used during development of the 
pilot system. The display corresponds to the faults listed 
in Figure 2 and shows the ‘volunteered’ information in 
addition to that obtained directly from the sensors. He 
can also, reject solutions offered by the system and focus 
the systems reasoning on a solution that he considers to 
be correct. In this way the operator can effectively ‘force’ 
a solution into the system. During the dialogue he will 
still be presented with alternative solutions and, when 
appropriate, advised that these are considered more 
likely. The intention is to help avoid ‘mind set’ but still 
have the operator in overall control. 


DISCUSSION 
The pilot project described has been very useful 
although it has posed many new questions. PROLOG is 


CURRENT EVENT: Pressure pl low 
INDICATED VALUES 


Flow fi low 
Pressure pl low 


POSSIBLE CAUSES: 2 


Possible 
Very unlikely 


CONFIRMED VALUES 


pump |: stopped 
pipe |: break 


Command: 
Initial display before operator checks pump state 
Display after operator checks pump state 
CURRENT EVENT: Pressure pl low 


INDICATED VALUES 
Flow fi low 
Pressure pl low 


POSSIBLE CAUSES: 2 


Very likely 
Very unlikely 


COMMAND: 


CONFIRMED VALUES 
pump | stopped 


pump |: stopped 
pipe |: break 


Figure 4 
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very different from conventional procedural languages 
(such as BASIC and FORTRAN) and, for this reason, 
it was difficult to estimate how much work would be 
required to implement a system. Some parts of the 
coding have proved to be simple in PROLOG—because 
it is naturally suited to the problem features. In particu- 
lar, it was much easier than expected to produce working 
code that ‘matched’ indicated plant conditions to possi- 
ble causes and/or consequences. The program does allow 
for instrument failures—one of the major requirements 
of process plant fault diagnosis. The method of knowl- 
edge representation being used is also oriented towards 
an evolving pattern of indications, although true real- 
time operation has not been attempted in this project 
The search space can be reduced considerably using 
simple heuristics that do appear to mirror the way in 
which operators work—at least for common faults. It is 
not clear if the same heuristics are appropriate for 
rare-event sequences since the operators may then work 
in quite different ways. The system is currently driven by 
operator commands. This is convenient for initial work 
It is intended that another mode be investigated such 
that the system is largely free-running and generates 
advice on the basis of its observations of the plant 
conditions. This type of operation may be particularly 
suited to combating the ‘mind set’ phenomena that has 
often been observed. 

The project work has so far been strongly oriented to 
the algorithms needed. The operator interface is obvi- 
ously important. The next stage of work will place more 
emphasis on this aspect of the system. 

It was expected at the outset that the PDP 11/34 
hardware would place a severe limitation on the size of 
the problem that could be handled. This has proved to 
be true—with memory size limitations much more con- 
Straining than raw processor speed. This is to be ex- 
pected from other applications of IKBS techniques. A 
32—bit machine appears to be necessary for any prob- 
lem involving a reasonably large search space. (This 
comment is general for A.I. problems and is not simply 
a result of using PROLOG). 

Most attention has so far been focused on causa! 
analysis. For the limited test cases so far used it appears 
that this function works reasonably well. The system 
must also support search of the consequence-space. This 
has 2 quite distinct aspects: 


1. Some possible causa/ paths involve events that will 
have other effects—either immediately or after a delay 
These consequences can be checked as one means of 
verifying the cause. 

2. Having found a plausible cause the operator needs 
to know how it might develop. For common faults he 
will probably not require any assistance from the system 
but for rare events consequence prediction can be very 
valuable. He can then focus his corrective actions on 
avoiding the worst consequences, if this is possible 


Work on these aspects is in its early stages 


CONCLUSIONS 
The work here will not be completed until early in 
1985. Some tentative conclusions are however possible 
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1. IKBS techniques do appear to offer a solution to the 
problem of fault diagnosis on process plants. 

2. PROLOG contains search and pattern-matching 
features that are well-matched to the computational 
requirements of the application. PROLOG does how- 
ever lack some useful features of more conventional 
languages. A system combining PROLOG and pro- 
cedural features (like POPLOG) is probably the best way 
forward. 

3. An operator-driven system can be implemented 
reasonably easily. It is not yet clear if this is the best 
mode of operation. 

4. Simpie heuristics for reducing the search space are 
available and appear to work quite well. Testing is 
obviously important here. Effort is currently being spent 
on definition of a range of test cases designed to illustrate 
difficult search problems. This may well dictate changes 
in the heuristics used for non-exhaustive search. Other 
heuristics are also needed for the support of 
consequence-space searching. Some work has been done 
on this aspect of the project but it is too early to make 
positive recommendations. 
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Book reviews continued from page 357 


detailed discussion of the mathematics involved in the 
solution of the differential equations produced by the 
basic theory. This is unfortunate in view of the title 
‘Mathematical Methods In Engineering’. An editorial 
note in the book indicates that this is deliberate policy. 
To quote: ‘A reader who wishes to learn about a 
particular topic or consolidate his knowledge is invited 
to consult the core volumes of the ‘Handbook Of 
Applicable Mathematics’. This is a six volume work 
which few engineers will possess. A better title for the 
book under review might be ‘An Engineer’s Guide To 
The Handbook Of Applicable Mathematics’. 

Chapters 8 and 9 will be among those of particular 
interest to Chemical Engineers. Chapter 8 on Heat 
Transfer has sections covering Conduction, Laminar 
Flow systems and Turbulent Flow systems. The section 
on Conduction quotes solutions based on the technique 


of separation of variables although analogue, finite 
differences and finite element are named but not illus- 
trated. Boundary element methods are omitted. 
Chapter 15 is a comprehensive discussion of the finite 
element method. The chapter devoted to Chemical 
Engineering has sections covering the elements of 
Reactors, Vapour Liquid Equilibrium, Distillation and 
Gas Absorption. No mention is made of the method of 
characteristics in Reactor or Heat Exchanger Design. In 
the chapter on Chemical Engineering there is no mention 
of advanced techniques in distillation column design. 
To sum up, the book does present a great deal of basic 
physics but the potential readership is difficult to assess. 
Many practising engineers will have access to the 
material they require in their own specialised texts. 


F. H. Cass 
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INTEGRATION OF PROCESS DESIGN, 
SIMULATION, AND CONTROL SYSTEMS 


By D. J. HERMAN, G. R. SULLIVAN and S. THOMAS 


Department of Chemical Engineering, University of Waterloo, Canada 


Over the past decade, much emphasis has been placed on the development of two specific types of Chemical Engineering 
systems. Process design and simulation systems are either sequential modular or equation oriented in nature and provide 
engineers with sets of tools for steady state or dynamic process design. Process control systems are usually color graphic based 
real time systems that provide monitoring, control and optimization capabilities for actual process plants. This paper outlines 
the integration of a large process design system (SPEEDUP) with a large process control system (ACS). The overall design 
philesophy, system features, and typical applications that demonstrate the advantages of the integrated system are discussed. 


INTRODUCTION 

Over the last two decades, chemical engineers have 
developed and utilized two separate types of systems for 
process design and process control activities. Large 
flow-sheeting packages, developed either inhouse or by 
a systems house, have been used for the most part for 
new process designs or for retrofit studies. At the same 
time, process control engineers have implemented real- 
time process control systems to capture incentives asso- 
ciated with advanced control appiications that yield 
greater throughputs, improved yield of more valuable 
products. as well as lower plant energy consumptions. 
The design activity normally occurs on a central main- 
frame facility whereas the process control function has 
traditionally taken place on a plant mini-computer. 

The purpose of this paper is to demonstrate the 


synergism that can occur as a result of the integration of 


the process design and process control activities. These 
two activities are a subset of plant functions that utilize 
process models of one form or another. Figure 1 demon- 
strates the plant systems matrix. The rows of the 
matrix represent various plant functions and the col- 
umns represent characteristics of the models used in the 
various plant functions. The shading of each matrix 
element is indicative of the degree to which the specific 
model characteristic applies to that plant function. For 
example, the dark elements on the process design row 
suggest that nonlinear, rigorous models are required. 
The wide degree of shading over the entire matrix 
suggests that a wide range of model and solution pro- 
cedures are necessary, hence developers have concen- 
trated on production of systems that satisfy a “row” 
requirement. As will be demonstrated by the examples 
below, the integrated system has the required func- 
tionality to cover the process design, control strategy 
design, control strategy implementation, and the oper- 
ator training rows of the plant systems matrix. In 
addition, McLellan et al (1983) describe a system that 
integrates the planning and production scheduling sys- 
tems with the process control function using the same 
model building subsystem (i.e. SPEEDUP) that is used 
in this work. 

The components parts of the total system described 
here are an equation-oriented flowsheeting system, 


SPEEDUP (Perkins et al, 1982) IBM’s ACS process 
control system (Bradbury et al, 1983). The interface 


developed to integrate the systems is called SPEED- 
WACS. A description will be given for each of the 
component parts of the total system followed by applica- 
tion examples that demonstrate the advantages of the 
total system over the sum of the component parts 


SYSTEM DEVELOPMENT 
SPEEDUP 

SPEEDUP is an equation oriented chemical en- 
gineering flowsheeting package developed at Imperial 
College, London, England. It may be used to solve 
steady state or dynamic problems containing any 
combination of raw differential-algebraic equations, 
user/system defined functions and user/system defined 
procedures (subroutines). That is to say it covers the 
entire spectrum of modularization from individual equa- 
tions to large FORTRAN routines. SPEEDUP provides 
the user with a number of facilities for interactively 
creating, modifying, auditing a problem description, 
obtaining help and tabulating or plotting results. Refer 
to Figure 2 for a schematic description of SPEEDUP 
Conceptually SPEEDUP consists basically of two parts; 
a translator/command executive and a FORTRAN run- 
time system. 

The executive maintains a database which contains 
information pertaining to all problem descriptions 
defined by the user. The executive will, on command, 
translate the problem into an equivalent FORTRAN 
program that is passed on to the runtime system to be 
solved by a suitable numerical method optionally chosen 
by the user. In addition to analysis of syntax, the 
translator performs topological analysis of the flowsheet 
and degrees of freedom analysis. The database helps to 
minimize the retranslation required due to a 
modification and encourages evolutionary design 
whereby a simple first approximation develops in stages 
to a complete final design. The interactive nature of the 
executive coupled with the database management facili- 
ties establishes SPEEDUP as a fast convenient means for 
evaluating process design changes, control strategies, 
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etc. and makes it a prime candidate for integration with 
other modern database software tools. 

The runtime system consists basically of a collection 
of numerical methods for solving large systems of non- 
linear algebraic/differential-algebraic, routines for phys- 
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Figure 2. SPEEDUP execution schematic. 











ical property evaluation and a runtime database. There 
is a set of runtime database management utilities to 
facilitate development of interfaces between the numer- 
ical methods and the database and to facilitate commu- 
nication between the runtime system and the translator. 
Consequently new numerical methods can be developed 
independently of SPEEDUP and then readily interfaced. 

Within the integrated system to be discussed below, 
SPEEDUP will provide the model of the process to be 
considered. Although many flowsheeting packages could 
have been used. SPEEDUP was chosen because of its 
equation-oriented nature. Apart from the convenient 
database structure, it allows both steady state and 
dynamic simulations with direct extension to opti- 
mization applications. 


The Advanced Control System 

The Advanced Control System (ACS) is an IBM 
product designed for plantwide monitoring and process 
control of large scale plants such as refineries, steel 
mills, chemical plants etc. It consists basically of three 
functional parts: 
Master Processor 

execution of control strategies and real time database 

management (4300 series cpu) 


Input/Output Processor (IOP-Series/1 cpu) 
process instrumentation interface 


Operator/machine Interface 
display management system to allow 
operator/engineer to interact with the system while 
defining/modifying control strategies (3270 series 
equipment). 


Within the master processor there are four major soft- 
ware components: 


1. OS/VS1 Operating system 

2. SRTOS special real time operating system 
3. ACS host 
4 


. ACS/SI—ACS signal interface 


The OS/VS1I operating system provides a basic frame- 
work for task management, I/O device management, 
storage/virtual storage management required by a multi- 
user multitasking environment. SRTOS is an extension 
to OS/VS1 that provides facilities for realtime database 
management and task management. ACS-SI manages 
transaction requests from the host to the IOP. The ACS 
host program is the heart of the Advanced control 
system and is conceptually composed of 5 functional 
pieces: 


. PUC—process units control 

. FileBuilder (FB) 

. DMSS—display management subsystem 
. IOPAM 


5. User program interface support subsystem (UPSS) 


PUC performs the variable processing, alarm pro- 
cessing, report generation and provides special control 
functions for the engineer. The FileBuilder is a menu 
driven system for interactively defining variables and 
displays and for interactively retrieving information 
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about existing variables and displays. DMSS provides a 
powerful facility for interactively communicating with 
the realtime database. It enables the operator/engineer 
to interactively modify controller parameters, variable 
values etc., from tabular displays, trend plots, bar charts, 
schematics and other forms of interactive displays 
defined by FB. IOPAM communicates with the IOP via 
ACS-SI. UPSS provides a powerful facility for running 
user written programs in FORTRAN, PLI or assembler 
under control of ACS (Master partition) in a second 
OS/VS1 partition called the SLAVE. Concurrent exe- 
cution of 16 user programs is possible within a priority 
structure. 

Within the integrated systems discussed below we will 
only concern ourselves with UPSS, FB and DMSS. That 
is ACS will provide both the graphic display interface for 
the design/control activity and the software for the 
control strategy itself. 


SPEEDWACS 

SPEEDWACS is an interface between SPEEDUP and 
ACS. It provides a means for running a SPEEDUP 
simulation under the control of ACS using UPSS facil- 
ities. ACS monitors and controls the simulation as 
though it were a real process, SPEEDUP accepts values 
from predefined control variables and calculates ACS 
measured values. 
SPEEDWACS is conceptually composed of 3 portions 
as shown in Figure 3: 


. SPEEDUP translator extensions 
. Simulation transport facility 
3. SPEEDUP runtime extensions 


The SPEEDUP translator extensions include recog- 
nition of two keywords “CONTROL” and “MEA- 
SURE” and the addition of the command ACS. The 
“MEASURE” keyword indicates that the translator is 
to generate an associated ACS tag to which SPEEDUP 
is to place newly calculated values. In essence, it denotes 
the process measurements for the control system. The 
“CONTROL” keyword indicates that the translator is 
to generate an associated ACS tag from which 
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SPEEDUP is to accept values. This is analogous to the 
control system downloading a new setpoint or valve 
position to the process. When the command sequence 
ACS RUN is given, SPEEDUP translates the problem 
including the “MEASURE” and “CONTROL" sections 
and creates the associated tagnames and FileBuilder 
input for their definition. 

The transport facility is commonly referred to as 
GENACS (generate ACS input). It transports the fol- 
lowing information to the machine running ACS: 


FORTRAN simulation module. 

runtime database initialization values and other data 
base information 

SPEEDUP generated ACS filebuilder input 

List of tagnames 


The runtime extensions provide GET/PUT facilities to 
the ACS real time database, interfaces to OS/VS1 par- 
titioned datasets, message facilities for communication 
with the user and operator displays, timing facilities, a 
sleep facility, real time rate interactive modification 
facility and a switch facility for turning the simulation on 
and off. Refer to Appendix A for description of the basic 
algorithm. SPEEDWACS makes provisions for trans- 
porting and running steady state simulations under 
ACS. DMSS is a powerful tool for displaying informa- 
tion in tabular, graphical or schematic form and its 
interactive nature enables fast and convenient model 
evaluation. A steady state simulation can run under the 
control of ACS repetitively producing new steady state 
values for any changes in “CONTROL” variables 


APPLICATIONS 


The potential applications of SPEEDWACS are nu- 
merous both in academia and in industry. Here we will 
mention four such applications namely process design, 
dynamic simulation, operator training/teaching, and 
control strategy design. In all examples, the development 
time was extremely short. 


Process Design 


Since SPEEDUP is an excellent flowsheeting too!, 
SPEEDWACS can be used for this activity but with a 
bonus not found in conventional flowsheeting packages 
The designer can create a standard SPEEDUP program 
and then link it to ACS. Now the design interface is a 
process graphic in which the user simply tabs to the 
variable of interest, changes its value, and instantly sees 
the new steady state design values on the graphic. Figure 
4 is taken from a black and white photograph of the 
color graphic used for a detailed distillation design 


Dynamic Simulation Studies 


Since SPEEDUP has the capability of dynamic simu- 
lation, SPEEDWACS is a good vehicle for these studies 
Again, the important feature is that the user can interact 
with the simulation in “real-time” to investigate certain 
trends. For example, if the engineer notices that a reflux 
drum level is increasing during the course of a simu 
lation, he could increase the reflux rate set point to 
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Figure 4. SPEEDWACS distillation schematic and trend display 


decrease the level. Figure 4 shows some ACS trend 
displays for a dynamic distillation simulation. 

Once the simulation is developed, the use of it is not 
restricted to the process engineer. Since the simulation 
interface is the same interface used for the control system 
the process operator can effectively use the simulation. 
The benefits in this case are obvious. An individual who 
knows relatively little about process simulation would 
like to be able to use such a tool to do a job that is 
invaluable to a plant and that is operate a process unit 
to the best of his ability. His capacity to do so is directly 
proportional to his knowledge of the process and that 
knowledge grows with the availability of powerful tools 
for the convenient investigation of the process. It is 
convenient for the operator to investigate using a tool 
such as SPEEDWACS because it talks to the operator 
in a language he understands. It is convenient for the 
process engineer to develop the evaluation system for the 
operator since it is a direct extension of his own process 
design/evaluation using a simulation system like 
SPEEDUP. 


Operator Training/Teaching 


The applications for operator training and under- 
graduate engineering education are obvious. Operators 
can be placed in hypothetically disastrous situations and 
asked to control the simulation as though it were the real 
process. The operators are using the same system that 
they would be using in a real control room. 


Consider the teaching of fundamental process control 
to a group of engineering students. A dynamic model of 
a process such as a furnace could be created and 
duplicated for each group. Each group of students could 
evaluate the dynamic response due to changes in a 
variety of process variables. They could evaluate basic 
control strategies such as feedback, feedforward, combi- 
nation feedback-feedforward, ratio control, interactive 
control etc., on a real industrial control system with the 
convenience of interactive menu driven display systems. 
Other groups of students could develop their own 
models without have to develop their own numerical 
method or without worrying about the interface prob- 
lems associated with communication between their 
model and some suitable display system. More details on 
the use of an integrated system for teaching process 
contro! is given in Koppel and Sullivan (i985). This 
teaching method has revolutionized the teaching of 
process contro! in several chemical engineering schools 
throughout the world. 


Control Strategy Development 

Once a dynamic simulation is available, control 
strategy development can take place using standard ACS 
facilities. The advantage of this approach is that the 
majority of the design, development and tuning of 
process control strategies can take place on the simu- 
lation without using the process itself. Once the control 
strategy is developed using SPEEDWACS the entire 
control strategy (tags, programs etc.) can be transferred 
to the real time process system. At Waterloo SPEED- 
WACS has been used for the development of advanced 
optimizing strategies for distillation operation changes, 
wet steam injection networks, refinery visbreaking units, 
BTX extraction units, catalytic cracking units and 
hydrogen synthesis plants. 


APPENDIX A 
SPEEDWACS Runtime Algorithm 
The basic runtime algorithm is as follows: 


1. Initialisation 
Read preset values from file and user defined options 
such as realtime rate, sample interval, convergence 
tolerance, print level. 
Set switches off. 
Establish mapping between SPEEDUP variables and 
ACS variables. 
Initialise ACS database variables. 

. Simulator Loop 
Get current ACS time. 
Call integrator to calculate the state of the system 
‘sample interval’ seconds ahead of time. 
At beginning of each interval control variables are 
obtained through the GET utility. It was found neces- 
sary to filter any large discontinuous changes to avoid 
numerical convergence problems for any one step. 
The realtime rate is obtained before each time step so 
that it may be interactively modified. 
Simulation loop continues until simulation switch is 
shut off. 
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FREE CONVECTION MASS TRANSFER 
CHARACTERISTICS OF VERTICAL SCREENS 


By G. H. SEDAHMED and L. W. SHEMILT 


Department of Chemical Engineering McMaster University Hamilton, Ontario, Canada 


The free convection mass transfer behaviour of vertical screens has been investigated experimentally using an electrochemical 
technique involving the measurement of the limiting currents for the cathodic deposition of copper from acidified copper sulphate 
solution. Screen height and copper sulphate concentration have been varied to provide a range of Sc.Gr from 2.2 x 10° to 
1 x 10". Under these conditions, the data are correlated by the equation. 


Sh = 0.209(Sc.Gr)°?"5 


Results have been compared with previous work on free convection at vertical plates where mass transfer coefficients are 


lower. 


Mass transfer coefficients have been measured also for arrays of closely spaced parallel vertical screens. The mass transfer 
coefficient was found to decrease with the number of screens forming the array. 


INTRODUCTION 

In view of the importance of screens and packed beds of 
screens in building catalytic and electrochemical reac- 
tors, studies of transport phenomena at these surfaces 
are receiving increased interest. Although some work has 
been done to determine the mass transfer characteristics 
of screens and packed beds of screens under forced 
convection conditions’ *, little has been done to deter- 
mine the free convection mass transfer characteristics of 
these surfaces despite the practical importance of the 
subject. Many diffusion controlled electrochemical pro- 
cesses, e.g. electro-refining of metals and electrochemical 
energy conversion, are operated under free convection 
conditions. Free convection is also important in the 
case of diffusion controlled electrochemical or catalytic 
reactions conducted under relatively low flow rates of 
reactants, where free convection mass transfer is either 
predominating over forced convection mass transfer, or 
contributing a good deal to the overall rate of mass 
transfer” 

In a previous report, Shemilt and Sedahmed” in- 
vestigated the rate of free convection mass transfer at 
horizontal screens and packed beds of screens using the 
electrochemical technique. The mass transfer data for a 
single screen were correlated by the equation. 


Sh = 0.375(Sc.Gr)* (1) 


For packed beds of horizontal screens, it was found that 
the mass transfer coefficient decreased with an increasing 
number of screens. Since it is known that the position 
of the mass transfer surface (vertical or horizontal) 
crucially affects the hydrodynamic conditions and mass 
transfer rates'*'*, it was decided to study natural con- 
vection mass transfer at single vertical screens as well as 
arrays of closely spaced vertical screens. 

Wragg’ studied free convection mass transfer at 
vertical mesh electrodes using the cathodic reaction of 
K,Fe(CN),. His data were correlated by 

Sh =1.5{ Se.Gr 4p 


O 


Later, using the correction made by Taylor and 
Hanratty” in calculating Ap for the ferricyanide system, 
Wragg’ recalculated his data and found them to lie 
slightly below the vertical plate equation'*, namely: 


SH = 0.67(Sc.Gr)* (3) 


In the present work, the deposition of copper from 
acidified copper sulphate was used to determine rates of 
mass transfer. This system is superior to the ferrocyanide 
system in studying free convection mass transfer and has 
been used widely for that purpose". 


EXPERIMENTAL 

The cell was a I-litre cyclindrical glass container 
(h = 12.5 cm; i.d. = 10cm). The cathode was a sheet of 
stainless steel screen (4cm x 12cm) with a count of 20 
square apertures per lineal inch (7.9 aperture per cm), 
a wire diameter of 0.375 mm, and a porosity of 0.75. 
Two copper anodes were used, each 4cm x 12cm, with 
the screen cathode positioned between them, 3.5cm 
equidistance. The electrical circuit, shown in Figure | 
with the cell, consisted of a 6 volt-7 ampere d.c. power 
supply with voltage regulator and multirange ammeter 
connected in series with the cell. 

Before each run, the screen cathode was freed from 
any previous copper deposit by treatment with a concen- 
trated nitric acid solution, then washed thoroughly with 
distilled water and insulated from the edges by a plastic 
lacquer. Current-potential curves were constructed by 
increasing the applied current step-wise and measuring 
the corresponding steady state cathode potential, the 
latter being measured against a reference copper elec- 
trode placed in the cup of a luggin tube. The luggin tube 
was filled with the same solution as in the cell and its 
capillary tip was positioned 0.5—1 mm from the screen 
surface. Each experiment was repeated two to three 
times and good reproducibility obtained. The tempera- 
ture was measured during each run, and the correspond- 
ing physical properties of the system determined. 
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Figure |. Cell and electrical circuit 


For a screen array, a number of screens (each 3 cm 
x 3cm) were closely packed together to form a cathode. 
Electrical connection with the array was made by | mm 
copper wire, insulated except at the contact with the 
array and penetrating the array at its centre, thus serving 
also to hold the screens together. Screen arrays com- 
posed of 2 to 7 screens were employed. Four concen- 
trations of CuSO, solution in 1.5 M H,SO, as supportive 
electrolyte were used: 0.05, 0.131, 0.25 and 0.46M, 
respectively. 


RESULTS AND DISCUSSIONS 

From the limiting currents determined by examination 
of the current-voltage curve (Figure 2), the values of 
the mass transfer coefficients were calculated using the 
equation 

I, 

~ zFAC 
The surface area of the screen was calculated from the 
number of apertures/lineal cm and the wire diameter, 
using the method of Armour and Cannon". The mass 


K (4) 


transfer coefficient was found to be essentially indepen- 
dent of screen height except at the highest CuSO, 
concentration where a slight decrease with increasing 
screen height was noted (Figure 3). This observation 
Suggests that mass is transferred at the screen surface by 
a turbulent flow mechanism. A similar finding was 
reported in free convection turbulent heat transfer” and 
mass transfer’! at vertical plates. . 

The data were correlated in terms of appropriate 
dimensionless groups (Sh, Sc and Gr), with values for 
the physical properties of the solutions used (p, » and D) 
selected from various sources’! **. Table | summarizes 
the mass transfer data at a single screen. Within the 
range of 2.2 x 10°<Sc.Gr <1 10", the data fitted 
the equation (Figure 4) 


Sh = 0.209(.Sc.Gr)’” (5) 


with an average deviation of 4.8°, and a maximum 
deviation of 10.6%. The value of the exponent for Sc.Gr 
is again consistent with a turbulent fiow mechanism. 
Within the same range of Sc.Gr, Wilke et al” found that 
mass transfer at vertical plates occurred by a laminar 
flow mechanism with the correlating relationship given 
in equation (6). 


Sh = 0.673(Sc.Gr)* (6) 


The difference between equations (5) and (6) appears 
to contradict Wragg’s’ conclusion that vertical screens 
exhibit almost similar free convection mass transfer 
behaviour to that of a vertical plate. The similarity in 
behaviour between the mesh used by Wragg and the flat 
plate may be attributed to the fact that the building units 
(the bars) of the mesh used by Wragg had a rectangular 
geometry, so that each face of the bar acted as a 
miniature flat plate. On the other hand, the building bars 
forming the mesh used in the present work have cylindri- 
cal geometry (wires) of diameter 0.375 mm, half being 
arranged vertically and half horizontally with some 
crimping at the point of contact. Such a structure can 
lead to a substantial improvement in the rate of mass 


transfer over that of a flat plate. There are several 
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components to the reasoning involved in this conclusion. 
Firstly, in considering vertical wires, it has been well 
established by Ravoo et al* and Ibl** that vertical wires 
exhibit higher rates of mass transfer than vertical plates, 
under both laminar and turbulent free convection condi- 
tions, owing to the effect of transverse curvature. The 


theoretical analysis of Ravoo et al” was substantiated by 
their measurements over a wide range of conditions. 

Secondly, in regard to the horizontal wires, the ob- 
struction to upward flow along the vertical wires where 
crossed by horizontal wires must be considered. This 
essentially means that the horizontal wires act as tur- 


Table |. Mass transfer at a single screen 


Cu-SO, Screen 


concentration height Temperature K x 10° 
M cm _# cm/sec 
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bulence promoters further enhancing the rate of mass 
transfer. In addition, mass transfer can be augmented at 
the horizontal wires by virtue of the interaction among 
these wires and the solution flow arising from the 
upstream wires, with the possibility of boundary layers 
separation and turbulence formation. It was noted by 
Smith and Wragg” for their study on free convection at 
vertical arrays of horizontal cylinders, that tailer arrays 
showed increases in mass transfer with elevation, as- 


Kx 10° cm/sec 





cribed to the domination of induced velocity fields. The 
merging of convective streams into the main upward- 
moving streamlines will create disturbances causing 
further, even if slight, mass transfer enhancement 

The results for the mass transfer studies at vertical 
arrays of closely packed screens are shown in Figure 5 
The mass transfer coefficient for two screens is signifi- 
cantly reduced from that for a single screen, and then 
decreases slightly with an increasing number of screens 
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in the array. This effect may be attributed to the diffi- 
culty of replenishing the solution inside the array by 
natural convection, due to the resistance offered by the 
porous structure to the flow of the electrolyte inside the 
array. Nonetheless, the overall decrease, up to a 7-screen 
array, is about 10°,. These results are closely comparable 
to those reported by us for arrays of horizontal screens”. 
This is not unexpected since closely packed arrays of 
screens of any geometrical arrangement exhibit approxi- 
mately the same physical nature and proportions to any 
convective flow of surrounding fluid. In spite of the 
decrease in mass transfer, the existence of free convec- 
tion of substantial magnitude in vertical screen arrays, 
combined with their high surface area per unit volume, 
make such arrays promising electrode systems for many 
electrochemical processes. 


SYMBOLS 


area of mass transfer surface, cm- 

bulk concentration of copper sulphate, mol-L 
Faraday number (96,485 C-mol~') 
gravitational acceleration, cm-s~° 

. : gL°Ap 
Grashof number 

vp 

limiting current, A 

mass transfer coefficient, cm-s 

screen height, cm 


’ re 
Schmidt number, 
p 


Sh Sherwood number, 


number of electrons involved in the reaction 


Greek Letters 
viscosity of the solution, Pa.s 
kinematic viscosity, cm*:s 
density of the solution, g-cm 
density difference between the bulk solution and electrode 
solution interface, g-cm 
solution density of electrode solution interface, g-cm 
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ELECTROSTATIC HAZARDS ASSOCIATED WITH 
MARINE CHEMICAL TANKER OPERATIONS 


Criteria of Safety in Tank Cleaning Operations 


By M. R. O. JONES and J. BOND (FELLOW) 
BP Research Centre, Sunbury-on-Thames and BP Chemicals Ltd., London 


This paper considers the risk of ignition of a flammable atmosphere within a chemical cargo tank by an electrical discharge 
from a water slug originating from a washing machine. Simple safety criteria are identified on the basis of new and existing 
measurements of space potential, assessed via an existing computational model which has been revised to account for other 
generally present charged objects. These criteria specify limitations for tank size, nozzle throughput and nozzle number for 
application regardless of residue type. The limitations roughly coincide with the largest tank sizes and water throughputs 
characteristic of chemical tankers and their washing operations. They are consistent with the good safety record of such 
operations as currently performed. However, the findings indicate that the situation has been reached where the proponents 
of changes in current practice need to demonstrate clearly the inherent safety of such changes. 


INTRODUCTION 

In an earlier paper', incendivity criteria were discussed 
for ignition of flammable atmospheres within cargo 
tanks on marine chemical tankers when water washing. 
Drawing upon the visualisation of an electrical discharge 
to earth from an isolated slug of water, a widely 
postulated cause of very large crude oil carrier 
explosions**, a conservative computational model was 
developed to identify hazard threshold conditions. The 
model, which incorporated the plausible assumption 
that all slugs originate from washing machines, was used 
as the basis for assessment of the hazard associated with 
washing operations, by comparison with available data’. 
In no case did the measured vaiues exceed the calculated 
hazard threshold values, indicating water washing oper- 
ations on marine chemical tankers to be inherently safe 
as regards this problem. This is well supported by 
historical evidence. 

This paper further considers the problem with the 
intention of identifying the bounds of safe operation by 
analysis of new and existing data. In addition, an update 
of incidents is presented. 


SHIPBOARD TRIALS 
Scaling of results 

When measuring space potential within tanks (i.e. the 
local potential in the absence of the earthed probe), 
access is seldom available to the region of highest 
potential, necessitating the inferrence of tank peak 
values by scaling of measurements made elsewhere. 
Edwards” approach was to identify the largest un- 
obstructed volume within a tank, taking account of any 
earthed tank protrusions. In general, such protrusions 
are of approximately constant horizontal area and lo- 
cation, running vertically throughout tanks (e.g. level 
gauge wires, wall stiffeners, ladders). Edwards assumed 
a parabolic distribution of potential across any diameter 


of an imaginary vertical cylinder positioned within the 
volume, and used this as a basis for scaling, to other 
locations, the potential values observed when dropping 
a probe vertically into the tank. Thus, Edwards’ assumed 
tank peak potentials occurred roughly mid-way along 
the centre axes of his imaginary cylinders 

Central to this approach is the assumption that the 
potential influencing characier of a protrusion is at least 
roughly equivalent to that of a large earthed structure 
such as a tank wall. Evidently this need not be so; it can 
be shown simply that the spatial dependence of potential 
around an earthed object, positioned in a region other 
wise at a given non-zero potential, is dependent upon the 
size and shape of the object. Specifically, the rate of 
change of potential with distance is larger for small 
objects of given shape than for large objects 
sequently, the potential distribution between two 
earthed objects bounding a uniform charge distribution 
will only be roughly symmetrical where the two objects 
are of approximately equivalent shape and scale. Where 
one earthed bound is relatively much smaller, the poten 
tial distribution will skew towards that object 

An alternative approach is to consider the potential 
distribution as that of a charged mist in an otherwise 
empty tank, i.e. neglecting the influence of protrusions 
Such a whole-tank approach is consistent with the above 
argument, from which it can be inferred that the 
influence of relatively small protrusions upon the mist- 
wall potential distribution is highly localised. This is 
borne out by computer based modelling’. Thus, pro- 
vided potential measurements are made sufficiently far 
away from earthed protrusions, the mist-wall potential 
distribution is a plausible means of scaling. Other studies 
have shown this distribution to be near parabolic be- 
tween walls*®. 

The results presented in reference | were, in fact, 
scaled using Edwards’ maximum unobstructed volume 
technique to obtain tank peak values and then further 
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scaled to a 3000m* volume by assuming a linear de- 
pendence of potential upon the square root of tank 
width. The latter is an empirical finding for oils’ and is 
used in the absence of data more specific to this context. 
For comparison, Edwards’ data has been reappraised 
using whole-tank scaling, by assuming a parabolic distri- 
bution along a line drawn through the tank centre and 
the probe location. This gives a maximum potential at 
the tank centre, which has been scaled to 3000 m* as 
before. The largest values so obtained for each residue 
type are presented in Table 1. 

Whole-tank scaling is used for the purposes of this 
paper partly on the grounds that it is a physically more 
plausible approach, and partly because it appears less 
likely to underpredict scaled potential. The latter is 
important as, clearly, errors which lead to under- 
estimation of electrostatic hazards are not acceptable in 
view of the possible consequences; in this context, the 
severity of hazard is related to the level of potential. 

The significance of the new scaling method upon the 
assessment of hazard in washing operations is discussed 
later. 


New Data 

Two residue types in Table | are of particular interest: 
ethyl acetate and methyl acrylate. In both cases the 
measured potentials, scaled to Tank Centre Space Poten- 
tials (TCSPs) in 3000m°* tanks using a whole-tank 
potential distribution, would exceed the previous calcu- 
lated hazard thresholds of reference 1; but these hazard 
threshold values are certainly conservative, as discussed 
later. 

Additional data have now been obtained regarding 
ethyl acetate, which indicate that relatively minor oper- 
ational changes can have a marked effect upon the peak 
values of TCSP. These data were obtained as before* 
comprising a comparative trial of two washing machine 
types in a 1911 m* tank on mv “‘Stolt Excellence”’ (31000 
tonnes dead weight). 


Table |. Tank centre space potential magnitudes for 3000 m* tank 


Edwards’ largest Klaver’s* Revised 
values, scaled hazard hazard 
on whole-tank thresholds threshold 


basis (kV) (kV) (kV) 


Acrylonitrile 10.3 18.2 
Alkane 3.8 20.3 
Alkyl benzene 4.0 23.1 
Benzene 7 21.8 
Butyl acrylate 8.6 28.7 
Diethylene glycol 16.4 
Ethyl acetate 29.8 
2 Ethyl hexyl 

acrylate 43.1 
Methy! acrylate 24.9 
Naphtha 20.3 
Polymethylene 

polyphenyl 

isocyanate 9.9 
Styrene 10.3 
Vinyl acetate 13.3 
o-xylene Be 


Residue 


*Slug of length 0.5m and diameter 10 mm approaching a plane wall, 
and ignition energy twice the minimum for metal-metal discharges. 


Table 2. Ethyl acetate data set. 
Peak TCSP 
Magnitude 
Throughput scaled to 
Tank size Nozzle per nozzle 3000 m’ tank* 
(m*) Number (m’h~') (kV) 
1350 4 12 19.2 
1911 10 10 19.4 
1911 12 20.5 


9 
19 
1] { 16 31.3 


*Note: Revised hazard threshold value: 26.4 kV 


Approx. 


Nozzle Water 


Internal 
Diameter 
(mm) 


The results obtained, together with the other available 
ethyl acetate data, are presented in Table 2. Scaling is 
again done on the basis of a whole-tank potential 
distribution. The suitability of this distribution for the 
new data was confirmed experimentally by moving the 
meter towards the tank centre after the washing oper- 
ation. 

It should be noted that the largest TCSP resuit was for 
a washing system not currently typical of chemical 
tankers, i.e. fixed guns of exceptional nozzle capacity. 


DISCUSSION 
Hazard criteria 
The earlier chemical tanker analysis' was based upon 
predictions of hazard threshold TCSP, evaluated using 
a computational model. In developing the model, several 
simplifying assumptions were made, each of which was 
considered overall to be conservative. The main ones 
were: 


1. The vapour composition was taken as that re- 
quiring the minimum spark energy for ignition. 

2. The water slug size was taken as the largest likely 
to occur. 

3. Slug formation was assumed in the region of highest 
space potential. 

4. Reduction of spark temperature and incendivity by 
water aerosol was ignored. 

5. Reduction of slug charge by capture of oppositely 
charged water mist was ignored. 

6. Charges other than those on the mist and dis- 
charging slug, and their mirror components on the 
earthed tank walls, were ignored. 


No estimation was given of the inherent safety margin 
within the model; for the purposes of the original paper 
this was superfluous as all available data fell within the 
calculated safe-bounds. However, the reappraisal de- 
scribed above of existing data, and the advent of new 
data, makes this situation worthy of review, to assess 
whether there are indeed ignition hazards associated 
with the recorded high values of TCSP. 

As discussed in Appendix 1, no generally applicable 
estimation of the safety margin associated with each of 
points i to 5 is advisable, even as a cumulative figure, as 
each may be affected in a highly situation specific way. 
However, the margin associated with the influence of 
some other generally present objects (point 6)—i.e. 
washing equipment and other slugs—can be estimated. 
Klaver® has found experimentally that the amount of 
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charge carried by a conducting object (e.g. water slug), 
originating from an earthed protrusion and entering a 
charged mist, can be substantially reduced by the pres- 
ence of that protrusion. This occurs as the protrusion in 
effect reduces the space potential due to the mist, to 
which the conductor responds; an alternative visual- 


isation is that the conductor becomes charged as part of 


the protrusion and so the latter’s capacitance expression 
applies (giving a decreased charge per unit length). 

Klaver formulated a model whose main quantitative 
differences from that of these authors' concern this point 
and the choice of minimum ignition energy. Regarding 
the latter, Klaver used values appropriate to metal 
conductors, whereas the present authors doubled such 
values for water slug discharges on the basis of available 
experimental data. Incorporating this factor into 
Klaver’s model yields hazard threshold TCSPs as shown 
in Table 1, taking a slug of length 0.5m and diameter 
10mm, discharging 3 mm from a plane surface perpen- 
dicular to the slug’s long axis. Klaver’s model consis- 
tently gives hazard threshold TCSPs which are about 
60% higher than those of reference 1. 

An unsatisfactory feature of Klaver’s model is that, 
whilst it accounts for the influence of some nearby 
objects upon slug formation (e.g. washing machine and 
water jet), it does not take account of such objects where 
discharge occurs. Specifically, the effect of other trailing 
water slugs upon the discharging slug’s potential is not 
taken into full account. From the discussion in Appen- 
dix 2 it follows that this requires a reduction in Klaver’s 
hazard threshold. 

Overall, consideration of the influence of other objects 
within the tanks indicates that the values of hazard 
threshold given in reference | may be increased by 42%. 
It must be emphasised that even hazard threshold values 
evaluated in this way are probably conservative, as 
several other mitigating possibilities are not quantified. 
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These new hazard threshold values are presented in 
Table | and Figure | for a 3000 m’ tank, together with 
Edwards’ data scaled using a whole-tank potential distri- 
bution. This confirms, on the basis of the revised anal- 
ysis, that the data obtained by Edwards correspond to 
safe washing practice, a finding entirely consistent with 
the history of chemical tankers’. 


Potentially Hazardous Conditions 


It is the view of these authors that the above analysis, 
though cautious, gives the highest values of hazard 
threshold which can be considered generally applicable 
to chemical tankers on the basis of current information. 
This is not to say that further detailed studies will not 
yield higher threshold values; rather, that such studies 
have yet to be performed. 

Assessment from this stance of the data in Table 2 for 
ethyl acetate indicates that the untypical washing oper- 
ation using 16mm nozzles, which gave a scaled TCSP of 
31.3kV, would have been potentially hazardous in a 
tank of 3000 m* since it exceeded the revised hazard 
threshold of 26.4kV. However, the operations with 
conventional washing machines were safe bearing in 
mind the cautious approach used in developing the 
hazard threshold. 

The main factor in determining the transition to 
potentially hazardous conditions plainly appears to be 
the nozzle capacity of the guns involved. For example, 
comparing the three results obtained in a 1911 m’* tank, 
it is clear that the use of 16mm nozzles has a very 
marked effect upon peak TCSP, even though the result 
was obtained for the lowest total water throughput 

Physically, the probable explanation for this behav- 
iour stems from the fact that jet integrity is sustained for 
greater distances with wider nozzled guns’, giving greater 
wall impact velocities. Hence, as impact velocity is a key 
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Figure 1. Comparison of revised hazard threshold TCSPs and Edwards’ largest observed values, scaled on a whole-tank basis to a 3000 m 


volume 
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determining factor in the rate of charged mist 
generation’, a wider nozzled gun can generally give 
higher charge levels. 

Determination of bounds for the safe washing of ethyl 
acetate can be made using the data of Table 2. However, 
in these authors’ view, extrapolation upwards in terms of 
gun number and size is inadvisable from the smaller 
nozzle data as understanding of the influence of these 
factors upon peak potential is incomplete, and the data 
set is too sparse to permit confident empirical 
extrapolation—especially in view of the close proximity 
of the revised hazard threshold TCSP. Consequently, for 
ethyl acetate, it is proposed that the following be adop- 
ted as upper limits for safe washing practice, correspond- 
ing to the maximum observed tank throughputs which 
were safe for the nozzle sizes specified: 


|. No more than ten 10mm nozzles of conventional 
design (giving 11 m*/h. each at a supply pressure of 
8 bar) in a tank no greater than 3000 m’. 

2. No more than six 12mm nozzles of conventional 
design (giving 16 m*/h. each at a supply pressure of 8 bar 
and 17.5m°/h. at 9.5 bar) in a tank no greater than 
3000 m’?. 


A tank volume of 3000 m?° is specified as this is a 
realistic upper limit for current marine chemical tankers. 
it must be noted though that the TCSPs taken to occur 
for this volume are extrapolations, obtained using a 
correlation of data for oils’. Strictly, the relevant cor- 
relation for any residue, such as ethyl acetate, should be 
separately determined. However, time and cost consid- 
erations currently render this impracticable. Thus, in 
scaling to 3000m*, an unquantifiable uncertainty is 
introduced. For this reason, a second consideration in 
adopting a tank volume limitation of 3000 m’ for ethyl 
acetate and other chemicals is that extrapolation with 
tank size is, to these authors’ minds, constrained to a 
reasonable bound. 

On the basis of Edwards’ data, consideration of the 
above ethyl acetate criteria for application to other cargo 
types appears reasonable as his results were obtained 
with compatible gun numbers and nozzle sizes. How- 
ever, his actual tank sizes varied significantly from 


Table 3. Circumstances of Edwards’ Maximum Scaled TCSPs 
Peak TCSP 
scaled to 
3000 m? 


Nozzle 

Internal 

Diameter Tank Size 
(mm) (m?) 


Nozzle 

Residue Number 
Acrylonitrile 
Alkane 
Alky! benzene 
Benzene 
Butyl! acrylate 
Diethylene glycol 
2 Ethyl hexyl 

acrylate 
Methyl acrylate 
Naphtha 
Polymethylene 

polyphenol 

isocyanate 
Styrene 
Vinyl acetate 
o-Xylene 


Table 4. Fire/explosion in chemical tankers 1984 
Position of fire/explosion 

Cargo Pump 

Tank Room Other 

5 | 4 > 


l 3 5 


Engine 
Room 


3000 m*. But again assuming, in the absence of evidence 
to the contrary, that scaling to at least 3000 m’ does not 
incur significant errors, as for ethyl acetate, it can be 
concluded that these criteria are probably safe for all the 
residues Edwards considered. The circumstances of Ed- 
wards’ maximum scaled (whole-tank) TCSPs are given 
in Table 3. 

Practical considerations concerning ease of acceptance 
dictate that safety criteria be generally applicable to any 
low flash point chemical cargo. In view of this, it is 
proposed that the above criteria be so applied as they 
best reflect the current technical case concerning washing 
operations on marine chemical tankers. An additional 
consideration is that such criteria are consistent with 
current practice, which is known from historical evi- 
dence to be safe’. 

Regarding nozzle sizes other than those specified, it is 
suggested that the 10 mm criterion encompass al! those 
less than or equal to 10mm, and the 12 mm criterion 
encompass those greater than 10 mm and less than or 
equal to 12 mm. 

It must be stressed that in making this proposal these 
authors fully recognise that the advent of new data 
concerning, for example, tanks greater than 3000 m’, or 
novel gun design, may indicate that revision of the 
criteria is required. However, it should be the re- 
sponsibility of any proponent of change to demonstrate 
the inherent safety of that change. 


HISTORICAL INCIDENT DATA 
FOR CHEMICAL TANKERS 

In the previous paper the incidents of fire and ex- 
plosions on chemical tankers were given for the period 
1973 to 1983. The incidents in 1983 have now been 
updated and are given in Table 4 with those of 1984. No 
incidents involving the water washing of cargo tanks 
were found. 

The additional cargo tank incidents were as follows: 


1983 


(d) Ship 3204 dwt 
This ship was believed to be carrying sulphur and caught 
fire in the No. | Tank. The ignition source is not stated 
but will probably be related to the product carried. 
(e) Ship 5309 dwt 
This tanker was damaged by an explosion in the centre 
cargo tank but no further information is known. 


1984 


(a) Ship 2567 dwt 
This tanker suffered a vapour burn in a tank seven hours 
after offloading methanol. No washing operations were 
being carried out. The ignition source is still under 
investigation. 
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CONCLUSIONS 


This paper describes a reassessment of Edwards’ 
measurements of space potential within tanks on marine 
chemical tankers, when water washing different chemical 
residues. In addition, new data for ethyl acetate is 
presented. 

From consideration of the conservative assumptions 
in the approach used in obtaining hazard thresholds, 
specifically regarding the influence of the washing ma- 
chine, revised values have now been derived. These are 
42% higher than the earlier values. These revisions have 
indicated, as before, that Edwards’ data corresponds to 
safe conditions for the water washing of residues in 
cargo tanks with uncontrolled atmospheres. 

However, in one instance where unusually large guns 
were used, the new data for ethyl acetate indicated an 
unsafe situation for large tanks. From consideration of 
this, and the other ethyl acetate results, safety criteria for 
washing practice in non-inerted tanks have been 
identified. These are: 


1. No more than ten 10mm nozzles of conventional 
design (having an individual nozzle capacity of 11 m*/h. 
at a supply pressure of 8 bar) in a tank no greater than 
3000 m’, or 

2. No more than six 12mm nozzles of conventional 
design (having an individual nozzle capacity of 16 m*/h. 
at a supply pressure of 8 bar, 17.5 m°*/h. at 9.5 bar) in a 
tank no greater than 3000 m’. 


It is suggested that the former also apply to nozzles 
smaller than 10mm, and the latter to nozzles in the 
10-12 mm range. 

Such criteria are consistent with Edwards’ data for 
other residues, and historical evidence concerning chemi- 
cal tanker operations. Accordingly, it is recommended 
that such limitations be adopted for general application 
to potentially ignitable cargoes on chemical tankers. 
With these limitations and the revised threshold values, 
the safety margin that is present is considered satis- 
factory. 

Since the sensitivity of peak potential to tank washing 
conditions (e.g. gun capacity and number) is not well 
understood, further extrapolation of the measurements 
presented here is not recommended. Thus, changes to 
the above criteria, including tank size, to encompass 
washing conditions other than those of the types already 
considered, should only be made when further mea- 
surements or increased understanding have shown that 
such operations are safe. It is implicit in this that the 
onus must be upon the initiator of a new development 
to demonstrate its intrinsic safety. 


Appendix 1 
Safety margin within predictive model 
The predictive model of reference 1 embodies six 
assumptions which, overall, were considered conser- 
vative. For all bar one (see Appendix 2), estimation of 
a generally applicable margin of safety is inadvisable, 
given that overprediction of hazard threshold conditions 


in any instance is unacceptable. The reasons are now 
briefly described. 
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1. Vapour composition 

Whilst the conditions giving the most easily ignitable 
vapour composition (i.e. near stoichiometric) may be 
unlikely in many instances, this is not universally true 
For example, ethyi acetate, a chemical giving substantial 
space potentials, displays an equilibrium vapour pres- 
sure corresponding to stoichiometric conditions, for 
combustion in air, at a liquid temperature of 4 C—a 
potentially attainable temperature. 

2 & 3. Slug size and Slug formation point 
To assess hazard in any specific instance, those condi- 
tions giving the most energetic discharge from a water 
slug must be identified. Essentially, this requires consid- 
eration of the space potentials at the possible points of 
initial jet break-up and the associated slug sizes incident 
upon the walls’. Thus, as slug size depends upon break- 
up point to wall distance and nozzle diameter’, factors 
such as tank geometry and gun size can have marked 
effects. 

Clearly it is important to base a generally applicable 
assessment of hazard threshold, as in reference |, upon 
worst case conditions. However, identifying such condi 
tions with regard to slug size and initial jet break-up 
point is not straightforward. For example, the assump- 
tion of initial jet break-up at the point of highest space 
potential in a cubic tank, i.e. tank centre, appears 
reasonable; but the shortest distance from this location 
to any wall is the maximum for the tank. Thus initial 
break-up at the tank centre corresponds to slug lengths 
at the walls which are potentially smaller than for 
break-up elsewhere, as slug length decreases with in 
creasing distance’. The question then is which location 
for initial break-up corresponds to the worst case, i.e 
tank centre or elsewhere? 

The manner of addressing this point is clouded by 
uncertainties regarding available slug 
correlations’. Specifically: 


' , 
iengtn 


(a) There is ambiguity concerning the true location of 
jet break-up. Published conclusions are based upon 
photographic records’; however these were not entirely 
consistent with electrical continuity measurements. The 
latter indicated significantly larger distances to 0.5m 
slugs from the point of jet break-up, for the one nozzle 
type assessed with the technique (i.e. || mm) 

(b) It is not clear whether the slugs simply break-up 
or to some extent contract. Should the latter predom 
inate, then the charge available per slug may not fall 
significantly with decreasing slug length. 

(c) Absorption of vapours from the cargo residues into 
the water jet could affect its surface tension sufficiently 
to modify the formation of slugs. This effect, known as 
the Marangoni Effect'*, is well known in the design of 
absorption columns where it affects the wetted surface 
but its effect on water jets is not so well known 


The slug length of reference | was chosen on the basis 
of the largest nozzle diameter, i.e. 12 mm, and smallest 
tank size, i.e. about 250 m’, characteristic of chemical 
tankers, giving the largest slug length likely to be 
incident upon a wall for initial jet break-up at the tank 
centre. For a cubic tank, linear interpolation (with 
diameter) between available 11 mm and 14mm nozzle 
findings’ indicated a 0.5 m slug at the centre of any wall 
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In view of the uncertainties mentioned above, this slug 
length was cautiously—though somewhat arbitrarily— 
adopted for application in any vessel', with initial break- 
up at the centre of cubic tanks. Without more data to 
clarify matters, it is not possible to estimate the margin 
of safety for other tank sizes and shapes with confidence. 

Regarding slug diameter, reference | used a value of 
10mm whereas the largest nozzle diameter normally 
encountered is 12mm. In fact, the influence of slug 
diameter upon hazard threshold potential is very minor 
within both Klaver’s analysis’ and that of reference 1, i.e. 
for the latter, hazard threshold TCSP decreases by less 
than 2% for a 12 mm slug compared with a 10 mm slug. 


4. Reduction of spark temperature by aerosol 
The persisting charged mist which causes non-zero space 
potentials within tanks typically has a density'' of about 
10-*kgm~*. Such a concentration is unlikely to affect 
significantly the temperature and hence incendivity of a 
spark, from enthalpy considerations'. However, it is not 
clear what the effective water concentration is where 
discharge occurs; there, substantially higher values 
might be appropriate due to spray associated with 
break-up of the water jet. 

5. Charge capture 
Available information regarding charge capture is not 
conclusive. Klaver found little or no effect, whereas van 
de Weerd found there could be a _ significant 
effect'*—although this could be due to corona activity 


APPENI| iX 2 

Effect of other slugs upon hazard threshold TCSP 

Consider an earthed water slug of length L, and 
diameter D, becoming electrically isolated at the centre 
of an earthed tank containing charged mist. The charge 
on the slug is determined by the space potential associ- 
ated with the charged mist and tank walls, offset by 
components due to the earthed washing gun and water 
jet, and other charged slugs which precede that under 
consideration. 

Klaver’s® findings indicate that, whilst the effect of 
earthed structure adjacent to a slug, when formed at the 
centre of a tank, is substantial, the charge per unit length 
borne by that slug is not significantly dependent upon 
the length of that slug, i.e. the leading part of any slug 
does not influence the trailing part. This is roughly 
consistent with the simple expression for the capacitance 
of a single isolated rod’ at a potential Vz: 


Ce = Og/Vq = 2ncLg/In(2Lp/D) (1) 


Whereas L, increases, for example from the scale of a 
single slug to that of a washing gun and water jet, so the 
sensitivity of Q,/L, to a given change in Le drops. 
Although this visualisation is not precisely that of 
interest here, in that space potential variations with 
location are neglected, it does add credence to Klaver’s 
findings as a slug may be considered part of a much 
larger structure when formed. 

Klaver did not consider the effect of preceding 
charged slugs upon the conditions of slug formation. As 
these carry the same charge polarity as the forming slug, 
they act to further reduce the space potential it experi- 
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ences. However, in the absence of substantive experi- 
mental evidence, caution dictates that the possible 
benefit of this be neglected in any model. Again invoking 
the visualisation of a long rod, described by equaticn 1, 
it is reasonable to expect this benefit to be significantly 
less than that already incurred due to adjacent earthed 
structure. 

Thus the charge per unit length on a slug may be 
cautiously expressed as a linear function of TCSP for the 
situation under consideration, regardless of the number 
of preceding slugs—.e. 


Q,/L, = const. (TCSP) ( 


Again, Klaver does not consider the effect of isolated 
trailing slugs upon the discharge of a slug to an earthed 
wall. In this instance such slugs act to compound that 
slug’s potential difference from earth, by modifying the 
space potential distribution as illustrated in Figure 2. 
From the preceding, it is reasonable to expect a 
significant effect, as when considering the influence of a 
washing machine upon a single slug as it forms. 

In the absence of experimental data, and recognising 
the need for an inherently cautious analysis, a theoretical 
approach has been used to quantify the influence of 
other slugs upon the hazard threshold tank centre space 
potential', TCSP,,. 
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Figure 2. Indication of the effects of charged mist, earthed protrusions, 
and other charged slugs upon space potential 
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Consider a line of uniformly spaced coaxial slugs, each 
of equivalent shape and charge, approaching a plane 
earthed surface with their long axes normal to that 
surface. This is a special case of the general problem of 
interest. The first (i.e. nm =1 counting from the wall) 
slug’s potential, due to slug-borne charge, may be con- 
sidered as the sum of components due to its own charge, 
and that of the following slugs. Taking the latter as the 
potential at the centre of the first slug, and assuming 
inter-slug and leading-slug-to-wall spacings much less 
than Lg, the first slug’s potential may be expressed": 


) n—4+/(2L,\ 
V.=— in( =| — (3) 
4ncL, n+35 


TCSP,, is determined for a given value of spark energy, 
sOV, where V is the potential difference undergone by 
the charge Q. For the first slug, the relevant value of V 
is approximately V,, assuming that the space potential 
due to the charged mist and wall is zero where the slug 
discharges. (This is a conservative assumption as mist- 
wall space potentials reduce slug potentials; however, in 
relatively large tanks the potential distribution is such 
that the effect will be small). However, the relevant value 
of Q is not Q,; should Q; only be lost to earth from the 
first slug, it would be at a non-zero potential, V,, 
determined by the other charged slugs. This potential 
can be estimated by evaluating that occurring at the 
centre of the first slug due to the others, considering 
them as line charges, giving: 
0. 3(n —3) 
V, In| E 
i 


— n 4 
4ncL. “) 


n+: 

So the additional charge, Q,, which needs to be trans- 
ferred to compensate for V,, giving the first slug a final 
potential of zero, is: 


from consideration of that slug’s capacitance expression 
with respect to the earthed wall’. 
Thus noting that 


9=0;+ QO, (6) 


the equation determining TCSP,, for a given ignition 
energy can be determined: 


TCSP,, = 


const. 


\ 


This indicates that TCSP,, is reduced by about 11% for 
15 slugs of length 0.5 m and diameter 10 mm (as consid- 
ered in reference 1), compared to one such slug. As the 
mid-wall to tank centre distance in a cubic 3000 m’ tank 
roughly corresponds to 15 0.5 m slugs, this reduction in 
TCSP,, has been adopted for use in the hazard assess- 
ment presented in the main text, together with Klaver’s 


1/2iL.¥ —;/2 
(57) )esfn 
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findings regarding the effect of earthed tank-centre pro- 
trusions. 

It is worth noting that this decrease is obtained 
regardless of the actual s!ug length distribution behind 
the discharging slug. 


SYMBOLS USED 


Capacitance of a rod approaching an earthed wall (F) 
Width of a rod or water slug (m) 

Length of a water slug (m) 

Length of a rod (m) 

Slug number, counted from the wall 

Charge transferred in a discharge (C) 

Charge required on a slug to bring iis potential to zero in 
the presence of other charged slugs (C) 

Charge on a rod (C) 

Charge on a slug (C) 

Potential change undergone by the charge Q in a discharge 
(V) 

Potential of a slug corresponding to the charge Q,(V) 
Potential of a rod (V) 

Permittivity (Fm~') 


Abbreviations 
TCSP 
TCSP,, 


Tank centre space potential 
Hazard threshold tank centre space potential 
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HYDRAULIC TRANSPORT OF COARSE 

PARTICLES IN VISCOUS NEWTONIAN 

AND NON-NEWTONIAN MEDIA IN A 
HORIZONTAL PIPE 


By R. P. CHHABRA (GRADUATE) and J. F. RICHARDSON (FELLOW) 


Department of Chemical Engineering, University College of Swansea 


Experiments have been carried out on the hydraulic transport of coarse gravel particles in a number of viscous Newtonian 
(glycerol/water mixtures) and non-Newtonian fluids (polymer solutions and kaolin suspensions) in a 42 mm diameter herizontal 
pipe. It has been demonstrated that the two-phase pressure drop is linearly related to the concentration of particles in the 
discharged mixtures only when a moving bed is formed in the pipeline. Finally, an existing equation for transport of coarse 
particles in water has been adapted to correlate the present results on two-phase pressure drop. 


INTRODUCTION 


The hydraulic transport of solids in horizontal pipes has 
received considerable attention during the last three 
decades or so. One of the important design variables in 
such systems is the pressure loss incurred in transporting 
solids of known size (/or size distribution) and density at 
a fixed tonnage. Therefore most of the efforts have been 
concentrated on developing correlations to predict pres- 
sure loss, and the resulting voluminous body of literature 
containing numerous empirical correlations has been 
reviewed by many workers e.g. Govier and Aziz’, 
Zandi°, Yuan and Turian* and Wani et al* etc. Other 
aspects of hydraulic transport have been examined re- 
cently by Round*. Water has been used as the conveying 
medium in most of the studies and turbulent conditions 
are usually maintained in pipelines in order to prevent 
the formation of stationary beds and thus to ensure 
trouble-free operation. The associated pressure losses 
tend to be excessively high, and are also very sensitive to 
the liquid velocity (varies almost as V7). 

When shear-thinning non-Newtonian fluids, such as 
aqueous polymer solutions and particulate suspensions, 
are in laminar flow in a pipe, the apparent viscosity in 
the low shear rate region near the centre of pipe will be 
high and the suspension of coarse particles will be 
facilitated; in the region of the wall where the shear rate 
is a maximum, the apparent viscosity will be low and the 
friction losses will not be excessive. In addition, particu- 
late suspensions will have a higher density than the pure 
liquid. Thus such materials appear to be attractive 
alternatives to water as conveying media by giving rise 
to lower power consumption, as illustrated by the calcu- 
lation of Charles and Charles’. 

Not much is known about the influence of the physical 
properties of the conveying medium on the pressure loss. 
Kenchington’ and Charles and Charles® reported some 
preliminary results on the hydraulic transport of 750 um 
and 216 um size sand respectively in kaolin suspensions. 
Both concluded that the existing correlations were un- 
satisfactory for describing their experimental results. 


The results reported here are of an experimental 
investigation of the transport of gravel particles of four 
different sizes both in viscous Newtonian and in non- 
Newtonian shear-thinning fluids. By keeping the mean 
mixture velocity constant at a number of values and 
gradually increasing the solids concentration, the de- 
pendence of two-phase pressure drop on solids concen- 
tration could be examined under otherwise constant 
conditions. 


EXPERIMENTAL MATERIALS AND 
PROCEDURE 


The experimental set-up used was exactly the same as 
described in a previous paper’, and thus is not described 
here in detail. Flow rates of mixtures were measured 
using a precalibrated electromagnetic flowmeter which 
was periodically checked by collecting samples; de- 


viations did not exceed +4%. Pressure drop was 
measured over a 4.57 m long (41.7 mm diameter) straight 
horizontal test section using simple U-tube manometers. 
As the test section was situated about 300 pipe diameters 
away from the entry, entrance effects are assumed to be 
negligible. 

The average volumetric concentration of solids in the 
mixture discharged from the pipe was measured by 
collecting and weighing a sample at the exit point of the 
pipe; times required to drain the test liquid from the 
coarse particles in the sample collected were much longer 
than in the case of water. Other problems of sampling 
with regard to the kaolin suspensions have been de- 
scribed by Kenchington’. 

Gravel particles (not far from being spherical in 
shape) were sized using a set of screens of close size 
ranges, to give fractions with average sizes of 1.15, 3.5, 
5.73 and 8.11 mm. The specific gravity of the particles 
was estimated by measuring the volume of water dis- 
placed by a given weight; the mean value was 2.65. 

Four different types of carrier liquids were used in this 
work: water, glycerol/water mixtures, aqueous polymer 
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solutions and kaolin suspensions: to cover a wide range powder used in this work was kindly supplied by the 
of physical properties, especialiy shear-thinning charac- English Clays Lovering and Pochin Co. Ltd., Cornwall 
teristics. Three different types of polymer, namely, car- and was of grade D, having a specific gravity of 2.65. 
boxymethyl cellulose (7H grade, a product of Hercules Tap water was used to make up all the test liquids. Water 
Chemicals), polyacrylamide (SEPARAN AP-30, mar- and the water-glycerol mixtures exhibited Newtonian 
keted by Gold Crest Chemicals, U.K.) and a de- behaviour and their viscosities were measured using 
polymerised guar gum (Meyprogat 90 type, supplied by U-tube viscometers. Both the polymer solutions and the 
Meyhall Chemical (U.K.) Ltd.) were used. The kaolin aqueous kaolin suspensions displayed shear-thinning 


Table 1. Summary of properties of liquids and the operating conditions used in this study 


Maximum No. of 
Type of K py value of data 
liquid Pa s' kgm~° Rep points 
80% Glycerol 0.067 1210 3.5 ‘ 735 15 
76% Glycerol 0.046 1208 1070 
76% Glycerol 0.045 1208 36! 1090 
74% Glycerol 0.038 1201 1270 
64% Glycerol 0.013 1164 5 3510 
63% Glycerol 0.012 1164 - 3790 
42% Glycerol 0.004 1103 5 2 17 x 10° 
1.5% CMC 2.11 1000 5 28 128 
1.0% CMC 1.09 1000 184 
1.0% CMC 1.05 1000 190 
0.75% CMC 0.34 1000 918 
0.60% CMC 0.20 1000 940 
0.60% CMC 0.16 1000 1170 
0.50% CMC 85 0.085 1000 755 
50% CMC f 0.078 1000 710 
30% CMC 0.032 1000 940 
30% CMC 0.026 1000 2320 
30% CMC 0.025 1000 2420 
30% CMC 0.024 1000 2550 
30% CMC 0.024 1000 3840 
30% CMC 0.022 1000 4080 
30% CMC 0.028 1000 3340 
15% CMC 0.014 1000 7980 
CMC 0.014 1000 7980 
CMC 0.014 1000 7980 
Meyprogat ; 0.21 1000 500 
Meyprogat 0.21 1000 1190 
Meyprogat 5 0.137 1000 770 
Meyprogat 5 0.137 1000 1820 
Meyprogat 0.050 1000 1000 
Meyprogat 0.90 0.050 1000 2140 
Meyprogat 0.90 0.017 1000 1.35 x 104 
Meyprogat 0.90 0.017 1000 1.35 x 10¢ 
Meyprogat 0.90 0.017 1000 1.35 x 10* 
1.00 0.001 1000 1.11 x 10° 
1.00 0.001 1000 8.17 x 104 


ConA U hw 


Oo oO 
Aww 


vA) 


—— COW UU UN OO OO WwW WwW OU Ww DUN DO ww 
wa wn rw 


0.2% Separan 0.37 4.81 1000 3.5 230 
0.75% CMC + 
0.15% Separan 0.45 1000 { 720 
0.75% CMC + 
0.15% Separan : 1000 .27 263 
0.4% CMC + 
0.08% Separan 2 0.88 1000 
0.4% CMC + 
0.08% Separan 58 0.88 1000 
0.2% CMC + 
0.04% Separan 5 0.244 1000 
0.2% CMC + 
0.04% Separan : 0.244 1000 
0.2% CMC + 
0.04% Separan . 0.244 1000 
45 0.15% CMC + 
0.03% Separan 0.138 1000 
46 11.5% (vol) kaolin 2 5.55 1190 
47 12.8% (vol) kaoiin 10.40 1210 
48 12.8% (vol) kaolin 9.16 1210 


Note: (i) Tap water was used as solvent in each case 
(ii) The quoted concentrations of polymer solutions are only approximate 
(iii) CMC stands for Carboxymethy! cellulose. 
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characteristics in laminar flow and by using the pipeline 
as a viscometer, it was found that their rheological 
behaviour could be adequately described by the power 
law model over the range of shear rates of interest®"®. 
Flow properties were measured before and after a run 
and no appreciable change was detected. The specific 
gravity of each test fluid was measured with a constant 
volume relative density bottle. For each size of particles, 
the pressure drop was measured as a function of the 
concentration of the discharged mixture which was 
gradually increased while the mean mixture velocity was 
held constant. The fiow pattern was observed in the sight 
glass and was found to correspond with the moving bed 
regime over the entire range of conditions used. It was 
not possible to increase the mean mixture velocity 
sufficiently to obtain suspended flow conditions. 

The ranges of variables covered in this study 
are: 0.19<n’'<1.00; 0.001<K’<10.50 (Pas"): 
1000 < p, < 1212kgm 0.73<V<2.92ms"' and 
128 < Reyp, (p, V7" D"/8"'K’) < 110,000 where Reyg is 
the generalised definition of Reynolds number for power 
law liquids (for example see Ref. 1). 

A summary of the properties of the conveying liquids 
and of the operating conditions is given in Table 1. The 
smallest size of particle (1.15 mm) was used only with 
water as the conveying medium. 


RESULTS AND DISCUSSION 
A few initial experiments were carried out with water 
and each test fluid (used subsequently in hydraulic 
transport test) flowing alone. The values of friction 
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Figure |. Dimensionless total pressure gradient as a function of 
discharged concentration (V = 0.73 m/s) 
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factor obtained for water corresponded with those for a 
smooih pipe. For the shear-thinning polymer solutions 
and the kaolin suspensions, the friction factors were 
consistent with the accepted correlations'. The above 
results confirm the internal consistency of flow 
rate/pressure drop measurements. 


PRESSURE DROP RESULTS FOR TWO-PHASE 
MIXTURES 


In the past, the friction head loss has usually been 
expressed as the dimensionless ratio of the additional 
pressure drop attributable to the solids to that for the 
liquid alone at the same velocity. The experimental 
scatter becomes magnified, especially at low solids con- 
centration when the additional pressure drop due to 
solids is relatively small. Chhabra and Richardson* 
therefore presented their results on the flow of gravel- 
water mixtures as total pressure gradient as a function 
of delivered solids concentration. As conveying liquids 
of a range of viscosities have been employed in the 
present study, the results are expressed as the ratio of the 
total pressure gradient to that for the flow of liquid 
alone. 

Figures | to 7 show the experimental results plotted in 
this manner for a range of mixture velocities and particle 
sizes, and for a number of different conveying media as 
identified by a run number (given in Table 1) on each 
figure. An examination of these figures reveals the 
foliowing. 

1. The total pressure gradient varies linearly with 
concentration at low mixture velocities (0.73 ms ') and 
becomes progressively more non-linear as the mixture 
velocity is increased from 0.73 ms_' to 2.92ms_'. This 
observation is consistent with the previous results re- 
ported by Chhabra and Richardson* and others'’. 
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Figure 2. Dimensionless total pressure gradient as a function of 
discharged concentration (V = 0.98 m/s) 
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Figure 6. Dimensionless total pressure gradient 
discharged concentration (V = 1.46 m/s) 
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Figure 7 


discharged concentration (V = 2.92 m/s) 


For a mixture velocity less than 2.68 ms_', the data 
points are correlated by a straight line passing through 
the point (1,0); 1.e. the line extrapolates to the point 
corresponding to the pressure drop for liquid alone. 
With a few exceptions at low concentrations, under these 
conditions (/ — i,)/i, or i varies linearly with volumetric 
concentration of solids in the discharged mixture. From 
visual observations through the glass section there ap- 
peared to be a moving bed under these conditions. 

As the mixture velocity was raised to 2.92 ms~', the 
bed formation became progressively less marked and 
heterogeneous flow conditions were approached. This 
shift towards heterogeneous flow manifests itself in the 
form of a non-linear relationship between i/i, and C as 
seen in Figure 7. On the basis of previous studies i would 
be expected to vary lineariy with C at high concen- 
trations where the bed formation takes place. Although 
it would have been desirable to demonstrate this behav- 
iour by conducting experiments at V >2.92ms_' and 
for solids concentrations above 20% (Figure 7), un- 
fortunately neither of these proved to be possible with 
the existing experimental facility. 

The general feature is therefore of the total pressure 
gradient being linearly related to the concentration of 
solids in the discharged mixture when there is a well 
established bed, but gradually becoming less linear as the 
flow regime shifts towards heterogeneous suspension. 
More experimental work is needed to substantiate the 
latter observation. 

2. The results plotted in Figures 1, 5, 6 and 7 suggest 
that for particle:pipe diameter ratios up to 0.2 the 
particle size does not have any significant effect on the 


Dimensionless total pressure drop gradient as a function of 


total pressure gradient; this observation is also consist- 
ent with the results of James and Broad"’ and others'*. 
Furthermore, one does not expect the particle size to 
play any role in the moving bed flow regime. 


FLOW REGIME 


Several criteria*'*'* may be used to delineate the flow 
regime under given operating conditions and specified 
properties of solid and liquid; all are based on experi- 
mental data obtained with water as the conveying liquid. 
The simplest of these which has been adequately tested 
is due to Zandi and Govatos'* who defined a dimen- 
sionless number, N,, as: 


v? JC, 
N= —— I 
' gDC (s — 1) ©) 


They suggested that flow in the form of heterogeneous 
suspension would cease if N, <40. For most of their 
data Cy had an almost constant value of 0.43 (corre- 
sponding to the Newton’s Law regime). Substituting this 
value in equation (1), yields N,=[V’/gDC(s — 1)j < 
~ 61 for the limit of heterogeneous flow conditions. The 
drag coefficient should not be a significant variable when 
the flow is in the form of a moving bed. In a previous 
paper, Chhabra and Richardson* showed that Equation 
(1) was consistent with their experimental data for the 
flow of gravel-water mixtures. 

For the results obtained in the present study, the value 
of N, (=V?/gDC(s — 1)) varies from about 2.18 to 130 
and a well-formed moving bed was present over the 
entire range of conditions except in a few cases at 
V =2.92ms_' in which there appeared to be some 
evidence that the regime was shifting towards hetero- 
geneous suspension. Since very few data have been 
obtained outside the moving bed regime, it is not 
possible to establish an upper value of N, at which the 
flow as a moving bed would cease to exist. 


COMPARISON WITH EXISTING 
CORRELATIONS 

Many empirical correlations of varying accuracy and 
complexity have been proposed for flow when the solids 
are in the form of a moving bed; most of these are based 
on the data obtained with water in turbulent flow 
conditions. One of the earliest, and most successful 
equations is that due to Newitt et al’’. 


Originally they quoted a value of 66 for K, while in a 
recent paper’ it was found that a value of 59 gave a much 
better fit of the experimental results. Furthermore, this 
value of K compares favourably with that suggested by 
Babcock'’. Equation (2) was originally derived on the 
assumption that the conveying liquid was in turbulent 
flow so that the friction factor is relatively insensitive to 
Reynolds number. In the present work, the value of 
Reynolds number varies from 128 to 110,000, so the 
assumption of near constancy of friction factor is not 
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valid, and hence Equation (2) is not directly applicable. 
This point was also made by Kenchington’. 

On equating the resistance to motion of bed of solids 
due to friction between the solids and the pipe wall to 
the force due to the hydraulic pressure gradient we 
obtain: 


K,vCO (ppg = i,Op.g (3) 


where v is the coefficient of friction; Q is the volume of 
suspension; K, is a proportionality constant and i, is the 
hydraulic pressure gradient attributable to the presence 
of solids. Upon rearrangement, it yields: 


— ) = K,vC(s — 1) (4) 


At this point, it is worthwhile to note that this form 
of expression for i, is in accordance with the mechanistic 
considerations advanced by Wilson et al.'° 
By definition, 

i,=i—i, = K,\vC(s — 1) (5) 
Substituting for i, in terms of the Fanning friction factor 
f, for the flow of liquid alone, and rearranging: 

K,vC (s — 1) 
2f,V7/gD 


(6) 


i dom K,gD(s — 1). 
A i | = na ~ nee 
. J 


b 


where K, is a constant equal to K,v. Comparing equa- 
tions (2) and (6), it is seen that K = K,/f,. A similar form 
of expression was also formulated by Masuyama et al’®. 

Equation (6) is applicable to Newtonian and non- 
Newtonian conveying liquids for fully developed lami- 
nar and turbulent flow. 

Since in each of the present experiments, the mixture 
velocity was kept constant, [(i — i, )/i,]f, should be a 
linear function of C. This is clearly demonstrated in 
Figures 8 to 11 for a range of polymer solutions 
(p, = 1000 kgm ~*) and mixture velocities. Similar re- 
sults are obtained for glycerol/water mixtures and for 
kaolin suspensions. In those figures where error bands of 
+25% have been drawn they are seen to encompass 
most of the points. 


Finally, all the results are plotted in the form of 


(i —i,)/Ci,]f, versus V*/gD(s —1) in Figure 12. It 
should be noted that Figure 12 is a cross-plot of results 
shown in Figures 8 to 11, as the ordinates in Figure 12 
are simply the slopes of best lines in figures such as 8 to 
11. Furthermore, the twelve data points shown in Figure 
12 represent averages of nearly 425 actual experimental 
tests. Based on these results, the best estimated value of 
K, is 0.39 and equation (6) thus becomes 


(Gt) j= ere 


I a (7) 
Ci, | V- 





The deviations between experimental values and those 
calculated using equation (7) are too large for it to be 
useful as a design equation, the maximum error being 


Chem Eng Res Des, Vol. 63, November 1985 


0 04 es a 


V=1-71 m/s 


f, (ing) Zi, 


RUN NO. 42 
RUN NO. 41 
RUN NO.38 


02 
DISCHARGED CONCENTRATION, C 


Figure 8. Relationship between f/f, (i 
tration (} 


and discharged concen 
1.71 m/s) 


0-014 ——_———_- 


- 


—_—* — 


0-2 





DISCHARGED CONCENTRATION 


Figure 9. Relationship between /, (/ 
tration (V = 2.2 m/s) 


and discharged concel 





CHHABRA and RICHARDSON 





4 


02 


DISCHARGED CONCENTRATION, C 


Figure 10. Relationship between /, ( 
tration (| 2.44 m/s) 


and discharged concen- 


60%. On the other hand if a non-linear regression 
approach is used, the following expression 


(8) 


is found to give much better representation of the data. 
In this case the average and the maximum deviations are 
14% and 29% respectively which is a significant im- 
provement over equation 7. The index of 1.25 in equa- 
tion (8) compares favourably with that suggested by 
Masuyama et al'®. Solid lines corresponding to both the 
equations have been drawn in Figure 12. 

Included in the same figure are the results reported by 
Kenchington’ for the transport of coarse sand (750 um) 
in a kaolin suspension flowing in pipes of different 
diameters. Admittedly some scatter is present in Figure 
12, but keeping in mind the fluctuating nature of the flow 
and the difficulties of sampling’ the agreement between 
the two independent investigations is regarded as satis- 
factory. Besides, Zandi and Govatos” asserted in their 
paper that errors in the quantity (i — i, )/Ci, may often 
be up to +40%. Overall Figure 12 is therefore regarded 
as giving a reasonable representation of the available 
results and Equation (8) is regarded as being an accept- 
able design equation. 
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SYMBOLS USED 


discharged volumetric concentration of solids (—) 

drag coefficient of a single particle (—) 

average particle size (mm) 

diameter of pipe (mm) 

Fanning friction factor for the flow of liquid alone (—) 
acceleration due to gravity (ms~’) 

total pressure gradient (m/m) 

pressure gradient for the flow of liquid alone (m/m) 
pressure gradient attributable to the presence of solids (m/m) 
dimensionless total pressure gradient (=i/i,) (—) 

constant in equation (2) (—) 

constant in equation (4) (—) 

constant in equation (6) (—) 

flow behaviour consistency coefficient of liquid (Pa s”) 

flow behaviour index (—) 

dimensionless number (—) 

modified form of N, (—) 

generalised Reynolds number for non-Newtonian fluids (—) 
ratio of density of solids to density of conveying liquid (—) 
mixture velocity or velocity in the case of flow of liquid alone 
(ms~’) 

density of liquid (kg m~*) 

density of solid (kg m~*) 

coefficient of friction between the solids and the pipe wall 
3 
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SHORTER COMMUNICATION 


FIXED BED SORPTION WITH 
RECYCLE 
Part III: Consecutive 
Reversible Reactions 


by J. T. CASEY and A. L 


LIAPIS 


Department of Chemical Engineering and Biochemical Processing Institute, University of Missouri-Rolla, Rolla, MO 65401, USA 


This short communication studies the performance of a recycle-sorption system when two consecutive reversible, first order 
reactions occur in the perfectly mixed reactor of the recycle system and both reaction products may be adsorbed. The results 
show that the recycle-sorption system can be very effective in enhancing the production of a desired product and in reducing 
that of the undesired product, when a proper adsorbent is used. This may lead to dramatic increases in the overall selectivity 
of the desired product when it is compared to that obtained by a batch reactor. 

Fixed bed sorption with recycle processes'” may find applications in chemical, biochemical, and biomedical systems. In the 
case where the sorption process involves biospecific adsorption, the sorber would be replaced by an affinity column. 


INTRODUCTION 


In Parts I and II'? of this work, a mathematical model 
that described single and multicomponent reaction- 
adsorption systems with recycle was constructed, and 
results were presented for single, reversible reactions of 
zero, first and second order, as well as for two parallel 
reversible reactions of first and second order. In the 
systems studied'’, only the reaction products were 
adsorbed onto the surface of the porous adsorbent 
particles. 

This short communication presents a study of a 
recycle-sorption system involving two consecutive, 
reversible reactions of first order, and the subsequent 
removal of the two products by the adsorbent bed. The 
performance of the recycle-sorption system is also com- 
pared with the performance of a batch reactor. In this 
study, the system shown in Figure | is examined, and the 
consecutive, reversible reactions 


pe 


B=—C 


are considered to occur only in the chemical reactor of 
the reaction-adsorption unit with recycle. This implies 
that R, and R,, (i= A, B,C) are taken to be zero in 
equations (1) and (2) of the mathematical model 
presented in Part I', and this may be the case when the 
residence time of the fluid in the circuit external to the 
reactor is small compared to the residence time of the 
fluid in the chemical reactor. In the fixed bed of the 
system, only components B and C are adsorbed and the 
equilibrium constants of the above reactions are taken to 
be equal to unity. 


The isotherms are of the Fritz and Schlunder type’, 
and their expressions have the following forms*”: 
64.61 Che" 


s€ vO.812 re 70 
C2" +08Ca 





71.254 
i 96.70 Cog (4) 
s Tiki 70.634 
B+ 0.295 CK 
Here, species B is always more preferentially adsorbed 
than species C. Typical values of the parameters of the 
model which are used in the simulations presented 
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Figure i. Reactor-sorber system with recycle 
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Table |. Parameter Values for the Recycle-Sorption System of Figure | 


C8 = 3.0, C= C2 =1.0x 10-4, D,, = Dip = 


Di = 4.0 x 10- 


Dog = 13.03 x 10>", Dy = 7.40 x 10>", Ky = 1.95 x 10° 
Ky = 2.12 x 10°°, L =0.5, @ = 1.0 x 10°°, r, = 0.03 
ro = 5.0 x 10-*, V = 5.0 x 1073, V,=0.35 x 10 
é = 0.45, ¢, = 0.94, ki =k, =5.0 x 10-°, k k,=4.0 x 10 


herein, are given in Table I. The model equations 
presented in Part I' are solved by using the orthogonal 
collocation method®* and a Gear's algorithm’ 
appropriate for integrating stiff ordinary differential 
equations. 


8 


RESULTS AND DISCUSSION 


It is important to note that for the systems studied, the 
volumes of the batch reactor and of the reactor in the 
recycle-sorption system are taken to be equal when 
corresponding comparisons on the performance of the 
two systems are made. This implies that a volume of 
inert fluid equal to the volume of the fluid held in the 
sorber should be added in the recycle-sorption system. 

Figure 2 shows the time variation of the inlet and 
outlet sorber concentrations of species A, B and C. Since 
component B is preferentially adsorbed over C, break- 
through of species C occurs before that of species B. As 
observed in other systems studied'’, after a certain time 
of operation C,.,,, is greater than C;.,. This is due to the 
displacement of species C by species B in the sorbent 
particles and the decrease in C;.,,, for a certain period of 
operation due to dilution of the reaction mixture by the 
almost pure in species A recycle stream. Also, the 
concentration of species C in the reactor remains sub- 
stantially below that of species B for a large portion of 


the total operational time. This effect is caused by the 
continuous removal of species B from the reaction 
mixture by the adsorbent, preventing species B from 
being converted to species C in the reactor. The concen- 
tration of species A is only plotted after a certain initial 
time because, at short times of operation the concen- 
tration of species A is larger than the values indicated on 
the ordinate of Figure 2. The concentration of species A 
is seen to decrease in a monotonic fashion, indicating 
continuous consumption of this reactant to produce 
species B, while a minimum in the values of C,,,, and C, 
occurs at large times of operation. After certain time, the 
recycle of species B and C from the sorber causes the 
concentration in the reactor of these two species to rise 
The dynamic behavior of the variables shown in Figure 
2 is not presented for times longer than 42 hours since 
after the breakthrough of the most preferentially ad- 
sorbed component B (~40 hours), the column is most 
likely to be replaced. If the column is not replaced soon 
after the breakthrough of species B, then similar behav- 
ior like that presented in Figure 3 of Part II may be 
exhibited. 

It should be noted that before the time is reached at 
which breakthrough of components B and C begins, the 
effect of the adsorber as far as the reactor is concerned 
is to completely remove components B and C from the 
solution circulated through it while having no effect on 
component A. Because of this, one may be tempted to 
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suggest that the information shown in Figure 2 for times 
shorter than the breakthrough time of the least preferen- 
tially adsorbed species C, can be obtained by integrating 
oniy the unsteady state material balance equations of the 
reactor for species A, B, and C, without solving the 
continuity equations of the sorber. But, if such a sug- 
gestion is implemented then the breakthrough times of 
species C and B cannot be predicted; since one does not 
know a priori the breakthrough times of the species in 
the multicomponent mixture, it is clear that the time at 
which the integration of the unsteady state material 
balance equations of the reactor would terminate, is not 
known. Only the dynamics of the sorber can provide the 
breakthrough times of the adsorbed species and there- 
fore, these dynamics coupled together with those of the 
reactor may predict the proper dynamic behavior of the 
concentrations of species A, B and C in the reactor as 
well as in the sorber. The dynamics of the sorber will also 
predict the level of saturation of the adsorption bed as 
well as the concentration profiles of components B and 
C within the adsorbent particles. This information 
would be of great importance especially in recovering 
products B and C from the adsorption bed; by choice of 
the time to stop the reaction, together with an appropri- 
ate desorption policy, it might be possible to effect a 
separation of species B and C at the outlet of the sorber 
during desorption. At this point, it should be mentioned 
that equilibrium models of columns which neglect the 
mechanisms of mass transfer resistances, provide poor 
predictions for the dynamic behavior of sorbers”'® and 
therefore, only non-equilibrium column models should 
be used. 

In Figure 3, the time variations of the amounts of B 
and C in the sorber and in the reactor of the recycle 
system are shown. It is observed that the amount of B 
in the sorber is about 65 times larger than that of B in 
the reactor, while the amount of C in the sorber is about 
50 times larger than that of C in the reactor. After 40 
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hours of operation the ratios of the amount of B to that 
of C in the sorber and in the reactor are 6.5 and 5 
respectively; these ratios imply that at the end of the 
recycle system operation efficient separations of the 
products B and C may be realized*”''. After the sorber 
is removed from the system, knowledge of the amounts 
of products B and C in the adsorption bed and of their 
concentration profiles is required in establishing an 
appropriate desorption policy. It should be noted that a 
desorption study is beyond the scope of the present 
work. 

Figure 4 demonstrates the marked increase in the 
overall selectivity, Sp, for the reaction-sorption system 
with recycle as compared to that obtained in a batch 
reactor. As mentioned earlier, this is due to the con- 
tinuous removal of species B in the sorber before it is 
converted to species C. The overall selectivity, S,, plotted 
in Figure 4 approaches infinity as t-+0. At very short 
times, the concentration of species B is much less than 
the concentration of species A. Hence, the rate of 
production and the overall production of B is much 
higher than that of species C. As operation continues, 
the concentration of species B in the reactor becomes 
large enough to begin producing species C, causing the 
overall selectivity to decrease to its ultimate value of 2.05 
at t= 00. For the batch reactor, the selectivity, Sp, 
approaches unity as foo. 

In Figure 5, it is shown that the recycle system 
produces much more of species B than that obtained if 
a batch reactor is employed. For the system considered, 
the amount of B produced is increased by 260° over that 
obtained in a batch reactor at an operation time of 40 
hours. Also, the amount of component C produced in 
the reaction-sorption system is less than one-half of the 
amount produced if a batch reactor is used for 40 hours 
of operation. Again, this decrease in the amount of 
species C produced as compared to that in a batch 
reactor is caused by the continuous removal of species 
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Figure 3. Variation of the amounts of products B and C in the sorber and reactor of the recycle-sorption system with time. 
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Figure 5. Variation of the total amounts of B and C produced with time 


B from the reaction mixture by the adsorbent bed before 
species B may be converted to species C. For long times 
of operation, species B desorbs from the sorbent par- 
ticles due to the decreasing inlet concentration, C,,,. 
Component B is then conveyed to the chemical reactor 
where it is converted to species C. Because of this, the 
amount of species B in the recycle-sorption system falls 
to a value of 9.79 x 10~*kg at ¢ = 00. For infinite time 
of operation the amount of component C rises to 
4.76 x 10~* kg. In the batch reactor, the amounts of each 
species B and C are 5.00 x 10-*kg at f= &. 
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CONCLUSIONS AND REMARKS 
The reaction-sorption recycle system of Figure | may 
be used to greatly increase the production of the inter- 
mediate species in a reaction network consisting of two 
first order, reversible, consecutive reactions. The recycle 
system may increase the production of the intermediate 
B by 260% over that obtained in a batch reactor. At the 
same time, the production of the end product may be 
reduced to less than one-half of that produced in a batch 
reactor. Also, the overall selectivity may be increased by 

500% over that obtained in a batch reactor. 
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SYMBOLS USED 


total amount of B in the batch reactor (kg) 

total amount of B in the recycle-sorption system (kg) 
total amount of B in a given system (kg) 

total amount of C in the batch reactor (kg) 
concentration of solute i in the reactor at ¢ =0 (kgm 
concentration of solute i in the reactor (kgm~*) 

inlet concentration of solute i in the reactor (kgm~*) 
total amount of C in the recycle-sorption system (kg) 
total amount of C in a given system (kg) 

axial diffusivity of solute i (m*s~') 

effective diffusivity of sclute i in pore fluid (m?s~') 
film mass transfer coefficient of solute i (ms~') 

rate constants of the forward reactions 

rate constants of the reverse reactions 

length of sorber (m) 

recycle flow rate (m’s~') 

generation rate of solute i in the fluid phase of the bed 
(kgm~*s~') 
generation rate of solute i in pore fluid phase (kgm~*s~') 
radial distance in particle (m) 

radius of sorber (m) 

radius of particle (m) 


[B(t) — Bt = 
[C,(t) — C,(t = 


3 


) 


7 > 
& 


overall selectivity | 


time (s) 
volume of reactor (m°) 
superficial fluid velocity (ms~') 


Greek Symbols 


é 


c, 


1 
i 


void fraction in the bed 
void fraction in the particles 
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CORRESPONDENCE 


From 

Dr. W. R. Johns 

Department of Chemical Engineering 
Polytechnic of the South Bank 
Borough Road 

London SEI OAA 


Bright A. Minimum Drop Volume in Liquid Jet 
Breakup 1985, Chem Eng Res Des 63:(1) 59-66 


The interesting paper by Mr. Bright is marred by a 
totally unsound interpretation of experimental resuits 
that should not be allowed to pass into the literature 
without comment 

The crux of the problem lies in the main conclusion 
that he draws, namely that minimum drop volume is 
inversely proportional to wave frequency. The only 
experimental evidence to support this conclusion is given 
in Table 2. All other ‘experimental’ results quoted are 
calculated on the basis that this conclusion is correct. 
Thus the discussion is completely circular and Figure 7 
is irrelevant to the conclusions drawn. 

The method of calculating the results is given in the 
second paragraph of the ‘Experimental Procedure’, 
namely, “minimum drop volume was calculated from 
the product of jet flowrate and the period of the fastest 
growing disturbance on the jet”, which is simply a 
Statement of equation (34). Drop volumes (and di- 
ameters) were, therefore, not directly measured but 
calculated on the basis that the author’s (Bright’s) 
conclusions were correct and the previous theory (Tyler, 
1933, Phil Mag 16, 504) was incorrect. Agreement with 
the revised theory is, therefore, hardly surprising! 

The paper really has two distinct themes which have 
been confused by the muddled analysis: 


i. Is the conclusion correct? 


The “theoretical development” and “theoretical predic- 
tions” are irrelevant to this theme. All that is required 
is an extended Table 2 comparing theoretical (i.e. 2 d? 
Ut/4), and measured drop volumes. The table should 
also give the volume calculated on the basis of Tyler’s 
assumption. The validity of the conclusion could then be 
directly tested. A further weakness is that no theory is 
presented to account for the conclusion. (A simple 
theory, namely that the growing waves slice the jet at a 
fixed distance from the orifice at the frequency of the 
fastest growing wave, would seem adequate). 

As it stands, the table gives no comparison of 
measured and calculated volumes. 
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i. Is equation (31) correct? 


For this purpose a direct comparison between computed 
and measured values of w is needed. Such results are not 
presented. 

It should be emphasised that there is no reason to 
believe that the abstract or conclusions are incorrect 
The problem is that the experimenta! results have been 
analysed and presented in a way that is not valid. They 
have been manipulated and recalculated in such a way 
that they would tend to support the theory even if it were 
erroneous. 

Wherever possible, comparison of experiment and 
theory should be made by correlating crude directly 
measured experimental values with calculated values 
Analysis which multiplies LHS and RHS of equations by 
common factors (e.g. velocity in equation (34)) can give 
rise to misleading positive correlations. The scope for 
misleading correlation is even greater when the experi- 
mental analysis incorporates the whole of the main 
conclusion. 


Reply from 

Dr. A. Bright 

Faculty of Technology 
Engineering Mechanics 
The Open University 
Walton Hall 

Milton Keyes MK7 6AA 


Dr. Johns is questioning the experimental results of my 
paper. As | stated in the experimental procedure, drop 
volumes were measured by both stroboscopic and photo 
graphic means. It is understandable that Dr. Johns 
prefers the visual evidence afforded by photographs to 
the less immediate evidence gained by measuring drop 
formation times. However, the fact that the latter mea- 
surements also require a belief in the continuity principle 
should not disqualify them from the class of “crude 
directly measured experimental values”’. In this context, 
Figure 7, far from being irrelevant, is mereiy the stan 
dard practice of comparing experiment and theory. Both 
of the lines in Figure 7 are drawn from the theoretical 
predictions of dimensionless wave frequency and wave 
number for a ‘standard’ liquid-liquid system. The 
experimental results have not been ‘manipulated’ or 
‘recalculated’; they are simply drop size measurements 

I am grateful to Dr. Johns for pointing out the need 
for an extension to Table 2 and I am happy to oblige on 
this point (see Appendix.) 





CORRESPONDENCE 


APPENDIX 


Table |. Comparison of experimental results and theoretical predictions of minimum drop volume for typical 
experimental run. Nozzle diameter 0.83 mm. Decane into water 


Experimental values of 


Average jet 
velocity (ms 


0.42 
0.48 
0.52 
0.57 
0.62 
0.75 
0.93 
1.12 


Stroboscope 
method Photographs 


3.07 
2.66 
45 
34 
21 
28 
38 
18 
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From eqn (33) 


Theoretical predictions 


ke Om 


0.85 0.52 
0.91 0.53 
0.91 0.53 
0.93 0.56 
0.95 0.58 
1.11 0.61 

21 0.63 
1.21 0.63 


Eqn (6) 


From eqn (31) 2n°a 2n-a 


Eqn (34) 
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